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CHAPTER I
INTRODUCTION

Organic solvents are important chemicals for many industries. Acetate esters
have been widely used as solvents for a broad range of resins due to their powerful
solvency, high volatility and mild odor. Examples of the commonly used acetate
esters are iso-amyl acetate, ethoxy ethyl acetate, n-butyl acetate, and hexyl acetate.
Because n-butyl acetate has many potential advantages when compared with other
acetate esters, for example, its lower toxicity and lower environmental impact

(Steinigeweg, 2002), its demand is increasing progressively.

n-Butyl acetate is produced by esterification, that an organic group replaces
hydrogen atom in —OH group of acetic acid through the reaction with n-butanol. Up to
now, n-butyl acetate has been synthesized by this reaction in presence of a strongly
acidic catalyst in a liquid phase system. However, since acetic acid is a by-product
from many important chemical processes, for example, productions of cellulose
acetate, terephthalic acid and glyoxal. Cellulose acetate, commonly used in fiber
processing and lacquers and photographic films process, is an ester group of cellulose.
It is synthesized by acetylation of cellulose with acetic acid, acetic anhydride and
sulfuric acid as reagents. This reaction results in esterification of the accessible
hydroxyl groups in the wood cell wall with the formation of a large amount by-
product acetic acid containing waste, typically associated with a 35% w/w aqueous
solution of acetic acid as a waste stream (Katsuyoshi, 2001). In terephthalic acid
production, a by-product containing up to 65% w/w of acetic acid in water is
produced (Brunt, 1992). The synthesis of glyoxal from acetaldehyde and nitric acid

generates a by-product containing 13-20% w/w of acetic acid.

The conventional separation processes of dilute acetic acid stream are
distillation and extraction. However, the distillation requires high energy consumption
while liquid-liquid extraction is limited by phase separation and distribution of
components involved in the reacting system. Pervaporation is another potential way
for separation of liquid mixtures. Its application can be found in dehydration of
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organic/water mixtures, removal or recovery of organic compounds from water, and

separation of organic mixture. In general, hydrophilic membranes have been used for
dehydration of organic solvents. On the other hand, hydrophobic membranes have

been used for separation of organics from water.

Another interesting approach for recovering acetic acid from the liquid
mixture is to use of dilute acetic acid as a reactant for esterification. It is of growing
attention because the by-product is recovered to produce a higher valued ester, which
can save raw material cost and environment problem. Because dilute acetic acid is a
by-product from many processes in chemical industries, the recovery of dilute acetic
acid has been widely investigated. The use of reactive distillation, a multifunction
reactor combining chemical reaction and distillation in a single column, is a
promising way for utilization of dilute acetic acid for synthesis of high valued
chemicals. Dilute acetic acid can be directly used as a reactant in the reactive
distillation system. The simultaneous separation of product and chemical reaction

inside the column allows the reaction to take place efficiently.

n-Butyl acetate synthesis is an equilibrium limited reaction. The use of
reactive distillation is beneficial because there are ranges of operating condition
which are suitable for both the reaction and separation. Reactive distillation has
demonstrated its potentials for capital productivity improvements, selectivity
improvements due to a fast removal of reactants or products from the reaction zone,
and reduced energy consumption. It is successfully applied to an exothermic reaction
system whose -reaction heat can be used for vaporization of liquid. In some
applications, the reduction or elimination of solvent used in the process, is realized.
Due to the above advantages, reactive distillation has become an attractive unit

operation in recent years.

Considering the thermodynamic properties of the reaction system, ternary
aceotropic mixture between n-butyl acetate, butanol and water is formed as a low-
boiling ternary azeotrope at 90 °C. The ternary azeotrope can be eliminated at
temperatures lower than 80 °C, as well as, if the distillate overhead can be cooled
down to sufficiently low temperature, a suitable condition to break azeotropes. In the

production of n-butyl acetate by esterification via reactive distillation, n-butyl acetate
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is the highest boiling point product as well as the heaviest key component in the

system. n-Butyl acetate is withdrawn from the bottom of the column. The overhead
distillate consisting of n-butanol, water, and n-butyl acetate is condensed and cooled

to a temperature sufficiently low to allow two phase separation.

In this work, the synthesis of n-butyl acetate from dilute acetic acid and n-
butanol via esterification on Amberlyst 15 catalyst in reactive distillation is
investigated by simulation. Because of the presence of high water content in the acetic
acid feed, various reactive distillation based systems are considered. A distillation
column or a pervaporation unit is included in the process to help remove the water in
the system. The commercial Aspen Plus program is employed to simulate the
performances of the different systems to find suitable process configuration and
operating conditions. In addition, preliminary economic analysis is also carried out to

find an optimum system configurations.



CHAPTER Il
THEORY

2.1 n-Butyl acetate synthesis

n-Butyl acetate is commonly synthesized by the esterification of acetic acid
and n-butanol as shown in Eqg. (2.1). It is a reversible and kinetically controlled
reaction which is catalyzed by free protons. Sulfuric acid or sulfonic acid ion-

exchange resins are commonly used as catalysts.

CH3;COOH + C4HOH <«  CH;COOCsHy + HO (2.1)

(aceticacid)  (n-butanol) (n-butyl acetate) (water)

According to thermodynamic properties of the n-butyl acetate esterification
system, n-butyl acetate as the high boiling point product, is obtained as the bottom
product in a reactive distillation process. The n-butanol-water-n-butyl acetate, n-
butanol-water, and n-butyl acetate-water azeotropes have similar boiling points, and
therefore, n-butanol, n-butyl acetate, and water are the main components present in
the distillate.

Dilute acetic acid is produced in large quantities in many processes such as
manufacture of cellulose-esters, terephthalic acid, and dimethyl terephthalate. The
recovery of acetic acid from these streams is'a problem. Many authors have explored
the possibility for esterifying acetic acid from aqueous solution with n-butanol in a
reactive distillation column. In this case, one gets an overhead product consisting of a

ternary heterogeneous azeotrope of butanol, butyl acetate, and water.



2.2 Reactive distillation

Reactive distillation allows a chemical reaction and multistage distillation to
take place simultaneously in a column. The combined unit operation is especially
suitable for chemical reactions whose reaction equilibrium limits the conversion in a
conventional reactor to a low-to-moderate level. By continuously separating products
from reactants while the reaction is carried out, the reaction can proceed to much
higher level of conversion. Reactive distillation has been explored as a potentially
important process for several reactions. Along with esterification and etherification,
other reactions such as acetalization, hydrogenation, alkylation, and hydration have
been explored. The objectives of existing and potential applications of reactive
distillation are to surpass equilibrium limitation, achieve high selectivity towards a
desired product, achieve energy integration and perform difficult separations. Apart
from its application as a multifuctional reactor, reactive distillation can be looked

upon as an efficient separator for the recovery or purification of chemicals.

2.2.1 Reactive distillation configurations

A conventional configuration for a chemical process usually involves two
steps of chemical reaction and subsequent separation. In the chemical reaction step,
reactants are brought into contact with solid catalysts at appropriate process
conditions in one or more reactors. The stream leaving the reactor section then goes to
one or more separation steps where unconverted reactants are separated from the
reaction products and the inerts. The unconverted reactants, in some cases, may be
recycled to the reaction section. When a substantial amount of inerts are present in the
system, at least two separation units for separation of high purity product and for
separation of the unconverted reactants from the inerts are required. The separation

process by distillation is typically chosen.

A conventional process configuration is shown in Figure 2.1 where a
distillation is used for separation. In the case, a reaction product is less volatile than
reactants and inert. The flow diagram of the application of reactive distillation to this
process is shown in Figure 2.2. The middle section of the column is the reactive

section. For a non-azeotropic chemical system, separation of the inerts takes place in



6
the rectifying section and the purification of the product takes place in the stripping

section.

Recycle

Stream
Recovered

Reactants

Reactants
and Inerts
Inerts

Reactor Reactant Recovery

sedfion Distillation Unit
Column

Product

Figure 2.1 Conventional process involving reaction followed by separation.

The reactive distillation column contains both the catalyst contact device and
the distillation device. A reaction occurs in the catalyst contact device and then the
reacting phase passes to the distillation device for vapor/liquid contact and separation.
These two steps occur alternately. By making the steps of infinitely small size, this
configuration becomes equivalent to the first one. For both configurations, a
rectification section may be located above the reactive distillation section of the
column and a stripping section may be located below it, depending upon purity

specifications.
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Figure 2.2 Application of reactive distillation for low volatility product process.

2.2.2 Advantages of reactive distillation

Application of reactive distillation to a catalytic chemical reaction using solid
catalysts offers many advantages compared to a conventional process as summarized
below:

e Two process steps, i.e. separation and reaction, can be carried out in
the same device. Such integration leads to lower costs in pumps, piping and
instrument.

e The heat released from the reaction can be used for vaporization of
liquid, leading to savings of energy costs by the reduction of reboiler duties.

e The maximum temperature in the reaction zone is limited to the boiling
point- of the reaction mixture, therefore the danger of hot spot. formation on the
catalyst is reduced significantly. A simple and reliable temperature control can be
achieved.

e Product selectivity can be improved due to a fast removal of reactants
or products from the reaction zone. By this, the probability of consecutive reactions,

which may occur in the sequential operation mode, is lowered.
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e |f the reaction zone in the reactive distillation column is placed above

the feed point, poisoning of the catalyst can be avoided. This leads to longer catalyst

lifetime compared to conventional systems.

2.3 Pervaporation process

2.3.1 Definition of pervaporation process

Pervaporation is a membrane separation process for separating liquid
mixtures. In the process, a liquid feed mixture is in contact with one side of a
selective dense membrane in a membrane module. A gradient in vapor pressure
between the feed and the permeate sides of the membrane is a driving force for the
permeation. The permeation leaves the membrane as a vapor and is usually condensed
and removed from the system as liquid. Heat necessary for evaporation of the
permeate stream has to be transported through the membrane, and this transport of
energy is coupled to the transport of mass. The evaporation enthalpy is taken from the
sensible heat of the liquid feed mixture, leading to a reduction in the liquid mixture
temperature. A schematic diagram of the pervaporation process is shown in Figure
2.3.

O
OQQ

Feed - [ uﬁ cw m qcﬁt I =) Retentate
T % °.
Permselective —#
membrane

e 0 . @ —al—> Permeate

Figure 2.3 Schematic diagram of a pervaporation process.



2.3.2 Definition of membrane

A membrane is a permeable or semi-permeable barrier at the boundary of
every cell, often in the form of a thin film deposited on a support. The main function
of membrane is to control mass exchanges between two adjacent fluid phases. For
this function, the membrane must be able to act as a barrier, which separates different
species either by sieving or by controlling their relative rate of transport through itself.
Exchange between the two bulk phases across the membrane is caused from the
presence of a driving force, which is typically associated with a gradient of pressure,
concentration, temperature and electrical potential. Types of membranes used for
separation can be classified using different criteria such as by membrane structure
(porous and non-porous) and by type of material used to prepare the membrane
(organic, polymeric, inorganic, metal, etc.). The ability of a membrane to affect
separation of mixtures is determined by two parameters, its permeability, defined as
the flux divided by its driving force, and selectivity, defined as the ratio of the

individual permeabilities for the two species.

2.3.3 Transport in membrane

Transport of a component through a membrane in the pervaporation process
can be described by the solution-diffusion model (Feng et al., 1997). The mechanism

consists of three consecutive steps (see Figure 2.4) as follows:

1) Sorption of reagent from the liquid feed to the membrane

2) Diffusion of reagent in the membrane and

3) Evaporation or desorption of reagent in vapor phase from the downstream
side of the membrane.

In the pervaporation, the components passing through the membrane are

sorbed out of a liquid phase but desorbed into a vapor phase.
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Figure 2.4 Schematic diagram of pervaporation transport by solution-diffusion

mechanism.

2.3.4 Applications of membrane pervaporation

The applications of membrane pervaporation process can be defined according

to two different membrane classes as follows.

2.3.4.1 Organophilic membrane

Organophilic membranes are mostly applied for removal of volatile
organic components (VOC’s) from gas stream like waste air or nitrogen. Main
applications are treatment of streams originating from evaporation of solvents in
coating processes in film and tape production, from purge of products like polymers,
from breathing of solvent storage tanks and especially from loading and unloading of

gasoline tanks in tank farms.

2.3.4.2 Hydrophilic membrane
The  application - of 'hydrophilic. membrane ‘pervaporation can be
separated in three purposes as:
1. Solvent dehydration: such as the dehydration of alcohols.
2. Removal of water from reaction mixtures.

3. Organic-organic separation.
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Pervaporation has been established as a promising membrane technology that

is potentially useful in such applications as the dehydration of organic compounds, the
removal/recovery of organic compounds from aqueous solutions, and the separation
of close-boiling organic mixtures (e.g., structural isomers) and azeotropic mixtures.
Polymeric membranes have been traditionally utilized in pervaporation, their
respective applications for extraction of water from solutions of ethanol, acetic acid
consist of polyamide, poly(acrylic acid), polycarbonate, polysulfonates and poly(vinyl

alcohol) etc.

Pervaporation is often applied in combination with another technology as a
hybrid process. Of these, pervaporation-distillation and pervaporation-reaction hybrid
processes are already finding industrial applications. For pervaporation-membrane-
based reactive separations, the membrane either removes the desired product (mostly
in biotechnological/wastewater application) or the undesired product (e.g., water for

esterification reactions).
2.3.5 Characterization of membranes
2.3.5.1 Permeability and permeation rate

The phase change of the permeating species is one of the most
distinguishing features of pervaporation. Based on the solution-diffusion model, the
flux equation can be written as (Wijmans and Baker, 1995):

Pi
J =i, —L _
: (C, Hi) (2-2)

where cj, is the concentration of components i at the membrane surface and p, is the

partial vapor pressure of the permeant at the permeate side and | is the membrane
thickness. P;j is the permeability coefficient of the membrane with respect to the
driving force expressed in terms of partial vapor pressure and is related to the
solubility coefficient (S) and diffusivity coefficient (D).
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In the pervaporation process, when the permeate pressure ( p, ) is kept at low

value, the Eq. (2-2) can be expressed as:

‘]i - I_Icio (2-3)

Q =PAc (2-4)

where Q; and c; are the permeate rate and the concentration of component i,

respectively. A is an effective membrane surface area.
The permeability in Egs. (2-2) to (2-4) are defined as:
re-hS (2-5)

where D and S are normally dependent on temperature and the temperature

dependence can be expressed as Egs. (2-5) and (2-6), respectively.

E
D, =D, exp(——= 2-6
i i,0 p( RgT) ( )
=8 ( S ) (2-7)
=9 . exp(— S -
i i,0 p R T

9

Thus, the permeability can be written as the following equation.

E
P=P i 2-8
i i,0 eXp( R T ) ( )

g
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2.3.5.2 Membrane selectivity

Membrane selectivity of component i is defined as the ratio of the
permeability of a desired component to be removed to that of the component i as

follow:

Id 2
. = — -9

where ¢ is the separation factor, Py is the permeability of the desired component to be

removed and P; is the permeability of the component i.
2.4 Aspen Plus program

Aspen Plus program is one of the components in the Aspen Engineering Suite.
It is an integrated set of products designed specifically to promote best engineering
practices and to optimize and automate the entire innovation and engineering
workflow process throughout the plant and across the enterprise. It automatically
integrates process models with engineering knowledge databases, investment
analyses, production optimization and numerous other business processes. Aspen Plus
contains data, properties, unit operation models, built-in defaults, reports and other
features. Its capabilities develop for specific industrial applications, such as petroleum

simulation.

Aspen Plus is easy to use, powerful, flexible, process engineering tool for the
design and. steady-state simulation and optimization of process plants. Process
simulation ‘with ‘Aspen Plus can predict the behavior of a process using basic
engineering relationships such as mass and energy balances, phase and chemical
equilibrium, and reaction kinetic. Given reliable thermodynamic data, realistic
operating conditions and the rigorous Aspen Plus equipment models, actual plant
behavior can be simulated. Aspen Plus can help to design better plants and to increase

profitability in existing plants.



14
2.4.1 Features of Aspen Plus program

Utilize the latest software and engineering technology to maximize
engineering productivity through its Microsoft Windows graphical interface and its

interactive client-server simulation architecture.

e Contain the engineering power needed to accurately model the wide scope
of real-world applications, ranging from petroleum refining to non-ideal chemical

systems containing electrolytes and solids.

e Support scalable workflow based upon complexity of the model, from a
simple, single user, process unit flowsheet to a large, multi-engineer developed, multi-
engineer maintained, plant-wide flowsheet.

e Contain multiple solution techniques, including sequential modular,
equation-oriented or a mixture of both, and allow as quick as possible solution times

regardless of the application.
2.4.2 Benefits of Aspen Plus program

e Proven track record of providing substantial economic benefits throughout
the manufacturing life cycle of a process, from R&D through engineering and into
production.

e Allow users to leverage and combine the power of sequential modular and
Equation-oriented techniques in a single product, potentially reducing computation
times by an order of magnitude while at the same increasing the functionality and

suability of the process model.

o Compete effectively in an exacting environment to remain competitive in
Process currently industries it is necessary to do more, often with smaller staffs and

more complex process.
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2.5 Estimating costs

Operating costs are normally simple to estimate. Once we know the flowrate
of the raw material streams and the utility flows (fuel, steam, cooling water, power,
etc.), we simply multiply the flow by the dollar value of that stream. Care must be
taken that the utility values are given on a thermodynamically consistent basis; i.e.
fuel and electricity should be more expensive than high pressure steam, which should
be more expensive than low pressure steam, etc. After we have determined the stream
flows and stream temperature, we can calculate the equipment sizes. Of course, the
total processing costs are interested so we must be able to predict the installed

equipment costs, rather than the purchased equipment costs.

The total annual cost (TAC) is summation of operating cost and capital cost
per year. The total annual cost determined by Douglas (1988) is used to evaluate the

appropriateness of a design. The total annual cost is defined as

capital cost
pay - back period

TAC = operating cost + (2-10)



CHAPTER Il
LITERATURE REVIEWS

Reactive distillation or catalytic distillation is a process where chemical
reaction and distillation are carried out simultaneously in the same vessel.
Esterification reactions are important synthesis processes in chemical industry and it
is possible that the reactive distillation process will gradually replace the conventional
ester production processes. The esterification reaction of acetic acid and alcohol is
one of the processes applying reactive distillation technology. n-Butyl acetate is one
of the most common solvents, used in large quantities in the paint and coating
manufacture and other branches of chemical industry. Several researchers have

studied the reactive distillation behavior of n-butyl acetate esterification.

3.1 Production of n-butyl acetate

Leyes and Othmer (1945) and Hatig and Regner (1971) studied the manufac-
ture of butyl acetate by a reactive distillation. However, they could not produce high-
purity butyl acetate by using one reactive distillation column, because of lack of
sufficient knowledge on the complex phase equilibrium of the system containing

water, acetic acid, butanol and butyl acetate.

The traditional acetate production is synthesized by esterification of acetic
acid with alcohol in the presence of sulfuric acid or sulfonic acid catalyst as
homogeneously catalyzed processes. Esterification of acetic acid with n-butanol to
produce n-butyl acetate is catalyzed by strong acid, sulfuric acid, p-toluenesulfonic
acid or: solid acidic catalysts (Zhicai et al., 1998). The production of n-butyl acetate
has been synthesized by homogeneously catalyzed reaction in different processes
(Leyes and Othmer, 1945; Hartig and Regner, 1971), while the heterogeneous
catalysis of reaction of n-butyl acetate synthesis has been investigated by many
authors, indicating that heterogeneously catalyzed reactive distillation offers

advantages over the homogeneously catalyzed one.
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n-Butyl acetate is commonly synthesized by esterification of acetic acid with

n-butanol in the presence of strongly acidic catalyst. Therefore, n-butyl acetate
production by heterogeneously catalyzed reactive distillation is a promising new
process which can be conducted either in a batch mode (Venimadhavan et al., 1999)
or in a continuous mode (Zhicai et al., 1998; Hanika et al., 1999; Steinigeweg and
Gmehling, 2002).

n-Butyl acetate is commonly synthesized by liquid phase reactions of the
organic acid with the alcohol, which are catalyzed either homogenously by strong
mineral acids, or heterogeneously by acidic ion exchange resins. The conventional
process of n-butyl acetate from n-butanol-acetic acid mixture (49% mol acetic acid) is
fed to a pack bed reactor which is packed with strongly acidic ion exchange resin

(Hanika et al., 1999) before separation of product by distillation.

Blagova et al. (2006) investigated side reaction kinetics of the
heterogeneously catalyzed esterification of n-butanol with acetic acid in an isothermal
fixed bed reactor at temperatures between 100 and 120 ‘C using three different
sulfonation of ion exchange resin catalysts; i.e. Purolite CT 269, Amberlyst 46 and
Amberlyst 48. For the fully sulfonated catalysts Purolite CT 269 and Amberlyst 48,
side reactions are relatively fast, but almost negligible for the surface-sulfonated
catalyst Amberlyst 46. The side reactions occur primarily on the active sites inside the
pores of catalysts since the internal diffusion resistance is not so significant for these
slow reactions whereas the acetic acid esterification with n-butanol takes place mainly
on the external surface of catalyst particles since diffusion resistance is significant for

this relative fast reaction.

3.2 Application of reactive distillation for n-butyl acetate synthesis

Although reactive distillation was proposed in the late 1910s, the first
commercial practice started in about 1980s. The integration of reaction and separation
process in a single unit improves the conversion of chemical reactants and the
selectivity of the desired products, by shifting the chemical equilibrium boundaries,
accelerating reactions, reducing by-products, and overcoming azeotropic limitations.

The recent utilization of sulfonic acid ion-exchange resin catalysts as well as
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heterogeneous catalyst in reactive distillation column, for esterification or

etherification, as the replacement for liquid acids (homogeneous catalyst) are gaining
importance, less impacts to environment and a dual role of catalyst as well as
structure tower packing. lon-exchange resin catalyst type Amberlyst 15 is

successfully applied for n-butyl acetate synthesis.

Reactive distillation is an attractive option for the production of many esters
and has received much attention in the few last years (Taylor and Krishna, 2000).
Hanika et al. (1999) experimentally studied butyl acetate synthesis by reactive
distillation in a packed column, and computer simulation was also performed to
evaluate the experimental data. Steinigeweg and Gmehling (2002) carried out pilot
plant experiments using a structured catalytic packing. Both the thermodynamic and
the kinetic aspects of the system were investigated. Gangadwala et al. (2004) explored
various process configurations for the production of butyl acetate in order to eliminate
the formation of by-product dibutyl ether, thereby achieving a high purity of the
desired product. Liao and Tong (1995) have investigated various aspects of the
esterification process for the production of n-butyl acetate by catalytic distillation
including, for example, catalysts, column packings, esterification Kkinetics, phase

equilibrium of the reaction mixtures, and process development.

Aspen Plus software was used for the simulation of butyl acetate synthesis via
reactive distillation. Physicochemical properties such as liquid- and vapor-phase
enthalpies as well as phase equilibrium were calculated using the software database.
The algorithm of the catalytic distillation process simulation by Aspen Plus and its
application has been described in more details. Butyl acetate was synthesized via
reactive distillation in both experiment and simulation. The experimental data fitted
numerical model very well, so that the equilibrium based model can be used to

simulate the process (Hanika, 1999).

Steingeweg and Gmehling (2002) presented the setup of reactive distillation
for synthesizing n-butyl acetate. The low-boiling reactant is fed above the reactive
section of the column. The reactive section consisted of Katapak-S elements filled
with Amberlyst 15. For distillate product, the aqueous phase was withdrawn, whereas

the organic phase was completely refluxed into the column. It is possible to obtain
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high conversions accompanied by high purities of n-butyl acetate. In addition,

simulations were carried out with the steady state model RADFRAC from the Aspen
Plus process simulator. The major design parameters are the column pressure, reboiler
duty, feed flow rates, number and location of feed positions, the results indicated that
increasing pressure, reboiler duty and number of reactive stage with the increase of
conversion. Moreover, for the use of a prereactor is advantageous and the stream
leaving the prereactor should be fed into the column directly above the reaction

section.

Saha et al. (2000) used a 30% acetic acid feed to react with n-butanol and iso-
amyl alcohol for the synthesis of n-butyl acetate and iso-amyl acetate, respectively in
a reactive distillation column with macroporous ion-exchange resin, Indion 130, as a
catalyst bed. The effects of variables such as feed flowrate, length of packed section,
molar ratio of reactants, location of the feed point and effect of recycle were studied
to optimize the reactive distillation column configuration. At higher feed flowrate, the
conversion of acetic acid decreased since the residence time of the reactant in the
column was lowered. In order to increase the residence time of the reactants in the
column, the catalytic section was increased and the length of the non-catalytic
rectifying section was also increased. However, no significant change in the
conversion of acetic acid was realized with the change in configuration. It was found
that with the change in the mode of operation from co-current to counter-current, with
1:2 mole ratio of acetic acid to n-butanol, the conversion of acetic acid increased from
32.4 to 52.7%. In a typical configuration, at a 1:2 mole ratio of acetic acid to n-

butanol, about 58% conversion of acetic acid was achieved.

3.3 Combining reactive distillation'with separator for n-butyl acetate synthesis

Since the esterification of n-butyl acetate generates water as a by-product
which can be selectively removed from the system by a separator. The integration of a
decanter or pervaporation membrane with a chemical reaction has shown many
advantages such as fast separation of the products and high yield for the reaction. In
the case of azeotrope reaction mixtures, a simple reactive distillation configuration is
not sufficient. Thus decanter or pevaporation membrane is attractive because the

decanter is a conventional equipment for separating liquid mixtures of two phases
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while the pervaporation does not only depend on the relative volatility of the

components but also the qualities of membrane.

Steinigeweg et al. (2002) simulated n-butyl acetate production by
esterification via Aspen Plus simulator. The distillate stream was condensed to two
phases and collected in a decanter for removing aqueous phase from the organic
phase. Cardona et al. (2004) designed a system of reactive distillation for production
of n-butyl acetate. The part of distillate from the column was refluxed to the column,
while another part was fed to the decanter before separating n-butyl acetate about
98% purity in the organic phase as the product.

Steinigeweg et al. (2004) investigated the hybrid processes by combining a
reactive distillation and pervaporation for the production of n-butyl acetate by
tranesterification of methyl acetate with n-butanol. The reaction catalyzed by a
strongly acidic Amberlyst 15 ion exchange resin was investigated to find the kinetic
parameters for a pseudo homogeneous reaction model. The experimental results were

presented in comparison with simulation results.

The concept of using pervaporation to remove by-product species from
reaction mixtures was proposed in several pervaporation researches. Among the
pervaporation membrane processes, a promising process for separating water/organics

or organic/organic mixtures was intensively studied in the past.

For esterification of n-butyl acetate, the desired product has the high boiling
point, which is the bottom product. The azeotrope of n-butanol-water-n-butyl acetate,
n-butanol-water, and n-butyl actate-water have similar boiling point. Therefore, n-
butanol, n-butyl acetate and water are main components present in the distillate. The
dehydration of water/organic mixtures by pervaporation process with hydrophilic
membranes can be used. The removal of water, the product from reaction system

would increase the desired product yield.

An alternative approach to reactive distillation for selective removal of certain
reaction component is reaction coupled with membrane pervaporation. Pervaporation

membrane reactors for esterification reactions have been studied, and the membranes
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used are primarily hydrophilic membranes that preferentially permeate water.

Especially, poly(vinyl alcohol) based membranes have been used experimentally for
removing water from liquid mixture in the synthesis of n-butyl acetate from acetic
acid and n-butanol (Xuehui et al., 2001).

Lui et al. (2002) studied the modeling of esterification of acetic acid with n-
butanol in the presence of Zr(SO,4).4H,0 coupled pervaporation. A kinetic model
equation was developed for the esterification of acetic acid with n-butanol catalyzed
by Zr(S0,),.4H,0. Water content in the reactor during the reaction was separated by
pervaporation. The separation characteristics of the poly(vinyl alcohol)/ceramic
composite membrane were studied by separation of the liquid mixtures gquaternary
mixtures (water/acetic acid/n-butanol/butyl acetate). This research compare between
esterification reaction with and without pervaporation in batch reactor. Experiments
were conducted to investigate the effects of several operating parameters, such as
reaction temperature, initial molar ratio of acetic acid to n-butanol, ratio of the
membrane area to the reacting mixture volume and catalyst concentration on the
pervaporation membrane reactor. The experimental results indicated that the
permeation parameter for water is also varied with temperature and it was increased
with the increase of temperature. However, concerning the initial molar ratio, water
production rate is decreased with the increase of initial molar ratio and, consequently,
the rate of water removal was decreased. Water production rate was the same at
various ratio of the membrane area to the reacting mixture volume but the rate of
water removal was reduced with the decrease of ratio of the membrane area to the
reacting mixture volume. Water production rate was increased with the increase of

catalyst concentration, resulting in the increase in water permeation flux.

Lui et al. (2005) studied the separation of n-butyl acetate, n-butanol, and
acetic acid from dilute aqueous solutions by pervaporation using an organophilic
poly(ether block amide) membrane, which is a thermoplastic biphasic elastomer
comprising of 80 wt.% poly(tetramethylene oxide) and 20 wt.% nylon 12, its
organophilic properties and excellent permselectivity to esters. For binary n-butyl
acetate-water, n-butanol-water and acetic acid-water were tested to determine the
membrane permselectivity at various feed concentrations. The membrane

preferentially permeates the organic compounds over water. Moreover, pervaporation
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of quaternary n-butyl acetate-n-butanol-acetic acid-water mixture was investigated for

the removal of organic compounds from dilute aqueous solutions containing organic
compound. After phase separation of permeate stream, the organic phase can be
recycled to the reactive distillation column. Nevertheless, this membrane was not very
effective for acetic acid removal from water in the separation of quaternary mixtures.
The order of the permeation flux in quaternary system was n-butyl acetate > n-butanol

> acetic acid > water.

In part of dilute acetic acid pretreatment, to increase the value of dilute acetic
acid stream from by-product of several industries, azeotropic distillation is used for
separation water at high acetic acid concentrations (Huang, 1988; Ray, 1998). Hung et
al. (2006) investigated pretreatment dilute acetic acid by distillation column before
feed to reactive distillation for esterification of methyl acetate and amyl acetate. Since
distillation column use high energy consumption leading to value of total annual cost

is high when compared with direct feed of dilute acetic acid to reactive distillation.

Liu et al. (2001) investigated the separation characteristics of the crosslinked
poly(vinyl alcohol) membranes. The liquid mixtures of both water/acetic acid and
water/acetic acid/n-butanol/n-butyl acetate were considered at a temperature range 60-
90 °C. Isiklan et al. (2005) studied the pervaporation of acetic acid/water mixture
using poly(vinyl alcohol) (PVA) membranes modified using malic acid (MA). The
effects of PVA/MA ratio, membrane thickness, operating temperature, a feed
concentration on the permeation rate and separation factor were investigated. As the
MA content of the membrane increased, cross-linking density increased. Therefore,
separation factors increased with MA content. Increase in feed temperature increased
the permeation rate. When the membrane thickness increased, the permeation rate
decreased. Optimum PVA/MA ratio was as achieved at a 85/15 (v/v) ratio for 20 wt%
acetic acid mixtures at 40 "C. Mariduraganavar et al. (2005) proposed the use of
poly(vinyl alcohol) (PVA) and tetraethylorthosilicate (TEOS) hybrid membranes, The
performance of these membranes was explained on the basis of a reduction of free-
volume and decreased hydrophilic character owing to the formation of covalently
bonded crosslinks, for pervaporation separation of water/acetic acid mixtures. The
pervaporation performance of these membranes for the separation of water/acetic acid

mixtures was investigated in terms of feed concentration and the content of TEOS
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used as crosslinking agent. The pervaporation separation index data also supported

that membrane with a higher degree of crosslinking density showed an excellent

pervaporation performance.

Alghezawi et al. (2005) investigated the separation of acetic acid—water
mixtures using acrylonitrile grafted poly(vinyl alcohol) (PVA-g-AN) membranes and
studied the permeation characteristics of PVA-g-AN membranes as a function of
membrane thickness, temperature, feed composition and pressure. The pervaporation
separation of acetic acid/water mixtures was performed over a range of 10-90 wt%
acetic acid in the feed at temperatures ranging 2550 °C. The permeation rate of water
increased whereas permeation rate of acetic acid decreased as the water content of the
feed increased. Increasing the temperature increased the permeation rate and the
downstream pressure increased permeation rate increased whereas separation factor
decreased. Li et al. (2004) studied pervaporation process of acetic/water with carbon
molecular sieve (CMS)-filled polydimethylsiloxane (PDMS) membranes. The effects
of feed temperature, feed acetic acid concentration and CMS content on the
performance of the membranes were varied. At a CMS content of 20 wt%, both
permeation flux and separation factor reached maximum values. As the feed
temperature was increased, selectivity decreased and permeate flux increased, because
flux of water increased faster than that of acetic acid with temperature. With the

increasing in feed concentration, flux and selectivity simultaneously increased.

Moreover, the pervaporation systems of water from water—acetic acid mixtures
through prepared poly(vinyl alcohol) membranes by crosslinking with gluteraldehyde
(Yeom et al., 1996), poly(vinyl alcohol)-g-poly(acrylamide) copolymeric membranes
(Aminabhavi et al., 2002), and tubular ZSM-5 zeolite membranes (Li et al., 2003)

were investigated.



CHAPTER IV
SIMULATION

This chapter describes simulation methods for the synthesis of n-butyl acetate
from n-butanol and dilute acetic acid via reactive distillation systems. The simulation
studies in this work were divided into two scales of reactive distillation systems, i.e.,
pilot and industrial scales. Various process configurations and operating variables of
the reactive distillation systems were investigated in order to find their effects on
reaction performances as well as their energy consumption and economic analysis.

The computer simulations were carried out using Aspen Plus program.

4.1 Simulation method

The reactive distillation column was simulated by using Aspen Plus program.
The steady state RADFRAC model was used for the n-butyl acetate production in the
reactive distillation columns. The base case of this work was set at the following
condition: no pressure drop in the column (1 atm), pressure of feed stream of 1 atm,
temperature of feed stream of 25 °C, the feed position of acetic acid and n-butanol at
the first and the fifth stage of reaction, respectively, total condenser and Kettle
reboiler. The order of column stages was assigned from the top to the bottom of the
column, with stage 1 as the condenser and stage N as the reboiler. All simulation
results were based on the same product specification that the bottom stream contained

n-butyl acetate with a concentration not less than 98 mol%.

The reversible esterification of n-butanol and acetic acid occurred at the
reaction section in the reactive distillation. Kinetic rate constants of both the forward
and backward reactions were necessary information for simulations. For Aspen Plus
program, the Kinetic rate constants based on concentration or mole fraction are
required. Since this work used the kinetic rate constants of the reaction on Amberlyst
15 catalyst in activity form from the literature (Steinigeweg and Gmehling, 2002),
their Kinetic rate constants in activity form were converted to the following rate

constants in mole fraction form by following the method described in Appendix B.
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(D)

k,, = exp(ll.472 - 6986'3}

(4-2)

Ky = exp(12.482 - 79377)

Because the acetic acid feed is present in a dilute form, it may be beneficial for
the reactive distillation when a pretreatment unit is installed to concentrate the dilute
acetic acid. With a lower amount of water in the feed, the reactive distillation should
perform even more efficiently. For some cases in this study, a distillation column or a
membrane pervaporation unit was installed prior to the reactive distillation to purify
the feed.

Concerning the pretreatment unit, RADFRAC was used for distillation
simulation while a user-defined Fortran subroutine program of pervaporation was
included in the Aspen Plus program for the pervaporation simulation (see Appendix
D). Permeability of water and acetic acid are necessary information for the mass
transfer across the membrane and in the mass balance equations of the pervaporation
model in FORTRAN program. Poly(vinyl alcohol) (PVA) was selected as a
membrane for pervaporation unit because of PVA is hydrophilic, allowing water to
preferentially permeate through the membrane. The permeability of water and acetic
acid were calculated from parameters and equations in the literature (Liu et al., 2001)
(see Appendix C). Their expressions in the Arrhenius form are shown in Egs. (4-3)

and (4-4), respectively.

Py = exp(- 0.8961- 770'02)

(4-3)

(4-4)

Puoac = exp(- 3.7077 - 42669)
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4.2 Configurations of the reactive distillation systems

4.2.1 Pilot scale

According to the previous work (Steinigeweg and Gmehling, 2002), the
reactive distillation in a pilot scale unit for n-butyl acetate esterification from
concentrate acetic acid and n-butanol contains totally 28 stages (including condenser
and reboiler) which consist of 5 rectifying, 15 reactive and 6 stripping stages. This
column configuration was used for preliminary simulation study in order to
investigate effects of operating variables on performance of the reactive distillation
system. Feed flowrate of pure n-butanol and acetic acid was kept at 35 mol/h for
single reactive distillation. The reactive distillation columns with and without a
decanter (shown in Fig. 4-1) were considered at different values of reboiler heat duty
(Q), reflux ratio (L/D) and position of recycle stream. Then, the suitable reactive
distillation system was used to find optimal design variables for the operation of the
reactive distillation. The important design variables considered here include the

number of rectifying, reaction and stripping stages.

D

Organic

W + Organic
w

HOAc
n-BuOH

HOAc
n-BuOH

n-BuAc n-BuAe

(@) (b)

Fig. 4-1 Single reactive distillation system for comparison between (a) only reactive

distillation, (b) the reactive distillation equipped with decanter.
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The effects of acetic acid concentration (C = 35 and 65 wt%) were studied at

different reboiler heat duties for each reactive distillation configuration. Moreover, the
systems with the pretreatment unit (distillation column or pervaoration unit as shown
in Figs. 4-2 (a), 4-2 (b)) were simulated, using a feed at an acetic acid concentration
of 35 wt%. This part was focused on total energy consumption required for each

system configuration.

Dilute HOAe ] r-- HOAc
| n-BuOH

HOAc

Dilute HOAe |

d n-BuAc

(b) HOACc pretreatment by pervaporation unit followed by reactive distillation

Fig. 4-2 Process of the n-butyl acetate production from dilute acetic acid and n-

butanol.
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4.2.2 Industrial scale

The simulations of n-butyl acetate in an industrial scale were aimed to
determine an optimal configuration of the system by taking into account capital and
operating costs. Feed flowrate of the pure n-butanol and acetic acid was kept at 50
kmol/h for single reactive distillation. The single-column reactive distillation was
investigated to determine effects of design variables such as the number of rectifying,
reaction and stripping stages (using the suitable system configuration from the results
of the pilot scale study). Acetic acid concentration of 100, 65 and 35 wt% were used
to react with n-butanol in a single reactive distillation column for design of the
column and finding of the minimal cost. A pretreatment unit for the dilute acetic acid
feed either by distillation and pervaporation was used for concentrating dilute acetic
acid from 35 to 65 wt% before feeding to the reactive distillation. All details of
simulations, sizing of equipment and quantity of material in this part were described

in Appendix E and total annual cost of the system was calculated from Eq. (2-10).

4.3 Conversion of reactant and yield of product

All system performances were considered in terms of conversion of acetic acid

(Xnoac), and yield of n-butyl acetate (Yguac) defined as follows;

_ Difference in molar flow rate of inlet and outlet of HOAc <100
Molar feed flow rate of HOAC

v _ Molar flow rate of outlet-of BuAc x100 (4.6)
= Molar feed flow rate of HOACc '




CHAPTER V
RESULTS AND DISCUSSION

5.1 Pilot scale study: energy consumption

5.1.1 The effect of reactive distillation system

In this part, the synthesis of n-butyl acetate from esterification of pure acetic
acid (100 wt%) and n-butanol by a reactive distillation is investigated. A single
reactive distillation systems with/without a decanter, as shown in Fig. 4-1, is first
studied to find whether the decanter should be included in the reactive distillation
process. It is noted that the decanter is employed to separate the solution mixture from
a column condenser into the aqueous phase and the organic phase. The performance
of reactive distillations in terms of the conversion of acetic acid, yield and mole
fraction of n-butyl acetate at the bottom is analyzed by varying several operating
parameters, i.e., reboiler heat duty, reflux ratio, and the location of reflux stream. It is
noted that the reflux ratio is defined as the ratio of molar flow rate of reflux stream (L)

and distillate stream (D).

5.1.1.1 Single reactive distillation without decanter

Fig. 5-1 presents the influence of the heat duty on the conversion of
acetic acid for different value of the reflux ratio. It can be seen that increasing the
reboiler heat duty results in a decrease of the conversion of acetic acid for all value of
reflux ratio. As heat duty is increased, more reactants are in the vapor phase and the
esterification in the reactive section is decreased. Therefore, less yield and purity of
the product, n-butyl acetate, at the bottom are observed as shown in Figs. 5-2 and 5-3.
It is noticed that although the conversion of acetic acid is high at any specific value of
the reflux ratio and heat duty, the yield of n-butyl acetate at the bottom is very low.
This is because some n-butyl acetate product is lost in the distillate stream. This result

suggest that the use of a decanter for separating the organic phase which comprises



30
mostly n-butyl acetate from aqueous phase in which water is a major component

could be improved the performance of the reactive distillation.
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Fig. 5-1 Effect of reboiler heat duty on the conversion of acetic acid at various reflux

ratio values (single RD without decanter).
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Fig. 5-2 Effect of reboiler heat duty on the yield of n-butyl acetate at various reflux

ratio values (single RD without decanter).
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Fig. 5-3 Effect of reboiler heat duty on the mole fraction of n-butyl acetate at various

reflux ratio values (single RD without decanter).

5.1.1.2 Single reactive distillation with decanter

Since the distillate stream of the reactive distillation consist of organic
and aqueous phases, the removal of the aqueous phase consisting mainly of water
from the system while recycling only the organic phase in which n-butyl acetate, n-
butanol and acetic acid are main component, to the reactive distillation could enhance
the reactive distillation performance. Figs. 5-4 to 5-6 show the effect of the reboiler
duty at various reflux ratio values on the conversion of acetic acid, and the yield and
mole fraction of n-hutyl acetate in the bottom, respectively. It can be seen that when
the heat duty is less than 1900 W, increasing the heat duty leads to a increase in the
conversion of-acetic acid, and- the yield and mole fraction of n-butyl acetate in the
bottom. On the other hand, when the heat duty is more than-1900 W, the results show
opposite trend; the conversion of acetic acid, and the yield and mole fraction of butyl

acetate in the bottom decrease with the reboiler heat duty.

From simulation results, the reactive distillation with decanter
consumes less energy, compared to that without decanter since some solution mixture

in aqueous phase is separated in the decanter and drawn from the reactive distillation
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column as distillate. When comparing the results of the reactive distillation with

decanter at various reflux ratio value, it is found that the operation of the reactive
distillation with total reflux ratio is the most effective approach for the production of

n-butyl acetate.
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Fig. 5-4 Effect of reboiler heat duty on the conversion of acetic acid at various reflux

ratio values (single RD with decanter).
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Fig. 5-5 Effect of reboiler heat duty on the yield of n-butyl acetate at various reflux

ratio values (single RD with decanter).
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Fig. 5-6 Effect of reboiler heat duty on the mole fraction of n-butyl acetate at various

reflux ratio values (single RD without decanter).

From previous studies, the production of n-butyl acetate in the reactive
distillation with decanter which is operated at total reflux ratio is found to be an
efficient approach. Next, the effect of the reflux stream location on the performance
of reactive distillation is studied. It is assumed that the reflux stream is introduced at
the stages 2, 7 and 11. The results in Figs. 5-7 to 5-9 show that the optimal location of
reflux stream is at stage 2 because high conversion of acetic acid is expected. With the
same heat duty, introducing the reflux stream of organic phase at stages 7 and 11

results in lower conversion.
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Fig. 5-7 Effect of reboiler heat duty on the conversion of acetic acid at various

location of reflux stream (single RD with decanter and total reflux ratio).
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Fig. 5-8 Effect of reboiler heat duty on the yield of n-butyl acetate at various location

of reflux stream (single RD with decanter and total reflux ratio).
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Fig. 5-9 Effect of reboiler heat duty on the mole fraction of n-butyl acetate at various

location of reflux stream (single RD with decanter and total reflux ratio).

5.1.2 The effect of design variables

A number of stages in rectifying, reaction and stripping section are varied to
determine a suitable configuration of the reactive distillation for n-butyl acetate
production. Esterification of n-butyl acetate occurred in reaction zone, while
rectifying and stripping supported multi-component distillation. The optimum number
of stages should give high conversion of acetic acid and high yield and purity of n-

butyl acetate.

Firstly, the impact of a number of the stripping stages on the performance of
reactive distillation is investigated. With the specified number.of the rectifying stages
(= 5 stages) as in the standard condition, the number of the stripping stages are varied
from 1 to 19 and the results are presented in Fig. 5-10 to 5-12. When the number of
stages in the stripping section is increased, more n-butanol and acetic acid are
separated from the bottom product stream and then returned to the reactive section.
This results in an increase in the conversion of acetic acid and the mole fraction of n-
butyl acetate in the bottom. Fig. 5-10 to 5-12 also show the influence of the number of

stages in the reactive section. It can be seen that the performance of the reactive
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distillation increased with the increase of the number of reactive stages. This is

expected as more reactive stages pronounce the esterification of n-butanol and acetic
acid. According to the simulation results, the suitable number of stages in the reaction

and stripping section is 10 and 7 stages, respectively.
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Fig. 5-10 Effect of the number of stripping stages on the conversion of acetic acid for
various reaction stages (single RD with decanter and total reflux ratio, rectifying
stages = 5).
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Fig. 5-11 Effect of the number of stripping stages on the yield of n-butyl acetate for
various reaction stages (single RD with decanter and total reflux ratio, rectifying

stages = 5).
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Next, the influence of the number of rectifying stages on the performance of
reactive distillation is evaluated. It is noted that the number of stripping stages is kept
at 7 as a result of the earlier study. According to Fig. 5-13 to 5-15, it is found that the
conversion of acetic acid, and the yield and mole fraction of n-butyl acetate are
increased with the increase of the number of the rectifying stages. Five rectifying

stages give a better reactive distillation performance.

From simulation studies, it is found that the optimal configuration for the
reactive distillation with a decanter and a total reflux operation policy consists of 5
rectifying, 11 reactive and 7 stripping stages. Figs. 5-16 and 5-17 show the typical
composition profile and-temperature- profile -in -the- reactive- distillation with the
optimal configuration. It'can be seen that the composition of the mixture at the top of
the column consists mainly of water, n-butyl acetate and n-butanol while the bottom
products comprise mostly the butyl acetate. It is noted that after the top products are
sent to the decanter, they are separated in two phases: organic and aqueous phases.

Only the liquid in organic phase is refluxed to the reactive distillation column.
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Fig. 5-13 Effect of the number of rectifying stages on the conversion of acetic acid for

various reaction stages (single RD with decanter and total reflux ratio, stripping stages
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(single RD with decanter and total reflux ratio, reboiler heat duty of 2000 W,

rectifying, reaction and stripping stages = 5, 11 and 7, respectively).
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(single RD with decanter and total reflux ratio, reboiler heat duty of 2000 W,
rectifying, reaction and stripping stages = 5, 11 and 7, respectively).

5.1.3 The effect of feed acetic acid concentration

In this part, the effect of feed concentration of acetic acid in agqueous solution
for n-butyl acetate synthesis in the reactive distillation with the optimal configuration
as mentioned in Section 5.1.1 and 5.1.3 is investigated. It can be seen from Figs. 5-18
to 5-20 that when the feed acetic acid with low concentration is directly used for
esterification in the reactive distillation, more reboiler heat duty is required to obtain
the same value of the conversion and yield; compared with using the purity of acetic
acid. This can be explained by some of reboiler heat duty required for separating more
water-from feed stream.-Further, it can-be observed that by .introducing a feed
containing 65 wt% of acetic acid and operating at reboiler heat duty of 2000-2200 W,
the conversion of acetic acid and the yield and mole fraction of n-butyl acetate is
similar to those by using the purity of acetic acid. This result shows that the reactive
distillation with the optimal configuration designed by the utilization of pure acetic
acid can be applied for the production of n-butyl acetate from dilute acetic acid of 65
wit%. However, if the feed acetic acid has the concentration less than 65 wt%, it may
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require a pretreating unit such as distillations and pervaporations for separating some

water from aqueous solution of acetic acid, leading to a higher purity of acetic acid.
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Fig. 5-18 Effect of feed acetic acid concentration on the conversion of acetic acid.
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Fig. 5-19 Effect of feed acetic acid concentration on the yield of n-butyl acetate.
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Fig. 5-20 Effect of feed acetic acid concentration on the mole fraction of n-butyl

acetate.

5.1.4 Model verification

Section 5.1.1-5.1.3 have been investigated about n-butyl acetate synthesis in
the reactive distillation which was equipped with decanter at the top of the column
and recycle all organic phase to stage 2 of the column was the suitable single reactive
distillation. In order to kinetic rate constant of n-butyl acetate synthesis from n-
butanol and acetic acid (Steinigeweg and Gmehling, 2002), which was catalyzed by
Amberlyst 15 catalyst, was used for simulation in this work. Thus the result from
simulation in this research should be compared with the result from experiment of
Steinigeweg and Gmehling (2002) to prove that kinetic rate constant can be used for
simulation in those systems. Table 5-1 shown that the simulation results in this work
were performs’ similar ‘with experimental data from Steinigeweg and Gmehling
(2002).
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Table 5-1 Comparision of simulated results and experimental data from Steinigeweg

and Gmehling (2002)

Steinigeweg and
This research
Parameters Gmehling (2002) ) )
(simulation)
(experiment)

Wit% HOAC feed stream 100 100
Feed flowrate (mol/h)

HOAc 38 35

n-BuOH 36 35
P (mbar) 1,038.45 1,013.25
AP (mbar) 20.18 0
Ngec, Nrxnr Nsirp (Stages) 5,15,6 511,7
Distillate

Xdist, HOAG 0.031 0.023

Xdist, n-BuOH 0.008 0.010

Xdist, n-BuAc 0.003 0.002

Xdist, H20 0.958 0.965
Bottom

Xpot, HOAC 0.003 0.004

Xpot, n-BuOH 0.008 0.016

Xbot, n-BuAc 0.969 0.980

Xpot, H20 0.020 0.000
Conversion of HOAc (%) N/A 97.348
Conversion of n-BuOH (%) 98.5 97.344
Bottom flowrate (mol/h) 35.0 34.7
Qreb, RD 2,200 1,838

5.1.5 The effect of various system configurations for n-butyl acetate

production from dilute acetic acid

As mentioned in the previous section, if the dilute acetic acid is employed for
the production of n-butyl acetate in reactive distillation column, a pretreating unit for
increasing the concentration of feed acetic acid is required to improve the reactive
distillation performance. In this section, the production of n-butyl acetate from dilute
acetic acid (35 wt%) by using various system configurations, i.e., a single reactive
distillation and a hybrid process consisting of a reactive distillation integrated with a

conventional distillation or pervaporation as a pretreating unit is studied.
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5.1.5.1 Single Reactive distillation without a pretreating unit

The reactive distillation column is designed for the n-butyl acetate
synthesis using dilute acetic acid of 35 wt% as reactant. It is found that the suitable
column configuration consists of 1 rectifying, 21 reactive and 1 stripping stages for
the production of 98 mol% n-butyl acetate in bottom product stream. Table 5-1
summarizes the results of applying a single reactive distillation for the production of
n-butyl acetate from pure acetic acid (100 wi%) and dilute acetic acid (35 and 65
wit%). With the same specification of the purity of n-butyl acetate product, the total
energy consumption for the operation of the reactive distillation relies mainly on the

concentration of acetic acid in feed stream.

5.1.5.2 Reactive distillation with conventional distillation

First, the operating condition of a conventional distillation for
removing water from dilute acetic acid of 35 wt% is studied. The aim is to increase
the concentration of acetic acid from 35 wt% to 65 wt% that is suitable to be used as a
reactant for the reactive distillation. Reboiler heat duty and reflux ratio are varied and
the purity and recovery of acetic acid at the bottom stream of the distillation are
considered. From Fig. 5-21, it was noticed that to obtain the acetic acid product of 65
wt%, the distillation can be operated at lower reboiler heat duty when the reflux ratio
is decreased. In addition, operating at low reboiler duty can take an advantage of
obtaining high recovery of acetic acid as can be seen in Fig. 5-22. Table 5-1 show the
results when the hybrid distillation-reactive distillation process is applied for the

production of n-butyl acetate.
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5.1.5.3 Reactive distillation with pervaporation

The system configuration consisting of a membrane pervaporation as a
pretreating unit for dilute acetic acid, followed by a reactive distillation is studied.
The isothermal operation of the pervaporation is assumed. The temperature of
pervaporation is varied between 30 and 100 °C so as to investigate its effect on the
required membrane area, the recovery of acetic acid, the energy consumption for
increasing the concentration of dilute acetic acid from 35 to 65 wt%. The results
shows that the required membrane area of pervaporation is decreased with an increase
of the operating temperature (Fig. 5-23); increasing the temperature results in the
increased permeation, thus reducing the membrane area of pervaporation. It can be
observed from Fig. 5-23 that an increase in operating temperature provide more
recovery of acetic acid as water can be increasingly separated from agueous solution
of acetic acid. By considering the energy consumption calculated from the energy
required for feed stream preheat, pervaporation unit, and power for vacuum pump, the
increased operating temperature leads to higher energy consumption as shown in Fig.
5-24. It can also be seen from this figure that the pervaporation unit consumes the
highest energy. From the results, the operation of pervaporation at 100 °C give highest
acetic recovery and therefore, this condition is selected for the pervaporation that is

used as a pretreating unit of the dilute acetic acid.

Table 5-2 show the results when the hybrid pervaporation-reactive distillation
process is applied for the production of n-butyl acetate. It is found that when dilute
acid acid (35 wt%) is used for the production of n-butyl acetate, a hybrid process of
pervaporation and reactive -distillation seems to require lower total energy

consumption than that of distillation‘and reactive distillation.
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Fig. 5-23 Effects of operating temperature of pervaporation on the required membrane

area and the recovery of acetic acid (increasing the dilute acetic acid stream from 35

to 65 wt%, flow rate of feed dilute acetic acid = 35 mol/hr).
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Fig. 5-24 Effects of operating temperature of pervaporation on the energy

consumption (increasing the dilute acetic acid stream from 35 to 65 wt%, flow rate of

feed dilute acetic acid = 35 mol/hr).
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Table 5-2 Summary of the results for n-butyl acetate synthesis by difference system

configurations.

Single column

RD with pretreatment

Parameters
(Only RD) Dist + RD PV +RD
Wt% HOAC feed stream 100 65 35 35 35 35
Feed flowrate (mol/hr)
HOACc 35 35 35 35 35 35
n-BuOH 35 35 35 34.109 31.091 31.061
Npist (Stages) - - - 7 7 -
Feed stage of dilute HOAc - - - 4 4 -
for DIST
RFpist - - - 25 1 -
Membrane area (m?) - - - - - 1.002
Nrec, Nrxn, Nstrp (Stages) 5, 11,7 5,11, 7 1524 5,11, 7 5,11, 7 5,11, 7
Mole fraction in RD
Distillate
Xdist, HOAC 0.023 0.002 0.004 0.003 0.007 0.005
Xdist, n-BUOH 0.010 0.009 0.007 0.008 0.003 0.003
Xdist, n-BuAc 0.002 0.001 0.001 0.001 0.001 0.001
Xdist, H20 0.965 0.988 0.988 0.989 0.989 0.990
Bottom
Xpot, HOAC 0.004 0.019 0.020 0.004 0.005 0.005
Xbot, n-BuOH 0.016 0.001 0.000 0.016 0.015 0.011
Xpot, n-BuAc 0.980 0.980 0.980 0.980 0.980 0.985
Xpot, H20 0.000 0.000 0.000 0.000 0.000 0.000
Conversion of HOAc (%) 97.348 97.452 95.106 96.316 87.426 87.095
Yield of n-BuAc (%) at
bottom 97.194 97.145 94.261 96.10 87.071 87.034
Energy consumption (W)
Qcond, 0 - s - 6,181.441 | 3,783.134 -
Qreb, D - - - 6,600.000 4,200.000 -
Qpre-pv - - - - - 389.302
Qev 3 - - - ‘ 1,790.600
Quacuum pump 1 ; - 3 3 654.457
Qcond, RD 1,767.298 2,225.989 4,326.275 1,994.485 1,503.470 1,546.271
Qreb, RD 1,838.000 2,400.000 4,760.000 2,000.000 1,495.000 1,550.000
Q-Total Energy Consumption 3,605.298 | 4,625.989 | 9,086.275 | 16,775.926 | 10,981.604 | 5,930.630
Energy consumption per
35 mol/hr of n-BuAc (W) 3,709.383 4,761.942 9,639.485 | 17,456.739 | 12,612.241 6,814.153
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5.2 Industrial scale study: determination of optimum system

This section is aimed to find an optimum system for the production of n-butyl
acetate from n-butanol and dilute acetic acid by using the total annual costs as a
criteria. Three reactive distillation systems of a single column reactive distillation, a
distillation-reactive distillation hybrid system and a pervaporation-reactive distillation
hybrid system were investigated. In all cases, the reactive distillation column
equipped with a decanter with total recycle of organic phase to the column at stage 2
was considered as it was demonstrated in the previous section as the most suitable
reactive distillation column. The column sizing was carried out by using the tray
sizing mode in Aspen Plus program. The distance between trays was kept at 2 ft. For
the other equipments, the sizing methods were described in Appendix E. The
calculations were based on the following assumptions: 100% tray efficiency, the solid
catalyst occupying 50 vol% of the tray holdup and pay-back period of three years for
total annual cost calculation. The product specification was set at a purity of 98 mol%

of n-butyl acetate at the bottom of the reactive distillation.

5.2.1 Determination of an optimum single column reactive distillation

As an example, an optimum conventional single column reactive distillation
fed by n-butanol and pure (100 wt%) acetic acid was determined. The calculations
were carried out for columns with different numbers of rectifying (Ngec), reaction
(Nrxn) and stripping (Nswp) Stages. For each case, the reboiler heat duty was varied
until satisfying the bottom product specification of 98 mol% of n-butyl acetate. Figure
5.25 (a) shows the total annual cost (TAC) at different Nrec and Nsyp for the case with
Nrxn = 6. It is obvious that TAC decreases with ‘the increasing number of stripping
stage and then slightly increases at higher values. A similar trend is also observed for
the effect of number of rectifying stage. From this case the minimum TAC for Ngy, =
6 is observed at Nrec = 7 and Ngyp = 11. Figures 5.25 (b), (c) and (d) show the similar
results for Nrxn = 7, 8 and 9, respectively. The minimum values of TAC and number
of rectifying and stripping stages at different number of reaction stage are plotted in
Figure 5.26 (a). It is therefore observed that the optimum single column reactive
distillation for the case with pure acetic acid feed is at Nrec = 8, Nryn = 8,and Nstrp = 9
with the value of TAC of 686,845 $/year. Figures 5.26 (b) and (c) provide the results



50
for the cases with acetic acid concentrations of 65 and 35 wt%. It should be noted that

although the acetic acid concentration is lowered, the total extent of acetic acid fed to
the column is based on the same amount and, therefore, the comparisons can be made.
Details of the optimum reactive distillation columns for three levels of acetic acid

concentrations are summarized in Table 5.2.

N, =6 |—a— N, =5

w
—0— N0
) —— N =T
TI5 . .
—v— NS

TH 4

T05°9

TAC (S1000 v ear)y

T

095 4

G = -y % T

'Y-"“‘P (slages)

(a)

680

TAC (1000 vear)y

675

6Tl

[Tk

M Sy (slages)

(b)



GHD
? 675
2
=
=
=
@
=
= 670 A

HHS

'\-.‘ihv (slages)
(c)

G4

682 V™ | —— N,

_ o ML "

(i11] | iy W

——

= 678 o N, =0
2 676 e B o | —1
a w e ———
E g dn J—
= 674
o)
. 672 —— —
= T —————— o
= a7

o8 )

—_—
006

(i) T T T

"'-Snv (slages)

(d)

o1

Fig. 5-25 Effect of design stages number of single reactive distillation for n-butyl

acetate synthesis from concentrate acetic acid and n-butanol at various reactive stage
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100 wt%, based on 50 kmol/h HOAC feed).
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Fig. 5-26 Effect of the number of reactive stages for the design of a single reactive

distillation column for n-butyl acetate synthesis at acetic acid feed concentration of (a)
100 wt% (b) 65 wt% and (c) 35 wit% (50 kmol/h acetic acid feed).

Due to the presence of more water in the feed at lower acetic acid
concentration feed, more energy consumption (condenser and reboiler) and larger
column size (column diameter, heat transfer areas and catalyst weight) are required.
However, it should be noticed that differences in the energy consumptions, the
column diameter and the heat transfer areas required between the cases with pure
acetic acid and 65 wt% acetic acid are quite small compared to those of the case with
35 wt% acetic acid. Figure 5.27 indicates that the capital cost, operating cost and TAC
follow the order: 35-wt% acetic acid feed > 65 wt% acetic acid feed ~ 100 wt%
acetic acid feed. Similar trend is observed for the equipment and material costs as
shown-in Figure 5.28. 1t should be noted that the numbers-of rectifying and stripping
sections ‘become smaller “when ‘the column is fed with acetic acid at lower
concentration. This is likely due to the enhancement of phase separation between

organic and aqueous phases when more water is present in the system.
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Table 5-3 Parameters and results from simulation for n-butyl acetate synthesis by

difference acetic acid concentration using in single reactive distillation.

Parameters Single column (Only RD)

Wit% HOAC feed stream 100 65 35
Feed flowrate (kmol/hr)

HOAc 50 50 50

n-BuOH 50 50 50
Nrec, Nrxnr Nstrp (Stages) 8,8,9 6,8,3 0,72
Mole fraction in RD
Distillate

Xdist, HOAC 0.028 0.004 0.009

Xdist, n-BUOH 0.009 0.003 0.007

Xdist, n-BuAc 0.002 0.001 0.001

Xdist, H20 0.961 0.992 0.983
Bottom

Xbot, HOAC 0.000 0.008 0.002

Xpot, n-BuOH 0.020 0.012 0.018

Xpot, n-BuAc 0.980 0.980 0.980

Xpot, H20 0.000 0.000 0.000
Conversion of HOAc (%) 97.146 96.996 93.228
Yield of n-BuAc (%) at bottom 96.968 96.663 92.291
Condenser duty (kW) 2,425.591 2,492.246 5,870.134
Reboiler duty (kW) 2,495.001 2,710.012 6,460.100
Column diameter (m) 1.629 1.695 2.681
Condenser heat-transfer area (m?) 97.984 121.904 299.461
Reboiler heat-transfer area (m?) 127.846 137.485 327.732
Catalyst weight (kg) 577.268 625.425 1,368.438
Capital cost ($1000)

Column 379.961 291.044 284.838

Column trays 33.729 24.405 26.288

Heat exchanger 546.697 596.420 1,057.934
Operating cost ($1000/year)

Steam 319.986 347.560 828.500

Cooling 8.088 8.310 19.573

Catalyst 17.817 19.304 42.237
TAC ($1000/year) (50 kmol/h of

HOAC feed) 666.020 679.130 1,346.663
TAC ($1000/year) (50 kmol/h of

n-BuAc) 686.845 702.571 1,459.157




55

1400
 Capital cost
1200 - 3 Operaling cosl
. TAC
~ 1000 -
= 800
b
=
=
Z 600 -
2
i)
~ 400
200

65 100
wt% HOACc

w
h

Fig. 5-27 Effect of acetic acid feed concentration on capital and operating cost for

single reactive distillation (50 kmol/h acetic acid feed).

1000
E Colunn and tray
[ Heat exchanger
800 N Steam
Cooling
? . Catalyst
@ )
= 600 A
=
=
=
—
)
- 400 9
o
&
@]
200
0
35 65 100
wt% HOACc

Fig. 5-28 Effect of acetic acid feed cancentration on equipments and materials cost

for single reactive distillation (50 kmol/h acetic acid feed).



56
5.2.2 Determination of an optimum reactive distillation system for the n-

butyl acetate production

It was clearly demonstrated in Section 5.2.1 that the use of a lower acetic acid
at 65 wt% does not make a significant difference in term of TAC compared with the
case of pure acetic acid feed. Therefore, it is unnecessary to concentrate the dilute
acetic acid feed. However, when the acetic acid feed contains a concentration as low
as 35 wt%, the TAC increases quite significantly. It is therefore interesting to
determine whether the use of hybrid systems by integrating an addition unit to the
reactive distillation would be beneficial for the overall system. In this study, two
hybrid systems; i.e. distillation-reactive distillation and pervaporation-reactive
distillation hybrid systems, are considered. The purpose of using either a distillation
or a pervaporation unit is for concentrating the dilute acetic acid feed of 35 wt% to a
higher value such as 65 wt% which is considered further in the subsequent studies. It
was expected that the use of the hybrid system may help reduce the overall TAC for

the production of n-butyl acetate.

Considering the distillation-reactive distillation hybrid system, the distillation
columns containing different number of distillation stages were simulated to
concentrate the dilute acetic acid from 35 wt% to 65 wt% at different values of acid
recovery. Figure 5.29 shows that the TAC of the distillation increases with the
increase of acetic acid recovery. In addition, by increasing the number of stage, the
TAC initially decreases and levels off at higher values. The suitable number of
distillation stage is at 12 stages (not including condenser and reboiler). It should be
noted that the energy consumptions involved in the distillation are obviously
dependent on the level of acid recovery as shown in Figure 5.30 that more energy is
required to recover more acetic acid which results-in higher TAC. The TAC of the
distillation-reactive distillation hybrid system is determined at different value of acid
recovery. As shown in Figure 5.31, the TAC of the hybrid system slightly increases as
the acid recovery increases.



57

1600
—8— Recovery=588"%
1500 —o0— Recovery=90%
—v— Recovery=92%
~ 1400 —— Recmfu'—?)—!“u
= —8— Recovery=96"%
-4 Recovery=98%
= 1300
=
=
< 1200
o
-1
= 1100
1000
l}{]“ T T T T T
8 9 10 1l 12 13
_:'\"Dm.l. (stages)
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Fig. 5-31 Effect of acetic acid recovery on total annual cost for pretreatment dilute
acetic acid from 35 to 65 wt% by distillation column followed by reactive distillation

(based on 50 kmol/h n-butyl acetate production).

For the pervaporation-reactive distillation hybrid system, the pervaporation
unit was used to concentrate the acetic acid from 35 wt% to 65 wt%. The operating

temperature was varied between 30 and 100°C. Figure 5.32 shows the required

membrane area and the acetic acid recovery at different operating temperature. It is
obvious that the requirement of membrane area is smaller when the pervaporation is
operated at higher temperature due to the increased permeability at higher
temperature. However, the corresponding acetic acid recovery increases due to the
more selectivity of the membrane at high temperatures. Therefore, to achieve a high
degree of acetic acid recovery, the pervaporation should be operated at a high
temperature level unless a better membrane is available; however, the membrane cost
would be pronounced. Figure 5.33 provides ‘additional information on the energy
consumption for the pervaporation. Comparison with those of the distillation reveals
that less energy is required for the pervoparation. Figure 5.34 shows the TAC for the
pervaporation-reactive distillation system at different acid recovery. It was found that
TAC of the pervaporation is sensitive to the degree of acid recovery unlike the

reactive distillation.
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Fig. 5-32 Effects of temperature of pervaporation unit on membrane area and

recovery of acetic acid (in retentate stream) for pretreatment of dilute acetic acid from
35 to 65 wt% by pervaporation (50 kmol/h acetic acid feed).
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production).

Table 5.3 summarizes the details of the optimum single column reactive
distillation, distillation-reactive distillation hybrid system and pervaporation-reactive
distillation hybrid system which show the minimum TACs. It should be noted that the
feed flow rate of n-butanol for the hybrid systems are smaller than that of the single
column reactive distillation because the reactive distillation is operated using the
molar feed ratio of acetic acid: n-butanol of 1: 1 and not all acetic acid was recovered
by either the distillation or pervaporation to the reactive distillation. It is clear that the
single column reactive distillation is.the most promising system for the production of
n-butyl acetate from n-butanol and dilute acetic acid as it offers the lowest TAC. This
would- be even more. pronounced - if the comparisons were- based- on the same
production rate. Considering the energy requirement, the overall reboiler heat duties
are 6460, 7567 and 5384 kW for the single column reactive distillation, the
distillation-reactive distillation system and the pervaporation-reactive distillation
system, respectively, and the condenser heat duties are 5870, 7035 and 2316 kW,
respectively. Obviously, in term of energy requirement, the use of the distillation-
reactive distillation is not a good choice because it requires even higher energy

consumption than the single column reactive distillation. In contrast, the use of
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pervaporation is attractive as it consumes less energy; however, it requires additional
energy to operate the vacuum pump (864 kW). Figure 5.35 compares the capital cost,
operating cost and TAC between different systems. It indicates that the overall capital
and operating costs of the hybrid systems are higher than those of the single column
reactive distillation. It is therefore not attractive in term of economic analysis to

include the additional unit of distillation or pervaporation in this system.
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acetate production).
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Table 5-4 Parameters and results from simulation for n-butyl acetate synthesis from

acetic acid 35 wt% by difference configuration.

RD with pretreatment
Parameter Single RD
Dist + RD PV +RD
Wit% HOAC feed stream 35 35 35
Feed flowrate (kmol/hr)
HOAc 50 50 50
n-BuOH 50 44.997 44.907
Np (stages) (not include Cond and Reb) - 12 -
RFp - 0.70 -
Membrane area (m?) < - 1720
NRrec: Nrxn, Nstrp (Stages) 0,7,2 6,8, 3 6,8, 3
Mole fraction in RD
Distillate
Xdist, HOAG 0.009 0.009 0.007
Xdist, n-BUOH 0.007 0.004 0.003
Xdist, n-BuAc 0.001 0.001 0.001
Xdist, H20 0.983 0.986 0.989
Bottom
Xbot, HOAC 0.002 0.003 0.004
Xbot, n-BuOH 0.018 0.017 0.016
Xbot, n-BuAc 0.980 0.980 0.980
Xbot, H20 0.000 0.000 0.000
Conversion of HOAc (%) 93.228 87.447 85.674
Yield of n-BuAc (%) at bottom 92.291 87.064 85.360
Codenser duty for DIST (kW) - 4,477.256 -
Reboiler duty for DIST (kW) - 5,002.085 -
Preheat for PV (kW) - - 324.272
Energy for PV (KW) - - 2,652.084
Power for vacuum pump (kW) - - 864.305
Codenser duty for RD (kW) 5,870.134 2,558.055 2,316.184
Reboiler duty for RD.(kW) 6,460.100 2,565.410 2,407.981
Column diameter of DIST (m) - 1.559 -
Condenser heat-transfer area for DIST
(m?) - 257.319 -
Reboiler heat-transfer area for DIST(m?) - 174.542 -
Heat-transfer area for PV (m?) - - 91.566
Column diameter of RD (m) 2.681 1.643 1.590
Condenser heat-transfer area for RD (m?) 299.461 119.264 110.590
Reboiler heat-transfer area for RD (m?) 327.732 130.150 122.163
Catalyst weight (kg) 1,368.438 587.421 550.135




RD with pretreatment

Parameter Single RD
Dist + RD PV + RD

Capital cost ($1000)

Column of DIST - 201.309 -

Column trays of DIST - 15.130 -

Heat exchanger for DIST - 834.542 -

Membrane - - 737.367

Heat exchanger for PV - - 91.566

Column for RD 284.838 281.480 271.811

Column tray for RD 26.288 23.248 22.096

Heat exchanger for RD 1,057.934 580.915 555.438
Operating cost ($1000/year)

Steam for DIST - 641.521 -

Cooling for DIST - 14.929 -

Steam for PV - - 381.720

Electricity for PV - - 281.764

Steam for RD 828.500 329.016 308.825

Cooling for RD 19.573 8.530 7.723

Catalyst 42.237 18.131 16.980
TAC ($1000/year) (50 kmol/h of HOAC

feed) 1,346.663 1,657.667 1,556.663
TAC ($1000/year) (50 kmol of n-BuAc) 1,459.157 1,903.968 1,823.654
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CHAPTER VI
CONCLUSIONS AND RECOMMENDATIONS

6.1 Conclusions

The synthesis of n-butyl acetate from n-butanol and dilute acetic acid in
various reactive distillation systems was simulated by using Aspen Plus program. This
research was focused on determining effects of operating variables on performance of
reactive distillation and searching for a suitable reactive distillation system by
considering total energy consumption and total annual cost of the overall process.
Various system configurations were investigated, that includes (i) only reactive
distillation without a decanter, (ii) reactive distillation with a decanter, (iii)
distillation-reactive distillation hybrid system, and (iv) pervaporation-reactive
distillation hybrid system. The installation of either the distillation or pervaporation
unit was aimed to concentrate dilute acetic acid from 35 wt% to 65 wt%. The
comparisons were based on the same product specification that the bottom product
contains n-butyle acetate with a concentration not less than 98 mol%. Each
configuration was optimized by finding its suitable operating condition. The

following conclusions can be drawn from the investigations.

6.1.1 Pilot scale study: energy consumption

Considering the single-column reactive distillations with and without the
decanter, the reactive distillation equipped with the decanter at the top of the column
for separation of organic and aqueous phases requires lower energy consumption than
the one without the decanter for all ranges of the design variables. The refluxed
stream of the organic phase is best to be recycled to stage 2 of the column as it gives
higher conversion of acetic acid and yield of n-butyl acetate at the bottom.

The influences of key design variables on the performance of the reactive
distillation were investigated. The results indicate that the optimal design of the
column consists of 5 rectifying, 11 reaction, and 7 stripping stages. Under this column
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specification, more energy is required when the concentration of acetic acid in the

feed becomes lower.

Considering the total energy consumption of n-butyl acetate synthesis from n-
butanol and 35 wt% acetic acid in various reactive distillation systems, the process
with the pretreatment unit for concentrating dilute acetic acid to 65 wt% by
pervaporation requires lowest total energy consumption followed by the single
reactive distillation system and the process with the distillation pretreatment unit,

respectively.

6.1.2 Industrial scale study: determination of optimum system

An optimum configuration of the reactive distillation system was determined
by considering the total annual cost of the system. Preliminary studies were carried
out to determine optimum reactive distillation columns, which offer minimum total
annual costs, for three cases of different acetic acid feed concentrations (35, 65 and
100 wt%). The total annual cost of the case with 35 wt% of acetic acid is significantly
higher than those of the cases with 65 and 100 wt% which show almost in the same
value. The suitable system configuration for production of n-butyl acetate by
esterification of n-butanol and dilute acetic acid (35 wt%) was investigated by
calculating the total annual costs of different reactive distillation systems; i.e. the
single-column reactive distillation, distillation-reactive distillation hybrid system and
pervaporation-reactive  distillation _hybrid system. The _single-column reactive
distillation is the best configuration as it offers the lowest total annual cost. However,
the pervaporation-reactive distillation hybrid system becomes the most attractive

when considering only the total energy requirement.
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6.2 Recommendations

From simulations of n-butyl acetate production in this work, it was
recommended that some operating parameters such as operating pressure, feed stage
location, type of catalyst and kind of membrane should be further taken into account
in the studies as these parameters should influence the reactive distillation
performance and total annual cost. In addition, because the dilute acetic acid may be
present in different concentration ranges other than 35 wt%, more detailed analysis
should be carried out. Other system configuration should also be investigated, for
example, a reactive distillation with a pervaporation unit for recovering valuable

chemicals present in the distillate back to the column.
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APPENDIX A

UNIFAC METHOD

The basic idea of the UNIFAC (Universal Quasi-Chemical Functional-Group
Activity Coefficient) method is that the behavior of a solution is expressible not by
the interactions between molecules but by interaction between their functional groups.
In other words, the solution is considered to be a mixture of functional group, not of
molecules. Nevertheless, it should be understood that all group contribution methods
are necessarily approximate because any group within a molecule is not completely
independent of the other groups within that molecule. The UNIFAC for estimation of
activity coefficient depends on the concept that a liquid mixture may be considered as
a solution of the structural units from which the molecules are formed rather than a
solution of the molecules themselves. These structural units are called subgroups, and
some of them are listed in the second column of Table A.1. A number, designated k,
identifies each subgroup. The relative volume Ry and relative surface area Qg are
properties of the subgroups, and values are listed in column 4 and 5 of Table A.1.
When it is possible to construct a molecule from more than one set of subgroups, the
set containing the least member of different subgroups is the correct set.

The advantages of the UNIFAC method are as follows;
1. Theory is based on UNIQUAC method.
2. Parameters are essentially independent of temperature.
3. Size and binary interaction parameters are available for wide range of types
of functional groups.
4. Prediction can be made over a temperature range of 275 to 425 K and for
pressure up to a few atmospheres.
5. Extensive comparisons with experimental data are available.
Activity coefficients depend not only on the subgroup properties Rx and Qy, but
also on interactions between subgroups. Here, similar subgroups are assigned to a
main group, as shown in the first two columns of Table A.1. The designations of
main groups, such as “CH,”, “ACH?”, etc., are descriptive only. All subgroups



73
belonging to the same main group are considered identical with respect to group

interactions. Therefore parameters characterizing group interactions are identified
with pairs of main groups. Parameter value an for a few such pairs are given in Table
A.2.

The UNIFAC method is based on the UNIQUAC equation which treats
g =G® /RT as comprising of two additive parts, a combinatorial term g° to account
for molecular size and shape differences, and a residual term g® to account for

molecular interactions:

g=g°+g" (A1)

Function g© contains pure-species parameters only, whereas function g~

incorporates two binary parameters for each pair of molecules. For a multi-

component system,
o° =3x Inf 53 g% (A-2)
Xi ¢i
and
9" =-XqxIn(Z0,z;) (A-3)
where
¢ =0 (A-4)
X. I
Ji)=i
and
g = 9 (A-5)
qui i

Subscript i identifies species, and j is a dummy index; all summations are over

all species. Note thatz; = z;; ; however, when i=], thenz; =7, =1. In these

equations r; (a relative molecular volume) and g; (a relative molecular surface area) are
pure-species parameters. The influence of temperature on g enters through the

interaction parameters z ; of Eq. (A-3), which are temperature dependent:
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T.= exp—_ (A-6)

Parameters for the UNIQUAC equation are therefore values of (u; —uj).

An expression for Iny, is applied to the UNIQUAC equation for g [Egs. (A-1)

to (A-3)]. The result is given by the following equations:

Ny, =Iny°+Inyf (A-7)
) NN
Iny,° =1-J.+InJ, —50,(1- == +In=L) (A-8)
L.
and
In7* =g (- Ins, - X6, & (A-9)
S

]

where in addition to Egs. (A-5) and (A-6)

r

J=—S A-10

= (A-10)
o

L=—% s A-11

S (A1)

S =207 (A-12)

Again subscript i identifies species, and j and | are dummy indices. All
summations are over all species, and z; =1 for i=j. Values for the parameters (uj; - uj;)

are found by regression of binary VLE data.

When applied to a solution of groups, the activity coefficients are calculated by:

Iny, =InyS +Inyf (A-13)



when
J

InyS =1-J,+InJ, —5qi(1—fi+ln

and

Iny? =gl (6, P —e, In Py
S S,

k

The quantities J; and L; are given by:

J. -
X,
L ALY
X;d;
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J, ]
™ (A-19)
(A-15)
(A-16)
(A-17)

In addition, the following definition of parameters in Egs. (A-14) and (A-15)

apply:
=R,
g = VIEi)Qk
g
B = €niTux
0, = Xi Q€
X;4;
Sk = emrmk

_a'm
Tk = eXp(Tk)

(A-18)

(A-19)

(A-20)

(A-21)

(A-22)

(A-23)

(A-24)
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Subscript i identified species, and j is a dummy index running over all

species. Subscript k identifies subgroups, and m is a dummy index running over all
subgroups. The quantity v " is the number of subgroups of type k in a molecule of
species i. Values of the subgroup parameters R¢ and Qx and of the group interaction

parameters, anx come from tabulation in the literature. Tables A.1 and A.2 show
parameter values.



TABLE A.1: UNIFAC-VLE subgroup parametersT

Main group Subgroup Group name Rk Qk
1 1 CH3 0.9011 0.848
1 2 CH, 0.6744 0.540
1 3 CH 0.4469 0.228
1 4 C 0.2195 0.000
2 5 CH,=CH 1.3454 1.176
2 6 CH=CH 1.1167 0.867
2 7 CH,=C 1.1173 0.988
2 8 CH=C 0.8886 0.676
2 9 C=C 0.6605 0.485
3 10 ACH 0.5313 0.400
3 11 AC 0.3652 0.120
4 12 ACCHj; 1.2663 0.968
4 13 ACCH, 1.0396 0.660
4 14 ACCH 0.8121 0.348
5 15 OH 1.0000 1.200
6 16 CH;0H 1.4311 1.432
7 17 H20 0.9200 1.400
8 18 ACOH 0.8952 0.680
9 19 CH5CO 1.6724 1.488
9 20 CH,CO 1.4457 1.180
10 21 CHO 0.9980 0.948
11 22 CH5COO 1.9031 1.728
11 23 CH,COO 1.6764 1.420
12 24 HCOO 1.2420 1.188
13 25 CH30 1.1450 1.088
13 26 CH,O 0.9183 0.780
13 27 CH-O 0.6908 0.468
13 28 FCH,0O 0.9183 1.100
14 29 CH3NH; 1.5959 1.544
14 30 CH,NH, 1.3692 1.236
14 31 CHNH, 1.1417 0.924
15 32 CH3NH 1.4337 1.244
15 33 CH;NH 1.2070 0.936
15 34 CHNH 0.9795 0.624
16 35 CH3N 1.1865 0.940
16 36 CH:N 0.9597 0.632
17 37 ACNH, 1.0600 0.816
18 38 CsHsN 2.9993 2113
18 39 CsH;N 2.8332 1.833
18 40 CsH3N 2.6670 1.553
19 41 CHiCN 1.8701 1.724
19 42 CH,CN 1.6434 1.416
20 43 COOH 1.3013 1.224
20 44 HCOOH 1.5280 1.532
21 45 CH.CI 1.4654 1.264
21 46 CHCI 1.2380 0.952
21 47 CCl 1.0060 0.724

77
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TABLE A.2: UNIFAC-VLE Group Interaction Parameters, am, in kelvins'
Amk k 1 2 3 4 5 6 7 8 9 10 i 12 13 14 15 16 17 18 19 20
m Name CH, C=C ACH ACCH, OH CHOH H,0 ACOH CH,CO CHO CCOO HCOO CH,0 CNH, CNH, (C);N ACNH, PYRIDINE CCN COOH
1 CH; 0 86.02 61.13 76.5 986.5 697.2 1318 1333 476.4 677 232.1 741.4 251.5 391.5 225.7 206.6 920.7 287.7 597 663.5
2 c=C -35.36 0 38.81 74.15 524.1 787.6 270.6 526.1 182.6 448.8 37.85 449.1 2145 240.9 163.9 61.11 749.3 0 336.9 318.9
3 ACH -11.12 3.446 0 167 636.1 637.3 903.8 1329 25.77 347.3 5.994 -92.55 32.14 161.7 122.8 90.49 648.2 -4.449 2125 537.4
4 ACCH, -69.7 -113.6  -146.8 0 803.2 603.2 5695 884.9 -52.1 586.6 5688 115.2 2131 0 -49.29 235 664.2 52.8 6096 603.8
5 OH 156.4 457 89.6 25.82 0 -137.1 353.5 -269.7 84 441.8 101.1 193.1 28.06 83.02 42.7 -323 -52.39 170 6.712 199
6 CH;0H 16.51 -12.52 -50 -44.5 249.1 0 -181 -101.7 23.39 306.4 -10.72 193.4 -128.6 359.3 266 53.9 489.7 580.5 36.23 -289.5
7 H,O 300 496.1 362.3 377.6 -229.1 289.6 0 324.5 -1954 -257.3 72.87 0 540.5 48.89 168 304 -52.29 459 112.6 -14.09
8 ACOH 275.8 2175 25.34 2442 -451.6 -265.2 -601.8 0 -356.1 0 -449.4 0 0 0 0 0 119.9 -305.5 0 0
9 CH,CO 26.76 42.92 140.1 365.8 164.5 108.7 4725 -133.1 0 -37.36 -213.7 -38.47 -103.6 0 0 -169 6201 165.1 481.7 669.4
10 CHO 505.7 56.3 23.39 106 -404.8  -340.2 232.7 0 128 0 -110.3 11.31 304.1 0 0 0 0 0 0 0
11 CCOO 114.8 1321 85.84 -170 2454 249.6 200.8 -36.72 372.2 185.1 0 372.9 -235.7 0 -735 0 4755 0 494.6 660.2
12 HCOO 90.49 -62.55 1967 2347 191.2 155.7 0 0 70.42 35.35 -261.1 0 0 0 0 0 0 0 0 -356.3
13 CH,0 83.36 26.51 52.13 65.69 237.7 238.4 -314.7 0 191.1 -7.838 461.3 0 0 0 141.7 0 0 0 -18.51 664.6
14 CNH, -30.48 1.163 -44.85 0 -164 -481.7 -330.4 0 0 0 0 0 0 0 63.72 -41.11 -200.7 0 0 0
15 CNH, 65.33 -28.7 -22.31 223 -150 -500.4 -448.2 0 0 0 136 0 -49.3 108.8 0 -189.2 0 0 0 0
16 (C):N -83.98 -25.38  -223.9 109.9 28.6 -406.8 = -598.8 0 2253 0 0 0 0 38.89 865.9 0 0 0 0 0
17 ACNH; 1139 2000 2475 762.8 -17.4 -118.1 = -367.8  -253.1  -450.3 0 -294.8 0 0 -15.07 0 0 0 0 -281.6 0
18 PYRIDINE -1016 0 31.87 49.8 -132.3  -3782 -3329 -3416  -51.54 0 0 0 0 0 0 0 0 0 -169.7  -153.7
19 CCN 24.82 -40.62  -2297 -1384  -1854 157.8 242.8 0 -287.5 0 -266.6 0 38.81 0 0 0 777.4 134.3 0 0
20 COOH 315.3 1264 62.32 268.2 -151 1020 -66.17 0 -297.8 0 -256.3 3125 -338.5 0 0 0 0 -313.5 0 0
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Subgroup classification for n-butyl acetate synthesis system

To calculation activity coefficient of each component in n-butyl acetate
esterification from liquid phase of n-butanol and acetic acid as shown in Eq.(2-1), the

subgroups of the relevant species are as follows.

Acetic acid (CH3COOH) : 1CHs;, 1 COOH
n-Butanol (C,H;OH) : 1CHs;, 3CH,, 1 OH
n-Butyl acetate (CH3COOC,Hoy) : 1CHjs, 3 CH>, 1 CH;COO
Water (H20) . 1H,0

The parameters used in the UNIFAC calculation for this system are summarized
in Table A.3 and Table A.4.

Table A.3 UNIFAC-VLE subgroup parameters (for n-butyl acetate esterification system)'

Group Main Group Subgroup (k) Rk Qk
CH; 1 1 0.9011 0.848
CH, 1 2 0.6744 0.540
OH 5 15 1.0000 1.200
H,O 7 17 0.9200 1.400

CH;COO 11 22 1.9031 1.728

COOH 20 43 1.3013 1.224
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Table A.4 UNIFAC-VLE interaction parameters, am, in Kelvins (for n-butyl

acetate esterification system)’

a
Main e
Group CH; CH, OH H,O CH;COO | COOH
Group
1 1 5 7 11 20
CH; 1 0 0 986.5 1318 232.1 663.5
CH, 1 0 0 986.5 1318 232.1 663.5
OH 5 156.4 156.4 0 353.5 101.1 199
H,O 7 300 300 -229.1 0 72.84 -14.09
CH;COO 11 114.8 114.8 245.4 200.8 0 660.2
COOH 20 3153 3153 -151 -66.17 -2563 0

T Adapted from xLUNIFAC Version 1.0




APPENDIX B

MODIFIED KINETIC PARAMETERS OF
N-BUTYL ACETATE ESTERIFICATION

The reactive distillation unit is simulated via Aspen Plus program in
RADFRAC module. The program requires reaction rate constants based on mole
fraction or concentration for simulations. The kinetic rate constants of n-butyl acetate
synthesis from n-butanol and acetic acid catalyzed by Amberlyst 15 catalyst is based

on activity as given in Table B.1 (Steinigeweg and Gmehling, 2002).

HOAc + n-BuOH (H—+) n-BuAc + HZO (B-l)
1 1dn
'Z M VTE i< kl HoAc3n-BuoH — k-lan-BuAcaHzo (B'2)
—E..
k =klexpl —A B-3

Table B.1 Kinetic parameters for the Pseudohomogeneous kinetic model based on

activity (Steinigeweg and Gmehling, 2002).

reaction i kK% (mol g™ s™) Ea i (kd mol™)
esterification 1 6.1084 x 10* 56.67
hydrolysis -1 9.8420 x 10* 67.66

When kinetic parameters are substituted in Eq. (B-3), we can calculate the

kinetic rate constant based on activity of esterification and hydrolysis at various

temperatures shown in Table B.2.
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Table B.2 Kinetic rate constants based on activity at various temperatures.

T (K) ki a (Mol gt s™) k1 a(molgts™
333 7.80 x 10” 2.37x 10°
343 1.42 x 10™ 483x10°
353 2.49x 10" 9.46 x 107
363 424 x 10" 1.79 x 10

Therefore, the kinetic rate constants based on activity are converted to mole
fraction forms by multiplying with average activity coefficients which are estimated
from the UNICFAC method (see Appendix A for details).

Then, we calculated average activity coefficients of all components in the
system at various temperatures. Table B.3 shows the average activity coefficients that

are calculated by using MATLAB.

Table B.3 Activity coefficients calculated by MATLAB.

TK) Activity Coefficient (average)
HOACc n-BuOH n-BuAc H,O
333 0.8044 1.1830 1.7454 2.8346
343 0.8201 1.1792 1.7300 2.8101
353 0.8342 1.1752 1.7150 2.7873
363 0.8469 1.1711 1.7002 2.7660
Since a, = 7% (B-4)

Substituting the activity of each component (a;), as shown in Eq. (B-4), in Eq.
(B-2) allows the kinetic rate constants based on activity to be converted to the mole
fraction forms as given in Eq. (B-5).

r=k, (7H0AcXH0Ac X7n-Bu0H Xp-BuoH )_ K i (7n-BuAan-BuAc )(7/H20 Xh,0 )
= (kla}/HOAcyn—BuOH )(XHOAan—BuOH )_ (k—1a7n-BuAc7Hzo Xxn-BuAcXHZO ) (B-5)

= klxXHOAan—BuOH - k—la X-BuacXH,0
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where K, =K. 710ac/ n-BuoH

Koy = k—1a7n-BuAc7H20

Then, the new values of the modified kinetic rate constant based on mole

fraction are calculated at several temperatures as follows.

At T =333 K,

Kix = Kia7 voac n-suok

= (7.80 x10* )(0.8044)1.1830)
=7.42x10°

ki = k—1a7/n-BuAc7Hzo

= (2.37 x10°°)1.7454)(2.8346)
=1.17x107°

In the same way, we calculate the new values of the modified kinetic rate

constants at other temperatures:

AtT=343K ki =137x10* kqy=2.35x10"
AtT=353K ki, =244x10% ki =452x10°
AtT=363K ky=420x10* ky =8.40x107

Next, we use Arrenius plot to find kinetic rate constant expression and

activation energy by In kyversus 1/T.
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Figure B.1 Arrenius plot rate constant and activation energy of esterification (ki) and
hydrolysis (K.1y).

From Fig. B.1, we obtain the Kinetic rate constant expressions of the forward

and the backward reactions as follows:

Ink,, 11470 03563

ke =exp(11.472_%]

7937.7

Ik, =12:482 —

K. = exp(12.482 - 79377)

Table B.4 Kinetic parameters for the kinetic model based on mole fraction.

Reaction i K% (mol g™ s™) Ea i (kJ mol™)
esterification 1 9.5990 x 10* 58.06
hydrolysis -1 2.6355 x 10° 65.96




APPENDIX C

MODELLING OF PERVAPORATION

Fig. C.1 shows a conventional pervaporation unit. A feed liquid mixture
contacts one side of a membrane; the permeate is removed as a vapor from the other
side. A vacuum pump is used to draw a vacuum on the permeate side of the system.
The pervaporation unit can be modeled by performing material and energy balances
around the system. Additional data such as heat capacity and heat of vaporization of

each component are required for the energy balance caluculations.

Fr, Tr

v

Fe, Tr Qp, Tp

v

Figure C.1 Schematic diagram of membrane pervaporation.

Assumption system is isothermal (Tg = Tr = Tp).

Mass balance

=1
S
c
=1
Il
o
5
B
S
c
=1

Fe) = | Fri+Qp; (C-1)

Since Qp; = APX; (C-2)

SO, Fei =Fgi + ARX; (C-3)
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where Fg; = molar flow rate of species i in the side stream (mol/s)
Fri = molar flow rate of species i in the retentate stream (mol/s)
Qri = molar flow rate of species i in the permeate stream (mol/s)
A = membrane area (m?)
Pi = permeability coefficient of species i (mol/m?.s)
Xi = mole fraction of species i (-)

Calculation of permeability value

We used data of permeation coefficients of component i through a membrane
from the literature (Liu, 2001) for calculation of permeation flux of component i. The
data was based on the study of the pervaporation system of water—acetic acid mixtures
through the crosslinked polyvinyl alcohol (PVA) membranes. The permeation flux
expressions of water and acetic acid are developed as given in Egs. (C-4) and (C-5).

‘]HZO 5 PHZOCHZO (C-4)
Jioac = ProacCrioac +M (C-5)
where J; = permeation flux of component i (mol/m?.h)
Pi = permeability coefficient of species i (I/m2.h)
Ci = concentration of component I (mal/l)

Table C.1 Parameters for Egs. (C-4) and (C-5) at different temperatures

T(K) Przo (Im? h™) Proac ImZh7Y) m
363 42 0.054 1.83
353 3.87 0.053 1.70
343 3.52 0.053 157
333 3.50 0.052 152




From permeation rate; Qpi = AR X
: _ Qp,
so,  permeation flux; A P.x
permeability; E\3 Q&
AX
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(C-2)

(C-6)

(C-7)

The compositions of dilute acetic acid of 35 wt% (36.711 mol of water per

liter) are corresponding to the mole fractions of acetic acid and water of 0.139 and

0.861, respectively.

Then, the permeability of components i in the system is calculated at various

temperatures as following.

ALT = 363 K,
po
AX;
154.186 [mf')
P m<h
"0 0.861
_4974x102 M9
m-s
3.812 (mf'j
P _ m°h
HOAc 0.139
mol

=7.619x10° >
m-s
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In the same way, we calculated permeability of water and acetic acid based on

polyvinyl alcohol membrane at the other temperatures whose results are summarized
in Table C.2.

Table C.2 The permeability of water and acetic acid based on polyvinyl alcohol

membrane at various temperature.

T (K) P20 (mol/m? s) Proac (Mol/m?s)
363 4.974 x 10° 7.619x 107
353 4584 x 10 7.286 x 107
343 4,169 x 10™ 7.026 x 10™
333 4.145 x 107 6.852 x 10™

Next, we use Arrhenius plot to find permeability of water and acetic acid

based through polyvinyl alcohol membrane by plotting In Q; versus 1/T.

O T T T T T T
0.0p27 0.00275 0.0028 0.00285 0.0029 0.00295 0.003 0.00305
_1 i
-2 i
y = -770.02x - 0.8961 +—Water
o 4 A ) R? = 0.8995 —=—HOAc
£ = v - ——Linear (Water)
-4 y = -426.69x - 3.7077 ——Linear (HOAc)
R? = 0.9777
-5 — —— — —
-6

UT (K-1)

Figure C.2 Arrhenius plot permeability in pervaporation unit based on polyvinyl
alcohol membrane.
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From Fig. C.1, the permeability of water and acetic acid are rearranged as
Arrhenius equation by following;

Pio= exp(— 0.896 — 77_?_'02j

Poas exp(— 3.708 — 42_?'69j

Energy balance

Input

He, +Q

output

HR,i % HP,i (C'G)

T T To T
Feul ColT +Q = F, [fcdT +pri(jTF C,dT +H Vzp,i) (C-7)

Since T[: = TR :Tp

SO Q B QP,i H Tvap,i (C'8)

The enthalpy of vaporization (HTvap) can calculate from Watson equation
shown in Eq. (C-9), which is'a function of temperature.

T \n
H Tvap = A(l—T—)

c

(C-9)

Table C.2 Parameters for enthalpy of vaporization calculation

Component A Tc n
HOAc 11.575 592.71 -0.65
H.O 52.053 647.13 0.321
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Moreover, output stream of the pervaporation system in the permeate side is in

vapor phase. If a vacuum pump is equipped at the permeate side, it can help improve
the separation due to the increased driving force. We kept the values of the pressure in
the suction and the discharge stream at 1 and 0.01 atm, respectively. The energy

consumption in the part of vacuum pump is calculated as work form in Eg. (C-10).

W =nRT In[ij (C-10)

2



APPENDIX D

FORTRAN USER MODEL

Aspen Plus program includes various conventional unit operations which can
be combined to any flow scheme. However, pervaporation is not included in the
standard version, but Aspen plus allows a user to define a Fortran user-subroutine in
the program. Therefore, the implementation of any additional unit operation is
possible. This section describes the procedure to write and compile Fortran user

model, and to specify the location of the Fortran user models during Aspen Plus runs.

1. Program requirement

There are two essential programs to be installed, as shown below, in computer
before writing and compiling the Fortran user models.
e Aspen Plus 10.2 or higher

e Fortran language program (eg., Compag Visual Fortran 6.6)

An Aspen Plus Fortran user model generally consists of one or more
subroutines written to extend the capabilities of Aspen Plus. There are six kinds of
Fortran user models for use in Aspen Plus:

e User unit operation models

e User physical property models for -the calculation of various major,

subordinate and intermediate physical properties

o User models for sizing-and costing

e User models for special stream properties

e User stream reports

e User models for performing various types of calculations within Aspen

Plus unit operation models
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2. Writing Fortran user models

User models written in Fortran should follow these rules:

e Filename: Files may be given any name, but should end with a “.f” file
extension.

e Subroutine Names: The name of all Fortran user model should contain no
more than six characters.

e Double Precision: All real variables must be declared as double precision
(REAL*8).

e Units: All variables in the argument list are in Sl units, unless the variable

description states otherwise.
3. Compiling Fortran user models
All Fortran user models must be compiled before beginning an Aspen Plus

run. In order to insure consistent compiler options, use the “aspcomp” command for

compiling:

Version Command’

Windows aspcomp *.f [dbg]

T dbg is optional. Use it if you plan to debug these routines.

4. Supplying Fortran user models to Aspen Plus

The simplest method of supplying Fortran user models to Aspen Plus is by
putting the user model’s object module files (the results of the “aspcomp” command)
in the run directory that a project file is saved. By default, whenever Aspen Plus
spawns a subprocess to link a run-specific Fortran user model, it includes all object

module files from the run directory.
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5. User unit operation model

The unit operation models User allow a user to interface his own unit
operation model with Aspen Plus by supplying a subroutine and entering its name in
the Model or Report field on the User Input Specifications sheet.

Calling Sequence for User

SUBROUTINE subrnamet (NSIN, NINFI,  SINI, SINZ, SINS,
SIN4, SINFI, NSOUT, NINFO, SOUT],
SOUT?2, SOUT3, SOUT4, SINFO, NSUBS,

IDXSUB, ITYPE, NINT, INT, NREAL,
REAL, IDS, NPO, NBOPST, NIWORK,
IWORK, NWORK, WORK, NSIZE, SIZE,
INTSIZ, LD)

Argument List Description for User

Variable 1/0t  Type Dimension  Description

NSIN I INTEGER - Number of inlet streams (both
material and information)

NINFI I INTEGER - Number of inlet information
streams

SIN1 /0 REAL*8 (1) First inlet material stream

SIN2 /0 REAL*8 (1) Second inlet material stream

SIN3 /0 REAL*8 (1) Third inlet material stream

SIN4 /0O  REAL*8 (1) Fourth inlet material stream

SINFI 1/0 REAL*8 - Inlet information stream

NSOUT I INTEGER - Number of outlet streams (both
material and information)

NINFO I INTEGER - Number of outlet information
streams

SOUT1 @) REAL*8 = (1) First outlet material stream

SOUT?2 @) REAL*8 (1) Second outlet material stream

SOUT3 @) REAL*8 (1) Third outlet material stream

SOuUT4 O REAL*8 (1) Fourth outlet material stream

SINFO @) REAL*8 - Outlet information stream

NSUBS I INTEGER - Number of substreams in material
streams

IDXSUB I INTEGER NSUBS Location of substreams in stream
vector

ITYPE I INTEGER NSUBS Substream type vector (1-MIXED,

2-CISOLID, 3-NC)
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Variable 1/0t  Type Dimension Description
NINT I INTEGER - Number of integer parameters
INT 1/0 INTEGER NINT Vector of integer parameters
NREAL I INTEGER - Number of real parameters
REAL 1/0 REAL*8 NREAL Vector of real parameters
IDS | INTEGER 2,13 Block IDs:
(*,1) - Block ID
(*,2) - User model subroutine name
(*,3) - User report subroutine name
(*,4) to (*,8) - inlet stream IDs
(*,9) to (*,13) - outlet stream IDs
NPO I INTEGER - Number of property option sets
(always 2)
NBOPST I INTEGER 6, NPO Property option set array
NIWORK | INTEGER - Length of integer work vector
IWORK W INTEGER NIWORK Integer work vector
NWORK | INTEGER - Length of real work vector
WORK W REAL*8 NWORK Real work vector
NSIZE I INTEGER - Length of size results vector
SIZE @) REAL*8  NSIZE Real sizing results
INTSIZ 0] INTEGER NSIZE Integer size parameters
LD I INTEGER - Plex location of the material

stream class descriptor bead




APPENDIX E

SIZING OF EQUIPMENT AND CALCULATION
OF COST

Table E.1 Sizing of equipment and catalyst weight calculation

Parameter Remarks Equations
Areb [M°] reboiler heat-transfer area Arey = Qe
U RebATReb
Acond [M?] condenser heat-transfer area Ay = _ Qe
U Cond ATCond
H [m] column hight H = (tray spacing)(N ,, )
7Z'D 2
Meat [kg] CataIySt Welght mcat = 4C (0'9)(hweir)(0'5)(pcat)

Table E.2 Notation and parameter values for sizing of equipment and cost calculation
(hung, 2006).

Parameter Value Remarks

Cuws [$] 1,108:1 Marshall and Swift index (as of 2000)

Ugreb [W/m?.K] 788.45 overall heat-transfer coefficient of reboiler
ATreb [K] 25 temperature driving force of reboiler

Ucond [W/m?.K] 473.07 overall heat-transfer coefficient of condenser
ATcond [K] calculated log-mean temperature driving force of

condenser (temperature of process stream
cooling water inlet and outlet temperature of 32
and 49 °C, respectively)

peat [kg/m®] 770 catalyst density for Amberlyst 15

Nweir [M] 0.1 weir height for tray
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Capital and operating costs can be calculated by following the previous work
by Douglas (1988), Fahmy (2002) and Hung (2006). Details are as follows:

Capital cost

Column cost

Cost, $ = (%lel.gD“’%H °%2(2 18+ F, F, ); Fm=3.67, F,=1.00

Tray cost

Cost,$ = (%}4.7 D'*H(F, +F, +F,); Fs=1.00, F;=0.00, F, =170

where D = diameter of the column (ft)
H = high of the column (ft)

Heat-exchanger cost

Cost, $ = [%}101.3&65 (2.29+(F, +F,)F,); Fa= 1350 for reboiler

Fq = 1.000 for condenser, F, = 0.000, Fr, = 3.750
where A = heat transfer area (ft?)

Membrane material and membrane modules cost

Membrane material; Cost, € =80A,5

Membrane modules; Cost, € =250A,,,

where Ayg = membrane area (m?)



Vacuum pump cost
Cost, € = 203V°®

where V = volumetric flow rate in suction side (m*/h)

Operating cost

Steam cost
Cost, $ly = $C._| Qe 10 8150E
1,000Ib X AH, h y

where C; = cost of steam ($/1,000 Ib steam)

Cooling cost
Cost, $ly = | —>Cu ( 4 g—a') Qs I g7 50 T
1,000gal A 8.34 Ib 30 h y

where C,, = cost of cooling water ($/1,000 gal cooling water)

Catalyst cost

Cost, $fy = (m,, [kg])(?.7162kiJ(4) for a catalyst life of 3 months
g

Electricity cost

Cost, $ = 0.04
kW -h
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Example of calculations

1. Reactive distillation equipped with decanter system for using acetic acid 35

wt% (50 kmol/h acetic acid feed)

(6,460,100 W)
Arer =
( : vsz j(25 K)

=327.732m* = 3,527.670 ft*

(5,870,134 W)

ACond = [ W

= 299.849 m? = 3,223.364 ft?
2KJ(44.849 K)

H = (tray spacing)(N,, ) = (2 ft}9) =18t

tray

2 2
m, = ”(2#1”‘) (0.9)0.1m)0. 5)(770 kg j
=1,368.438 kg
Capital cost
Column cost;

Cost = (112(;% 1j(101 0)(8.796%% J18°%2)2.18 +3.67) = $284,838

Tray cost;
Cost, $ = [112(;% 1) (4.7)(8.796"% J18)(1+ 0 +1.7) = $26,288



Heat-exchanger cost;

Cost, $ = (1;?3% 1) (101.3)(3,527.67°% )2.29 + (1.35+ 0)(3.75)) = $596,119

For reboiler

Cost, $ = [1;(;% 1) (101.3)(3,223.364°%° | 2.29 + (1.000 + 0)(3.75)) = $461,815

For condenser

Operating cost

Steam cost;

22.042.424 BY

806.617 DU
Ib

Cost, $ly :[ $3.72 j

815011 | - $/y828,500
1,000 b y

Cooling cost;

Cost, $ly = [—2:92 ( 2 g—a'j(w 'bj 8150 | — $/y19,573
1,000gal A\ 8.34 Ib 30 hr y

Catalyst cost;

Cost, $/y = (1,368.438 [kg])(?.?lez %)(4) =$ly42,237
g

So

capital cost
pay - back period
1,369,060

TAC = operating cost +

=890,310+
=$/y1,346,663
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2. Pretreatment dilute acetic acid 35 to 65 wt%o by distillation followed by
reactive distillation

Distillation system

A, =— e (5'002’\5)\/85 W) _ 257319 m? 2,760,750
U rep ATres ( X }(25 K)
m’K
Aoyy =— Qe - (ATI20W) 17 545 12 —1 878,756 11
ond W
U cona A Teon ( / j(54.22 K)
m*K

= (tray spacing)(N,,, ) = (2 ft)12) = 24 ft

tray

Capital cost

Column cost;

Cost = (112(;5(‘) 1)(101 9)(5.115%% |24°%2 {2.18 + 3.67) = $201,309

Tray cost;
Cost, $ = [112(;?) 1) (4.7)(5.115"% 24)1+ 0 +1.7) = $15,130

Heat-exchanger cost;

Cost, $ = (112%?) 1) (101.3)(2,769.759°% [ 2.29 -+ (1.35 + 0)(3.75)) = $509,393

For reboiler

Cost, $ = (12(;% 1) (101.3)(1,878.756° [ 2.29 + (1.000 + 0)(3.75)) = $32,5150

For condenser



Operating cost

Steam cost;
$3.72 17,067,814% h
Cost, $ly = [ : Ib) Bl [8,150—} = $/y509,393
100016} gog 617 21 y
Ib
Cooling cost;
Cost, $/y = s ( - g_alj[wmj 8,150m = $/y325,150
1,000 gal \ 8.34 Ib 30 hr y
Reactive distillation system
Asy, = (2’565'\;1\/10 W) =130.150 m* =1,400.917 ft*
(788.45 . j(25 K)
m°K
ACond = (2'5?/?/’055 W) =119.264 m2 =1283.744 ftz
[473.07 b ](45.339 K)
m°K

H = (tray spacing)(N,,,) = (2 ft)17)=34ft

cal

2 2
M =—”(1'64j m )(0.9)(0.1m)(0.5)(770%]

= 587.421Kg

101
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Capital cost

Column cost;

Cost = (112%% 1j(101 9)(5.390"% (34°% | 2.18 + 3.67) = $281,480

Tray cost;
Cost, $ = (112?3% 1) (4.7)(5.390*% (34 )1+ 0 +1.7) = $23,248

Heat-exchanger cost;

Cost, $ = [112%% 1j(101 8)(1400.917°% (2.29 + (1.35 + 0)(3.75)) = $327,064

For reboiler

Cost, $ = (112?3% 1j(101 3)(1,283.774°% (2.29+ (1.000 + 0)3.75)) = $253,851

For condenser

Operating cost

Steam cost;
$3.72 8,753, 538@ h
Cost, $ly = ( ' j Biu [8150—) = $/y329,016
100010} gog 617 =M y
Ib
Cooling cost;

Cost, $fy =| 2203 ( ! g—a'j(w'bJ 8150 | - $1y8,530
1,000gal \834 Ib | 30 h y
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Catalyst cost;

Cost, $/y = (587.421[kg])(7.7162 k%j@) =$/y18,131

SO

capital cost
pay - back period
1,050,980 + 885,643)
3

TAC = operating cost +

= (656,450 + 355,676) + (

=$/y1,657,667
3. Pretreatment dilute acetic acid 35 to 65 wt% by pervaporation followed by
reactive distillation
Pervaporation system

_ Q _ (324,272+2,652,084 W)
UAT (788.45 VZV
m-K

= 28.875m?* = 310.808 ft’

)(131.393 K)

Capital cost

Heat-exchanger cost;

Cost, $ = (%)(101.3)(310.8080-65 )2.29 +(1.35 +0)(3.75)) = $91,566

Membrane material and membrane modules cost;

Membrane material; Cost, € =80A,,; = 80(1720) = €137,600 = $178,756
Membrane modules; Cost, € =250A,,; = 250(1720) = €430,000 = $558,611
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Vacuum pump cost;
Cost, € = 203V°® = 203(4.502°%) = $879

Operating cost

Steam cost;
$3.72 10,155,745@ h
Cost, $ly = ( ' I j Bi (8,150—] =$/y381,720
10008 806.617- y

Electricity cost;

Cost, § = | 04| (004 (864.305 kW (8150 h) = $281,764
kWi-h ) (kwW-h

Reactive distillation system

(2,407,981W)

AReb =
(788.45 VZV j(25 K)
m°K

=122.163 m? =1,314.948 ft>

(2,316,184 W)

ACond =
[473.07 V2V
m-K

=110.500 m* =1,189.407 ft?

J(44.308 K)
H = (tray spacing)(N,,, ) = (2ft)17) =34 ft

2 2
= ”(1'#0”1)(0.9)(0.1 m)(0.5)(77o k—%J
m
—550.135 kg
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Capital cost

Column cost;

Cost = (11222 1j(101 9)(5.2171%¢ |34°%2 2,18 + 3.67) = $27,181

Tray cost;

Cost, $ = (1122?) 1) (4.7)(5.217% (34)1+ 0+1.7) = $22,096

Heat-exchanger cost;

Cost, $ = (112?3% 1) (101.3)(1,314.948°% (2.29 + (1.35 + 0)(3.75)) = $313,874

For reboiler

Cost, $ = (1122:) 1) (101.3)(1,189°% }2.29 + (1.000 + 0)(3.75)) = $241,564

For condenser

Operating cost

Steam cost;
$3.72 8,216, 368% h
Cost, $ly = [ ' j Bl (8150—} = $/y308,825
1.0001b )} ggg 617 5W y
Ib
Cooling cost;

Cost, $fy =| 203 ( ! g—a'j[—7 903143 'bj 8150 | = $/y7,723
1,000gal )\ 8.34 Ib 30 h y



Catalyst cost;

Cost, $/y = (550.135 [kg])[7.7162 %j@) =$/y16,980

SO

capital cost
pay - back period
829,811 + 849,346)
3

TAC = operating cost +

— (663,484 + 333,528 + (

= $/y1,556,663
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