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The design plantwide control structures for a highly heat integrated plant is quite
difficult task since the highly heai integrated plant has a few utility unit (i.e. heater and

cooler) to absorb thermal disturbance load. This problem can be solved by adding
auxiliary utility unit. However, more auxiliary utility unit will be increase capital
operating and maintenance costs. In this research. we propose the strategy to design the
workable highly heat integrated plant like alternatives 5 and 6 of hydrodealkylation of
toluene (HDA) process with minimum auxiliary utility unit. It starts with specifying the
disturbances and their magnitudes, next designing the worst case condition, and then
designing the heat pathway. Finally, the minimum auxiliary utility units are evaluated. We
can solve the control difficulties associated with alternatives 5 and 6 by adding an
auxiliary utility unit to the process instead of three and four as suggested by Luyben
(1999), respectively. The three new control structures are proposed and their performances
are evaluated. As shown in dynamic simulation study, the control performance for the
highly heat integrated plant with minimum auxiliary utility unit is same with the highly
heat integrated plant with fullauxiliary utility units. CS1-is the best control structure for
handle disturbances due to it gives better control performances. In this control structure,
the selective controller with low selector switch(1.SS) is employed. to achieve dynamic
maximum energy recovery that can save energy about 0.45 % for change in the heat load
disturbance of cold stream. Besides, the inlet hot temperature at entrance of reboiler is

maintained to prevent the propagation of thermal disturbance to separation section.
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CHAPTER I

INTRODUCTION

This chapter introduces the importance and reasons for research, research
objectives, scope of research, contribution of Research, procedure and method and the

research framework.

1.1 Background

Today’s chemical industry has become even more competitive as companies
try to improve profit and reduce production times to shorten the supply chain to the
customer. Part of this competitiveness has required the complexity of the processes to
increase through attempts to recover unreacted material, reduce pollution, and capture
energy traditionally lost to the surroundings. The increased complexity has also served
to increase the interactions among the process units by allowing back-propagation of
disturbances that traditionally would have exited the plant. Because of this integration,
the potential exists that disturbances might stay within the process and that their
effects might amplify, causing severe stability and controllability concerns. Individual
control systems are designed for each unit operation or piece of equipment in a plant,
after which any conflicts between control loops are reconciled. Plantwide control, an
approach that guides control system design for an entire plant is considered to design
control structure for complex plant.

In hydrodealkylation (HDA) process of toluene to benzene that consists of a
reactor, furnace, vapor-liquid separator, recycle compressor, heat exchangers and
distillations. This plant is a realistically complex chemical process so this process will
be used to study and design process with plantwide process control theory.

Terrill and Douglas (1987) developed six heat exchanger network (HEN)
alternatives for a base case design for HDA process which energy saving ranging
between 29 and 43%. The simplest of these designs is alternative 1, recovers an
additional 29 percent of the base case heat consumption by making the reactor
preheater larger and the furnace smaller. The most complicated of the designs is
alternative 6, recovers 43 percent of the base case net energy consumption and use

number of utility less than the other alternatives. Consequently, they evaluated total



annual costof each alternative. Their study showed that the total annual cost of
alternatives 5 and 6 are less than the other alternatives. However complex heat-
integration makes the plants more difficult to control. Luyben (1999) suggested that
we can solve certain control difficulties associated complex heat-integration (i.e.
alternative 5 and 6) by adding extra equipment as auxiliary utility coolers and
reboilers to the process. However adding extra equipmentwill be increase capital,
operating and maintenance cost. Therefore, the strategy to design the workable highly
heat integrated plant like alternatives 5 and 6 of hydrodealkylation of toluene (HDA)
process with minimum auxiliary utility unit is proposed in this research. Additional,
we present three new plantwide control structures for highly heat integrated HDA

process alternative 5 and 6.

1.2 Research objectives

Obijectives of this study are listed below
1. Design to guarantee the workable highly heat integrated HDA process
alternatives 5 and 6 with minimum auxiliary utility unit.
2. Design the new plantwide control structures for highly heat integrated HDA

process alternatives 5 and 6 with minimum auxiliary utility unit.

1.3 Scopes of research

Scopes of this research are listed below

1. Simulation of the hydrodealkylation (HDA) of toluene process alternatives
5 and 6 are performed by using a commercial process simulator - HYSYS.

2. Description and data of hydrodealkylation (HDA) process is obtained from
Douglas, J. M. (1988), William L. Luyben, Bjorn D. Tyreus, and Michael
L. Luyben (1998), and William L. Luyben (2002). And the energy
integrated hydrodealkylation (HDA) process is obtained from Terrill and
Douglas 1987.

3. Heuristic design is used for the design of plantwide control structure



1.4 Contribution of Research

The contributions of this work are as follows:

1.

2.

3.

The strategy to design the workable highly heat integrated plant with
minimum auxiliary utility unit is proposed.

The equipment cost of process for highly heat integrated hydrodealkylation
(HDA) of toluene process alternatives 5 and 6 are decreased.

The new control structures for highly heat integrated hydrodealkylation
(HDA) of toluene process alternatives 5 and 6 with minimum auxiliary

utility units are designed.

1.5 Procedures Plan

The procedures of this research are as follows:

1.
2.
3.

Study plantwide process control theory
Study HDA process and concerned information
Steady state simulation of HDA process highly complex energy integration
3.1. Determine the operating condition for HEN based on the input
disturbance loads
3.2. Determine design conditions for HEN based on the input disturbance
loads (worst case condition is designed)
3.3. Determine appropriate heat pathway at worst case condition
3.4. Check the workable HDA process in HEN at worst case conditions
based on the input disturbance loads
Design new control structure of the HDA process with highly complex
energy integration.
Simulate the dynamic of HDA process with control structures design.
Evaluate the dynamic performance of the designed control structures based
on the input disturbance loads.
Analyze the design and simulation results.
Conclude the thesis.



1.6 Research Framework

This thesis has been divided into seven chapters.

In Chapter I, the background, objectives, scopes, contributions and research
planning of this research is introduced in this chapter.

In Chapter II, a review of the previous work on heat exchanger networks
(HENS) design and plantwide process control design are given.

In Chapter 111, background information of plantwide control, plantwide control
design procedure, plantwide energy management and heat exchanger network are
presented.

In Chapter 1V, the description of the HDA process and the steady state
simulation of highly heat integrated HDA process alternatives 5 and 6 using HYSYS
simulator are presented.

In Chapter V, the strategy to design the workable highly heat integrated plant
with minimum auxiliary utility units iIs proposed. Additional, this strategy is also
applied to the highly heat integrated HDA process alternative 5 and 6.

In Chapter VI, The three new plantwide control structures and dynamic
simulation for the highly heat integrated HDA process alternatives 5 and 6 are present.
Beside the effect of selective control with low selector switch (LSS) to energy
management are proposed.

The overall conclusions and recommendations of this thesis are discussed in
Chapter VII.



CHAPTER Il

LITERATURE REVIEW

This chapter is to present a review of the previous work on plantwide

control and heat exchanger network (HEN)

2.1 A Hierarchical Approach to Conceptual Design

A synthesis/analysis procedure for developing first flowsheets and base-
case designs has been established by Douglas (1985). The procedure is described
in terms of a hierarchy of decision levels, as follows:

1. Batch versus continuous

2. Input-output structure of the flowsheet

3. Recycle structure of the flowsheet

4. Separation system specification, including vapor and liquid recovery

system

5. Heat exchanger network (HEN).

Douglas (1985) considered a continuous process for producing benzene by
hydrodealkylation of toluene (HDA process) to illustrate the procedure. The
complete process is always considered at each decision level, but additional fine
structure is added to the flowsheet as proceeded to the later decision level. Each
decision level terminates in an economic analysis. Experience indicates that less
than one percent of the ideas for new designs are ever commercialized, and
therefore it is highly desirable to discard poor projects quickly.. Similarly, the later
level decisions are guided by the economic analysis of the early level decisions.

In a series of ‘papers, Fisher et al. (1988a,b,c) presented a study of the
interface between design and control including process controllability, process
operability, and selecting a set of controlled variables. At the preliminary stages
of a process design, most plants are uncontrollable. That is normally there are not
enough manipulative variables in the flowsheet to be able to satisfy all of the
process constraints and to optimize all of the operating variables as disturbances
enter the plant. In order to develop a systematic procedure for controllability

analysis, Fisher et al. (1988a) used the design decision hierarchy described by



Douglas (1985) as the decomposition procedure and considered HDA process as a
case study. Where at some levels (i.e. levels 1, 2, and 3), the process is
uncontrollable, but controllable at level 4 and level 5. If the available manipulated
variables are compared with the constraints and operating variables introduced at
each level, the preliminary controllability criterion can often be satisfied.

Beside controllability analysis, Fisher et al. (1988b) also focused on
operability analysis. The goal of operability analysis is to ensure that there is an
adequate amount of equipment over-design so that they could satisfy the process
constraints and minimize a combination of the operating costs and over-design
costs over the entire range of anticipated process disturbances. They also followed
the same hierarchical procedure to develop operability analysis. For HDA
process, the operability decisions were encountered at each level. Fisher et al.
(1988c) proposed steady-state control structure for HDA process using an
optimum steady-state control analysis. They found the values of manipulated
variables (that minimize the total operating costs for various values of the

disturbances) and used them to define the controlled variables.

2.2 Plantwide Control

Plantwide control involved the systems and strategies required to control
an entire chemical plant.

Downs and Vogel (1993) described a model of an industrial chemical
process for the purpose of developing, studying and evaluating process control
technology. It consisted of a reactor/separator/recycle arrangement involving two
simultaneous gas-liquid exothermic reactions. This process was well suited for a
wide variety of studies including both plant-wide control and multivariable control
problems. Luyben et al. (1997) constructed nine steps of the proposed procedure
center around the fundamental principles of planwide control: energy
management; production rate; product quality; operational, environmental and
safety constrain; liquid-level and gas-pressure inventories; makeup of reactants;
component balances; and economic or process optimization.

After that Skogestad and Larsson (1998) considered “which variables
should be controlled, which variables should be measured, which inputs should be
manipulated, and which links should be made between them?” These are the

question that plantwide control tries to answer. There are two main approaches to



the problem, a mathematically oriented approach (control structure design) and a
process oriented approach. It was shown that the idea of “self-optimizing control”
provides a link between steady-state optimization and control.

Vasbinder and Hoo (2003) described a modular decomposition of plant
flowsheets that is assessed according to a decision-based approach, the analytical
hierarchical process, that consistently evaluates the merits of the decomposition
among alternatives and between neighboring modules to arrive at a prioritization
of objectives for each module and for the integrated plant.

Recently Skogestad (2004) interested in control structure design deals with
the structural decisions of the control system, including what to control and how
to pair the variables to form control loops. He presents a systematic procedure for
control structure design for complete chemical plant (plantwide control). It started
with carefully defining the operational and economic objectives, and the degrees
of freedom available to fulfill them. Other issues, discussed in the paper, include
inventory and production rate control, decentralized versus multivariable control,
loss in performance by bottom-up design, and a definition of a the “ complexity
number” for the control system.

For control structure designed Luyben et al. (1997) analyzed the effect of
the process designed on control structure for a system with a reactor, two
distillation columns, and two recycles streams. The reaction A +B — C occurred
in a reactor, the two distillation columns recycled components A and B back to the
reactor. This work modified control structure for this process by no reactor
composition measurement was used, and throughput was directly fixed by flow
controlling the fresh feed. For analyze in the dynamic and steady state limitations,
it had no means to recover from disturbances that cause the two reactant
compositions to cross. Change in reactor holdup and recycle flow rates away from
their values in the economically optimal design improves the ability of this control
strategy to handle large disturbances. After that Luyben (2000) studied process
which had exothermic, irreversible, gas phase reaction A + B — C occurring in an
adiabatic tubular reactor. A gas recycle returned unconverted reactants from the
separation section. Four alternative plantwide control structures for achieving
reactor exit temperature control were explored. 1 the set point of the reactor inlet

temperature controller was changed (CS1), 2 the recycle flow rate was changed, 3



the flow rate of one of the reactant fresh feeds was changed (CS3) and 4 used an
“on-demand” structure. Manipulation of reactor inlet temperature appeared to be
the last attractive scheme. Manipulation of recycle flow rate given the best control
but may be undesirable in some system because of compressor limitations. The on
demand structure provided effective control in the face of feed composition
disturbances. And then Luyben (2000) considered the design and control aspects
of a ternary system with the gas phase reversible, exothermic reaction A + B <> C
occurring in an adiabatic tubular reactor packed with solid catalyst. He designed
different control structure by fresh feed control pressure. The reactor inlet
temperature is fixed. The recycle flowrate is used to indirectly set the production
rate (CS1). By pressure was controlled by recycle flowrate and the production rate
was directly set by the fresh feed flowrate (CS2). Given a control structure where
the recycle flowrate was fixed (CS3). If process had inert, the additional control
loop added is the control of composition of the inert component in recycle and
purge gas. Effective control was obtained in the face of quite large disturbances.
In 2003 Larsson et al. considered control structure selection for a simple plant
with a liquid phase reactor, a distillation column, and recycle of unreacted
reactants. To optimize economics, they needed to control active constraints. For
the case of both minimizing operating costs (casel) and maximizing production
rate (case2), it is optimal to kept the reactor holdup at its maximum. For the
unconstrained variable, they looked for self-optimizing variables where constant
set points gave acceptable economic loss. To avoid the snowball effect, it had
been proposed to fix a flow in a liquid recycle loop. The limitation is that it can
handle small feed rate change or large variation in the reactor holdup.

Designed a process control structure for complex process was a complicate
task. The .designed control loop would effect the operation significantly.
Poothanakul (2002) wused plantwide control strategies for designed control
structures of butane isomerization process to achieved impurity of normal butane
in product and desired production rate. First control structure was controlled
quality of product by product flow, second control structure concerned about
reduction of effected of recycle by controlled temperature inside the distillation
which could be controlled by adjusted outlet flow of distillate of column. And the
last wanted to reduce effect of recycle indirectly by controlled temperature inside

the distillation with outlet flow of bottom. For other process Hydrodealkylation



process of toluene Sayfon (2002) designed 3 control structures for reduced effect
from disturbances that caused production rate change. The first control scheme
measured toluene flow rate in the process and adjusted the fresh toluene feed rate
accordingly. The second was modified from the first scheme by added a cooling
unit to controlled the outlet temperature from the reactor. In the third scheme, a
ratio was introduced to the second control scheme for controlling the ratio of
hydrogen and toluene within the process. These six control structures was
compared with reference on plantwide process control book, Luyben 1998, the
result was performance of these structure higher than reference. After that
Tangsombutvisit (2004) developed rigorous model for the hydrodealkylation of
toluene (HDA) process by using the commercial software, HYSYS.PLANT. The
case of HDA process, The two control structures designed by Kietawarin (2002)
are considered. The steady-state analysis is confirmed that the second control
structure should be controlled. For using the controllability analysis it appeared
that the problems mainly come from the interaction between the different units in
the flowsheet. Controllability analysis described the control structure2 can give
the result into satisfied bound. That means the effect of changing setpoint is less
than the first one. However, the control structurel can reject the disturbance better
than the second one. In the same year Kasemchainun (2004) applied plantwide
control strategy for designing control structures of a Vinyl Acetate monomer
plant. Three alternative plantwide control structures was designed, tested and
compared the performance with Luyben’s structure. For the result, the first control
structure was designed control structure by used of the fresh acetic fed to
manipulated the total acetic feed in vaporizer and controlled the water
composition in overhead column. In the azeotrope column was high boilup ratio
so the designed control structure 11 was designed that modifying from the first in
column temperature loop. This scheme measured the tray temperature and
adjusted the bottom flowrate to control the vinyl acetate composition and the level
was controlled by changing the reboiler heat input. The last structure used when
the reactant comes from upstream unit. The production rate was set by changing
the fresh ethylene feed. All of controlled structure achieved a good controllability.
In the same year Thaicharoen (2004) presents the new control structures for the
hydrodealkylation of toluene (HDA) process with energy integration schemes

alternative 3. Five control structures have been designed, tested and compared the
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performance with Luyben’s structure (CS1). The result shows that
hydrodealkylation of toluene process with heat integration can reduce energy cost.
Furthermore, this process can be operated well by using plantwide methodology to
design the control structure. The dynamic responses of the designed control
structure and the reference structure are similar. The CS2 has been limited in
bypass, so it is able to handle in small disturbance. CS3 has been designed to
improve CS2 in order to handle more disturbances by using auxiliary heater
instead of bypass valve to control temperature of stabilizer column. The recycle
column temperature control response of the CS4 is faster than that of the previous
control structures, because reboilers duty of column can control the column
temperature more effective than bottom flow. CS5 on-demand structure has an
advantage when downstream customer desires immediate responses in the
availability of the product stream from this process.

Wongsri and Hermawan (2004), proposes the new heuristic of selection
and manipulation heat pathway called heat pathway heuristics (HPH) for
plantwide control. The HPH has been implemented in plantwide control for the
hydrodealkylation of toluene(HDA) process with different energy integration
schemes(i.e. alternatives 1, 4 and 6).A selective controller i.e. a low override
switch (LOS) is employed in order to select an appropriate heat pathway through
the process to carry the associated load to utility unit. The new designed plantwide
control structure for HDA process is also compared with the earlier work given by
Luyben et al. (1999). In general, better responses of the furnace and cooler utility
consumptions are achieved compare to the Luyben’s control structure. Both
furnace and cooler duties could be decreased according to the input disturbance
load, since the. HPH is applied in the current work.

2.3 Heat Exchanger Network (HEN)

Energy conservation is important in process design. The fundamental
result for the use of energy integration is to improve the thermodynamic efficiency
of the process. This translates into a reduction in utility cost.

Linhoff and Hindmarsh (1983) presented a novel method for the design of
HEN. The method is the first to combine sufficient simplicity to be used by hand
with near certainty to identify “best” designs, even for large problems. Best design

features the highest degree of energy recovery possible with a given number of
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capital items. Moreover, they feature network patterns required for good
controllability, plant layout, intrinsic safety, etc. Typically, 20-30% energy
savings, coupled with capital savings, can be realized in state-of-the art flowsheets
by improved HEN design. The task involves the placement of process and utility
heat exchangers to heat and cool process streams from specified supply to
specified target temperatures.

Generally, minimum cost networks feature the correct degree of energy
recovery and the correct number of units. This is achieved in two stages. First, the
method aims for a minimum energy solution, corresponding to a specified ATmin,
with no more units than is compatible with minimum energy. This task is achieved
through understanding of the pinch phenomenon, hence the method is called the
pinch design method. Second, the method involves a controlled reduction in
number of units. This may require “backing-off” from minimum utility usage.

The pinch design method also identifies situations where stream splitting is
inevitable for a minimum utility design. The pinch design method incorporates
five important stages. There are:

1. The HEN problem is divided at the pinch into separate problems.

2. The design for these separate problems is started at the pinch and
developed moving away from the pinch. At the pinch essential matches, match
options and stream splitting requirements are identified by applying the feasibility
criteria.

3. When options exist at the pinch, the engineer is free to base his selection
to suit the process requirements.

4. The heat loads of exchangers at the ‘pinch are determined using the
stream tick-off heuristic. In case of difficulty (increased utility usage) a different
exchanger topology at the pinch canbe chosen or the load on the offending match
can be reduced.

5. Away from the pinch there is generally a free choice of matches. The
procedure does not insist on particular matches but allows the designers to
discriminate between matches based on his judgment and process knowledge.

Linhoff, B., Dunford, H., Smith, R., (1983) studied heat integration of
distillation columns into overall process. This study reveals that good integration
between distillation and the overall process can result in column operating at

effectively zero utility cost. Generally, the good integration is when the integration



12

as column not crossing heat recovery pinch of the process and either the reboilers
or the condenser being integrated with the process. If these criteria can be met,
energy cost for distillation can effectively be zero.

Calandranis and Stephanopoulos (1988) proposed a new approach to
address the following problems: design the configuration of control loops in a
network of heat exchangers (the DESIGN problem), and sequence the control
action of the loops, to accommodate set-point changes and reject load disturbances
(the OPERATIONAL problem). The approach proposed exploits the structure
characteristics of a HEN by identifying routes through the HEN structure that can
allocate loads (disturbances, or set point changes) to available sinks (external
coolers or heaters). They also discussed several design issues such as the
placement of bypass lines and the restrictions imposed by the existence of a
process pinch. An online, real-time planning of control actions is the essence of
implementational strategies generated by an expert controller, which selects path
through the HEN is to be used for each entering disturbance or set-point change,
and what loops should be activated (and in what sequence) to carry the associated
load (disturbance or set-point change) to a utility unit. Although this study
provided the comprehensive summary of work on the design of control loop
configuration in HENSs, it did not report the control strategy, particularly in
selecting and manipulating proper heat pathway. In this current study, we present
the control strategy; how to select proper heat pathway to carry the associated load
to a utility unit, so its duty will be decreased.

In series of papers, Terrill and Douglas (1987a,b,c) studied the sensitivity
of the total processing cost to heat exchanger network alternatives and steady state
operability evaluation. They considered the temperature-enthalpy (T-H) diagram
and developed six HEN alternatives for a base case design for HDA process, in
which their energy saving ranges between 29 and 43%. The simplest of these
designs is alternative 1, recovers an additional 29 percent of the base case heat
consumption by making the reactor preheater larger and the furnace smaller. The
most complex of the designs is alternative 6, recovers 43 percent of the base case
net energy consumption. However, those alternatives have not been developed
under dynamic simulation to study their dynamic aspects. In this dissertation, we
present both the steady state and dynamic simulations for energy-integrated HDA

plant (i.e. alternatives 5 and 6), as presented in Chapter 4, 5and 6
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In 1990 Wongsri (1990) studied a resilient HEN design. He presented a
simple but effective systematic synthesis procedure for the design of resilient
HEN. His heuristic design procedure is used to design or synthesize HENs with
pre-specified resiliency .It used physical and heuristic knowledge in finding
resilient HEN structures. The design must not only feature minimum cost, but
must also be able cope with fluctuation or changes in operating conditions. The
ability of a HEN to tolerate unwanted changes is called resiliency. It should be
noted that the ability of a HEN to tolerate wanted changers is call flexibility. A
resilient HEN synthesis procedure was developed based on the match pattern
design and a physical understanding of the disturbances propagation concept. The
disturbance load propagation technique was developed from the shift approach
and was used in a systematic synthesis method. The design condition was selected
to be the minimum heat load condition for easy accounting and interpretation
.This is condition where all process stream are at their minimum heat load, e.g. the
input temperature of hot stream are at the lowest and those of cold streams are at
the highest. Thus, only the positive disturbance load of process streams was
considered. In this current work, we will consider both positive and negative
disturbance loads that are originating from the process streams.

Ploypaisansang (2003) presented to redesign six alternatives for HDA
process to be the resiliency networks for maintain the target temperature and also
achieve maximum energy recovery (MER). The best resilient network is selected

by to trade-off between cost and resiliency. The auxiliary unit should be added in

the network for cope safely with the variations and easy to design control structure
to the network.

Wongsri and Sae-Leaw (2006) propose- the guide line to design workable
of highly heat integrated process with minimum auxiliary reboiler. It starts with
specifying the disturbances and their magnitudes, and then designing the resilient
heat exchanger network is designed at the worst case condition as the minimum
heat supply and maximum heat demand condition. There considered only one
worst case to find the number of minimum auxiliary heating unit and the heat path
way for disturbance load at worst case condition is no considering dynamic

maximum energy recovery(DMER).



CHAPTER Il

PLANTWIDE CONTROL FUNDAMENTALS

Now a day many chemical plants are integrated process as material recycle
and energy integration which increase interaction between unit operations. Therefore
the control system that just combines the control schemes of each individual unit can’t
achieve its control objective. This can be solved by the plantwide process control
strategy which designs a control system from the viewpoint of the entire plant. Hence,

our purpose of this chapter is to present plantwide control fundamentals.

3.1 Incentives for Chemical Process Control

A chemical plant is an arrangement of processing units (reactors, heat
exchangers, pumps, distillation columns, absorbers, evaporators, tanks, etc.),
integrated with one another in a systematic and rational manner. The plant’s overall
objective is to convert certain raw materials into desired products using available
sources of energy in the most economical way. There are three general classes of
needs that a control system is called on to satisfy: suppressing the influence of
external disturbances, ensuring the stability of a chemical process, and optimizing the

performance of a chemical process (Stephanopoulos, 1984).

3.1.1 Suppressing the Influence of External Disturbances

Suppressing the influence of external disturbances on a process is the most
common objective of a controller in a chemical plant. Such disturbances, which
denote the effect that the surroundings have on a reactor, separator, heat exchanger,
compressor, etc., are usually out of the reach of human operator. Consequently, we
need to introduce a control mechanism that will make the proper change on the
process to cancel the negative impact that such disturbances may have on the desired
operation of a chemical plant. In other words, the strategies for control are very
important to face all disturbances entering the process.
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3.1.2 Ensuring the Stability of a Chemical Process

The process is stable or self-regulating if the process variable such as
temperature, pressure, concentration, or flow rate stays at a certain point or at a
desired steady state value as time progresses. Otherwise, the process is unstable and
requires external control for the stabilization of their behavior.

3.1.3 Optimizing the Performance of a Chemical Process

Safety and the satisfaction of product specifications are the two principal
operational objectives for a chemical plant. Once these are achieved, the next goal is
how to make the operation of the plant more profitable. It is clear that we would like
to be able to change the operation of the plant (flow rates, pressures, concentrations,

temperatures) in such a way that an economic objective (profit) is always maximized.

3.2 Integrated Processes

Three basic features of integrated chemical processes lie at the root of the need
to consider the entire plant’s control system, as follows: the effect of material recycle,
the effect of energy integration, and the need to account for chemical component
inventories. However, there are fundamental reasons why each of these exists in

virtually all-real processes.

3.2.1 Material Recycle

Material is recycled for six basic and important reasons

a. Increase conversion: For chemical processes involving reversible reactions,
conversion of reactants to products is limited by thermodynamic equilibrium
constraints. Therefore, the reactor effluent by necessity contains both reactants and
products. Separation and recycle of reactants are essential if the process is to be
economically viable.

b. Improve economics: In most systems it is simply cheaper to build a reactor
with incomplete conversion and recycle reactants than it is to reach the necessary

conversion level in one reactor or several in series.
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c. Improve yields: In reaction system such as A—B—C, where B is desired
product, the per-pass conversion of A must be kept low to avoid producing too much
of undesirable product C. Therefore the concentration of B is kept fairly low in the
reactor and a large recycle of A is required.

d. Provide thermal sink: In adiabatic reactors and in reactors where cooling is
difficult and exothermic heat effects are large, it is often necessary to feed excess
material to the reactor so that reactor temperature increase will not be too large. High
temperature can potentially create several unpleasant events, such as thermal
runaway, deactivation of catalysts, cause undesirable side reaction, etc. So the heat of
reaction is absorbed by the sensible heat required to raise the temperature of the
excess material in the stream flowing through the reactor.

e. Prevent side reactions: A large excess of one of the reactants is often used
that the concentration of the other reactant is kept low. If this limiting reactant is not
kept in low concentration, it could react to produce undesirable products. Therefore,
the reactant that is in excess must be separated from the products components in the
reactor effluent stream and recycled back to the reactor.

f. Control properties: In many polymerization reactors, conversion of
monomer is limited to achieve the desired polymer properties. These include average
molecular weight distribution, degree of branching, particle size, etc. Another reason
for limiting conversion to polymer is to control the increase in viscosity that is typical
of polymer solutions. This facilitates reactor agitation and heat removal and allows

the material to be further processed.
3.2.2 Energy Integration

The fundamental reason for-the use of energy integration is to improve the
thermodynamic efficiency of the process. This translates into a reduction in utility
cost. For energy-intensive processes, the savings can be quite significant.
3.2.3 Chemical Component Inventories

A plant’s chemical species can be characterized into three types: reactants,

products, and inerts. A material balance for each of these components must be

satisfied. This is typically not a problem for products and inerts. However, the real



17

problem usually arises when reactants (because of recycle) are considered and
accounted for their inventories within the entire process. Because of their value, it is
necessary to minimize the loss of reactants exiting the process since this represents a
yield penalty. So we prevent reactants from leaving. This means we must ensure that

every mole of reactant fed to the process is consumed by reactions.

3.3 Basic Concepts of Plantwide Control

3.3.1 Buckley Basics:

Buckley (1964) was the first to suggest the idea of separating the plantwide
control problem into two parts: material balance control and product quality control.
He suggested looking first at the flow of material through the system. A logical
arrangement of level and pressure control loops is establishes, using the flowrates of
the liquid and gas process streams. Note that most level controllers should be
proportional-only (P) to achieve flow smoothing. He then proposed establishing the
product-quality control loops by choosing appropriate manipulated variables. The
time constants of closed-loop product quality loops are estimated. We try to make
these as small as possible so that good, tight control is achieved, but stability

constraints impose limitations on the achievable performance.

3.3.2 Douglas Doctrines:

Because of the cost of raw materials and the valves of products are usually
much greater than the costs of capital and energy, Jim Douglas (1988) leads to the two

Douglas doctrines:

a. Minimize losses of reactants and products

b. Maximize flowrates through gas recycle systems.

The first idea implies that we need tight control of stream compositions exiting
the process to avoid losses of reactants and products. The second rests on the
principle that yield is worth more than energy. Recycles are used to improve yields in

many processes. The economics of improving yields (obtaining more desired
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products from the same raw materials) usually outweigh the additional energy cost of
driving the recycle gas compressor.

3.3.3 Downs Drill

Chemical component balances around the entire plant are important things,
and checking to see that the control structure handles these component balances
effectively. The concepts of overall component balances go back to basic principle in
chemical engineering, which is how to apply mass and energy balances to any system,
microscopic or macroscopic. We check these balances for individual unit operations,
for sections of a plant, and for entire processes. We must ensure that all components
(reactants, products, and inert) have a way to leave or be consumed within the
process. The consideration of inert is seldom overlooked. Heavy inert can leave the
system in bottoms product from distillation column. Light inert can be purged from a
gas recycle stream or from a partial condenser on a column. Intermediate inert must
also be removed in some way, such as in side stream purges or separate distillation
columns. Most of the problems occur in the consideration of reactants, particularly
when several chemical species are involved. All of reactants fed into the system must
either be consumed via reaction or leave the plant as impurities in exiting streams.
Since we usually want to minimize raw material costs and maintain high-purity

products, most of the reactant fed into the process must be chewed up in the reactions.

3.3.4 Luyben Laws

Three laws have been developed as a result of a number of case studies of

many systems:

a. A stream somewhere in all recycle loops should be flow controlled. This is
to prevent the snowball effect.

b. A fresh reactant feed stream cannot be flow controlled unless there is
essentially complete one pass conversion of one of reactants. This law applies to
systems with reaction types such as A + B — products. In system with consecutive
reactions suchas A+ B —- M+ Cand M + B — D + C, the fresh feed can be flow

controlled into the system, because any imbalance in the ratios of reactants is
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accommodated by a shift in the amounts of the two products (M and D) that are
generated. An excess of A will result in the production of more M and less D. And
vice versa, an excess of B results in the production of more D and less M.

c. If the final product from process comes out the top distillation column, the
column feed should be liquid. If the final product comes out from the bottom of the
column, the column feed should be vapor. Changes in feed flowrate or feed
composition have less of a dynamic effect on distillate composition than they do on
bottoms composition if the feed is saturated liquid. The reverse is true if the feed is

saturated vapor: bottom is less affected than distillate.

3.3.5 Richardson Rule

Richardson (1995) suggested the heuristic that the largest stream should be
selected to control the liquid level in a vessel. This makes good sense because it
provides more muscle to achieve the desired control objective. The largest stream has
the biggest effect to volume of vessel. An analogy is that it is much easier to
maneuver a large barge with a tugboat that a life raft. The point is that the bigger the
handle you have to affect a process, the better you can control it.

3.3.6 Shinskey Schemes

Shinskey (1988) has produced a number of “advanced control” structures that

permit improvements in dynamic performance.

3.3.7 Tyreus Tuning

One of the vital steps in developing a plantwide control system is how to
determine the algorithm to be used for each controller (P, Pl or PID) and to tune each
controller. The use of P-only controllers is recommended for liquid levels. Tuning of
P controller is usually trivial, that is set the controller gain equal to 1.67. This will
have the valve wide open when the level at 80% and the valve shut when the level is
at 20%. For other control loops, the use of PI controllers is suggested. The relay-

feedback test is simple and fast way to obtain the ultimate gain (Ku) and ultimate
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period (Pu). The Ziegler-Nichols settings or the Tyreus-Luyben settings can be used
for tuning the parameters of controller:

KZN = Ku/22 TZN = Pu/12
KT|_ = Ku/32 TTL — 2.2 Pu

The use of PID controllers should be restricted to those loops were two
criteria are both satisfied: the controlled variable should have a very large signal-to-

noise ratio and tight dynamic control is really essential.

3.4 Plantwide Control Design Procedure

The plantwide control procedure has been established based upon heuristics
(Luyben et al., 1997). The nine steps of the design procedure center around the
fundamental principles of plantwide control: energy management; production rate;
product quality; operational, environmental, and safety constraints; liquid level and
gas pressure inventories; make up of reactants; component balances; and economic or

process optimization. This heuristic design procedure is described below.

3.4.1 Establish Control Objectives

Assess steady-state design and dynamic control objectives for the process.
This is probably the most important aspect of the problem because different criteria
lead to different contral structures. These objectives include reactor and separation
yields, product quality specifications, product grades and demand determination,

environmental restrictions, and the range of operating conditions.

3.4.2 Determine Control Degrees of Freedom

Count the number of control valves available. This is the number of degrees
of freedom for control, that is, the number of variables that can be controlled. The
valves must be legitimate (flow through a liquid-filled line can be regulated by only

one control valve).
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3.4.3 Establish Energy Management System

Term energy management is used to describe two functions. First, we must
provide a control system that remove exothermic heats of reaction from the process. If
heat is not removed to utilities directly at the reactor, then it can be used elsewhere in
the process by other unit operations. This heat, however, must ultimately be
dissipated to utilities. If heat integration does occur between process streams, then the
second function of energy management is to provide a control system that prevents
propagation of the thermal disturbances and ensures that the exothermic reactor heat
is dissipated and not recycled. Process-to-process heat exchangers and heat-
integrated unit operations must be analyzed to determine that there are sufficient
degrees of freedom for control. Heat removal in exothermic reactors is crucial
because of the potential for thermal runaways. In endothermic reactions, failure to
add enough heat simply results in the reaction slowing up. If the exothermic reactor is
running adiabatically, the control system must prevent excessive temperature rise
through the reactor (e.g., by setting the ratio of the flow rate of the limiting fresh
reactant to the flow rate of a recycle stream acting as a thermal sink). Increased use of
heat integration can lead to complex dynamic behavior and poor performance due to
recycling of disturbances. If not already in the design, trim heaters/coolers or heat
exchanger bypass lines must be added to prevent this. Energy disturbances should be
transferred to the plant utility system whenever possible to remove this source of

variability from the process units.

3.4.4 Set Production Rate

Establish the variables that dominate the productivity of the reactor and
determine the most appropriate manipulator to control production rate. Often design
constraints require that production be set at a certain point. An upstream process may
establish the feed flow sent to the plant. A downstream process may require on-
demand production, with fixes the product flow rate from the plant. If no constraint
applies, then we select the valve that provides smooth and stable production-rate
transitions and rejects disturbances. We often want to select the variable that has the
least effect on the separation section, but also has a rapid and direct effect on reaction

rate in the reactor without heating an operational constraint. This may be the feed
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flow to the separation section, the flow rate of recycle stream, the flow rate of initiator
or catalyst to the reactor, the reactor heat removal rate, the reactor temperature, and so
forth.

3.4.5 Control Product Quality and Handle Safety, Operational and

Environmental Constraints

Select the best valves to control each of the product-quality, safety, and
environmental variables. We want tight control of these quantities for economic and
operational reasons. Hence we should select manipulated variables such that the
dynamic relationships between controlled and manipulated variables feature small
time constants and dead times and large steady-state gains. The former gives small
closed-loop time constants, and the latter prevents problems with the range-ability of

the manipulated variable (control-valve saturation)

3.4.6 Fix a Flow in Every Recycle Loop and Control Inventories (Pressure and
Liquid Level)

Determine the valve to control each inventory variable. These variables
include all liquid levels (except for surge volume in certain liquid recycle streams)
and gas pressures. An inventory variable should typically be controlled with the
manipulated variable that has the largest effect on it within that unit.

Proportional-only control should be used in non-reactive control loops for
cascade unit in series. Even in reactor-level control, proportional control should be
considered to help filter flow-rate disturbances to the down stream separation system.
There is nothing necessarily sacred about holding reactor level constant. In most
processes a flow controller should be present in all liquid recycle loops. This is a
simple and effective way to prevent potentially large changes in recycle flows that can
occur if all flows in recycle loops are controlled by levels. Two benefits result from
this flow-control strategy. First, the plant’s separation section is not subjected to large
load disturbances. Second, consideration must be given to alternative fresh reactant
makeup control strategies rather than flow control. In dynamic sense, level
controlling all flows in recycle loop is a case of recycling of disturbances and should

be avoided.
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3.4.7 Check Component Balances

Identify how chemical components enter, leave, and are generated or
consumed in the process. Ensure that the overall component balance for each species
can be satisfied either through reaction or exit streams by accounting for the
component’s composition or inventory at some point in the process. Light,
intermediate, and heavy inert components must have an exit path from the system.
Reactant must be consumed in the reaction section or leaves as impurities in the
product streams. Fresh reactant makeup feed stream can be manipulated to control
reactor feed composition or a recycle stream composition (or to hold pressure or level
as noted in previous step). Purge stream can also be used to control the amount of

high- or low-boiling impurities in a recycle stream.

3.4.8 Control Individual Unit Operations

Establish the control loops necessary to operate each of the individual unit
operations. For examples, a tubular reactor usually requires control of inlet
temperature. High-temperature endothermic reactions typically have a control system
to adjust fuel flow rate to a furnace supplying energy to the reactor. Crystallizers
require manipulation of refrigeration load to control temperature. Oxygen
concentration in stack gas from a furnace is controlled to prevent excess fuel usage.

Liquid solvent feed flow to an absorber is controlled as some ratio to the gas feed.

3.4.9 Optimize Economic and Improve Dynamic Controllability

Establish the best way to use the remaining control degrees of freedom. After
satisfying all of the basic regulatory requirements, we usually have additional degrees
of freedom involving control valves that have not been used and setpoints in some
controllers that can be adjusted. These can be used either to optimize steady-state
economic performance (e.g., minimize energy, maximize selectivity) or to improve
dynamic response.

For example, an exothermic chemical reactor can be cooled with both jacket
cooling water and brine to a reflux condenser. A valve-position control strategy would

allow fast, effective reactor temperature control while minimizing brine use.



24

3.5 Plantwide Energy Management

Energy conservation has always been important in process design. Thus, it is
common practice to install feed-effluent heat exchangers (FEHES) around rectors and
distillation columns. In any process flowsheet, a number of streams must be heated,
and other streams must be cooled. For example, in HDA process, the toluene fresh
feed, the makeup hydrogen, the recycle toluene, and the recycle gas stream must be
heated up to the reaction temperature 621.10C. And, the reactor effluent stream must
also be cooled to the cooling water temperature to accomplish a phase split.
Therefore, the energy integration is required to reduce the utility cost and also to

improve thermodynamic efficiency of the process.

3.5.1 Heat Exchanger Dynamics

Heat exchangers have fast dynamics compared to other unit operations in a
process. Normally the time constant is measured in second but could be up to a few
minutes for large exchangers. Process-to-process exchangers should be modeled
rigorously by partial differential equations since they are distributed systems. This
introduces the correct amount of dead time and time constant in the exit stream
temperatures, but the models are inconvenient to solve.

For the purpose of plantwide control studies it is not necessary to have such
detailed descriptions of the exchanger dynamics, since these units rarely dominate the
process response. Instead, it is often possible to construct useful models by letting
two sets of well-stirred tanks in series exchange heat. This simplifies the solution

procedure.

3.5.2 Heat Pathways

A path is a connection between a heater and a cooler in a network. In
plantwide energy management, various pathways for heat need to be identified.
Furthermore, a control strategy that allows effective delivery and removal of energy is
needed to minimize propagation of thermal disturbances. It is important to realize that
there are no thermodynamic restrictions on the energy requirement to transition

streams between unit operations. In other words, the heating and cooling of streams
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are done for practical reasons and not to satisfy the laws of thermodynamics. This
energy would not be an issue if all the processing steps operated at the same constant
temperature. Furthermore, since raw materials and products are stored at roughly the
same temperature, the net energy requirement for heating and cooling equal the heat

losses from the process.
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Figure 3.1 Heat pathways

From plantwide perspective we can now discern three different “heat
pathways” in the process as illustrated in Figure 3.1. The first pathway, heat from the
process is dissipated to the environment, e.g. heat generated by exothermic reactions
and by degradation of mechanical work (e.g., compression, pressure drop and
friction). This pathway is from inside the process and flows out. It is of course
possible to convert some of the heat to work as it is removed from high temperature in
the process.

A second pathway carries heat from utilities into the process. Mechanical
work is extracted from the heat as it flows from a high supply temperature to the
lower temperature of the environment. This pathway goes through the process and is
needed to satisfy the thermodynamic work requirements of separation. Work is also
extracted from the heat stream to overcome process inefficiencies associated with
stream mixing and heat transfer.

The third pathway is internal to the process. Here heat flows back and forth
between different unit operations. The magnitude of this energy path depends upon
the heating and cooling needs and the amount of heat integration implemented.
Whenever the internal path is missing, and there is a heating requirement, the heat has
to be supplied from utilities. The same amount of heat must eventually be rejected to

the environment elsewhere in the process.
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3.5.3 Heat Recovery

Usually, chemical processes are thermally inefficient. First, the chemical
work available in the reactants is dissipated as heat. Second, the work required for
separation is usually supplied as heat to distillation column, which has internal
inefficiencies. Finally, energy is needed for heating and cooling functions that are
independent of thermodynamic constraints. This all adds up to a low thermal
efficiency.

Fortunately, we can make great improvements in plant’s thermal efficiency by
recycling much of the energy needed for heating and cooling process streams. It is
also possible to introduce heat integration schemes for distillation columns to reduce
the separation heat. And finally the reaction heat can be recovered in waste heat
boilers and use the steam for power generation. There is of course a capital expense
associated with improved efficiency but it can usually be justified when the energy
savings are accounted for during the lifetime of the project. Of more interest to us in
the current context is how heat integration affects the dynamics and control of a plant

and how we can manage energy in plants with a high degree of heat recovery.

3.6 Control of Process-to-Process Exchangers

Process-to-process (P/P) exchangers are used for heat recovery within a
process. Most heat exchanger network are not operable at the optimum steady state
design conditions; i.e., normally they can tolerate disturbances that decrease the loads
but not those that increase loads and there are not an adequate number of manipulative
variables to be able to satisfy the process constraints and to optimize all of the
significant operating variables. These types of operability limitations can be identified
by using steady state considerations, and normally these operability limitations can be
overcome by installing an appropriate utility exchanger and by installing bypass

around the exchangers.

3.6.1 Use of Auxiliary Exchangers

When the P/P exchanger is combined with a utility exchanger, we also have a

few design decisions to make. The utility exchanger can be installed to P/P exchanger
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either in series or parallel. Figure 3.2 shows the combination of P/P exchanger with a
utility exchanger. Generally, the utility system of a complex energy-integrated plant is
designed to absorb large disturbances in the process, and making process-to-utility

exchangers relatively easv to control.

Hot stream

Cold stream l

—| } —

Steam

Figure 3.2 Control of process-to-process heat exchanger using the auxiliary utility.

The relative sizes between the recovery and the utility exchangers must be
established. From a design standpoint we would like to make the recovery exchanger
large and utility exchanger small. This gives the most heat recovery, and it is also the

least expensive alternative from an investment standpoint.

3.6.2 Use of Bypass Control

When the bypass method is used for unit operation control, we have several
choices about the bypass location and the control point. Figure 3.3 shows the most
common alternatives. For choosing the best option, it depends on how we define the
best. Design consideration might suggest, we measure and bypass on the cold side
since it is typically less expensive to install a measurement device and a control valve
for cold service than it is for high-temperature service. Cost consideration would also
suggest a small bypass flow to minimize the exchanger and control valve sizes.

From a control standpoint we should measure the most important stream,
regardless of temperature, and bypass on the same side as well we control (see Fig
3.3.a and c). This minimizes the effects of exchanger dynamics in the loop. We
should also want to bypass a large fraction of the controlled stream since it improves
the control range. This requires a large heat exchanger. There are several general

heuristic guidelines for heat exchanger bypass streams. We typically want to bypass
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the flow of the stream whose temperature we want to control. The bypass should be

about 5 to 10 percent of the flow to be able to handle disturbances.

Haol Stream
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Figure 3.3 Bypass control of process-to-process heat exchangers. (a) Controlling and
bypassing hot stream; (b) controlling cold stream and bypassing hot stream; (c)
controlling and bypassing cold stream; (d) controlling hot stream and bypassing hot
stream.

Finally, we must carefully consider the fluid mechanics of the bypass design

for the pressure drops through the control valves and heat exchanger.



CHAPTER IV

HDA PROCESS

4.1 Process Description

The hydrodealkylation HDA of toluene process (alternative 1) by Douglas
(1988) on conceptual design as in Figure 4.1 contain nine basic unit operations:
reactor, furnace, vapor-liquid separator, recycle compressor, two heat exchangers,
and three distillation columns. Two raw materials, hydrogen, and toluene, are
converted into the benzene product, with methane and diphenyl produced as by-
products. The two vapor-phase reactions are

CHs
A —= O e
Toluene Hydrogen Benzene Methane
()~ o
Benzene Diphenyl Hydrogen

The kinetic rate expressions are functions of the partial pressure (in psia)
of toluene pr, hydrogen py, benzene pg, and diphenyl pp, with an Arrhenius
temperature dependence. Zimmerman and York (1964) provide the following rate

expression:

r; = 3.6858 * 10%exp(-25616/T) pr pr™?
r, = 5.987 * 10%xp(-25616/T) pg’ — 2.553 * 10°exp(-25616/T) pp px

Where r; and r, have units of Ib*mol/(min*ft®) and T is the absolute temperature
in Kelvin. The heats of reaction given by Douglas (1988) are —21500 Btu/lb*mol
of toluene for r; and 0 Btu/Ib*mol for r,.
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The effluent from the adiabatic reactor is quenched with liquid from the
separator. This quenched stream is the hot-side feed to the process-to-process heat
exchanger, where the cold stream is the reactor feed stream prior to the furnace.
The reactor effluent is then cooled with cooling water and the vapor (hydrogen,
methane) and liquid (benzene, toluene, and diphenyl) are separated. The vapor
stream from the separator is split and the remainder is sent to the compressor for
recycle back to the reactor.

The liquid stream from the separator (after part is taken for the quench) is
fed to the stabilizer column, which has a partial condenser component. The
bottoms stream from the stabilizer is fed to the product column, where the
distillate is the benzene product from the process and the bottoms is toluene and
diphenyl fed to the recycle column. The distillate from the recycle column is
toluene that is recycled back to the reactor and the bottom is the diphenyl
byproduct.

Makeup toluene liquid and hydrogen gas are added to both the gas and
toluene recycle streams. This combined stream is the cold-side feed to the
process-to-process heat exchanger. The cold-side exit stream is then heated further
up to the required reactor inlet temperature in the furnace, where heat is supplied

via combustion of fuel.

Figure 4.1 Hydrodealkylation( HDA ) of Toluene Process (alternative 1)

Component physical property data for the HDA process were obtain from
Luyben et al. (1999)
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4.2 Heat Integration of Hydrodealkylation( HDA ) of Toluene Process

Terrill and Douglas (1987) design six different energy-saving alternatives
to the base case. The simplest of these designs (alternative 1) recovers an
additional 29% of the base case heat consumption by making the reactor preheater

larger and the furnace smaller.
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Figure 4.2 HDA process —alternative 1

In alternative 2 (Figure 4.3 ) is the same as alternative 1, except that
recycle column was pressure shifted to be above the pinch temperature, and the

condenser for the recycle column is used to drive the product column reboiler.
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Figure 4.3 HDA process —alternative 2
In alternative 3 part of the heat in the reactor effluent stream is used to
drive the stabilizer reboiler, recycle column was pressure shifted to be above the

pinch temperature, and the condenser for the recycle column is used to drive the

product column reboiler as in Figure 4.
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In alternative 4 the reactor effluent is used to drive the product column

reboiler. recycle column was pressure shifted to be above the pinch temperature
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Figure 4.5 HDA process —alternative 4
For alternative 5, both the stabilizer reboiler and the product column

reboiler are driven consecutively by the reactor effluent stream, recycle column

was pressure shifted to be above the pinch temperature as in Figure 4.6
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In alternative 6 all three column reboilers are driven by the reactor effluent
stream, recycle column was pressure shifted to be above the pinch temperature,
and the condenser for the recycle column is used to drive the product column
reboiler as in Figure 4.7
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Fiaure 4.7 HDA process —alternative 6

The energy saving from the energy integration fall between 29 and 43 %,
but the cost saving are in the range from -1 to 5 %. This work will consider the

HDA 5 and 6 because there are highly heat integrated process.

4.3 Steady State Modeling
First, a steady-state model is built in HYSYS.PLANT, using the flowsheet

and equipment design information, mainly taken from Douglas (1988); Luyben et
al. (1998) to develop for HDA alterative 5 and 6. Figures 4.8 and 4.9 show the
HYSYS flowsheets of the HDA process with energy integration schemes for
alternatives 5 and 6, respectively. The data for the selected streams for these
alternatives are not included in this chapter but listed in Appendix A. For our
simulation, Peng-Robinson model is selected for physical property calculations
because of its reliability in predicting the properties of most hydrocarbon-based

fluids over a wide range of operating conditions. The reaction kinetics of both
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reactions are modeled with standard Arrhenius Kinetic expressions available in
HYSYS.PLANT, and the kinetic data are taken from Luyben et al. (1998).

Since there are many material recycles, as RECYCLE operations in HYSYS
are inserted in the streams. Proper initial values should be chosen for these
streams, otherwise the iterative calculations might converge to another steady-
state due to the non-linearity and unstable characteristics of the process.

When columns are modeled in steady-state, besides the specification of inlet
streams, pressure profiles, numbers of trays and feed tray, two specifications need
to be given for columns with both reboiler and condenser. These could be the
duties, reflux rate, draw stream rates, composition fractions, etc. We chose reflux
ratio and overhead benzene mole fraction for the stabilizer column. For the
remaining two columns, bottom and overhead composition mole fractions are

specified to meet the required purity of products given in Douglas (1998). The tray

sections of the columns are calculated using the tray sizing utility in HYSYS,
which calculates tray diameters based on Glitsch design parameters for valve
trays. Though the tray diameter and spacing, and weir length and height are not
required in steady-state modeling, they are required for dynamic simulation.

The bypass flow of the process to process heat exchanger is designed at 5% of
total flowrates. In order to increase the upper limit of bypass flow, the percent
opening of bypass valve at 5% of total flowrates is design 3% opening valve for
steady state design.

For the process to process heat exchanger, we would like to over design area
heat exchanger in dynamic mode to increase the control range. This can do in
HYSYS simulator by increasing UA of heat exchange.

Before the simulation change mode from steady state mode to dynamic
mode, the sizing equipment has to specify. The data and specifications for the

equipments are summarized in Appendix B.
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CHAPTER V

DESIGN OF WORKABLE HEAT-INTEGRATED HDA
PROCESS WITH MINIMUM AUXILIARY UNTILITY UNITS

For complex heat-integrated process, the heater and cooler are replaced by
process to process heat exchanger. To control a highly heat integration scheme, design
modifications to process is needed to ensure controllability and operability. Luyben
(1999) solves some of the control difficulties by adding auxiliary utility to the end of
hot and cold streams that have no utility unit in order to assure target temperature each
stream when disturbance come through the process. The many auxiliary units
introduce the rising economic cost therefore the purpose in this chapter is to illustrate
the strategy for design of workable process for highly heat integrated process with
minimum auxiliary utility units. Addition, this strategy is applied to HDA process

with complex energy integration alternatives 5 and 6.

5.1. The Strategy for Estimating the Minimum Auxiliary Utility Units
Our strategy for design workable heat-integrated HDA process with minimum

auxiliary utility units comprising of 4 steps, is described as follows:

1) Determined the Expected Disturbances and Their Magnitudes
The disturbance load requirement is determined in this step. Only
temperature. variation is considered. here.. The magnitude of the variation in

this work is + 10 °C as sensible heat load variation.

2. Design the Worst Case Conditions
Wongsri (1990) defined four extreme conditions in order to design
resilient heat exchanger network. Two of them are used to be worst case

conditions as follows:
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2.1. Minimum Heating Condition.

This is a condition where hot process streams are at their minimum
heat loads (minimum cooling requirement) whereas cold process streams are
at their maximum heat loads (maximum heating requirement). For example,
inlet temperatures of hotand cold streams are the lowest. This worst case
condition will be used to estimate the minimum number of auxiliary heating

units at the end of cold streams.

2.2. Maximum Cooling Condition.

This is a condition hot process streams are at their maximum heat loads
(maximum cooling requirement) whereas cold process streams are at their
minimum heat loads (minimum heating requirement). For example, inlet
temperatures of hot and cold streams are the highest. Therefore this worst case
condition will be used to estimate the minimum number of auxiliary cooling
units at the end of hot streams.

In previous step, the magnitude disturbance is +10 °C. Hence
minimum heating condition is a condition where hot and cold process streams
are the temperature at normal operating condition (Tnorma) Minus 10°C (see
Figure 5.1.a). For maximum cooling condition, hot and cold process streams
are the temperature at normal operating condition (Thorma) plus 10°C (see
Figure 5.1.b).

Tnormal‘lOOC Tnormal+1OUC
0 e > H () >
Hot stream I Tnormal'looc Hot stream I Tnormal+100C
) Cold stream ¥ Cold stream
exchanger exchanger
(a) (b)

Figure 5.1 Worst Case Condition (a) Minimum heating (b) Maximum cooling

condition
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3. Design Heat Pathways for the Worst Case Conditions

When disturbance load come to hot and cold process streams, the
important thing is how to remove disturbance load. It has a few heat pathways
to remove disturbance. However the heat pathway that can achieve dynamic

maximum energy recovery (DMER) is considered in this work.

3.1. Disturbance Loads and Propagations

In the process heat integration, there are two kinds of disturbance loads
(Wongsri, 1990). The first disturbance load is Positive disturbance load D+ i.e.
a disturbance that will increase the heat load of stream. For example, when
the inlet temperature of a disturbed hot stream increases or when the inlet
temperature of a disturbed cold stream decreases. The second disturbance
load is Negative disturbance load D- i.e. a disturbance that will decrease the
heat load of stream. For example, when the inlet temperature of a disturbed
hot stream decreases or when the inlet temperature of a disturbed cold stream
increases. The shift approach is presented by Wongsri, 1990 that the
disturbance load can be viewed as a heat packet that must be propagated as
much as possible by transferring or shifting it to heat sinks (coolers) or heat
sources (heater) of a network such as a simplified heat exchanger network as
shown in Figure 5.2. Another concept that will be used together with shift
approach is disturbance propagation design (Wongsri, 1990) as the disturbance

load of a smaller heat load stream will be shifted to a larger heat load stream.

H

Figure

-] == y O C - == \_/.( """"""" C

Cooler

Heat Heat

Heater Cold stream Heater Cold stream
exchanger exchanger
(a) (b)
5.2 the Disturbance Load is Propagated to Heater and Cooler (a) positive and

negative disturbance load in hot stream cases (b) positive and negative disturbance

load in

cold stream cases

3.2. Design of Heat Pathways to achieve dynamic maximum energy recovery
(DMER)
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Wongsri and Hermawan (2005) proposed the heat pathway heuristics

(HPH) that is used for selecting an appropriate heat pathway to carry
associated load to a utility in order to achieve dynamic maximum energy
recovery (DMER) such as the positive effects of the disturbance loads on the
utility requirements, we attempt to shift the heat load disturbances to either
heater or cooler utility unit in a way that the DMER is realized. Therefore, the
utility duties of these units will be decreased as the disturbance is entering the
process. A simplified heat exchanger network as shown in Figure 4.5 is used
to explain how an appropriate heat pathway should be activated to carry
associated load to the utility unit. For instance, when the inlet temperature of a
disturbed cold stream decreases, path 1 (Figure 5.3.a) should be activated by
controlling the cold outlet temperature of heat exchanger. This will have the
effect of shifting the positive disturbance load to the cooler. Thus, the positive
disturbance load of a cold stream will result in decrease of the cooler duty.
Consider the case when the inlet temperature of a disturbed cold stream
increases, path 2 (Figure 5.3.b) should be activated by controlling the hot
outlet temperature of heat exchanger to shift its negative disturbance load to
heater. Thus, the negative disturbance load of a cold stream will result in
decrease of the heater duty. On the other hand, when the inlet temperature of
a disturbed hot stream increases, path 3 (Figure 5.3.c) should be activated by
controlling the hot outlet temperature of heat exchanger to shift its positive
disturbance load to heater. As a result, the heater duty will be decreased.
Consider the case when the inlet temperature of a disturbed hot stream
decreases, path 4 (Figure 5.3.d) should be activated by controlling the cold
outlet temperature of heat exchanger to shift its negative disturbance load to
cooler. As a result, the cooler duty will be decreased. The appropriate heat
pathways for each disturbance are summarized in table 5.1.
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H -
Hot stream
- C
Heater Heat Cold stream
exchanger
@
H |
Hot stream
- C
Heater Heql Cold stream
exchanger
(b)
S\
N\
Cooler
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Heater Hsat Cold stream
exchanger
()
H p [
_@ »\_/ >
Hot stream Cooler
- C
Heater — Cold stream
exchanger
(d)

Figure 5.3 Heat Pathways through  HEN with single heat exchanger to achieve
DMER, where: (a) path 1 is used to shift the positive disturbance load of the cold
stream to the cooler, (b) path 2 is used to shift the negative disturbance load of the
cold stream to heater, (c) path 3 is used to shift the positive disturbance load of the hot
stream to heater, and (d) path 4 is used to shift the negative disturbance load of hot

stream to the cooler.
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Table 5.1 the Appropriate Utility for Removing Disturbance Loads to Achieve

DMER
. appropriate utility for
disturbance load source achieved DMER
Positive disturbance | the inlet temperature of cold
Load(D+) of cold stream stream decreases cooler
Positive disturbance the inlet temperature of hot heater
load(D+) of hot stream stream increases
Negative disturbance | the inlet temperature of cold
. heater
load(D-) of cold stream stream increases
Negative disturbance the inlet temperature of hot cooler
load(D-) of hot stream stream decreases

Therefore in our worst case, the appropriate heat path way for

minimum heating condition is shifting of the disturbance load to cooler (see

figure 5.4.a).Another worst case, the appropriate heat path way for maximum

cooling condition is shifting of the disturbance load to heater (see figure

5.4.b).

Tnormal‘1 0°C

H D- }——— >
Cooler
Hot stream o
Tnormal‘10 C
- C
Heater Cold stream
exchanger
(@
Tnormal"’100C
H D+ () >
Cooler
Hot stream o
| Tnormall"'10 C
R Ops CuT:
Heater Heat Cold stream
exchanger
(b)

Figure 5.4 the Appropriate Heat Pathway for the Worst Case Condition a) minimum

heating condition b) maximum cooling condition
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4. Estimated the Minimum Auxiliary Utility Units
The minimum auxiliary utility unit is estimated in this step consists of

2 parts as estimated the minimum auxiliary heating and cooling units

4.1. Estimated the Minimum Auxiliary Heating Units

In this part, the minimum heating condition (see figure 5.1.a) is
employed to heat exchanger network and then the disturbance load is
dissipated to cooler that is the appropriate heat path way. If the end of cold
stream can’t achieve target temperature at worst case condition, the auxiliary

heating unit has to be employed.

4.2. Estimated the Minimum Auxiliary Cooling Units

For this part, the maximum cooling condition (see figure 5.1.b) is
employed to heat exchanger network and then the disturbance load is
dissipated to heater that is the appropriate heat pathway. If the end of hot
stream can’t achieve target temperature in worst case condition, the auxiliary

cooling unit has to be employed.

5.2. Evaluated the Minimum Auxiliary Utility Units for HDA Process with
Complex Energy Integration Alternatives 5 and 6

The minimum auxiliary utility units for HDA process with complex energy
integration alternatives 5 and 6 are proposed in this part and our strategy will be
applied.

5.2.1 Evaluated the Minimum:Auxiliary Utility Units for HDA Process with
Complex Energy Integration Alternative 5

Heat exchanger network of HDA process alternative 5 is presented in figure
5.5. H1 is the quenched reactor product stream, and H2 is the hot-side stream from the
top tray of recycle column. C1 is the reactor feed steam prior to the furnace. C2 and
C3 are the cold-side steams coming from the bottom of product and stabilizer,
respectively.



Reboiler Reboiler Condenser
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Figure 5.5 Heat Exchanger Network of HDA Process Alternative 5

1) Determined the Expected Disturbances and Their Magnitudes

Disturbance load for HDA process alternative 5 is defined that the

magnitude of the disturbance variation is +10 °C from normal operating

temperature (see table 5.2).

Table 5.2 the Magnitude of Disturbance Load for Heat Exchanger Network HDA

Process Alternative 5

Disturbance load
Stream _ Maximum _ Minimum

inlet temperature | inlet temperature
( Tnormal"']-OOC ) ( Tnormal'looc )

H1 631.09 611.09

H2 192.14 182.13*

C1 76.42 56.42

C2 154.00 134.00

C3 200.00 180.00

Note * the phase change occurs in this stream from gas to liquid when
the inlet temperature decreases by 10 °C. This will make a huge disturbances
load. In order to avoid this problem, the heat flow in this stream is decreased
equal to the amount of sensible heat for 10 °C. Therefore this stream will
decrease to 182.13 °C.
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2. Design the Worst Case Conditions

2.1. Minimum Heating Condition.
This is a condition where the inlet temperatures of hotand cold streams

are the lowest (see table 5.3).

Table 5.3 the Inlet Temperature of Heat Exchanger Network HDA Process

Alternative 5 at Minimum Heating Condition

Stream inlet temperature
( Tnormal']-OOC )
H1 611.09
H?2 182.13
C1 56.42
C2 134.00
C3 180.00

2.2. Maximum Cooling Condition.
This is a condition where the inlet temperatures of hotand cold streams
are the highest (see table 5.4).

Table 5.4 the Inlet Temperature of Heat Exchanger Network HDA Process

Alternative 5 at Maximum Cooling Condition

Stream inlet temperature
( Tnormal"':l-OOC )
H1 631.09
H2 192.14
Ci 76.42
Cc2 154.00
C3 200.00

3. Design Heat Pathways for the Worst Case Conditions

3.1. Minimum Heating Condition.
In order to achieve DMER for minimum heating condition, the
disturbance load is dissipated to cooler. Therefore the appropriate heat

pathway at minimum heating condition is designed as show in figure 5.6.



Reboiler Reboiler Condenser
FEHE2 Stabilizer Product Recycle FEHEI1
Column Column Column
HI \_/)
182.13
H2
Furnace
-¢
-

Figure 5.6 Design Heat Pathway at Minimum Heating Condition for Heat Exchanger

Network HDA Alternative 5

3.2. Maximum Cooling Condition.

In order to achieve DMER for maximum cooling condition, the
disturbance load is dissipated to heater as furnace. Therefore the appropriate

heat pathway at minimum heating condition is designed as show in figure 5.7.

Reboiler Reboiler Condenser
FEHE2 Stabilizer Product Recycle FEHEI1
Column Column Column
6311\ e\ e
N =S 2 H T R
b Cooler
192.14 180.1
H2 (O
W
76.4
e 1
Furnace \
R 200
- (Ore== C3

Figure 5.7 Design Heat Pathway at Maximum Cooling Condition for Heat Exchanger

Network HDA Alternative 5
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4. Estimated the Minimum Auxiliary Utility Units
The heat exchanger network of HDA process alternative 5 at normal

operating condition is showed in figure 5.8.

Reboiler Reboiler Condenser
FEHE2 Stabilizer Product Recycle FEHE1
Column Column Column Cooler

Hi 300\ 2599  191.4

N\ 7\ 106.9 45
\/ /
2584 kW
0 182.14 /L 180.1
/

621 513.1 141 66.4
‘7@( ) c1
4016 kW 11880 kW 3131 kW

165.1 164.8 144

- O W, C2
1388 kW 2062 kW

203 R 190

< C_/ C3

1274 kW

Figure 5.8 the Heat Exchanger Network of HDA Process Alternative 5 at Normal
Operating Condition

4.1. Estimated the Minimum Auxiliary Heating Units

The minimum heating condition (see table 5.3) is introduced to heat
exchanger network and then the disturbance load is dissipated to cooler as
show in figure 5.6,

From the simulation results in figure 5.9, all the end of cold streams
can achieve the target temperature except C2 stream. Although the outlet hot
stream-of reboiler product column-decrease to. 174.3 °C as-maximum energy
recovery (ATmin = 10 °C) however the end of C2 stream still can’t achieve the
target temperature (165.1 °C).Therefore one auxiliary heating unit has to be

employed at the end of C2 stream.
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Reboiler Reboiler Condenser
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Figure 5.9 the Heat Exchanger Network of HDA Process Alternative 5 at Minimum
Heating Condition

4.2. Estimated the Minimum Auxiliary Cooling Units

The maximum cooling condition (see table 5.4) is introduced to heat
exchanger network and then the disturbance load is dissipated to heater as
show in figure 5.7.

From the simulation results in figure 5.10, all the end of hot streams

can achieve the target temperature. Therefore auxiliary cooling unit has not to

be employed.
Reboiler Reboiler Condenser
FEHE2 Stabilizer Product Recycle FEHEI1
Column Column Column Cooler
631.1,\ 300 263.2 205.4 /7 _106.9 45
el =\ NN >
A A 2586 kW
192.14 180.1
H2 ¢
Furnace v
621 544.8 7 159.7 X (.. 184
O U C1
4016 kW 12320 kW | 3543 kW
.. 165.5 Yl 154
<1851 () TNt 2
-/ U/
1757 kW 1466 kW
203 e 200,
- ()= C3
-/

1172 kW
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Figure 5.10 the Heat Exchanger Network of HDA Process Alternative 5 at Maximum
Cooling Condition

The simulation results show that the HDA process alternative 5 needs

only one auxiliary heating unit at the end of the cold-side steams coming from

the bottom of product as auxiliary reboiler for product column see in figure

5.11.
Purge
H, Feed Gas Recycle — f
L
Tolueneyy | - ™ >
Feed A | | FEHE1 |~ | FEHE2 |~ (Furnance[ | Reactor Water | |p1ach
o |_ <'| Cooler
Toluene
Recycle H,, CH,4
gl\ N
= o =
» £ Y | E E
= L} Benzene | = ERp
[~ = Z e
@) O |la S
2 E 5
g 3 =
& ~ & y 3
A Auxiliary =
Reboiler \rl/ \l-/
Diphenyl

Figure 5.11 the HDA Process Alternative 5 with Minimum Auxiliary Utility Unit

5.2.1 Evaluated the Minimum Auxiliary Utility Units for HDA Process with
Complex Energy Integration Alternative 6

Heat exchanger netwark of HDA process alternative 6 is presented in figure
5.12. H1 is the quenched reactor product stream, and H2 is the hot-side stream from
the top tray of recycle column. C1 is the reactor feed steam prior to the furnace. C2,
C3 and C4 are the cold-side steams coming from the bottom of product, stabilizer, and

recycle columns, respectively.
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Reboiler Reboiler Reboiler Condenser
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Figure 5.12 Heat Exchanger Network of HDA Process Alternative 6

1) Determined the expected disturbances and their magnitudes

Disturbance load for HDA process alternative 6 is defined that the

magnitude of the disturbance variation is +10 °C from normal operating

temperature (see table 5.5).

Table 5.5 the Magnitude of Disturbance Load for Heat Exchanger Network HDA

Process Alternative 6

Disturbance load
Strehm . Maximum \ Minimum
inlet temperature inlet temperature
(T,+10°C) (T,-10°C)
H1 631.09 611.09
H2 192,18 182.15*
C1 76.42 56.42
C2 154.00 134.00
C3 200.00 180.00
C4 359.22 339.22

Note * the phase change occurs in this stream from gas to liquid when

the inlet temperature decreases by 10 °C. This will make a huge disturbances

load. In order to avoid this problem, the heat flow in this stream is decreased

equal to the amount of sensible heat for 10 °C. Therefore this stream will

decrease to 182.15 °C.
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2. Design the Worst Case Conditions

2.1. Minimum Heating Condition.
This is a condition where the inlet temperatures of hotand cold streams

are the lowest (see table 5.6).

Table 5.6 the Inlet Temperature of Heat Exchanger Network HDA Process

Alternative 6 at Minimum Heating Condition

Stream inlet temperature
( Tnormal']-OOC )
H1 611.09
H?2 182.15
C1 56.42
C2 134.00
C3 180.00
C4 339.22

2.2. Maximum Cooling Condition.
This is a condition where the inlet temperatures of hotand cold streams
are the highest (see table 5.7).

Table 5.7 the Inlet Temperature of Heat Exchanger Network HDA Process

Alternative 6 at Maximum Cooling Condition

Stream inlet temperature
( Tnormal+100C )
H1 631.09
H2 192.18
C1 76.42
C2 154.00
C3 200.00
C4 359.22

3. Design Heat Pathways for the Worst Case Conditions

3.1. Minimum Heating Condition.
In order to achieve DMER for minimum heating condition, the
disturbance load is dissipated to cooler. Therefore the appropriate heat

pathway at minimum heating condition is designed as show in figure 5.13.
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Figure 5.13 Design Heat Pathway at Minimum Heating Condition for Heat
Exchanger Network HDA Alternative 6

3.2. Maximum Cooling Condition.
In order to achieve DMER for maximum cooling condition, the
disturbance load is dissipated to heater. Therefore the appropriate heat

pathway at maximum cooling condition is designed as show in figure 5.14.
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Figure 5.14 Design Heat Pathway at Maximum Cooling Condition for Heat
Exchanger Network HDA Alternative 6
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The heat exchanger network of HDA process alternative 6 at normal

operating condition is showed in figure 5.15.

Reboiler Reboiler Reboiler Condenser
FEHE3 Recycle FEHE2 Stabilizer Product Recycle FEHE1
Column Column Column Column Cooler
H1 6211 4358 390.5 ™ 304.5 N 264.77 199.4 /N 106.9 43
/ / -/
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165.1 165 144
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Figure 5.15 the Heat Exchanger Network of HDA Process Alternative 6 at Normal

Operating Condition

4.1. Estimated the Minimum Auxiliary Heating Units

The minimum heating condition (see table 5.6) is introduced to heat

exchanger network and then the disturbance load is dissipated to cooler as

show in figure 5.13.

From the simulation results in figure 5.16, all the end of cold streams

can achieve the target temperature except C2 stream. Although the outlet hot

stream of reboiler product column-decrease to 174.4 °C as maximum energy

recovery (ATmin =10 °C) however the end of C2 stream still can’t achieve the

target temperature (165.1 °C).Therefore one auxiliary heating unit has to be

employed at the end of C2 stream.
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Reboiler Reboiler Reboiler Condenser
FEHE3 Recycle FEHE2 Stabilizer Product Recycle FEHE1
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Figure 5.16 the Heat Exchanger Network of HDA Process Alternative 6 at Minimum
Heating Condition

4.2. Estimated the Minimum Auxiliary Cooling Units

The maximum cooling condition (see table 5.7) is introduced to heat
exchanger network and then the disturbance load is dissipated to heater as
show in figure 5.14.

From the simulation results in figure 5.17, all the end of hot and cold

stream can achieve the target temperature therefore auxiliary cooling unit have
not to be employed.
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Figure 5.17 the Heat Exchanger Network of HDA Process Alternative 6 at Maximum
Cooling Condition
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The simulation results show that the HDA process alternative 6 needs
only one auxiliary heating unit at the end of the cold-side steams coming from

the bottom of product as auxiliary reboiler for product column see in figure

5.18.
Gas Recycle Purge
H, Feed h i‘ A
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Figure 5.18 the HDA Process Alternative 6 with Minimum Auxiliary Utility Unit

5.3 Comparison the Number of Auxiliary Utility Unit Between our Strategy and
Lyben (1998)’s Suggestion for HDA Process with Highly Heat-integrated Process
Alternatives 5 and 6

HDA process alternative 6 is highly heat-integrated process. In order to solve
some of the control difficulties for highly heat-integrated process, Luyben (1998)
suggested that the auxiliary utility unit should be employed to improve controllability.
In figure 5.20 we show HDA process alternative 6 that uses three auxiliary reboilers
and one auxiliary condenser. Using the same suggestion by Luyben for HDA process
alternative 5, we found that two auxiliary reboilers and one auxiliary condenser are

employed as show in figure 5.109.
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Figure 5.19 HDA Process Alternative 5 with two Auxiliary Reboilers and one

Auxiliary Cooler
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Figure 5.20 HDA Process Alternative 6 with three Auxiliary Reboilers and one
Auxiliary Cooler

For our strategy, we found that only one auxiliary reboiler required to
guarantee workable heat-integrated HDA process alternatives 5 and 6. The

comparison the number of auxiliary utility unit between our strategy and Lyben for
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HDA process with highly heat-integrated process alternatives 5 and 6 is summarized
in table 5.8.

Table 5.8 Comparison the Number of Auxiliary Utility Unit between our Strategy and
Lyben for HDA Process with Highly Heat-integrated Process Alternatives 5 and 6

Number of auxiliary utility unit
auxiliary utility unit HDA alternative 5 HDA alternative 6
Lyben Our strategy | Lyben | Our strategy
auxiliary reboiler 2 1 3 1
auxiliary cooler i - 1 -
total 3 1 4 1

In table 5.8, we found that our strategy can decrease number of auxiliary
utility unit by 2 and 3 for HDA alternatives 5 and 6, respectively.

The new plantwide control structure for HDA alternatives 5 and 6 will propose
in next charter. The control performance of HDA alternatives 5 and 6 with minimum
auxiliary utility unit will be compared with HDA alternatives 5 and 6 with auxiliary
utility unit suggested by Luyben.

Figures 5.20 and 5.21 show Hysy flowsheet of the steady state modeling of
highly heat integrated HDA Process alternative 5 with three and minimum auxiliary
utility unit, respectively.

Figures 5.22 and 5.23 show Hysy flowsheet of the steady state modeling of
highly heat integrated HDA process alternative 6 with four and minimum auxiliary

utility unit, respectively.
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CHAPTER VI

CONTROL STRUCTURES DESIGN
AND DYNAMIC SIMULATION

Maintaining the plant energy and mass balances are the essential task of
plantwide for a complex plant consists of recycle streams and energy integration when
the disturbance load come through the process. The control system is needed to reject
loads and regulate an entire process into a design condition to achieve its objectives
therefore our purpose of this chapter is to present the new control structures of highly
energy integrated HDA process (alternatives 5 and 6) with auxiliary utility units that
suggested by Luyben (1998) and with minimum auxiliary utility units that is proposed
in previous chapter. Moreover, the three new designed control structures are also
compared between minimum auxiliary utility units and auxiliary utility units that
suggested by Luyben based on rigorous dynamic simulation by using the commercial
software HYSYS.

6.1 Plantwide Control Design Procedure for HDA Process Alternatives 5 and 6
The plantwide control structures in the HDA process alternatives 5 and 6 are

designed based on the heuristic design procedure given by Luyben et al.(1999) and

discussed below.

HDA

Step 1 Establish Control Objectives.

For this process, the essential is to produce pure benzene while minimizing
yield losses of hydrogen and diphenyl. The reactor effluent gas must be quenched to

621.1 °C to prevent coking and byproduct formation. The design a control structures

for process associate with energy integration can be operated well.
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Step 2 Determine Control Degree of Freedom.

There are 25 control degrees of freedom in HDA alternative 5. They include;
two fresh feed valves for hydrogen and toluene; two bypass valve for two feed
effluent heat exchangers (FEHE); purge valve; separator base and overhead valves,
cooler cooling water valve; liquid quench valve; furnace fuel valve; stabilizer column
bottoms, reboiler bypass valve, cooling water, and vapor product valves; product
column bottoms, reboiler bypass valve, reflux, distillate, and cooling water valves;
and recycle column bottoms, reboiler bypass valve, reflux, distillate, and cooling
water valves. For HDA alternative 6, there have three feed effluent heat exchangers
therefore the control degrees of freedom is 26.

Step 3 Establish Energy management system.

The reactor operates adiabatically, so for a given reactor design the exit
temperature depends upon the heat capacities of the reactor gases, reactor inlet
temperature, and reactor conversion. Heat from the adiabatic reactor is carried in the

effluent stream and is not removed from the process until it is dissipated to utility in

the separator cooler. Energy management of reaction section is handled by controlling
the inlet and exit streams temperature of the reactor. Reactor inlet temperature must
be controlled by adjusting fuel to the furnace and reactor exit temperature must be
controlled by quench to prevent the benzene yield decreases from the side reaction.

In addition, a selective controller with low selector switch (LSS) is employed
at FEHE no.1 to select an appropriate heat pathway to carry the associated load to a
cooling or heating utility unit. The dynamic maximum energy recovery (DMER) can
achieve.

In order to keep supplied heat load and guarantee workable HDA process
alternative 5 with-minimum auxiliary utility units, the bypass valve of FEHE no.2 is
used to control the inlet hot stream of stabilizer column reboiler. The same concept is
also applied to HDA process alternative 6, the bypass valve of FEHE no.2 is used to
control the inlet hot stream of reboiler in stabilizer column(R1) and the bypass valve
of FEHE no.3 is used to control the inlet hot stream of reboiler in recycle column(R3).

The auxiliary utility units are employed for highly heat integrated process. The
minimum heat load of auxiliary utility unit is optimum operation therefore the split

range control is used in this work to achieve optimum operation.
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Step 4 Set Production Rate.

Many control structures, there are not constrained to set production either by
supply or demand. Considering of the kinetics equation is found that the only three
variables could be potentially dominant for the reaction rate; pressure, temperature
and toluene concentration (limiting agent). Pressure is not a variable choice for
production rate control because of the compressor has to operate at maximum
capacity for yield purposes. This gives us two viable options: change reactor inlet
temperature or inlet toluene composition. We select toluene composition. This allows
us to control the total flow of toluene to reactor (recycle plus fresh). Fresh toluene
feed flow is used to control toluene inventory reflected in the recycle column
overhead receiver level as an indication of the need for reactant makeup. Controlling

the total toluene flow sets the reactor composition indirectly.

Step 5 Control Product Quality and Handle Safety, Operational, and
Environmental Constraints.

The distillate stream from the product column is salable benzene. Benzene
quality can be affected primarily by two components, methane and toluene. Any

methane that leaves in the bottoms of the stabilizer column contaminates the benzene
product. The separation in the stabilizer column is used to prevent this problem by
using a temperature to set column stream rate (boil-up). Toluene in the overhead of
the product column affect to benzene quality. Benzene purity can be controlled by

manipulating the column steam rate (boil up) to maintain temperature in the column.

Step 6 Control Inventories and Fix a Flow in-Every Recycle Loop.

The recycle flow. of toluene should be  fixed. Four pressures must be
controlled: in the three distillation columns and in the gas loop. The pressure in the
gas loop is controlled with the fresh hydrogen feed flow since it indicates hydrogen
inventory in the gas recycle loop. In the stabilizer column, vapor product flow is the
most direct manipulator to control pressure. In the product and recycle columns,
pressure control can be achieved by manipulating cooling water flow to regulate
overhead condensation rate. In HDA process alternatives 5 and 6, since heat-

integrated distillation system was used for both the product and recycle columns, the
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cold inlet stream of process-to-process-heat-exchanger (condenser/reboiler) is
bypassed and manipulated to control pressure in the recycle column.

Seven liquid levels are in the process: separator and two (base and overhead
receiver) in each column. The most direct way to control separator level is with the
liquid flow to the stabilizer column. Then stabilizer column overhead receiver level is
controlled with cooling water flow and base level is controlled with bottoms flow. In
the product column and recycle column, distillate flow controls overhead receiver

level and bottoms flow controls base level.

Step 7 Check Component Balances.

Methane is purged from the gas recycle loop to prevent it from accumulating,
and its composition can be controlled with purge flow. Diphenyl is removed in the
bottoms stream from the recycle column, where steam flow control the temperature.
The inventory of benzene is accounted for via temperature and overhead receiver
level control in the product column. Toluene inventory is accounted for via level
control in the recycle column overhead receiver. Purge flow and gas-loop pressure

control account for hydrogen inventory.

Step 8 Control Individual Unit Operations.

In this step, the rest degrees of freedom are assigned for control loops within
individual units. Cooling water flow to the cooler controls the separator temperature.
Reflux to the stabilizer, product, and recycle columns can be flow controlled because
there is no requirement at the unit operations level to do anything beyond this.

Step 9 Optimize Economics or Improve Dynamic Controllability.

The basic regulatory strategy has now been established. Some freedom is used
to select several controller set points to optimize economics and plant performance.
Such as, the set point for the methane composition controller in the gas recycle loop
must balance the trade-off between yield loss and reactor performance. Reflux flows

to the stabilizer, product, and recycle columns must be determined based upon column
energy requirement and potential yield losses of benzene (in the overhead of the
stabilizer and recycle columns) and toluene (in the base of the recycle column).Since
the separations are easy, in this system economics indicate that reflux flows would

probably be constant.
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6.2 Design of Plantwide Control for HDA Process Alternative 5 with three
Auxiliary Utility Units and Minimum Auxiliary utility units

The three new control structures are designed for HDA process alternative 5
with three auxiliary utility units that is suggested by Luyben and the same three new
design is also employed to HDA process alternative 5 with minimum auxiliary utility

units to compare dynamic behavior.

6.2.1 Control Structure 1 (CS1) for HDA Process Alternative 5 with three
Auxiliary Utility Units

This control structure is shown in Figure 6.1 and the controller parameters are
given in table 6.1. For control structure, the all bypass valve of 2 feed effluent heat
exchangers (FEHES) are employed on cold side to control outlet temperature. A
selector controller with low selector switch (LSS) is employed at FEHEL to select an
appropriate heat pathway. This control system involves one manipulated variable and
two controlled variables and works as follows: The hot outlet temperature of FEHE1
is controlled at its nominal set point by manipulating bypass valve of FEHEL. At the
same time, the cold outlet temperature of FEHE1 should not be allowed to drop below
a lower limit value, which is necessary to keep the furnace duty at a good level.
Whenever the cold outlet temperature of FEHE1 drops below the allowable limit due
to, for example, a disturbance load entering the process, the LSS switches the control
action to the cold outlet temperature control, and decrease the percent opening of
bypass valve at FEHEL. As a result, the cold outlet temperature of FEHEL will rise to
its normal temperature and the hot outlet temperature of FEHE1 will be further
decreased, so the cooler duty will also be decreased. Whenever the cold outlet
temperature of FEHE1L increases above a lower limit, i.e. a desired-condition during
operation, due to the disturbance load entering the process, the LSS switches the
control action to the hot outlet temperature of FEHEL. Consequently, the hot outlet
temperature of FEHE1 will drop to its normal temperature and the cold outlet
temperature of FEHE1 will be further increased, so the furnace duty will also be
decreased.

Since the hot reactor product is used to drive reboiler in the two columns (R1
and R2), part of this stream is bypassed and manipulated to control the tray
temperatures in the two columns. The hot outlet temperatures of FEHE2 (the

temperature at the entrance of the reboilers at stabilizer column) are controlled by
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manipulating the bypass valves of FEHE2 in odder to prevent the propagation of
thermal disturbance to the separation section.

Since the three auxiliary utility units consist of two auxiliary reboilers at
stabilizer column and product column and one auxiliary condenser at recycle column.
There are employed next to process to process heat exchanger as reboiler or
condenser unit as show in figure 6.1. The optimum operation would be to minimize
the heat load of auxiliary utility units. One way to do this is the using split range
control. This control system involves two manipulated variable (the bypass valve of
process to process heat exchanger and heat load of auxiliary utility unit) and one
controlled variables (temperature or pressure) and works as for example: if the
decreasing disturbance loads of hot stream occurs at reboiler and then the percent
opening of bypass valve at reboiler will decrease in order to increase heat transfer at
reboiler until the target tray temperature achieves. The heat load of the auxiliary
utility units will be used when the bypass valve is full close but the target tray
temperature still can’t achieves the target tray temperature. Therefore the split range
control is used for the tray temperature control in stabilizer column and product
column by manipulating the bypass valve of reboiler and the heat load of the auxiliary
reboiler. Beside for recycle column, the split control is also applied to control column
pressure by manipulating the bypass valve of condenser (CR) and the heat load of the
auxiliary condenser.

Since the temperature profile in the recycle column is very sharp because of
temperature changes from tray to tray. This means that the process gain is very large
when a single tray temperature is controlled. The standard solution for this problem is
to use an average (AVG) temperature of several trays instead of a single tray (Luyben,
2002).

A heat exchanger (i.e. as a heat source or a heat sink) is artificially installed in
the hot-side stream (i.e. the exchanger X1 in fig. 6.1) in order to make the disturbance
loads of the hot stream (i.e. the hot reactor product). Note that, this exchanger is not
used in the real plant, and the temperature controller TCX1 is set to be “off” whenever
it is not used to make the disturbances.

The control structure and controller parameter are given in table 6.1. P
controllers are used for level loops, PI controllers for the pressure and flow loops and

PID controllers for temperature loop.
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6.2.2 Control Structure 2 (CS2) for HDA Process Alternative 5 with three
Auxiliary Utility Units

This control structure is shown in figure 6.2 and the controller parameter is
given in table 6.2. The major loops in this control structure are the same as CS1
except for control loop at FEHE. The all bypass valve of 2 FEHEs will be employed

on hot side to control outlet temperature.

6.2.3 Control Structure 3 (CS3) for HDA Process Alternative 5 with three
Auxiliary Utility Units

This control structure is shown in Figure 6.3 and the controller parameter is
given in table 6.3. The major loops in this control structure are the same as CS1
except for temperature control in product distillation column. The temperature control
in product distillation column is two point controls as the tray 12 and tray 17

temperature controls.

6.2.4 Control Structure 1 (CS1) for HDA Process Alternative 5 with Minimum
Auxiliary Utility Units

The same control structure 1 for HDA process alternative 5 with three
auxiliary utility units is employed to HDA process alternative 5 with minimum
auxiliary utility units (figure 6.4). Since the number of minimum auxiliary utility unit
for HDA process alternative 5 is only one unit therefore the split range control will be
employed only one for product column to control the tray temperature. The control

structure and controller parameter are given in table 6.4.

6.2.5 Control Structure 2 (CS2) for HDA Process Alternative 5 with Minimum
Auxiliary utility units

The same. control structure 2 for HDA process alternative 5 with three
auxiliary utility units is employed to HDA process alternative 5 with minimum
auxiliary utility units (figure 6.5). Since the number of minimum auxiliary utility unit
for HDA process alternative 5 is only one unit therefore the split range control will be
employed only one for product column to control the tray temperature. The control

structure and controller parameter are given in table 6.5.
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6.2.6 Control Structure 3 (CS3) for HDA Process Alternative 5 with Minimum
Auxiliary utility units

The control structure 3 for HDA process alternative 5 with three auxiliary
utility units is employed to HDA process alternative 5 with minimum auxiliary utility
units (figure 6.6). Since the number of minimum auxiliary utility unit for HDA
process alternative 5 is only one unit therefore the split range control will be
employed only one for product column to control the tray temperature. The control

structure and controller parameter are given in table 6.1.
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Table 6.1 Control Structure and Controller Parameter for HDA Process Alternative 5

with three Auxiliary Utility Units: Control Structure 1

controller | controlled variable manipulated variable type Kc Ti Td
FCtol total toluene flow rate fresh feed toluene valve (V2) Pl 0.5 0.3 -
PCG gas recycle stream fresh feed hydrogen valve (V1) Pl 2 10 -
pressure
CCG methane in gas recycle purge valve (V4) Pl 0.5 15 -
TCQ quenched temperature quench valve (V6) PID | 0.399 | 0.404 | 0.0897
TCR reactor inlet furnace duty (qfur) PID | 0203 | 0423 | 0094
temperature
TCS separator temperature cooler duty (qcooler) PID | 0.898 | 0.359 | 0.0789
TCElc FEHE2 cold inlet FEHEL1 bypass cold stream PID | 0736 | 0388 | 0.0863
temperature valve (VBP1)
TCELh | cooler inlet temperature | | ICL DYPass cold stream PID | 0.730 | 0379 | 0.0842
valve (VBP1)
LSS output of TCE1c and FEHE1 bypass cold stream Min ) ) )
TCE1lh valve (VBP1)
TCE2h FEHE2 hot-outlet FEHEZ2 bypass cold stream PID | 0829 | 0522 | 0116
temperature valve (VBP2)
LCS separator liquid level column C1 feed valve (V5) P 2 - -
PC1 column C1 pressure column C1 gas valve (V7) Pl 2 10 -
column C1 tray-6 R1 bypass valve (VBP3) and
TCl temperature auxiliary reboiler 1 (AR1) duty PID 2.57 1.95 0.433
LC11 column C1 base level column C2 feed valve (\V8) P 2 - -
LC12 column C1 reflux drum ((:g(l:ligm Cllagiiensr iy P 3 - -
FCBL | column C1 boil up f\‘}g’)"”'“ valveof Rl flowrate | | o5 | o3 :
PC2 column C2pressure Eglg;nn C2-capgeRser auty Pl 2 10 -
column C2 tray-12 R2 bypass valve (VBP4) and
TC2 temperature auxiliary reboiler 2 (AR2) duty e 5.34 4.19 0.930
LC21 column C2 base level column C3 feed valve (V11) P 2 - -
LC22 column C2 reflux drum column C2 prodieiiigiss”! P 2 - -
(V10)
FCB2 ?;’t':m” C2boilup flow | 25 co1g-inlet valve (V12) Pl | 05 | 03 -
CR bypass valve (VBP5) and )
PC3 column C3 pressure auxiliary condenser(ACR) duty Pl 2 10
AVG avg. temp. of C3- -
TC3 tray 1,2, 3,.and 4 column C3 reboiler duty (gr3) PID |- 0.196 5.03 1.12
LC31 column C3 base level C3 bottom valve (V14) P 2 - -
LC32 column C3 reflux drum |- toluene recycle valve (V3) P 2 - -
FCR column C3 reflux flow |- ¢ Vaive (v13) pI| 05 | 03 -

rate
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Table 6.2 Control structure and controller parameter for HDA Process Alternative 5

with three Auxiliary Utility Units: Control Structure 2

rc]c;nmtgoller controlled variable manipulated variable type Kc Ti Td
FCtol total toluene flow rate fresh feed toluene valve (V2) Pl 0.5 0.3 -
PCG gas recycle stream fresh feed hydrogen valve (V1) Pl 2 10 -
pressure
CCG methane in gas recycle purge valve (V4) Pl 0.5 15 -
TCQ quenched temperature quench valve (V6) PID | 0.399 | 0.404 | 0.0897
TCR reactor inlet furnace duty (qfur) PID | 0293 | 0423 | 0094
temperature
TCS separator temperature cooler duty (qcooler) PID | 0.898 | 0.359 | 0.0789
TCE1c FEHE?2 cold inlet FEHE1 bypass hot stream PID | 0751 | 0378 | 0.0839
temperature valve (VBP1)
TCEth | cooler inlet temperature | =L Bypass hot stream PID | 0725 | 0379 | 0.0843
valve (VBP1)
LSS output of TCE1c and FEHEL bypass hot stream Min ) ) )
TCE1lh valve (VBP1)
TCE2h FEHE2 hot-outlet FEHE2 bypass hot stream PID | 0.0815 | 0260 | 0.0578
temperature valve (VBP2)
LCS separator liquid level column C1 feed valve (\V5) P 2 - -
PC1 column C1 pressure column C1 gas valve (V7) Pl 2 10 -
column C1 tray-6 R1 bypass valve (VBP3) and
TCl temperature auxiliary reboiler 1 (AR1) duty PID 2.57 1.95 0.433
LC11 column C1 base level column C2 feed valve (\V8) P 2 - -
LC12 column C1 reflux drum Z;)étir)nn 1l P 3 - -
FCBL | column C1 boil up E\O/gj)"”'m valve of R flowrate | ) | o5 | g3 :
PC2 column C2pressure ?((I)(I:g;nn CZ TR 'Y Pl 2 10 -
column C2 tray-12 R2 bypass valve (VBP4) and
TC2 temperature auxiliary reboiler 2 (AR2) duty 2 | 53 4.19 0.930
LC21 column C2 base level column C3 feed valve (V11) P 2 - -
LC22 column C2 reflux drum column C2 RIS vel P 2 - -
(V10)
Fegz | SouMn CZPOUPTIOW gy colg-inlet valve (V12) Pl | 05 | 03 -
CR bypass valve (VBP5) and )
PC3 column C3 pressure auxiliary condenser(ACR) duty Pl 2 10
AVG avg. temp. of C3- -
TC3 tray 12, 3, and 4 column C3 reboiler duty (qr3) PID | 0.196 5.03 1.12
LC31 column C3 base level C3 bottom valve (V14) P 2 - -
LC32 column C3 reflux drum | toluene recycle valve (V3) P 2 - -
FCR column C3 reflux flow | .4 vaive (v13) Pl | 05 | 03 -

rate
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Table 6.3 Control Structure and Controller Parameter for HDA Process Alternative 5

with three Auxiliary Utility Units: Control Structure 3

rc]c;nmtgoller controlled variable manipulated variable type Kc Ti Td

FCtol total toluene flow rate fresh feed toluene valve (V2) Pl 0.5 0.3 -

PCG gas recycle stream fresh feed hydrogen valve (V1) Pl 2 10 -
pressure

CCG methane in gas recycle purge valve (V4) Pl 0.5 15 -

TCQ quenched temperature quench valve (V6) PID | 0.399 | 0.404 | 0.0897

TCR reactor inlet furnace duty (qfur) PID | 0293 | 0423 | 0094
temperature

TCS separator temperature cooler duty (qcooler) PID | 0.898 | 0.359 | 0.0789

TCE1c FEHE?2 cold inlet FEHE1 bypass cold stream PID | 0736 | 0388 | 0.0863
temperature valve (VBP1)

TCE1h | cooler inlet temperature | | o IEL Dypass cold stream PID | 0730 | 0379 | 0.0842

valve (VBP1)

LSS output of TCE1c and FEHEL bypass cold stream Min ) ) )
TCE1lh valve (VBP1)

TCE2h FEHE2 hot-outlet FEHE2 bypass cold stream PD | 0829 | 0522 | 0.116
temperature valve (VBP2)

LCS separator liquid level column C1 feed valve (\V5) P 2 - -

PC1 column C1 pressure column C1 gas valve (V7) Pl 2 10 -
column C1 tray-6 R1 bypass valve (VBP3) and

TC11 temperature auxiliary reboiler 1 (AR1) duty PID 2.57 1.95 0.433

LC11 column C1 base level column C2 feed valve (\V8) P 2 - -

LC12 column C1 reflux drum Z;)(I:Lir)nn (Fu faltenser Ay P 3 - -

FCBL | column C1 boil up E\O/gj)"”'m valve of R flowrate | ) | o5 | g3 :

PC2 column C2pressure ?((I)(I:g;nn CZ TR 'Y Pl 2 10 -
column C2 tray-12 R2 bypass valve (VBP4) and

Te21 temperature auxiliary reboiler 2 (AR2) duty 2 | 53 4.19 0.930

TC22 column Cg TAYET column C2 reflux flow rate PID | 237 | 118 | 263
temperature

LC21 column C2 base level column C3 feed valve (V11) P 2 - -

LC22 column C2 reflux drum E:\o/llugn C2 product valve level P 2 - -

Fegy | SoUMNCZPONUPTIOW | gy cold-iniet valve (V12) Pl 105 | 03 -

CR bypass valve (VBP5) and )

PC3 column C3 pressure auxiliary condenser(ACR) duty Pl 2 10
AVG avg. temp. of C3- .

TC3 tray 1,2, 3, and 4 column C3 reboiler duty (qr3) PID | .0.196 5.03 1.12

LC31 column C3 base level C3 bottom valve (V14) P 2 - -

LC32 column C3 reflux drum | toluene recycle valve (V3) P 2 - -

FCR column C3 reflux flow 1 g\ valve (v13) Pl | 05 | 03 -

rate
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Figure 6.3 Control Structure 3 (CS3) for HDA Process Alternative 5 with three Auxiliary Utility Units
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Table 6.4 Control Structure and Controller Parameter for HDA Process Alternative 5

with Minimum Auxiliary Utility Units: Control Structure 1

rc]c;nmtgoller controlled variable manipulated variable type Kc Ti Td

FCtol total toluene flow rate fresh feed toluene valve (V2) Pl 0.5 0.3 -

PCG gas recycle stream fresh feed hydrogen valve (V1) Pl 2 10 -
pressure

CCG methane in gas recycle purge valve (V4) Pl 0.5 15 -

TCQ quenched temperature quench valve (V6) PID | 0.399 | 0.404 | 0.0897

TCR reactor inlet furnace duty (qfur) PID | 0293 | 0423 | 0094
temperature

TCS separator temperature cooler duty (qcooler) PID | 0.898 | 0.359 | 0.0789

TCE1c FEHE?2 cold inlet FEHE1 bypass cold stream PID | 0736 | 0388 | 0.0863
temperature valve (VBP1)

TCE1h | cooler inlet temperature | | o IEL Dypass cold stream PID | 0730 | 0379 | 0.0842

valve (VBP1)

LSS output of TCE1c and FEHEL bypass cold stream Min ) ) )
TCE1lh valve (VBP1)

TCE2h FEHE2 hot-outlet FEHE2 bypass cold stream PD | 0829 | 0522 | 0.116
temperature valve (VBP2)

LCS separator liquid level column C1 feed valve (\V5) P 2 - -

PC1 column C1 pressure column C1 gas valve (V7) Pl 2 10 -

TC1 column C1 tray-6 R1 bypass valve (VBP3) PID | 257 195 0.433
temperature

LC11 column C1 base level column C2 feed valve (\V8) P 2 - -

LC12 column C1 reflux drum Z;)(I:Lir)nn 1l P 3 - -

FCBL | column C1 boil up E\O/gj)"”'m valve of R flowrate | ) | o5 | g3 :

PC2 column C2pressure ?((I)(I:g;nn CZ TR 'Y Pl 2 10 -
column C2 tray-12 R2 bypass valve (VBP4) and

TC2 temperature auxiliary reboiler 2 (AR2) duty 2 | 53 4.19 0.930

LC21 column C2 base level column C3 feed valve (V11) P 2 - -

LC22 column C2 reflux drum column C2 RIS vel P 2 - -

(V10)

Fegz | SouMn CZPOUPTIOW gy colg-inlet valve (V12) Pl | 05 | 03 -

PC3 column-C3 pressure CR bypass valve (VBP5) Pl 2 10 -
AVG avg. temp. of C3- .

TC3 tray 1.2, 3. and 4 column C3 reboiler duty (qr3) PID | 0.196 5.03 1.12

LC31 column C3 base level C3 bottom valve (V14) P 2 - -

LC32 column C3 reflux drum | toluene recycle valve (V3) P 2 - -

FCR column C3 reflux flow ...\ valve (v13) Pl | 05 | 03 -

rate
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Table 6.5 Control Structure and Controller Parameter for HDA Process Alternative 5

with Minimum Auxiliary Utility Units: Control Structure 2

rc]c;nmtgoller controlled variable manipulated variable type | Kc Ti Td

FCtol total toluene flow rate fresh feed toluene valve (V2) Pl 0.5 0.3 -

PCG gas recycle stream fresh feed hydrogen valve (V1) | PI 2 10 -
pressure

CCG methane in gas recycle purge valve (V4) Pl 0.5 15 -

TCQ quenched temperature quench valve (V6) PID | 0.399 | 0.404 | 0.0897

TCR reactor inlet furnace duty (qfur) PID | 0203 | 0423 | 0094
temperature

TCS separator temperature cooler duty (qcooler) PID | 0.898 | 0.359 | 0.0789

TCE1c FEHE?2 cold inlet FEHE1 bypass hot stream piD | 0751 | 0378 | 0.0839
temperature valve (VBP1)

TCEth | cooler inlet temperature | =L Bypass hot stream PID | 0725 | 0379 | 0.0843

valve (VBP1)

LSS output of TCE1c and FEHEL bypass hot stream Min | - ) )
TCE1lh valve (VBP1)

TCE2h FEHE2 hot-outlet FEHE2 bypass hot stream piD | 00815 | 0260 | 0.0578
temperature valve (VBP2)

LCS separator liquid level column C1 feed valve (\V5) P 2 - -

PC1 column C1 pressure column C1 gas valve (V7) Pl 2 10 -

TC1 column C1tray-6 R1 bypass valve (VBP3) PID | 257 | 195 | 0433
temperature

LC11 column C1 base level column C2 feed valve (\V8) P 2 - -

LC12 column C1 reflux drum Z;)(I:Lir)nn 1l P 3 - -

FCBL | column C1 boil up E\O/gj)"”'m valveof Ri flowrate | o | o5 | g3 |-

PC2 column C2pressure ?((I)(I:g;nn CZ TR 'Y Pl 2 10 -
column C2 tray-12 R2 bypass valve (VBP4) and

TC2 temperature auxiliary reboiler 2 (AR2) duty 5 | 534 4.19 0.930

LC21 column C2 base level column C3 feed valve (V11) P 2 - -

LC22 column C2 reflux drum column C2 RIS vel P 2 - -

(V10)

Fegz | SouMn CZPOUPTIOW gy colg-inlet valve (V12) Pl los |03 |-

PC3 column-C3 pressure CR bypass valve (VBP5) Pl 2 10 -
AVG avg. temp. of C3- .

TC3 tray 1.2, 3. and 4 column C3 reboiler duty (qr3) PID | 0.196 | 5.03 1.12

LC31 column C3 base level C3 bottom valve (V14) P 2 - -

LC32 column C3 reflux drum | toluene recycle valve (V3) P 2 - -

FCR column C3 reflux flow ...\ valve (v13) Pl los |03 |-

rate
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Figure 6.5 Control Structure 2 (CS2) for HDA Process Alternative 5 with Minimum Auxiliary Utility Units
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Table 6.6 Control Structure and Controller Parameter for HDA Process Alternative 5

with Minimum Auxiliary Utility Units: Control Structure 3

rc]c;nmtgoller controlled variable manipulated variable type | Kc Ti Td

FCtol total toluene flow rate fresh feed toluene valve (V2) Pl 0.5 0.3 -

PCG gas recycle stream fresh feed hydrogen valve (V1) | PI 2 10 -
pressure

CCG methane in gas recycle purge valve (V4) Pl 0.5 15 -

TCQ quenched temperature quench valve (V6) PID | 0.399 | 0.404 | 0.0897

TCR reactor inlet furnace duty (qfur) PID | 0203 | 0423 | 0094
temperature

TCS separator temperature cooler duty (qcooler) PID | 0.898 | 0.359 | 0.0789

TCE1c FEHE?2 cold inlet FEHE1 bypass cold stream piD | 0736 | 0388 | 0.0863
temperature valve (VBP1)

TCE1h | cooler inlet temperature | | o IEL Dypass cold stream PID | 0730 | 0379 | 0.0842

valve (VBP1)

LSS output of TCE1c and FEHEL bypass cold stream Min | - ) )
TCE1lh valve (VBP1)

TCE2h FEHE2 hot-outlet FEHE2 bypass cold stream piD | 0829 | 0522 | 0116
temperature valve (VBP2)

LCS separator liquid level column C1 feed valve (\V5) P 2 - -

PC1 column C1 pressure column C1 gas valve (V7) Pl 2 10 -

TC1 column C1tray-6 R1 bypass valve (VBP3) PID | 257 | 195 | 0433
temperature

LC11 column C1 base level column C2 feed valve (\V8) P 2 - -

LC12 column C1 reflux drum Z;)(I:Lir)nn (Fu faltenser Ay P 3 - -

FCBL | column C1 boil up E\O/gj)"”'m valveof Ri flowrate | o | o5 | g3 |-

PC2 column C2pressure ?((I)(I:g;nn CZ TR 'Y Pl 2 10 -
column C2 tray-12 R2 bypass valve (VBP4) and

Te21 temperature auxiliary reboiler 2 (AR2) duty 5 | 534 4.19 0.930

TC22 column Cg TAYET column C2 reflux flow rate PID | 237 |118 |263
temperature

LC21 column C2 base level column C3 feed valve (V11) P 2 - -

LC22 column C2 reflux drum E:\o/llugn C2 product valve level P 2 - -

Fegy | SoUMNCZPONUPTIOW | gy cold-iniet valve (V12) P tos  |o3 |-

PC3 column C3 pressure CR bypass valve (VBP5) Pl 2 10 -
AVG avg. temp. of C3- .

TC3 tray 1,2, 3,and 4 column C3 reboiler duty (qr3) PID | 0.196 | 5.03 1.12

LC31 column C3 base level C3 bottom valve (V14) P 2 - -

LC32 column C3 reflux drum | toluene recycle valve (V3) P 2 - -

FCR column C3 reflux flow 1 g, valve (v13) Pl los |03 |-

rate
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Figure 6.6 Control Structure 3 (CS3) for HDA Process Alternative 5 with Minimum Auxiliary Utility Units
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6.3 Design of Plantwide Control for HDA Process Alternative 6 with four
Auxiliary Utility Units and Minimum Auxiliary utility units

The three new control structures are designed for HDA process alternative 6
with three auxiliary utility units that is suggested by Luyben and the same three new
design is also employed to HDA process alternative 6 with minimum auxiliary utility

units to compare dynamic behavior.

6.3.1 Control Structure 1 (CS1) for HDA Process Alternative 6 with four
Auxiliary Utility Units

This control structure is shown in Figure 6.7. In this control structure, the all
bypass valve of 3 feed effluent heat exchangers (FEHE) are employed on hot side to
control outlet temperature. A selector controller with low selector switch (LSS) for
FEHEL is employed to select an appropriate heat pathway. This control system
involves one manipulated variable (bypass valve of FEHE1) and two controlled
variable (hot and cold outlet temperature of FEHEL). The appropriate controlled
variable is selected by LSS in order to achieve dynamic maximum energy recover
(DMER).

Since the hot reactor product is used to drive reboiler in the three columns,
part of this stream is bypassed and manipulated to control the tray temperatures in the
three columns. In odder to prevent the propagation of thermal disturbance to
separation section, the hot outlet temperatures of FEHE2 (the temperature at the
entrance of the reboilers at stabilizer column,R1) are controlled by manipulating the
bypass valves and the hot outlet temperatures of FEHE3 (the temperature at the
entrance of the reboilers at recycle column,R3) are controlled by manipulating the
bypass valves of FEHE3.

Since the four auxiliary utility units consist of three auxiliary reboilers at
stabilizer column, product column and recycle column and one auxiliary condenser at
recycle column. There are employed next to process to process heat exchanger as
reboiler or condenser unit as show in figure 6.7. The optimum operation would be to
minimize the heat load of auxiliary utility units. One way to do this is the using split
range control. This control system involves two manipulated variable (the bypass
valve of process to process heat exchanger and heat load of auxiliary utility unit) and
one controlled variables (temperature or pressure) and works as for example: if the

decreasing disturbance loads of hot stream occurs at reboiler and then the percent



84

opening of bypass valve at reboiler will decrease in order to increase heat transfer at
reboiler unit until the target tray temperature achieves. The heat load of the auxiliary
utility units will be used when the bypass valve is full close but the target tray
temperature still can’t achieves the target tray temperature. The split range control is
used for the tray temperature control in stabilizer column, product column and recycle
column by manipulating the bypass valve of reboiler and the heat load of the auxiliary
reboiler. For recycle column, the split control is also applied to control column
pressure by manipulating the bypass valve of condenser and the heat load of the
auxiliary condenser.

Since the temperature profile in the recycle column is very sharp because of
temperature changes from tray to tray. This means that the process gain is very large
when a single tray temperature is controlled. The standard solution for this problem is
to use an average (AVG) temperature of several trays instead of a single tray (Luyben,
2002).

A heat exchanger (i.e. as a heat source or a heat sink) is artificially installed in
the hot-side stream (i.e. the exchanger X1 in Fig. 6.7) in order to make the disturbance
loads of the hot stream (i.e. the hot reactor product). Note that, this exchanger is not
used in the real plant, and the temperature controller TCX1 is set to be “off” whenever
it is not used to make the disturbances.

The control structure and controller parameter are given in table 6.7. P
controllers are employed for level loops, Pl controllers for the pressure and flow loops

and PID controllers for temperature loop.

6.3.2 Control Structure 2 (CS2) for HDA Process Alternative 6 with four
Auxiliary utility unit

This control structure is shown in Figure 6.8. The major loops in this control
structure are the same as CS1 except for control loop for FEHE. The all bypass valve
of 2 FEHEs will be employed on hot side to control the outlet temperature of FEHE.

The controller parameter is given in table 6.8.

6.3.3 Control Structure 3 (CS3) for HDA Process Alternative 6 with four
Auxiliary utility unit
This control structure is shown in Figure 6.9 and the control configuration is

given in table 6.9. The major loops in this control structure are the same as CS1
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except for temperature control in product distillation column. The temperature control
in product distillation column is two point controls as the tray 12 and tray 17

temperatures.

6.3.4 Control Structure 1 (CS1) for HDA Process Alternative 6 with Minimum
Auxiliary utility unit

The same control structure 1 for HDA process alternative 6 with four auxiliary
utility units is employed to HDA process alternative 6 with minimum auxiliary utility
units (figure 6.10). Since the number of minimum auxiliary utility unit for HDA
process alternative 6 is only one unit therefore the split range control will employ only
one for product column to control the tray temperature. The control structure and

controller parameter are given in table 6.10.

6.3.5 Control Structure 2 (CS2) for HDA Process Alternative 6 with Minimum
Auxiliary utility unit

The same control structure 2 for HDA process alternative 6 with four auxiliary
utility units is employed to HDA process alternative 6 with minimum auxiliary utility
units (figure 6.11). Since the number of minimum auxiliary utility unit for HDA
process alternative 5 is only one unit therefore the split range control will employ only
one for product column to control the tray temperature. The control structure and

controller parameter are given in table 6.11.

6.3.6 Control Structure 3 (CS3) for HDA Process Alternative 5 with Minimum
Auxiliary utility unit

The same control structure 3 for HDA process alternative 6 with four auxiliary
utility units is employed to HDA process alternative 6 with minimum auxiliary utility
units (figure 6.12). Since the number of minimum auxiliary utility unit for HDA
process alternative 5 is only one unit therefore the split range control will employ only
one for product column to control the tray temperature. The control structure and

controller parameter are given in table 6.12.
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Table 6.7 Control Structure and Controller Parameter for HDA Process Alternative 6

with four Auxiliary Utility Units: Control Structure 1

controller | controlled variable manipulated variable type Kc Ti Td
FCtol total toluene flow rate fresh feed toluene valve (V2) Pl 0.5 0.3 -
PCG gas recycle stream pressure fresh feed hydrogen valve (V1) Pl 2 10 -
CCG methane in gas recycle purge valve (V4) Pl 0.5 15 -
TCQ quenched temperature quench valve (V6) PID | 0.375 | 0.406 | 0.090
TCR reactor inlet temperature furnace duty (gfur) PID | 0.333 | 0.420 | 0.093
TCS separator temperature cooler duty (gcooler) PID | 0.923 | 0.367 | 0.081
TCE1c FEHE2 cold inlet FEHE1 bypass cold stream piD | 0578 | 0433 | 0.096
temperature valve (VBP1)
TCElh cooler inlet temperature FEFIEID s LaldStream PID | 0.644 | 0.275 | 0.061
valve (VBP1)
FEHEL bypass cold stream .
LSS output of TCEL1c and TCELlh valve (VBP1) Min - - -
TCE2h FEHE2 hot-outlet FEHE2 bypass cold stream PID 124 | 0207 | 0.046
temperature valve (VBP2)
TCE3h FEHES3 hot-outlet FEHES3 bypass cold stream piD | 0566 | 0.893 | 0.199
temperature valve (VBP3)
LCS separator liquid level column C1 feed valve (V5) P 2 - -
PC1 column C1 pressure column C1 gas valve (V7) PI 2 10 -
column C1 tray-6 R1 bypass valve (VBP3) and
TCl temperature auxiliary reboiler 1 (AR1) duty PID 5.25 2.04 | 0.452
LC11 column C1 base level column C2 feed valve (V8) P 2 - -
LC12 column C1 reflux drum ((:g(l:lir)m ka4 Y P 3 - -
FCB1 column C1 boil up ?\‘}'g)"”'et valve of Riflowrate | o | o5 | o3 | -
PC2 column C2pressure E&I;g;nn EZcondenser duty Pl 2 10 -
column C2 tray-12 R2 bypass valve (VBP4) and
TC2 temperature auxiliary reboiler 2 (AR2) duty PID 9.83 4.23 | 0.941
LC21 column C2 base level column C3 feed valve (V11) P 2 - -
LC22 column C2 reflux drum e - (gl P 2 - -
(V10)
FCB2 column C2 boil up flow rate | R2 cold-inlet valve (V12) Pl 0.5 0.3 -
CR bypass valve (VBP5) and )
PC3 column C3 pressure auxiliary condenser(ACR) duty Pl 2 10
AVG avg. temp. of C3-tray R3 bypass valve (VBP4) and
TC3 1,2,3,and 4 auxiliary reboiler 3 (AR3) duty PID | 0641 | 552 1.23
LC31 column C3 base level C3bottom valve (V14) P 2 - -
LC32 column C3 reflux drum level | toluene recycle valve (V3) P 2 - -
FCB3 column C3 boil up flow rate - | R3 cold-inlet valve (V15) Pl 05 0.3 -
FCR column C3 reflux flow rate reflux valve (V13) Pl 0.5 0.3 -
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Figure 6.7 Control Structure 1 (CS1) for HDA Process Alternative 6 with four Auxiliary Utility Units
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Table 6.8 Control Structure and Controller Parameter for HDA Process Alternative 6

with four Auxiliary Utility Units: Control Structure 2

controller | controlled variable manipulated variable type Kc Ti Td
FCtol total toluene flow rate fresh feed toluene valve (V2) Pl 0.5 0.3 -
PCG gas recycle stream pressure fresh feed hydrogen valve (V1) Pl 2 10 -
CCG methane in gas recycle purge valve (V4) Pl 0.5 15 -
TCQ quenched temperature quench valve (V6) PID | 0.375 | 0.406 | 0.090
TCR reactor inlet temperature furnace duty (gfur) PID | 0.333 | 0.420 | 0.093
TCS separator temperature cooler duty (gcooler) PID | 0.923 | 0.367 | 0.081
TCE1c FEHE2 cold inlet FEHE1 bypass hot stream D | 0782 | 0212 | 0.047
temperature valve (VBP1)
TCElh | cooler inlet temperature FEFEIDY st Dgistrcam PID | 107 | 0227 | 005
valve (VBP1)
FEHEL1 bypass hot stream .
LSS output of TCEL1c and TCELlh valve (VBP1) Min - - -
TCE2h FEHE2 hot-outlet FEHE2 bypass hot stream piD | 0417 | 0312 | 0.069
temperature valve (VBP2)
TCE3h FEHES3 hot-outlet FEHES3 bypass hot stream PID | 0124 | 0387 | 0.086
temperature valve (VBP3)
LCS separator liquid level column C1 feed valve (V5) P 2 - -
PC1 column C1 pressure column C1 gas valve (V7) PI 2 10 -
column C1 tray-6 R1 bypass valve (VBP3) and
TCl temperature auxiliary reboiler 1 (AR1) duty PID 5.25 2.04 | 0.452
LC11 column C1 base level column C2 feed valve (V8) P 2 - -
LC12 column C1 reflux drum ((:g(l:lir)m ka4 Y P 3 - -
FCB1 column C1 boil up ?\‘}'g)"”'et valve of Riflowrate | o | o5 | o3 | -
PC2 column C2pressure E&I;g;nn EZcondenser duty Pl 2 10 -
column C2 tray-12 R2 bypass valve (VBP4) and
TC2 temperature auxiliary reboiler 2 (AR2) duty PID 9.83 4.23 | 0.941
LC21 column C2 base level column C3 feed valve (V11) P 2 - -
LC22 column C2 reflux drum e - (gl P 2 - -
(V10)
FCB2 column C2 boil up flow rate | R2 cold-inlet valve (V12) Pl 0.5 0.3 -
CR bypass valve (VBP5) and )
PC3 column C3 pressure auxiliary condenser(ACR) duty Pl 2 10
AVG avg. temp. of C3-tray R3 bypass valve (VBP4) and
TC3 1,2,3,and 4 auxiliary reboiler 3 (AR3) duty PID | 0641 | 552 1.23
LC31 column C3 base level C3bottom valve (V14) P 2 - -
LC32 column C3 reflux drum level | toluene recycle valve (V3) P 2 - -
FCB3 column C3 boil up flow rate - | R3 cold-inlet valve (V15) Pl 05 0.3 -
FCR column C3 reflux flow rate reflux valve (V13) Pl 0.5 0.3 -
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Figure 6.8 Control Structure 2 (CS2) for HDA Process Alternative 6 with four Auxiliary Utility Units

89



90

Table 6.9 Control Structure and Controller Parameter for HDA Process Alternative 6

with four Auxiliary Utility Units: Control Structure 3

controller | controlled variable manipulated variable type Kc Ti Td
FCtol total toluene flow rate fresh feed toluene valve (V2) Pl 0.5 0.3 -
PCG gas recycle stream pressure fresh feed hydrogen valve (V1) Pl 2 10 -
CCG methane in gas recycle purge valve (V4) Pl 0.5 15 -
TCQ quenched temperature quench valve (V6) PID | 0.375 | 0.406 | 0.090
TCR reactor inlet temperature furnace duty (gfur) PID | 0.333 | 0.420 | 0.093
TCS separator temperature cooler duty (gcooler) PID | 0.923 | 0.367 | 0.081
TCE1c FEHE2 cold inlet FEHE1 bypass cold stream PID | 0578 | 0433 | 0.096
temperature valve (VBP1)
TCElh cooler inlet temperature FEFICIDf a6 LaldSream PID | 0.644 | 0.275 | 0.061
valve (VBP1)
FEHEL bypass cold stream .
LSS output of TCE1c and TCElh valve (VBP1) Min - - -
TCE2h FEHE2 hot-outlet FEHE2 bypass cold stream PID 124 | 0207 | 0.046
temperature valve (VBP2)
TCE3h FEHES3 hot-outlet FEHES3 bypass cold stream PID | 0566 | 0893 | 0.199
temperature valve (VBP3)
LCS separator liquid level column C1 feed valve (\V5) P 2 - -
PC1 column C1 pressure column C1 gas valve (V7) Pl 2 10 -
column C1 tray-6 R1 bypass valve (VBP3) and
TCl temperature auxiliary reboiler 1 (AR1) duty PID 5.25 2.04 1 0452
LC11 column C1 base level column C2 feed valve (V8) P 2 - -
LC12 column C1 reflux drum ((:C?(I:Li;nn i CONEIRe Ny P 3 - -
FCB1 column C1 boil up ‘(3\‘}5)"“'“ valve of Riflowrate | ;| g5 | o3 | -
PC2 column C2pressure ?g(l:g;nn GZcondenser duty Pl 2 10 -
column C2 tray-12 R2 bypass valve (VBP4) and
Te21 temperature auxiliary reboiler 2 (AR2) duty PID 9.83 4.23 1 0941
TC22 column CREEEER column 2 reflux flow rate PID | 983 | 423 | 0.941
temperature
LC21 column C2 base level column C3 feed valve (V11) P 2 - -
LC22 column C2 reflux drum level column C2 product valve level P 2 - -
(V10)
FCB2 column C2 boil up flow rate | R2 cold-inlet valve (V12) Pl 0.5 0.3 -
CR bypass valve (VBP5) and i
PC3 colyy 2 Presiug auxiliary condenser(ACR) duty PI 2 10
AVG avg. temp. of C3-tray R3 bypass valve (VBP4) and
Tes 1,2, 3, and 4 auxiliary reboiler 3 (AR3) duty PID 170641 | 552 1.23
LC31 column C3 base level C3 bottom valve (V14) P 2 - -
LC32 column C3 reflux drum level | toluene recycle valve (V3) P 2 - -
FCB3 column C3 boil up flow rate | R3 cold-inlet valve (\VV15) Pl 0.5 0.3 -
FCR column C3 reflux flow rate reflux valve (V13) Pl 0.5 0.3 -
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Figure 6.9 Control Structure 2 (CS2) for HDA Process Alternative 6 with four Auxiliary Utility Units
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Table 6.10 Control Structure and Controller Parameter for HDA Process Alternative

6 with Minimum Auxiliary Utility Units: Control Structure 1

controller | controlled variable manipulated variable type Kc Ti Td
FCtol total toluene flow rate fresh feed toluene valve (V2) Pl 0.5 0.3 -
PCG gas recycle stream pressure fresh feed hydrogen valve (V1) Pl 2 10 -
CCG methane in gas recycle purge valve (V4) Pl 0.5 15 -
TCQ quenched temperature quench valve (V6) PID | 0.375 | 0.406 | 0.090
TCR reactor inlet temperature furnace duty (gfur) PID | 0.333 | 0.420 | 0.093
TCS separator temperature cooler duty (gcooler) PID | 0.923 | 0.367 | 0.081
TCE1c FEHE2 cold inlet FEHE1 bypass cold stream piD | 0578 | 0433 | 0.096
temperature valve (VBP1)
TCELh | cooler inlet temperature BEFET Wysclgetream PID | 0.644 | 0.275 | 0.061
valve (VBP1)
FEHEL bypass cold stream .
LSS output of TCE1c and TCE1lh valve (VBP1) Min - - -
TCE2h FEHE2 hot-outlet FEHE2 bypass cold stream PID 124 | 0207 | 0.046
temperature valve (VBP2)
TCE3h FEHES3 hot-outlet FEHES3 bypass cold stream piD | 0566 | 0.893 | 0.199
temperature valve (VBP3)
LCS separator liquid level column C1 feed valve (\V5) P 2 - -
PC1 column C1 pressure column C1 gas valve (V7) PI 2 10 -
TC1 column C1ey-8 R1 bypass valve (VBP3) PID | 525 | 204 | 0452
temperature
LC11 column C1 base level column C2 feed valve (\V8) P 2 - -
LC12 column C1 reflux drum ((:g(l:li?m 5, 0oy P 3 - -
FCBL | column C1 boil up E’\%j)"”'et valveof Riflowrate | o | 5 | g3 -
PC2 column C2pressure E((;(I:g;nn CZgondenser duty Pl 2 10 -
column C2 tray-12 R2 bypass valve (VBP4) and
TC2 temperature auxiliary reboiler 2 (AR2) duty PID 983 4.23 | 0941
LC21 column C2 base level column C3 feed valve (V11) P 2 - -
LC22 column C2 reflux drum - |l P 2 - -
(V10)
FCB2 column C2 boil up flow rate | R2 cold-inlet valve (V12) Pl 0.5 0.3 -
PC3 column C3 pressure CR bypass valve (VBP5) Pl 2 10 -
TC3 AVG avg. temp. of C3:tray | | o'y acs valve (VBP4) PID | 0641 | 552 | 123
1,2,3,and 4
LC31 column C3 base level C3 bottom valve (V14) P 2 - -
LC32 column C3-reflux drum level |-toluene recycle valve (V3) P 2 - -
FCB3 column C3 boil up flow rate | R3 cold-inlet valve (V15) Pl 0.5 0.3 -
FCR column C3 reflux flow rate reflux valve (V13) Pl 0.5 0.3 -
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Table 6.11 Control Structure and Controller Parameter for HDA Process Alternative

6 with Minimum Auxiliary Utility Units: Control Structure 2

controller | controlled variable manipulated variable type Kc Ti Td

FCtol total toluene flow rate fresh feed toluene valve (V2) Pl 0.5 0.3 -

PCG gas recycle stream pressure fresh feed hydrogen valve (V1) Pl 2 10 -

CCG methane in gas recycle purge valve (V4) Pl 0.5 15 -

TCQ quenched temperature quench valve (V6) PID | 0.375 | 0.406 | 0.090

TCR reactor inlet temperature furnace duty (gfur) PID | 0.333 | 0.420 | 0.093

TCS separator temperature cooler duty (gcooler) PID | 0.923 | 0.367 | 0.081

TCE1c FEHE2 cold inlet FEHE1 bypass hot stream PID | 0782 | 0212 | 0.047
temperature valve (VBP1)

. FEHE1 bypass hot stream
TCE1lh cooler inlet temperature valve (VBP1) PID 1.07 | 0.227 | 0.05
FEHEL bypass hot stream .

LSS output of TCE1c and TCElh valve (VBP1) Min - - -

TCE2h FEHE2 hot-outlet FEHE2 bypass hot stream PID | 0417 | 0312 | 0.069
temperature valve (VBP2)

TCE3h FEHES3 hot-outlet FEHES3 bypass hot stream PID | 0124 | 0387 | 0.086
temperature valve (VBP3)

LCS separator liquid level column C1 feed valve (\V5) P 2 - -

PC1 column C1 pressure column C1 gas valve (V7) Pl 2 10 -

TC1 column CLray § R1 bypass valve (VBP3) PID | 525 | 204 | 0452
temperature

LC11 column C1 base level column C2 feed valve (V8) P 2 - -

LC12 column C1 reflux drum ((:C?(I:Li;nn £ e P 3 - -

FCB1 column C1 boil up ‘(3\‘}5)"“'“ valveof Rlflowrate | | 5 | g3 -

PC2 column C2pressure ?g(l:g;nn GZcondenser duty Pl 2 10 -
column C2 tray-12 R2 bypass valve (VBP4) and

ez temperature auxiliary reboiler 2 (AR2) duty PID 9.83 4.23 1 0941

LC21 column C2 base level column C3 feed valve (V11) P 2 - -

LC22 column C2 reflux drum e ¢ (el P 2 - -

(V10)

FCB2 column C2 boil up flow rate | R2 cold-inlet valve (V12) Pl 0.5 0.3 -

PC3 column C3 pressure CR bypass valve (VBP5) Pl 2 10 -

TC3 AVG avg. temp. of C31ay. sy as valve (VBP4) PID | 0641 | 552 | 1.23
1,2,3,and 4

LC31 column C3 base level C3 bottom valve (V14) P 2 - -

LC32 column C3 reflux drum-level|. toluene recycle valve (V3) P 2 - -

FCB3 column C3 boil up flow rate | R3 cold-inlet valve (V15) Pl 0.5 0.3 -

FCR column C3 reflux flow rate reflux valve (V13) Pl 0.5 0.3 -
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Table 6.12 Control Structure and Controller Parameter for HDA Process Alternative

6 with Minimum Auxiliary Utility Units: Control Structure 3

controlle
r controlled variable manipulated variable type Kc Ti Td
name
FCtol total toluene flow rate fresh feed toluene valve (V2) Pl 0.5 0.3 -
PCG gas recycle stream pressure fresh feed hydrogen valve (V1) Pl 2 10 -
CCG methane in gas recycle purge valve (V4) Pl 0.5 15 -
TCQ guenched temperature quench valve (V6) PID | 0.375 | 0.406 | 0.090
TCR reactor inlet temperature furnace duty (qfur) PID | 0.333 | 0.420 | 0.093
TCS separator temperature cooler duty (qcooler) PID | 0.923 | 0.367 | 0.081
TCElc FEHE2 cold inlet FEHEL1 bypass cold stream piD | 0578 | 0433 | 0.096
temperature valve (VBP1)
TCE1lh cooler inlet temperature FEHE bypass Cold.sigegm PID | 0.644 | 0.275 | 0.061
valve (VBP1)
FEHE1 bypass cold stream .
LSS output of TCE1c and TCElh valve (VBP1) Min - - -
TCE2h FEHE2 hot-outlet FEHEZ2 bypass cold stream PID 124 | 0207 | 0.046
temperature valve (VBP2)
TCE3h FEHE3 hot-outlet FEHES3 bypass cold stream piD | 0566 | 0.893 | 0.199
temperature valve (VBP3)
LCS separator liquid level column C1 feed valve (V5) P 2 - -
PC1 column C1 pressure column C1 gas valve (V7) PI 2 10 -
TC1 column C1 tray-6 R1 bypass valve (VBP3) PID | 525 | 204 | 0.452
temperature
LC11 column C1 base level column C2 feed valve (V8) P 2 - -
LC12 column C1 reflux drum ((:g(l:xi?qn sy P 3 - -
FCB1 | column C1 boil up E\(}'g)"”'m valveof R1flowrate | ;| o5 | 03 | -
PC2 column C2pressure Z;)(I:;r;wn C2coniCizay Pl 2 10 -
column C2 tray-12 R2 bypass valve (VBP4) and
Te2l temperature auxiliary reboiler 2 (AR2) duty PID 9.83 4.23 | 0.941
TC22 column C2 g1 7 column 2 reflux flow rate PID | 983 | 423 | 0941
temperature
LC21 column C2 base level column C3 feed valve (V11) P 2 - -
LC22 column.C2 reflux drum level splumn C2 product atye level P 2 - -
(V10)
FCB2 column C2 boil up flow rate . | R2 cold-inlet valve (V12) Pl 0.5 0.3 -
PC3 column C3 pressure CR bypass valve (VBP5) Pl 2 10 -
TC3 AVG-avg. temp; 0f C3-ay- | pq0adc Valve (VBPA) PID | 0641 | 552 | 1.23
1,2, 3,and 4
LC31 column C3 base level C3 bottom valve (V14) P 2 - -
LC32 column C3 reflux drum level | toluene recycle valve (V3) P 2 - -
FCB3 column C3 boil up flow rate | R3 cold-inlet valve (V15) Pl 0.5 0.3 -
FCR column C3 reflux flow rate reflux valve (V13) Pl 0.5 0.3 -




® disthg
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6.4 Dynamic Simulation Results for HDA Process Alternative 5 with three
Auxiliary Utility Units and Minimum Auxiliary Utility Units

In order to illustrate the dynamic behavior of the control structure in HDA
process alternative 5 with three auxiliary utility units and minimum auxiliary utility
units, several disturbance loads are made. The dynamic results are explained in this
part.

6.4.1 Dynamic Simulation Results for HDA Process Alternative 5 with three
Auxiliary Utility Units

Three disturbance loads are used to evaluate the dynamic performance of the
new control structures 1, 2 and 3 for HDA process alternative 5 with three auxiliary

utility units.

6.4.1.1 Change in the Heat Load Disturbance of cold stream (Reactor Feed
Stream)

Figures 6.13, 6.16 and 6.19 show the dynamic responses of the control
systems of HDA process alternative 5 with three auxiliary utility units to a change in
the heat load disturbance of cold stream (reactor feed stream). In order to make this
disturbance, first the fresh toluene feed temperature is decreased from 30 to 20°C at
time equals 10 minutes, and the temperature is increased from 20 to 40°C at time
equals 100 minutes, then its temperature is returned to its nominal value of 30°C at
time equals 200 minutes (Figures 6.13.a, 6.16.a and 6.1.a).

The three new control structures (CS1, CS2 and CS3) give the same result for
shifting the thermal disturbance load in cold steam (reactor feed stream) to furnace or
cooler as follows.

In the first the cold inlet temperature of FEHEL is decreased and then both the
cold and hot outlet temperatures of FEHE1 decrease suddenly. The hot outlet
temperature decreasing is a desired condition, hence the LSS switches the control
action to control the cold outlet temperature of FEHEL at its set point value of
141.1°C (Figures 6.13.e, 6.16.e and 6.19.e). As a result, the hot outlet temperature of
FEHEL rapidly drops to a new steady state value (Figures 6.13.c, 6.16.c and 6.19.c),
and the cooler duty decreases as DMER achieve (Figures 6.13.j, 6.16.j and 6.19.j).
When the cold inlet temperature of FEHEL increases, both the cold and hot outlet

temperatures of FEHEL increase. In order to achieve maximum energy recovery, the
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increasing cold outlet temperature is a desired condition. So the LSS switches the
control action to control the hot outlet temperature of FEHE1 at its set point value of
108.3 °C (Figures 6.13.c, 6.16.c and 6.19.c). As a result, the cold outlet temperature of
FEHEL temperature quickly increases a new steady state value (Figures 6.13.e, 6.16.e
and 6.19.e), and the furnace duty decreases as DMER achieve (Figures 6.13.i, 6.16.i
and 6.19.i).

The hot outlet temperature of FEHEZ2 is slightly well controlled to prevent the
thermal disturbance load propagation to the heat exchanger R1 (reboiler of stabilizer).

As can be seen, this disturbance load has a little bit effect to the tray
temperatures in the product and recycle columns except the tray temperature in
stabilizer column however the three new control structures can control the tray
temperature in stabilizer column slightly well (Figures 6.13.n, 6.16.n and 6.19.n).

The reactor inlet temperature, the quench temperature, the separator
temperature are also slightly well controlled but the dynamic response of CS2 is
smoother than CS1 and CS3.

6.4.1.2 Change in the Heat Load Disturbance of Hot Stream (Reactor Product
Stream)

Figures 6.14, 6.17 and 6.20 shows the dynamic responses of the control
systems of HDA process alternative 5 with three auxiliary utility units to a change in
the heat load disturbance of hot stream (the hot reactor product). This disturbance is
made as follows: first the set point of FEHES3-hot-inlet temperature controller (i.e.
TCX1 in Figure 6.1) is decreased from 621.1 to 611.10C at time equals 10 minutes,
and the temperature is increased from 611.1 to 631.10C at time equals 100 minutes,
then its temperature is returned to its nominal value of 621.10C at time equals 200
minutes (Figure 6.14.a, 6.17.a and 6.20.a). As can be seen, this temperature response
is very fast (Figure 6.14.a, 6.17.a and 6.20.a), the new steady state-is reached quickly
(Figures 6.14.a, 6.17.a and 6.20.a).

Since the hot outlet temperature of FEHE2 (i.e. the hot temperature at the
entrance of reboiler at stabilizer column, R1) is controlled (Figures 6.14.g, 6.17.g and
6.20.g) at its set point value of 300 °C to prevent the propagation of the thermal
disturbance, both the positive and negative disturbance loads of the hot stream are
shifted to the furnace utility. Therefore, whenever the negative disturbance load

comes with the hot stream (i.e. the hot inlet temperature of FEHE?2 decreases Figures
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6.14.a, 6.17.a and 6.20.a), this disturbance load is shifted to the furnace utility. The
furnace duty will be increased in this case (Figures 6.14.h, 6.17.h and 6.20.h).
Consider the case when the hot inlet temperature of FEHE?2 increases (Figures 6.14.a,
6.17.a and 6.20.a), this is a desired condition to shift the disturbance load to the cold
stream. Therefore, the furnace duty decreases to a new steady state value (Figures
6.14.h, 6.17.h and 6.20.h).

For the tray temperatures in the stabilizer, product and recycle columns are
slightly well controlled but CS2 is more oscillation than CS1 and CS3.

The reactor inlet temperature, the quench temperature, the separator
temperature are slightly well controlled but the dynamic response of CS2 is smoother
than CS1 and CS3.

6.4.1.3 Change in the Total Toluene Feed Flowrates

Figure 6.15, 6.18 and 6.21 shows the dynamic responses of the control
systems of HDA process alternative 5 with three auxiliary utility units to a change in
the total toluene flowrates. This disturbance is made by decreasing toluene flowrates
from 172.3 to 162.3 kgmole/n at time equals 10 minutes, and the flowrates is
increased from 162.3 to 182.3 kgmole/h at time equals 100 minutes, then its flowrates
is returned to its nominal value of 172.3 kgmole/h at time equals 200 (Figures 6.15.a ,
6.18.a and 6.21.a).

The dynamic result can be seen that the drop in total toluene feed flowrates
reduces the reaction rate, so the benzene product flowrates drops (Figures 6.15.c,
6.18.c and 6.21.c).and the benzene product quality increases (Figures 6.15.d, 6.18.d
and 6.21.d).Consider the case when the total toluene feed flowrates increase (Figures
6.15.a, 6.18.a and 6.21.a), and the benzene product flowrates increase because of the
reaction rate enlargement. The benzene product quality will increase in this case
(Figures 6.15.d, 6.18.d and 6.21.d). The deviation of benzene product quality from
nominal value in CS1, CS2 and CS3 are same when total toluene feed flowrates
change.

As can be seen, this disturbance has height effect to trey temperatures in the
stabilizer, product and recycle columns. However all control structure can control the

tray temperatures in the three columns slightly well.
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Figure 6.13 Dynamic Responses of the HDA Process Alternative 5 with three

Auxiliary Utility Units to A Change in the Heat Load Disturbance of Cold Stream
(Reactor Feed Stream): CS1, where: (a) fresh feed toluene temperature, (b) FEHEL
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet

temperature, () FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHE2 hot outlet temperature(h) FEHE2 cold outlet temperature, (i) furnace duty, (j)

cooler duty, (k) quench temperature,

(I) reactor inlet temperature, (m) separator

temperature, (n) stabilizer column tray temperature, (0) product column tray

temperature, (p) recycle column tray temperature
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Figure 6.14 Dynamic Responses of the HDA Process Alternative 5 with three

Auxiliary Utility Units to a Change in the Heat Load Disturbance of Hot Stream
(Reactor Product Stream):CS1, where: (a) FEHE3 hot inlet temperature, (b) FEHEL
hot inlet. temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet

temperature, (e) FEHEL cold outlet temperature, (f) FEHE2 hot outlet temperature,

() FEHEZ2 cold outlet temperature, (h) furnace duty, (i) cooler duty, (j) quench

temperature, (K) reactor inlet temperature, (I) separator temperature, (m) stabilizer

column tray temperature, (n) product column tray temperature, (0) recycle column

tray temperature
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Figure 6.15 Dynamic Responses of the HDA Process Alternative 5 with three

Auxiliary Utility Units to a,Change in the Total Toluene Feed Flowrates:CS1, where:

(a) total toluene feed flowrates, (b) fresh feed hydrogen flowrates, (c) benzene product

flowrates, (d) benzene purity in the product stream, (e) FEHEL hot inlet temperature,
(f) FEHEL hot outlet temperature, (g) FEHEL cold outlet temperature, (h) FEHE2 hot

inlet temperature, (i) FEHE2 hot outlet temperature, (j) furnace duty, (k) cooler duty,

() quench temperature, (m) reactor inlet temperature, (n) separator temperature, (0)

stabilizer column tray temperature, (p) product column tray temperature, (q) recycle

column tray temperature
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Figure 6.16 Dynamic Responses of the HDA Process Alternative 5 with three
Auxiliary Utility Units to A Change in the Heat Load Disturbance of Cold Stream
(Reactor Feed Stream): CS2, where: (a) fresh feed toluene temperature, (b) FEHEL
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet
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Figure 6.17 Dynamic Responses of the HDA Process Alternative 5 with three
Auxiliary Utility Units to a Change in the Heat Load Disturbance of Hot Stream
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Figure 6.18 Dynamic Responses of the HDA Process Alternative 5 with three

Auxiliary Utility Units to a Change in the Total Toluene Feed Flowrates: CS2, where:

(a) total toluene feed flowrates, (b) fresh feed hydrogen flowrates, (c) benzene product

flowrates, (d) benzene purity in the product stream, (e) FEHEL hot inlet temperature,
(f) FEHEL hot outlet temperature, (g) FEHEL cold outlet temperature, (h) FEHE2 hot

inlet temperature, (i) FEHE2 hot outlet temperature, (j) furnace duty, (k) cooler duty,

() quench temperature, (m) reactor inlet temperature, (n) separator temperature, (0)

stabilizer column tray temperature, (p) product column tray temperature, (q) recycle

column tray temperature
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Figure 6.19 Dynamic Responses of the HDA Process Alternative 5 with three

Auxiliary Utility Units to A Change in the Heat Load Disturbance of Cold Stream

(Reactor Feed Stream): CS3, where: (a) fresh feed toluene temperature, (b) FEHEL

hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet

temperature, () FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHE2 hot outlet temperature(h) FEHE2 cold outlet temperature, (i) furnace duty, (j)

cooler duty, (k) quench temperature,

(I) reactor inlet temperature, (m) separator

temperature, (n) stabilizer column tray temperature, (0) product column tray 12

temperature, (p) product column tray 17 temperature, (gq) recycle column tray

temperature
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Figure 6.20 Dynamic Responses of the HDA Process Alternative 5 with three
Auxiliary Utility Units to a Change in the Heat Load Disturbance of Hot Stream
(Reactor Product Stream):CS3, where: (a) FEHE3 hot inlet temperature, (b) FEHEL
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet
temperature, (e) FEHEL cold outlet temperature, (f) FEHE2 hot outlet temperature,
(g) FEHE2 cold outlet temperature, (h) furnace duty, (i) cooler duty, (j) quench
temperature, (k) reactor inlet temperature, (I) separator temperature, (m) stabilizer
column tray temperature, (n) product column tray 12 temperature, (0) product column

tray 17 temperature, (p) recycle column tray temperature
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Figure 6.21 Dynamic Responses of the HDA Process Alternative 5 with three
Auxiliary Utility Units to a Change in the Total Toluene Feed Flowrates: CS3, where:
(a) total toluene feed flowrates, (b) fresh feed hydrogen flowrates, (c) benzene product
flowrates, (d) benzene purity in the product stream, (e) FEHEL hot inlet temperature,
(f) FEHEL hot outlet temperature, (g) FEHEL cold outlet temperature, (h) FEHE2 hot
inlet temperature, (i) FEHE2 hot outlet temperature, (j) furnace duty, (k) cooler duty,
() quench temperature, (m) reactor inlet temperature, (n) separator temperature, (0)
stabilizer column tray temperature, (p) product column tray 12 temperature, (Q)
product column tray 17 temperature, (r) recycle column tray temperature
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6.4.2 Dynamic Simulation Results for HDA Process Alternative 5 with Minimum
Auxiliary Utility Units

Three disturbance loads are also used to evaluate the dynamic performance of
the control structures (CS1, CS2 and CS3) for HDA process alternative 5 with

minimum auxiliary utility units.

6.4.2.1 Change in the Heat Load Disturbance of cold stream (Reactor Feed
Stream)

Figures 6.22, 6.25 and 6.28 show the dynamic responses of the control
systems of HDA process alternative 5 with minimum auxiliary utility units to a
change in the heat load disturbance of cold stream (reactor feed stream). In order to
make this disturbance, first the fresh toluene feed temperature is decreased from 30 to
20°C at time equals 10 minutes, and the temperature is increased from 20 to 40°C at
time equals 100 minutes, then its temperature is returned to its nominal value of 30°C
at time equals 200 minutes (Figures 6.22.a, 6.25.a and 6.28.a).

As can be seen, the dynamic responses for HDA process alternative 5 with
minimum auxiliary utility units and with three auxiliary utility units are same in CS1,
CS2 and CS3.

6.4.2.2 Change in the Heat Load Disturbance of Hot Stream (Reactor Product
Stream)

Figure 6.23, 6.26 and 6.29 shows the dynamic responses of the control
systems of HDA process alternative 5 with three auxiliary utility units to a change in
the heat load disturbance of hot stream (the hot reactor product). This disturbance is
made as follows: first the set point of FEHE3-hot-inlet temperature controller (i.e.
TCX1 in Figure 6.4 6.5 and 6.6) is decreased from 621.1 to 611.10C at time equals 10
minutes, and the temperature is increased from 611.1 to 631.10C at time equals 100
minutes, then its temperature is returned to its nominal value of 621.10C at time
equals 200 minutes (Figure 6.23.a, 6.26.a and 6.29.a). As can be seen, this
temperature response is very fast (Figure 6.23.a, 6.26.a and 6.29.a), the new steady
state is reached quickly (Figure 6.23.a, 6.26.a and 6.29.a).

As can be seen, the dynamic responses for HDA process alternative 5 with
minimum auxiliary utility units and with three auxiliary utility units are same in CS1,
CS2 and CS3.
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6.4.2.3 Change in the Total Toluene Feed Flowrates

Figure 6.24, 6.27 and 6.23 shows the dynamic responses of the control
systems of HDA process alternative 5 with three auxiliary utility units to a change in
the total toluene flowrates. This disturbance is made by decreasing toluene flowrates
from 172.3 to 162.3 kgmole/h at time equals 10 minutes, and the flowrates is
increased from 162.3 to 182.3 kgmole/h at time equals 100 minutes, then its flowrates
is returned to its nominal value of 172.3 kgmole/h at time equals 200 (Figure 6.24.a ,
6.27.a and 6.23.a).

As can be seen, the dynamic responses for HDA process alternative 5 with
minimum auxiliary utility units and with three auxiliary utility units are same in CS1,
CS2 and CS3.
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Figure 6.23 Dynamic Responses of the HDA Process Alternative 5 with Minimum
Auxiliary Utility Units to a Change in the Heat Load Disturbance of Hot Stream
(Reactor Product Stream):CS1, where: (a) FEHE3 hot ‘inlet temperature, (b) FEHEL
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet
temperature, (e) FEHEL cold outlet temperature, (f) FEHE2 hot outlet temperature,
(g) FEHE2 cold outlet temperature, (h) furnace duty, (i) cooler duty, (j) quench
temperature, (k) reactor inlet temperature, (I) separator temperature, (m) stabilizer
column tray temperature, (n) product column tray temperature, (0) recycle column

tray temperature
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Figure 6.25 Dynamic Responses of the HDA Process Alternative 5 with Minimum

Auxiliary Utility Units to A Change in the Heat Load Disturbance of Cold Stream

(Reactor Feed Stream): CS2, where: (a) fresh feed toluene temperature, (b) FEHEL
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet
temperature, () FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHE2 hot outlet temperature(h) FEHE2 cold outlet temperature, (i) furnace duty, (j)

cooler duty, (k) quench temperature,

(I) reactor inlet temperature, (m) separator

temperature, (n) stabilizer column tray temperature, (0) product column tray

temperature, (p) recycle column tray temperature
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Figure 6.26 Dynamic Responses of the HDA Process Alternative 5 with Minimum
Auxiliary Utility Units to a Change in the Heat Load Disturbance of Hot Stream
(Reactor Product Stream):CS2, where: (a) FEHE3 hot inlet temperature, (b) FEHEL
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet
temperature, (e) FEHEL cold outlet temperature, (f) FEHE2 hot outlet temperature,
(g) FEHE2 cold outlet temperature, (h) furnace duty, (i) cooler duty, (j) quench
temperature, (k) reactor inlet temperature, (I) separator temperature, (m) stabilizer
column tray temperature, (n) product column tray temperature, (0) recycle column

tray temperature
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Figure 6.27 Dynamic Responses of the HDA Process Alternative 5 with Minimum

Auxiliary Utility Units to a Change in the Total Toluene Feed Flowrates: CS2, where:

(a) total toluene feed flowrates, (b) fresh feed hydrogen flowrates, (c) benzene product

flowrates, (d) benzene purity in the product stream, (e) FEHEL hot inlet temperature,
(f) FEHEL hot outlet temperature, (g) FEHEL cold outlet temperature, (h) FEHE2 hot
inlet temperature, (i) FEHE2 hot outlet temperature, (j) furnace duty, (k) cooler duty,

() quench temperature, (m) reactor inlet temperature, (n) separator temperature, (0)

stabilizer column tray temperature, (p) product column tray temperature, (q) recycle

column tray temperature



302.2

3013
=

Z 3003
[==]

=
0} 289.4

i
W 208.4

0.0000

100.0

200.0
Minutes

30000

(i)

400.0

500

2800

= 2720
b
o 2640
o

o
i 2560

2430

0.0000

100.0

200.0
Minutes

2000

400.0

(k)

500

E24.4

QEES.D

S 6216
il

= 620.2
o
B18.8

0.0000

100.0

200.0
Minutes

300.0

(m)

4000

a00

156.5

— 1556
S ol

o 1547

153.9

153.0

0.0000

100.0

200.0
hinutes

2000

(0)

400.0

00

3088

ang.4

2 308.0 _1[',%\‘_

T

&
S 307.6

307.2

v

06:Ha00

100.0

200.0
Finutes

3000

(t)

Figure 6.27 (continue)

400.0

500

4400

gf-ﬂﬂﬂ

pa
E 4000

= 2500
o

_rﬁ"v‘

3600

0.0000

100.0 200.0

Minutes

300.0

()

400.0

a00

N
@
[
= -
[
--‘

0.o00o

100.0 200.0

hinutes

300.0

46.00

(1

400.0

a00

— 4560
&)

= 4520

£ m
= 4480
o

i
44.40

0.ooo0

100.0 200.0

Minutes

3000

(n)

400.0

a0o

125.2

= A
(]

oy 1249 n._,

T 1248

e

1246

0.0000

100.0 200.0

Ilinutes

300.0

(p)

400.0

400

132



eed tol temp (C)

w 24.00

100.0 200.0

Minutes

300.0

(a)

400

100.0 200.0

Minutes

(©)

100.0 200.0

Minutes

(€)

-l

=
5 621.2
o
M e21.0
T

—

100.0 200.0

Minutes

20000

(9)

400

_196.4
=
= 1954
2 1843 N
& 1933
(NN )
L
192.3
0.0000 100.0 200.0 300.0 400
Minutes
68.40
Se7.30
=
= BG.00
=] L
o 580
i
TN cielcin)
52 amn 100.0 200.0 300.0 400
Minutes
55180
SEldn— —]
=
5 5136 —_—
Wl 512.4
1
LL
e 511.21—
0.0000 100.0 200.0 300.0 400
Minutes -
S a00.8
=
= 300.4
2
25 30004
£
i 299.6
[N
2992
0.0000 100.0 200.0 300.0 400
hinutes

133

Figure 6.128 Dynamic Responses of the HDA Process Alternative 5 with Minimum

Auxiliary Utility Units to A Change in the Heat Load Disturbance of Cold Stream
(Reactor Feed Stream): CS3, where: (a) fresh feed toluene temperature, (b) FEHEL
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet

temperature, () FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHE2 hot outlet temperature(h) FEHE2 cold outlet temperature, (i) furnace duty, (j)

cooler duty, (k) quench temperature,

(I) reactor inlet temperature, (m) separator

temperature, (n) stabilizer column tray temperature, (0) product column tray 12

temperature, (p) product column tray 17 temperature, (gq) recycle column tray

temperature
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Figure 6.29 Dynamic Responses of the HDA Process Alternative 5 with Minimum
Auxiliary Utility Units to a Change in the Heat Load Disturbance of Hot Stream
(Reactor Product Stream):CS3, where: (a) FEHE3 hot inlet temperature, (b) FEHEL
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Figure 6.30 Dynamic Responses of the HDA Process Alternative 5 with Minimum
Auxiliary Utility Units to a Change in the Total Toluene Feed Flowrates: CS3, where:
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6.5 Dynamic Simulation Results for HDA Process Alternative 6 with four
Auxiliary Utility Units and Minimum Auxiliary Utility Units

In order to illustrate the dynamic behavior of the control structure in HDA
process alternative 6 with four auxiliary utility units and minimum auxiliary utility
units, several disturbance loads are made. The dynamic results are explained in this
part.

6.5.1 Dynamic Simulation Results for HDA Process Alternative 6 with four
Auxiliary Utility Units: CS1, CS2 and CS3

Three disturbance loads are used to evaluate the dynamic performance of the
new control structure 1, 2 and 3 for HDA process alternative 6 with four auxiliary

utility units.

6.5.1.1 Change in the Heat Load Disturbance of cold stream (Reactor Feed
Stream)

Figures 6.31, 6.34 and 6.37 show the dynamic responses of the control
systems of HDA process alternative 6 with four auxiliary utility units to a change in
the heat load disturbance of cold stream (reactor feed stream). In order to make this
disturbance, first the fresh toluene feed temperature is decreased from 30 to 20°C at
time equals 10 minutes, and the temperature is increased from 20 to 40°C at time
equals 100 minutes, then its temperature is returned to its nominal value of 30°C at
time equals 200 minutes (Figures 6.31.a, 6.34.a and 6.37.a).

The three new control structures (CS1, CS2 and CS3) give the same result for
shifting the thermal disturbance load in cold steam (reactor feed stream) to furnace or
cooler as follows.

Whenever the cold inlet temperature of FEHEL is decreased and then both the
cold and hot outlet temperatures of FEHE1 decrease suddenly. The hot outlet
temperature decreasing is a desired condition, hence the LSS switches the control
action to control the cold outlet temperature of FEHEL at its set point value of
144.5°C (Figures 6.31.e, 6.34.e and 6.37.e). As a result, the hot outlet temperature of
FEHEL rapidly drops to a new steady state value (Figures 6.31.c, 6.34.c and 6.37.c),
and the cooler duty decreases as DMER achieve (Figures 6.31.j, 6.34.j and 6.37.j).
Whenever the cold inlet temperature of FEHEL increases, both the cold and hot outlet

temperatures of FEHEL increase. In order to achieve maximum energy recovery, the
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increasing cold outlet temperature is a desired condition. So the LSS switches the
control action to control the hot outlet temperature of FEHE1 at its set point value of
108.3 °C (Figures 6.31.c, 6.34.c and 6.37.c). As a result, the cold outlet temperature of
FEHEL temperature quickly increases a new steady state value (Figures 6.31.e, 6.34.e
and 6.37.e), and the furnace duty decreases as DMER achieve (Figures 6.31.i, 6.34.i
and 6.37.1).

The hot outlet temperature of FEHE2 and FEHES3 is slightly well controlled to

prevent the thermal disturbance load propagation to the heat exchanger R1 (reboiler of
stabilizer) and R3 (reboiler of recycle column).
As can be seen, this disturbance load has a little bit effect to the tray temperatures in
the stabilizer and product columns except the average tray temperature in recycle
column however the three new control structures can control the tray temperature in
recycle column slightly well (Figures 6.31.n, 6.34.n and 6.37.n). The dynamic
response of CS2 is more oscillation than CS1 and CS3.

The reactor inlet temperature, the quench temperature, the separator
temperature are slightly well controlled but the dynamic response of CS2 is smoother
than CS1 and CS3.

6.4.1.2 Change in the Heat Load Disturbance of Hot Stream (Reactor Product
Stream)

Figures 6.32, 6.35 and 6.38 shows the dynamic responses of the control
systems of HDA process alternative 6 with three auxiliary utility units to a change in
the heat load disturbance of hot stream (the hot reactor product). This disturbance is
made as follows: first the set point of FEHE3-hot-inlet temperature controller (i.e.
TCXL1 in Figures 6.7 6.8 and 6.9) is decreased from 621.1 to 611.10C at time equals
10 minutes, and the temperature is ‘increased from 611.1 to 631.10C at time equals
100 minutes, then its temperature is returned to its nominal value of 621.10C at time
equals 200 minutes (Figures 6.32.a, 6.35.a and 6.38.a). As can be seen, this
temperature response is very fast (Figures 6.32.a, 6.35.a and 6.38.a), the new steady
state is reached quickly (Figures 6.32.a, 6.35.a and 6.38.a).

Since the hot outlet temperature of FEHE2 (i.e. the hot temperature at the
entrance of reboiler at stabilizer column, R1) is controlled (Figures 6.32.g, 6.35.g and
6.38.9) at its set point value of 300 °C to prevent the propagation of the thermal
disturbance, both the positive and negative disturbance loads of the hot stream are
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shifted to the furnace utility. Therefore, whenever the negative disturbance load
comes with the hot stream (i.e. the hot inlet temperature of FEHE?2 decreases Figures
6.32.a, 6.35.a and 6.38.a), this disturbance load is shifted to the furnace utility. The
furnace duty will be increased in this case (Figures 6.32.h, 6.35.h and 6.38.h).
Consider the case when the hot inlet temperature of FEHE?2 increases (Figures 6.32.a,
6.35.a and 6.38.a), this is a desired condition to shift the disturbance load to the cold
stream. Therefore, the furnace duty decreases to a new steady state value (Figures
6.32.h, 6.35.h and 6.38.h).

Again, the reactor inlet temperature, the quench temperature, the separator
temperature and tray temperature in three columns are slightly well controlled.

6.4.1.3 Change in the Total Toluene Feed Flowrates

Figures 6.33, 6.36 and 6.39 shows the dynamic responses of the control
systems of HDA process alternative 5 with three auxiliary utility units to a change in
the total toluene flowrates. This disturbance is made by decreasing toluene flowrates
from 172.3 to 162.3 kgmole/h at time equals 10 minutes, and the flowrates is
increased from 162.3 to 182.3 kgmole/h at time equals 100 minutes, then its flowrates
is returned to its nominal value of 172.3 kgmole/h at time equals 200 (Figures 6.33.a,
6.36.a and 6.39.a).

The dynamic result can be seen that the drop in total toluene feed flowrates
reduces the reaction rate, so the benzene product flowrates drops (Figures 6.33.c,
6.36.c and 6.39.c).and the benzene product quality increases (Figures 6.33.d, 6.36.d
and 6.39.d).Consider the case when the total toluene feed flowrates increase (Figures
6.33.a, 6.36.a and 6.39.a), and the benzene product flowrates increase because of the
reaction rate enlargement. The benzene product quality will increase in this case
(Figures 6.33.d, 6.36.d and 6.39.d). The deviation of benzene product purity from
nominal value in .CS1, CS2 and CS3 are same when total toluene feed flowrates
change.

As can be seen, this disturbance has height effect to trey temperatures in the
stabilizer, product and recycle columns however all control structure can control the

tray temperatures in the three columns slightly well.
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Figure 6.31 Dynamic Responses of the HDA Process Alternative 6 with four

Auxiliary Utility Units to a Change-in the Heat Load Disturbance of Cold Stream
(Reactor Feed Stream): CS1, where: (a) fresh feed toluene temperature, (b) FEHEL
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet
temperature, () FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHE2 hot outlet temperature, (h) FEHE2 cold outlet temperature, (i) FEHE3 hot

inlet temperature,

() FEHE3 hot outlet temperature(k) FEHE3 cold outlet

temperature, (1) furnace duty, (m) cooler duty, (n) quench temperature, (0) reactor

inlet temperature, (p) separator temperature, (q) stabilizer column tray temperature, (r)

product column tray temperature, (s) recycle column tray temperature
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Figure 6.32 Dynamic Responses of the HDA Process Alternative 6 with four

Auxiliary Utility Units to a Change in the Heat Load Disturbance of Hot Stream
(Reactor Product Stream):CS1, where: (a) FEHE3 hot inlet temperature, (b) FEHE1
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet
temperature, () FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHEZ2 hot outlet temperature(h) FEHEZ2 cold outlet temperature,(i) FEHE3 hot outlet
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Figure 6.34 Dynamic Responses of the HDA Process Alternative 6 with four

Auxiliary Utility Units to a Change in the Heat Load Disturbance of Cold Stream
(Reactor Feed Stream): CS2, where: (a) fresh feed toluene temperature, (b) FEHEL
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet

temperature, () FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHE2 hot outlet temperature, (h) FEHE2 cold outlet temperature, (i) FEHE3 hot

inlet temperature,

() FEHE3 hot outlet temperature(k) FEHE3 cold outlet

temperature, (1) furnace duty, (m) cooler duty, (n) quench temperature, (0) reactor

inlet temperature, (p) separator temperature, (q) stabilizer column tray temperature, (r)

product column tray temperature, (s) recycle column tray temperature
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Figure 6.35 Dynamic Responses of the HDA Process Alternative 6 with four

Auxiliary Utility Units to a Change in the Heat Load Disturbance of Hot Stream
(Reactor Product Stream):CS2, where: (a) FEHE3 hot inlet temperature, (b) FEHEL
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet
temperature, () FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHEZ2 hot outlet temperature(h) FEHEZ2 cold outlet temperature,(i) FEHE3 hot outlet
temperature, (j) FEHE3 cold outlet temperature, (k) furnace duty, (I) cooler duty, (m)

quench temperature,

(n) reactor inlet temperature, (0) separator temperature, (p)

stabilizer column tray temperature, (g) product column tray temperature, (r) recycle

column tray temperature
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Figure 6.36 Dynamic Responses of the HDA Process Alternative 6 with four
Auxiliary Utility Units to a-Change. in the Total Toluene Feed Flowrates (Reactor
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Figure 6.37 Dynamic Responses of the HDA Process Alternative 6 with four
Auxiliary Utility Units to a-Change-in the Heat Load Disturbance of Cold Stream
(Reactor Feed Stream): CS3, where: (a) fresh feed toluene temperature, (b) FEHEL
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet
temperature, () FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHE2 hot outlet temperature, (h) FEHE2 cold outlet temperature, (i) FEHE3 hot
inlet temperature, (j) FEHE3 hot outlet temperature(k) FEHE3 cold outlet
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Figure 6.38 Dynamic Responses of the HDA Process Alternative 6 with four

Auxiliary Utility Units to a Change in the Heat Load Disturbance of Hot Stream
(Reactor Product Stream):CS3, where: (a) FEHE3 hot inlet temperature, (b) FEHE1
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet
temperature, () FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHEZ2 hot outlet temperature(h) FEHEZ2 cold outlet temperature,(i) FEHE3 hot outlet
temperature, (j) FEHE3 cold outlet temperature, (k) furnace duty, (I) cooler duty, (m)

quench temperature,

(n) reactor inlet temperature, (0) separator temperature, (p)

stabilizer column tray temperature, (q) product column tray 12 temperature, (r)

product column tray 17 temperature, (s) recycle column tray temperature
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Figure 6.39 Dynamic Responses of the HDA Process Alternative 6 with four

Auxiliary Utility Units to a Change.in the Total Toluene Feed Flowrates (Reactor

Feed Stream):CS3, where: (a) recycle toluene flowrates, (b) fresh feed hydrogen

flowratres, (c) benzene product flowrates, (d) benzene purity in the product stream,
(e) FEHEL hot inlet temperature, (f) FEHEL hot outlet temperature, (g) FEHE1 cold
outlet temperature, (h) FEHE2 hot inlet temperature, (i) FEHE2 hot outlet
temperature, (j) FEHE3 hot inlet temperature, (k) FEHES3 hot outlet temperature, (I)

furnace duty, (m) cooler duty, (n) quench temperature, (0) reactor inlet temperature,

(p) separator temperature, (q) stabilizer column tray temperature, (r) product column

tray 12 temperature, (s) product column tray 17 temperature, (t) recycle column tray

temperature
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6.5.2 Dynamic Simulation Results for HDA Process Alternative 6 with Minimum
Auxiliary Utility Units

Three disturbance loads are also used to evaluate the dynamic performance of
the previous control structure (CS1, CS2 and CS3) for HDA process alternative 6 with

minimum auxiliary utility units.

6.5.2.1 Change in the Heat Load Disturbance of cold stream (Reactor Feed
Stream)

Figures 6.40, 6.43 and 6.46 show the dynamic responses of the control
systems of HDA process alternative 6 with minimum auxiliary utility units to a
change in the heat load disturbance of cold stream (reactor feed stream). In order to
make this disturbance, first the fresh toluene feed temperature is decreased from 30 to
20°C at time equals 10 minutes, and the temperature is increased from 20 to 40°C at
time equals 100 minutes, then its temperature is returned to its nominal value of 30°C
at time equals 200 minutes (Figures 6. 40.a, 6.43.a and 6.46.a).

As can be seen, the dynamic responses for HDA process alternative 6 with
minimum auxiliary utility units and with four auxiliary utility units are same in CS1,
CS2 and CS3.

6.5.2.2 Change in the Heat Load Disturbance of Hot Stream (Reactor Product
Stream)

Figures 6.41, 6.44 and 6.47 shows the dynamic responses of the control
systems of HDA process alternative 6 with three auxiliary utility units to a change in
the heat load disturbance of hot stream (the hot reactor product). This disturbance is
made as follows: first the set point of FEHE3-hot-inlet temperature controller (i.e.
TCX1 in Figures 6.10 6.11 and 6.12) is decreased from 621.1 to 611.10C at time
equals 10 minutes, and the temperature is increased from 611.1 to 631.10C at time
equals 100 minutes, then its temperature is returned to its nominal value of 621.10C at
time equals 200 minutes (Figures 6.41.a, 6.44.a and 6.47.a). As can be seen, this
temperature response is very fast (Figures 6.41.a, 6.44.a and 6.47.a), the new steady
state is reached quickly (Figures 6.41.a, 6.44.a and 6.47.a).

As can be seen, the dynamic responses for HDA process alternative 6 with
minimum auxiliary utility units and with three auxiliary utility units are same in CS1,
CS2 and CS3.
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6.5.2.3 Change in the Total Toluene Feed Flowrates

Figures 6.42, 6.45 and 6.48 shows the dynamic responses of the control
systems of HDA process alternative 6 with three auxiliary utility units to a change in
the total toluene flowrates. This disturbance is made by decreasing toluene flowrates
from 172.3 to 162.3 kgmole/h at time equals 10 minutes, and the flowrates is
increased from 162.3 to 182.3 kgmole/h at time equals 100 minutes, then its flowrates
is returned to its nominal value of 172.3 kgmole/h at time equals 200 (Figures 6.42.a ,
6.45.a and 6.48.a).

As can be seen, the dynamic responses for HDA process alternative 6 with
minimum auxiliary utility units and with three auxiliary utility units are same in CS1,
CS2 and CS3.
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Figure 6.40 Dynamic Responses of the HDA Process Alternative 6 with Minimum
Auxiliary Utility Units to a Change-in the Heat Load Disturbance of Cold Stream
(Reactor Feed Stream): CS1, where: (a) fresh feed toluene temperature, (b) FEHEL
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet
temperature, () FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHE2 hot outlet temperature, (h) FEHE2 cold outlet temperature, (i) FEHE3 hot
inlet temperature, (j) FEHE3 hot outlet temperature(k) FEHE3 cold outlet
temperature, (1) furnace duty, (m) cooler duty, (n) quench temperature, (0) reactor
inlet temperature, (p) separator temperature, (q) stabilizer column tray temperature, (r)

product column tray temperature, (s) recycle column tray temperature
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Figure 6.41 Dynamic Responses of the HDA Process Alternative 6 with Minimum

Auxiliary Utility Units to a Change in the Heat Load Disturbance of Hot Stream
(Reactor Product Stream):CS1, where: (a) FEHE3 hot inlet temperature, (b) FEHE1
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet
temperature, () FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHEZ2 hot outlet temperature(h) FEHEZ2 cold outlet temperature,(i) FEHE3 hot outlet
temperature, (j) FEHE3 cold outlet temperature, (k) furnace duty, (I) cooler duty, (m)

quench temperature,

(n) reactor inlet temperature, (0) separator temperature, (p)

stabilizer column tray temperature, (g) product column tray temperature, (r) recycle

column tray temperature



437 .6

= 436.8

©

436.0

W]

434.4

4352 -I."

FEHE3 hot out

433.6

0.0000

100.0

200.0
Minutes

300.0 400

(i)

wmn
=}
o
in
I_._]

100.0

200.0
Minutes

300.0 400

(k)

— -

K

100.0

200.0
Minutes

30000 400

(m)

100.0

200.0
Minutes

300.0 400

(0)

1232

~1250
)

ot 1243 i
)

~ 1248

124 6

0.0000

100.0

200.0
Minutes

300.0 400

(@)

Figure 5.41 (continue)

165

486.0
S 4800
=
= 4740
3
= 468.0
s
L 4620
(N
456.0
0.0000 1000 200.0 300.0 400
inutes
2720,
2680
= 2640
- I.‘ L —
S 2600 ¥ 'm-__‘ru———
< 2560
2521
2.0000 100.0 200.0 300.0 400
Minutes .
§22.0
Ca21 6
Ep22
ETR 1 K- f
=
£ ga0.8
620.4
0.0000 100.0 200.0 200.0 400
Minutes .
(n)
1556
— 1552
e
—~ 1548 =ﬁ“ llr vh‘
[
T 1544
15410
0.0000 1000 2000 3000 400
Minutes .
323.2
G224
o I A f
=521 6 oo
el T et v Vi
= 3208 H
320.0
10,0000 100.0 200.0 300.0 400
Mintes

(r)



- £ 2700
£ 1860 I
2 n 22520
Z 1791 = ‘ﬁ,rv-—
= =2340 X
— [ ]
= 1723 r T nfv-———
5 = 2160
L 1654 a '
E I~ 1950
S 1585 P
= 1800
00000 1000 2000 00 3000 4000 s00 - 00000 1000 2000 3000 4000
Minutes . Minutes
(a) (b)
= T 09995
S 1320 E
= \ 2 0.9995
=280 g N
= f \ = 0.9997 /
21240 1 vy \
g j\ r = p.oog7
Sq200 F 1 _/
I= \ I 5 0.9996
o 116D N J = |
= = p9gg6
m 00000 1000 200.0 300.0 4000 s00 00000 1000 0 2000 20 3000 0 4000 0 S00
Minutes Minutes .
(c) (d)
s 51089
2 2040 h o~ 3,
g ' LV 1 A S07T =
S 20244 = R
= 1 )& '\;—" 2 1066 |
L , W ~2
T OB ""—|J' I Yinss
L ooz | e 1003
00000 000 2000 E000 400.0 500 00a00 1000 200.0 3000 4000 s00
hinutes Minutes
(e) ()
1402 o ! 2925
= | 5y l
5 147 8 R “h
21465 i ! 23012 H' &
= R A | = ﬂp.-_._.__l f
o 1952 Wsano
T - I
439 L-zesse 1
00000 1000 200.0 3000 4000 s00 00000 1000 200.0 200.0 4000 500
minutes - hlinutes

166

Figure 6.42 Dynamic Responses of the HDA Process Alternative 6 with Minimum

Auxiliary Utility Units to a Change in the Total Toluene Feed Flowrates (Reactor

Feed Stream):CS1, where: (a) recycle toluene flowrates, (b) fresh feed hydrogen

flowrates, (c) benzene product flowrates, (d) benzene purity in the product stream, (e)
FEHEL hot inlet temperature, (f) FEHEL hot outlet temperature, (g) FEHEL cold
outlet temperature, (h) FEHE2 hot -inlet temperature, (i) FEHE2 hot outlet
temperature, (j) FEHE3 hot inlet temperature, (k) FEHE3 hot outlet temperature, (I)

furnace duty, (m) cooler duty, (n) quench temperature, (0) reactor inlet temperature,

(p) separator temperature, (q) stabilizer column tray temperature, (r) product column

tray temperature, (s) recycle column tray temperature
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Figure 6.43 Dynamic Responses of the HDA Process Alternative 6 with Minimum

Auxiliary Utility Units to a Change in the Heat Load Disturbance of Cold Stream
(Reactor Feed Stream): CS2, where: (a) fresh feed toluene temperature, (b) FEHEL
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet

temperature, () FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHE2 hot outlet temperature, (h) FEHE2 cold outlet temperature, (i) FEHE3 hot

inlet temperature,

() FEHE3 hot outlet temperature(k) FEHE3 cold outlet

temperature, (1) furnace duty, (m) cooler duty, (n) quench temperature, (0) reactor

inlet temperature, (p) separator temperature, (q) stabilizer column tray temperature, (r)

product column tray temperature, (s) recycle column tray temperature
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Figure 6.44 Dynamic Responses of the HDA Process Alternative 6 with Minimum

Auxiliary Utility Units to a Change in the Heat Load Disturbance of Hot Stream
(Reactor Product Stream):CS2, where: (a) FEHE3 hot inlet temperature, (b) FEHEL
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet
temperature, () FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHEZ2 hot outlet temperature(h) FEHEZ2 cold outlet temperature,(i) FEHE3 hot outlet
temperature, (j) FEHE3 cold outlet temperature, (k) furnace duty, (I) cooler duty, (m)

quench temperature,

(n) reactor inlet temperature, (0) separator temperature, (p)

stabilizer column tray temperature, (g) product column tray temperature, (r) recycle

column tray temperature
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Figure 6.45 Dynamic Responses of the HDA Process Alternative 6 with Minimum
Auxiliary Utility Units to a-Change. in the Total Toluene Feed Flowrates (Reactor
Feed Stream):CS2, where: (a) recycle toluene flowrates, (b) fresh feed hydrogen
flowrates, (c) benzene product flowrates, (d) benzene purity in the product stream, (e)
FEHEL hot inlet temperature, (f) FEHEL hot outlet temperature, (g) FEHEL cold
outlet temperature, (h) FEHE2 hot inlet temperature, (i) FEHE2 hot outlet
temperature, (j) FEHE3 hot inlet temperature, (k) FEHE3 hot outlet temperature, (I)
furnace duty, (m) cooler duty, (n) quench temperature, (0) reactor inlet temperature,
(p) separator temperature, (q) stabilizer column tray temperature, (r) product column

tray temperature, (s) recycle column tray temperature
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Figure 6.46 Dynamic Responses of the HDA Process Alternative 6 with Minimum
Auxiliary Utility Units to-a Change in the Heat Load Disturbance of Cold Stream
(Reactor Feed Stream): CS3, where: (a) fresh feed toluene temperature, (b) FEHEL
hot inlet temperature, (c) FEHEL1 hot outlet temperature, (d) FEHEL1 cold inlet
temperature, (e) FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHE2 hot outlet temperature, (h) FEHE2 cold outlet temperature, (i) FEHE3 hot
() FEHE3 hot outlet temperature(k) FEHE3 cold outlet

temperature, (1) furnace duty, (m) cooler duty, (n) quench temperature, (0) reactor

inlet temperature,

inlet temperature, (p) separator temperature, (q) stabilizer column tray temperature, (r)
product column tray 12 temperature, (s) product column tray 17 temperature, (t)

recycle column tray temperature
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Figure 6.47 Dynamic Responses of the HDA Process Alternative 6 with Minimum

Auxiliary Utility Units to a Change in the Heat Load Disturbance of Hot Stream
(Reactor Product Stream):CS3, where: (a) FEHE3 hot inlet temperature, (b) FEHE1
hot inlet temperature, (c) FEHEL hot outlet temperature, (d) FEHE1 cold inlet
temperature, () FEHEL cold outlet temperature, (f) FEHEZ2 hot inlet temperature, (g)
FEHEZ2 hot outlet temperature(h) FEHEZ2 cold outlet temperature,(i) FEHE3 hot outlet
temperature, (j) FEHE3 cold outlet temperature, (k) furnace duty, (I) cooler duty, (m)

quench temperature,

(n) reactor inlet temperature, (0) separator temperature, (p)

stabilizer column tray temperature, (q) product column tray 12 temperature, (r)

product column tray 17 temperature, (s) recycle column tray temperature



B335
Cgras f

frd

HE3 hotin

a1

E24.0
619.2
w F14.4
L

9.6
0.oooo 100.0 200.0 3000

Minutes

435.9

—
)

=478.49
=
o 4734
B
o 46T 4
w
& 461.4
L

455,

g
0.0000 100.0 200.0 300.0

(i)

400

Minutes

2720
2680
2640
g 2600
< 2560

2520
0.0

ler ¢

(k)

400

i por—— e

ooo 100.0 200.0 300.0
Minutes

§22.0

Sez16

=

a2, - =

=

£ 520.8
20,4

(m)

400

0.0000 100.0 200.0 300.0

Minutes

1556

(0)

400

~155.2
=4
— 15458
=

154.4

N ‘lr'_ Ao

1540

0.0000 100.0 2000 300.0

hfinutes

110.9
110.7

S110.6

=

B 1105

110.3

11%%000 100.0 200.0 300.0

(@)

400

Minutes

(s)

Figure 6.47 (continue)

400

177

54364
= 436.0
= f h
E 4356 W W
i
L 435.2
L 4348
0.0000 100.0 200.0 300.0 400
Minutes .
5985 l"'“
o 5746 (]
S 5506
=
o A26T L.
5027
0.0000 100.0 200.0 300.0 400
Minutes .
62320
TR 6
o
5 621.2 r_ v
% 208 Y
o 6204
f20.0
0000 100.0 200.0 300.0 400
Winutes .
(n)
— 4560
=
= 4520
£ - A
& 4430
&
o 44 40
44.00
0.0000 100.0 200.0 an0.n 400
inutes .
1252
~ 1251
=
— 12449 T
o
=424 5
124 &
10,0000 A00.0 200.0 30010 4001]
Minutes .
(n
3232
3224
:\;’321 B nv " ﬂlfw—
[
= 3206
3200
0.0000 100.0 2000 3000 400
Minutes

(t)



£ 186.0
@
21791
=
2 1723
=
i 1654
= WA
S 1585
00000 1000 2000 3000 4000 500
Minutes -
(@)
=
= 147.4
% .
= 136.8 o
S 1263 _/-" S - B
]
3115.8_\\_/
=
M 1053
=
@ 00000 1000 2000 3000 4000 500
hinutes E
(c)
337.9 — =
2184
=
= 208.9
o 199.4 .
& Ny ;
Wiggg !
180.4 ‘
Uoooo 1000 20000 3000 4000  AOO
Minutes
(e)
51512 i |
]
S 1484 2 . |
o '\' 1
%145_5*&!}\ rlh_._/ A _.'_!
w1423
w
L 1400 |
00000 1000 2000 3000 4000 500
Minutes =

£ 270.0
o

2520
f=]

=

— 2340

o

fe

T
= 216.0

&
“ 1980

[
i

fin
21800

0.0000

100.0

200.0

200.

0 400.0 400

Minutes

(b)

0.58958
& 0.8938

Y

=
=0.9997 >

[ =
E 0.59987

\

r.

an
M 09996

\

/

NS

|
0947 toan 1000

200.0

2000

4000 500

Minutes .

111.6

(d)

2 109.8

= 1
51080
[

Z106.2 1‘ LY

L] --/_

A

L

"

w1044

L
102
aEDDD 100.0  200.0 300.0 400.0 500

Minutes .
5 3936
= 3920 "
= ; g S—
5390.44*.- Ulr —
4
i 2288
(N
387 3
0.O000 1000 2000 3000 4000 500
Minutes .
(h)

178

Figure 6.48 Dynamic Responses of the HDA Process Alternative 6 with Minimum

Auxiliary Utility Units to a Change.in the Total Toluene Feed Flowrates (Reactor

Feed Stream):CS3, where: (a) recycle toluene flowrates, (b) fresh feed hydrogen

flowrates, (c) benzene product flowrates, (d) benzene purity in the product stream, (e)
FEHEL hot inlet temperature, (f) FEHEL hot outlet temperature, (g) FEHEL cold
outlet temperature, (h) FEHE2 hot inlet temperature, (i) FEHE2 hot outlet
temperature, (j) FEHE3 hot inlet temperature, (k) FEHE3 hot outlet temperature, (I)

furnace duty, (m) cooler duty, (n) quench temperature, (0) reactor inlet temperature,

(p) separator temperature, (q) stabilizer column tray temperature, (r) product column

tray 12 temperature, (s) product column tray 17 temperature, (t) recycle column tray

temperature
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6.6 Evaluation of the Dynamic Performance

The dynamic performance index is focused on time related characteristics of
the controller’s response to setpoint changes or deterministic disturbances. There exist
several candidate performance measures such as settling time and integral absolute
error (IAE). Integral absolute error is well known and widely used. For the

formulation of a dynamic performance as written below:

IAE =[le(t)] dt

Note that € (t) = ysp(t) — y(t) is the deviation (error) of the response from the
desired setpoint.

In this work, IAE method is used to evaluate the dynamic performance of the
designed control systems. Figures 6.13 — 6.15 show the total IAE results HDA process
alternative 5 and figures 6.16 — 18 show the total IAE results HDA process alternative
6.

As can be seen, The IAE of HDA process alternative 5 with minimum
auxiliary utility units for all control structures has a little bit deference form the IAE
of HDA process alternative 5 with three auxiliary utility units suggested by luyben. It
means the control performance of both is same. So the HDA process alternative 5 is
employed only one auxiliary utility unit that it can decrease the equipment cost and
the control performance still has effective. As can be seen, CS1 is the best control
structure for handle disturbances due to it gives better control performances.

Again, The IAE of HDA process alternative 6 with minimum auxiliary utility
units has a little bit deference form the IAE of HDA process. alternative 6 with four
auxiliary utility units suggested by Luyben that it-means the control performance of
both is same. So the HDA process alternative 6 is employed only one auxiliary utility
unit and the control performance still has effective. As can be seen, CS1 is the best

control structure for handle disturbances.
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Table 6.13 the IAE Values of HDA Process Alternative 5 with three and Minimum
Auxiliary Utility Units to a Change in the Heat Load Disturbance of Cold Stream

(Reactor Feed Stream)

Integral Absolute Error (IAE)
Controller Cs1 CS2 CS3
3Aux. | MinAux. | 3 Aux. | Min.Aux. | 3 Aux. | Min.Aux.
TC1 2.3 2.5 2.2 2.3 2.3 24
TC2 0.2 0.2 0.3 0.2 0.3 0.3
TC3 2.0 2.0 5 2.3 1.8 1.8
TCE2h 0.7 0.7 1.8 1.8 0.8 0.8
TCR 3.5 3.5 K il 3.7 3.8
TCQ 2.4 2.7 1.1 1.0 2.8 2.8
TCS 1.3 1.3 11 L 1.2 1.2
Total 12.8 12.9 10.3 10.4 13.0 13.2

Table 6.14 the IAE Values of HDA Process Alternative 5 with three and Minimum
Auxiliary Utility Units to a Change in the Heat Load Disturbance of Hot Stream

(Reactor Product Stream)

Integral Absolute Error (1AE)
Controller Cs1 CS2 CS3
3AuxX. | MinAux. | 3 Aux. | Min.Aux. | 3 Aux. | Min.Aux.
TC1 13.4 141 14.7 154 13.4 141
TC2 1.3 1.3 2.1 2.1 1.3 1.3
TC3 9.1 9.0 13.9 14.0 8.8 8.8
TCE2h 2.6 2.6 1477 14.7 2.7 2.7
TCR 19.1 19.1 18.6 18.6 19.5 19.4
TCQ 115 115 9.2 9.3 11.6 11.6
TCS 1.2 1.2 1.3 1.3 11 11
Total 58.2 58.9 74.6 75.3 58.4 59.1
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Table 6.15 the IAE Values of HDA Process Alternative 5 with three and Minimum
Auxiliary Utility Units to a Change in the Total Toluene Feed Flowrates

Integral Absolute Error (IAE)
Controller Cs1 CS2 CS3
3AuX. | MinAux. | 3 Aux. | Min.Aux. | 3 Aux. | Min.Aux.

TC1 46.3 49.2 41.3 43.7 45.7 48.5
TC2 7.9 8.0 7.1 7.1 9.6 9.7
TC3 24.3 24.4 36.0 36.5 23.3 22.6

TCE2h 5.7 5.7 24.1 24.2 5.9 59
TCR 28.7 28.8 22.4 22.5 29.3 29.3
TCQ 27.1 27.2 19.5 195 26.9 26.9
TCS 5.5 5.5 5.0 5.0 5.2 5.2
Total 145.5 148.7 155.3 158.6 145.9 148.0

Table 6.16 the |AE Values of HDA Process Alternative 6 with four and Minimum
Auxiliary Utility Units to a Change in the Heat Load Disturbance of Cold Stream
(Reactor Feed Stream)

Integral Absolute Error (IAE)
Controller CS1 CS2 CS3
4 Aux. | Min.Aux. | 4 Aux. | Min.Aux. | 4 Aux. | Min.Aux.
TC1 1.09 1.32 2.07 2.1 1.22 1.18
TC2 0.09 0.1 0.16 0.2 0.3 0.31
TC3 5.93 6.16 5.31 5.7 6.29 6.57
TCE2h 0.96 0.97 4.45 4.5 1.07 1.04
TCE3h 2.33 2.35 5.46 5.6 2.57 2.54
TCR 2.07 2.08 1.6 1.6 2.32 2.27
TCQ 1.63 1.62 0.78 0.8 1.74 1.7
TCS 1.45 1.47 1.46 14 1.52 1.49
Total 15.54 16.06 21.28 21.8 17.03 171
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Table 6.17 the IAE Values of HDA Process Alternative 6 with four and Minimum
Auxiliary Utility Units to a Change in the Heat Load Disturbance of Hot Stream

(Reactor Product Stream)

Integral Absolute Error (IAE)
Controller Cs1 CS2 CS3
4 Aux. | Min.Aux. | 4 Aux. | Min.Aux. | 4 Aux. | Min.Aux.
TC1 5.24 6.5 7.98 8.6 5.39 5.32
TC2 0.63 0.6 1.25 1.3 1.53 1.54
TC3 50.96 5,28 39.16 42.9 50.62 53.19
TCE2h 2.44 24 27.26 28.1 2.43 2.39
TCE3h 19.65 19.5 50.6 91.5 19.75 19.87
TCR 13.3 13.2 15.22 155 13.39 13.46
TCQ 6.95 7 6.55 6.6 6.87 6.89
TCS 1.58 1.6 2.34 2.4 1.76 1.77
Total 100.74 103.6 150.37 156.8 101.75 104.4

Table 6.18 the IAE Values of HDA Process Alternative 6 with three and Minimum
Auxiliary Utility Units to a Change in the Total Toluene Feed Flowrates

Integral Absolute Error (1AE)
Controller Csl CS2 CS3
4 Aux. | Min.Aux. | 4 Aux. | Min.Aux. | 4 Aux. | Min.Aux.
TC1 17.8 18.6 23.8 25.7 18.2 18.9
TC2 4.4 4.4 5.9 59 10.5 10.5
TC3 117.9 120.1 91.4 99.4 121.5 125.3
TCE2h 9.9 9.7 71.4 73.5 10.9 10.8
TCE3h 43.0 42.2 86.4 88.3 47.4 47.3
TCR 26.6 26.2 25.6 26.1 29.4 29.3
TCQ 22.1 22.1 21.9 22.1 23.0 23.0
TCS 7.7 7.7 9.5 9.6 9.6 9.6
Total 249.4 251.0 335.9 350.6 270.5 274.7
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6.7 The Effect of a Selective Controller with Low Selective Switch (LSS) to the
Energy Management

The CS1 of HDA process alternative 6, the best control structure for handle
disturbances is used to study the effect of selective controller with low selective
switch (LSS) to energy management. This control structure employs the selective
controller with low selective switch (LSS) at FEHEL (figure 6.49). In order to study
this effect, we will compare between control structure with LSS and control structure
without LSS. For control structure without LSS, 2 control structures are designed but
the major control loop is same except the control loop at FEHEL. First control
structure, the outlet hot temperature is controlled at FEHEL replacing selective
controller (figure 6.50). Another control structure, the outlet cold temperature is
controlled at FEHE 1 replacing selective controller (figure 6.51).

In order to study this effect, six disturbance loads are used to illustrate the
dynamic behavior both the control structure with LSS and the control structure

without LSS. The energy consumption is considered for each disturbance load.
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Figure 6.49 Control Structure with Low Selective Switch (LSS) of Selective Controller at FEHE1




Cha
‘ GO
‘ % dlschg - véout
_ grecycle -
ot 1 R
R ga?___r_gg _________________ TR
i ThFEHEZ UL, o et
FCB i in | - i purge
: -
FFHZ . 7 _@j hHEZin ¥ out o m50ut
1 TH
Fital e A% o = — W
' < EENE Furnace Rjn Rout uenc
| epel “EBF2 & bp b T bpdout
FFtol o vZout | “BS B beGEs as
]
| FEHE2 | FEHE L riis
cHE ot 3 ; cHEZout = HEZout e Sep
1 ] (u]
u3out Bol Taltot . TEFZ  FEHEZ o M2 TEF2 cHEaut wBaut
W10 Y TS A=
1 — qfur
1 |hHE2out | hHEZout qcooler
___________________ L |
] ] coolout l liy
| Cooler G j
= ﬁ i S w1
. togquench ik
o FeR { LEzz L
'g P5 paout widout 6‘(—
3 1out
— pC2 R
X‘ Whp5 bos I— FCE2 ’ TEPAE =R T1
L = 7.
L3 T w u120ut o toR2 -D#]‘_qcz 1 e
{ln]
b et U1 — viout } hRin
=y yilout Wi dz — bpd L Py r_au_ o
— iy LE12
| . oy WEFE & -
pho wisout, o PC3 s witot,,+ bz v viout ST — .
= - e - = | i Lt 1 4
| condaout top T [ | " G J
— tdout CR2 o | LC21 — gzou Btz | b1
P& T6 = p lal ce
b ;_1\'\l_kp3 ubpSod viout 4 TE2
VbR LE:3‘1 | bRt WkpS BH]
bp M7 taR1
Vg i
bt
hRz3in =] — ubpSO thout FCEA c1
betz 3 bl
FCES E po Q‘—t;;ut usPs 'S'FW e ol
5 vlGout t0R3 TS [ Tcz lagC2 |
Wkp a =3 VBPL J o
- -._p‘__._ cRilin | L
ot R2out tobaoilz b 12 Q -
ME bp5 . o7 1 cR1out e
AR by
- n .‘— Toaiiz hRzin b S AR
v TCE lagC3 G TEPS
L — P |
cRIout ﬁ ot
ri

Figure 6.50 Control Structure with outlet hot temperature control at FEHE1
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Figure 6.51 Control Structure with outlet cold temperature control at FEHE1
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6.7.1 Change in the Heat Load Disturbance of Cold Stream by Decreasing Inlet
Temperature of Reactor Feed Stream

In order to make this disturbance load, the fresh toluene feed temperature is
decreased from 30 to 20°C as the inlet temperature of C1 stream is decreased (figures
6.52 - 6.54).

Figures 6.52 - 6.54 show heat pathway to shift this disturbance load to cooler
or furnace for control structure with LSS at FEHEL, control structure with outlet hot
temperature control at FEHE1 and control structure with outlet cold temperature

control at FEHEL, respectively.

Table 6.19 the Heat Duty of Utility Units for Change in the Heat load Disturbance of

Cold Stream by Decreasing Inlet Temperature of Reactor Feed Stream

heat duty (KW)

Utility Unit Normal opefatis§ Decreasing inlet _temperature of reactor fee_d stream

conalffion CS with LSS CS with outlet hot CS with outlet cold

temperature control temperature control

Qfurnace 5626 5626 5682 5626
Qcooler 2617 2564 2621 2563
Qcond. C1 166.8 166.8 166.8 166.8
Qcond. C2 4035 4035 4035 4035
QAR2 - - - -
Total 12444.8 12391.8 12504.8 12390.8

As can be seen in table.6.19, control structure with LSS can decrease duty at
cooler because the selective control with LSS will select the appropriate heat pathway
to shift this disturbance load to cooler in order to achieve dynamic maximum energy
recovery (DMER) so total utility duty is less than normal operation about 0.45 %. For
control structure with outlet hot temperature control, this disturbance load is shifted to
furnace so the duty of furnace increases and total utility duty of this control structure
is higher than- control structure-with- LSS. For control structure with outlet cold
temperature control, all the thermal disturbance load in C1is shifted to cooler as the
appropriate heat pathway for this disturbance case so the result for this control

structure is same as control structure with LSS.
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Figure 6.52 the Heat Pathway of Control Structure with LSS at FEHEL1 for Changing

in the Heat Load Disturbance of Cold Stream by Decreasing Inlet Temperature of
Reactor Feed Stream
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Figure 6.53 the Heat Pathway of Control Structure with Outlet Hot Temperature
control at FEHE1 for Changing in the Heat Load Disturbance of Cold Stream by
Decreasing Inlet Temperature of Reactor Feed Stream
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Figure 6.54 the Heat Pathway of Control Structure with Outlet Cold Temperature
Control at FEHE1 for Changing in the Heat Load Disturbance of Cold Stream by
Decreasing Inlet Temperature of Reactor Feed Stream

6.7.2 Change in the Heat Load Disturbance of Cold Stream by Increasing Inlet
Temperature of Reactor Feed Stream

In order to make this disturbance, the fresh toluene feed temperature is
increased from 30 to 40°C as the inlet temperature of C1 stream is increased (figure
6.55 - 6.57).

Figures 6.55 - 6.57 show heat pathway to shift this disturbance load to cooler
or furnace for control structure with LSS at FEHEZL, control structure with outlet hot
temperature control at FEHE1 and control structure with outlet cold temperature

control at FEHEL, respectively.

Table 6.20 the Heat Duty of Utility Units for Change in the Heat Load Disturbance of

Cold Stream by Increasing Inlet Temperature of Reactor Feed Stream

heat duty (kW)
Utili . . Increasing inlet temperature of reactor feed stream
ility Unit Normal operating - :
condition CS with LSS CS with outlet hot CS with outlet cold
temp. control temp. control

Qfurnace 5626 5570 5570 5627
Qcooler 2617 2614 2614 2671
Qcond. C1 166.8 166.8 166.8 166.8
Qcond. C2 4035 4039 4039 4039
QAR2 - - - -

Total 12444.8 12389.8 12389.8 12503.8
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As can be seen in table.6.20, control structure with LSS can decrease duty at
cooler because the selective control with LSS will select the appropriate heat pathway
to shift this disturbance load to furnace in order to achieve dynamic maximum energy
recovery (DMER) and total utility duty is less than normal operation about 0.45 %.
For control structure with outlet hot temperature control, all the thermal disturbance
load in C1 is shifted to heater as the appropriate heat pathway for this disturbance
load so the result for this control structure is same as control structure with LSS. For
control structure with outlet cold temperature control, this disturbance load is shifted
to cooler so the duty of cooler increases and total utility duty of this control structure
is higher than other.

Reboiler Reboiler Reboiler Condenser
FEHE3 Recycle FEHE2 Stabilizer Product Recycle FEHEL1  Cooler
Colun:n Ciglumn Column  Column
H1 H3E R1 R’Zj
H2 \CR v
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3 \2/ i
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B el Dl =
(m) Auxiliary reboiler
- @ c4

Figure 6.55 the Heat Pathway of Control Structure with LSS at FEHEL for Changing
in the Heat Load Disturbance of Cold Stream by Increasing Inlet Temperature of

Reactor Feed Stream
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Figure 6.56 the Heat Pathway of Control Structure with Outlet Hot Temperature

control at FEHEL1 for Changing in the Heat Load Disturbance of Cold Stream by
Increasing Inlet Temperature of Reactor Feed Stream
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Figure 6.57 the Heat Pathway of Control Structure with Outlet Cold Temperature
Control at FEHEL for Changing in the Heat Load Disturbance of Cold Stream by
Increasing Inlet Temperature of Reactor Feed Stream
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6.7.3 Change in the Heat Load Disturbance of Hot Stream by Decreasing Inlet
Temperature of Reactor Product Stream

In order to make this disturbance, the reactor product stream temperature is
decreased from 621.1 to 611.1°C as the inlet temperature of H1 stream is decreased
(figures 6.58 - 6.60).

Figures 6.58 - 6.60 show heat pathway to shift this disturbance load to cooler
or furnace for control structure with LSS at FEHEL, control structure with outlet hot
temperature control at FEHE1 and control structure with outlet cold temperature

control at FEHEL, respectively.

Table 6.21 the Heat Duty of Utility Units for Change in the Heat Load Disturbance of

Hot Stream by Decreasing Inlet Temperature of Reactor Product Stream

heat duty (KW)
Utility Unit Normal opefatis§ Increasing inlet temperature of reactor prodl_Jct stream
conalffion CS with LSS CS with outlet hot CS with outlet cold

temp. control temp. control
Qfurnace 5626 6041 6041 6051
Qcooler 2617 2624 2624 2634
Qcond. C1 166.8 166.7 166.7 166.7
Qcond. C2 4035 4027 4027 4027
QAR2 - - - -
Total 12444.8 12858.7 12858.7 12878.7

All the control structures shift this disturbance load to furnace because there

are the same control loops to handle this disturbance load at FEHE3 (figures 6.58 -
6.60). As can be seen in table 6.21, the total duty of utility for control structure with
LSS and control structure with outlet hot temperature control are similar and lowest
heat duty but the total duty of utility for the control structure with outlet cold
temperature control is a little bit'higher than other.
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Figure 6.58 the Heat Pathway of Control Structure with LSS at FEHEL for Changing

in the Heat Load Disturbance of Cold Stream by Decreasing Inlet Temperature of
Reactor Product Stream

Reboiler Reboiler Reboiler Condenser
FEHE3 Recycle FEHE2 Stabilizer Product Recycle FEHE1  Cooler
Colur;m Ciglumn Column Column
H1 pp—Y "3'5 RI Rf/
3
|
|
1
H2 . @»
|

o e I I

o/ 2/

U
< x @ I_C%—‘ 2

oy . U
GC) Auxiliary reboiler

2 ()
‘ /@( 19

< ()

A

Figure 6.59 The Heat Pathway of Control Structure with outlet hot temperature
control at FEHE1 for Changing in the Heat Load Disturbance of Cold Stream by
Decreasing Inlet Temperature of Reactor Product Stream
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Figure 6.60 The Heat Pathway of Control Structure with Outlet Cold Temperature

Control at FEHEL for Changing in the Heat Load Disturbance of Cold Stream by

Decreasing Inlet Temperature of Reactor Product Stream

6.7.4 Change in the Heat Load Disturbance of Hot Stream by Increasing Inlet

Temperature of Reactor Product Stream

In order to make this disturbance, the reactor product stream temperature is

increased from 621.1 to 631.1°C as the inlet temperature of H1 stream is increased
(figures 6.61 - 6.63).

Figures 6.61 - 6.63 show heat pathway to shift this disturbance load to cooler

or furnace for control structure with LSS at FEHEZL, control structure with outlet hot

temperature control at FEHE1 and control structure with outlet cold temperature

control at FEHEL, respectively.

Table 6.22 the Heat Duty of Utility Units for Change inthe Heat Load Disturbance of

Hot Stream by Increasing Inlet Temperature of Reactor Product Stream

heat duty (kW)
Utility Unit Normal operating Increasing inlet temperature of reactor prodl_Jct stream
condition CS with LSS CS with outlet hot CS with outlet cold

temp. control temp. control
Qfurnace 5626 5201 5213 5201
Qcooler 2617 2599 2611 2599
Qcond. C1 166.8 166.8 166.8 166.8
Qcond. C2 4035 4044 4043 4044
QAR2 - - - -
Total 12444.8 12010.8 12033.8 12010.8
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All the control structures shift this disturbance load to furnace because there
are the same control loops to handle this disturbance load. As can be seen in table
6.22, the total duty of utility for control structure with LSS and control structure with
outlet cold temperature control are similar and lowest heat duty but the total duty of

utility for the control structure with outlet cold temperature control is a little bit higher
than other.
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Figure 6.61 the Heat Pathway of Control Structure with LSS at FEHEL for Changing
in the Heat Load Disturbance of Cold Stream by Increasing Inlet Temperature of
Reactor Product Stream
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Figure 6.62 the Heat Pathway of Control Structure with outlet hot temperature
control at FEHE1 for Changing in the Heat Load Disturbance of Cold Stream by
Increasing Inlet Temperature of Reactor Product Stream
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Figure 6.63 the Heat Pathway of Control Structure with Outlet Cold Temperature

Control at FEHEL for Changing in the Heat Load Disturbance of Cold Stream by

Increasing Inlet Temperature of Reactor Product Stream

6.7.5 Change in the Total Toluene Feed Flowrates by Decreasing Flowrates

In order to make this disturbance, the total toluene feed flowrates is decreased
from 172.3 to 162.3 kgmole/hr.

Table 6.23 shows the heat duty of utility units for change in the total toluene

feed flowrates by decreasing flowrates

Table 6.23 the Heat Duty of Utility Units for Change in the Total Toluene Feed

Flowrates by Decreasing Flowrates

heat duty (kW)

Increasing inlet temperature of reactor product stream

biiliyUnit | Qogrioygtipg cawi Laa | CSwithoutlethot | CS with outlet cold
temp. control temp. control
Qfurnace 5626 5540 5599 5540
Qcooler 2617 2531 2589 2531
Qcond. C1 166.8 182.2 182.1 182.2
Qcond. C2 4035 3835 3831 3835
QAR? - - - -
Total 12444.8 12088.2 12201.1 12088.2

As can be seen in table 6.22, the total duty of utility for control structure with

LSS is lowest heat duty compare with other because the selective control with LSS

will select the appropriate the heat pathway to achieve dynamic maximum energy
recovery (DMER).
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6.7.6 Change in the Total Toluene Feed Flowrates by Increasing Flowrates

In order to make this disturbance, the total toluene feed flowrates is increased

from 172.3 to 182.3 kgmole/hr.

Table 6.23 shows the heat duty of utility units for change in the total toluene

feed flowrates by increasing flowrates

Table 6.24 the Heat Duty of Utility Units for Change in the Total Toluene Feed

Flowrates by Increasing Flowrates

heat duty (kW)

Increasing inlet temperature of reactor product stream

Utility Unit Norr;w:rlm?i%%r:tlng CS with LSS CS with outlet hot CS with outlet cold
temp. control temp. control
Qfurnace 5626 5669 5669 5707
Qcooler 2617 2646 2646 2684
Qcond. C1 166.8 159.3 159.3 159.2
Qcond. C2 4035 4258 4258 4255
QAR2 - - - -
Total 12444.8 12732.3 12732.3 12805.2

Again, as can be seen in table 6.23, the total duty of utility for control structure

with LSS is lowest heat duty compare with other because the selective control with

LSS will select the appropriate the heat pathway to achieve dynamic maximum

energy recovery (DMER).
For the all disturbance load testing, the control structure with LSS in selective

controller is the best control structure for energy management because the dynamic

maximum energy recovery can be achieved for all disturbance load testing.




CHAPTER VII

CONCLUSIONS AND RECOMMENDATIONS

7.1. Conclusion

The plantwide process control problem is to develop a control strategy for a
complex and integrated process that satisfies the plant’s design objectives. The cost of
process is one of the important plant’s design objectives therefore the design of the
highly heat-integrated HDA process alternatives 5 and 6 with minimum auxiliary
utility unit are developed in this research. The commercial software HYSYS was
utilized to carry out both the steady state and dynamic simulations.

At steady state design, the design procedure for evaluating the minimum

number of auxiliary utility unit is proposed in this researcher as follows:

1. Determined the expected disturbances and their magnitudes

2. Design the worst case conditions

The two worst case conditions are selected to be the design condition
for evaluating the minimum number of auxiliary utility unit. The first worst
case condition is the condition that hot process streams have minimum heat
supply and the cold streams have maximum heat demands (minimum heating
condition). This condition will be used to evaluate the minimum number of
auxiliary heating unit. The second case ccondition is the condition that cold
process streams have maximum heat supply and the cold streams have
minimum heat demand (maximum cooling-condition). This condition will be

used to evaluate the minimum number of auxiliary cooling unit.

3. Design heat pathways for the worst case conditions
The objective of design heat pathways is to achieve dynamic maximum
energy recover (DMER) therefore the disturbance loads are shifted to cooler

for minimum heating condition and to heater for maximum cooling condition.
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4. Estimated the minimum auxiliary utility units

The worst condition and the appropriate heat pathway are specified in
the heat exchanger network at steady state design in order to find the
minimum number of auxiliary utility units that we need to employ for the heat
exchanger network. The minimum numbers of auxiliary heating units are
evaluated form testing minimum heating condition and the minimum numbers
of auxiliary cooling units are evaluated form testing maximum cooling

condition.

This design procedure is applied to the highly heat integrated HDA process
alternatives 5 and 6. From the steady state simulation result, our design guarantees
that the HDA process with highly heat integrated alternatives 5 and 6 are workable by
adding only one auxiliary utility unit instead of three and four as suggested by Luyben
(1999), respectively.

At dynamic simulation, this work presents new three plantwide designed
control structures. The major control loop of three new designs for energy
management is same. The LSS is employed at the first feed effluent heat exchanger
(FEHEL) in odder to shift the thermal disturbance load in appropriate heat pathway to
cooler or heater and DMER can be achieved. The hot outlet temperature of FEHE that
will be hot inlet temperature of reboiler (R1 or R3) is controlled in odder to prevent
the propagation of thermal disturbance to separation section and to guarantee the
workable highly HDA process with minimum auxiliary utility units. For the optimum
operation of auxiliary utility units, the split range control is employed to minimize
heat load of auxiliary utility units.

From the result, we can see that the highly heat integrated HDA process
(Alternatives 5 and 6) with auxiliary utility units suggested by Luyben and with
minimum auxiliary utility units are given the similar dynamic performance for all
control structures.

Since the major of control loop is similar, the dynamic response and dynamic
performance of the three new control structures are slightly deference. As can be seen,
CS1 is the best control structure for handle disturbances due to it gives better control
performances.

Moreover, the effect of a selective controller with low selective switch (LSS)

to the energy management is studied in this research. For the all disturbance load
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testing, the control structure with LSS in selective controller is the best control
structure for energy management because the dynamic maximum energy recovery can

be achieved for all disturbance load testing.

7.2 Recommendation

In this work, the dynamic maximum energy recover (DMER) is considered to
design the workable highly heat integrated process with minimum auxiliary. If DMER
is not considered. We may design the highly heat integrated process without auxiliary
utility unit by modifying the control structure for example in figure 7.1 however there
will need more heating and cooling requirement at cooler and heater. This control
system will work as follows: If the target temperature of cold stream C2 can’t
achieve, the bypass of heat exchanger E1 will decrease to increase heat transfer at E2.
If the bypass of heat exchanger E1 is full close but the target temperature of cold
stream C2 still can’t achieve. The bypass of heat exchanger E1 will open to decrease

heat transfer at E1 in order to increase heat transfer at E2.

@» — | Split range
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Figure 7.1 The example modifying control structure for the process with out auxiliary
utility unit
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APPENDIX A
PROCESS STREAM DATA OF HDA PROCESS

Table A.1 Process Stream Data of HDA Process Alternative 5 at Steady State

simulation
Fresh Fresh Purge  Stabilizer Benzene Diphenyl
toluene hydrogen gas gas product  product
Stream name FFtol FFH2 purge di d2 b3
Temperature [C] 30.00 30.00 45.00 51.50 105.56 349.16
Pressure [kPa] 4309.22 4309.22  3130.22 1034.00 206.84 545.32
MolarFlow[kgmole/hr]  132.66 222.43 217.73 8.71 123.80 2.87
H, mole fraction 0 0.97 0.3966 0.0884 0 0
CH,4 0 0.03 0.5919 0.8690 0 0
CeHs 0 0 0.0104 0.0420 0.9997 0
C7Hg 1 0 0.0012 0.0006 0.0003  0.00026
CiH10 0 0 0 0 0 0.99974
Table A.1 Continued
Gas Toluene  FEHE1 FEHE1 FEHE1  Reactor
recycle recycle Coldin Coldout Cold out inlet
Stream name dischg d3 cHElin cHElout cHE2out Rin
Temperature [C] 70.08 180.13 66.42 141.00 513.10 621.11
Pressure [kPa] 3964.49 520.00 3964.49 3861.07 3757.64 3468.06
MolarFlow[kgmole/hr] 1606.73  39.59 200141 200141 2001.41 2001.41
H, mole fraction 0.3966 0 0.4262 0.4262 0.4262 0.4262
CH, 0.5919 0 0.4785 0.4785 0.4785 0.4785
CeHs 0.0104  0.0006  0.0083 0.0083 0.0083 0.0083
C7Hg 0.0012°  0.9993  0.0870 0.0870 0.0870 0.0870
CiH1g 0 0 0 0 0 0
Table A.1 Continued
Reactor Quench FEHE2 ~ FEHE2 FEHE1 FEHEL
outlet Hot in Hot out Hot in Hot out
Stream name Rout quench  hHE2in hHE2out hR2out hHElout
Temperature [C] 665.91 45.40 621.16 299.95 191.32 106.91
Pressure [kPa] 3350.85 3350.85 3350.85 3299.14 3195.72 3144.01
MolarFlow[kgmole/hr]  2001.41 49.72 2049.34 2049.34 2049.34 2049.34
H, mole fraction 0.3616 0.0044 0.3535 0.3535 0.3535  0.3535
CH, 0.5445 0.0432 0.5317 0.5317 0.5317  0.5317
CeHs 0.0714 0.7098 0.0871 0.0871 0.0871  0.0871
C7Hg 0.0210 0.2261 0.0259 0.0259 0.0259  0.0259
CyHyo 0.0014 0.0165 0.0018 0.0018 0.0018  0.0018
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Table A.1 Continued

Rebl Rebl Rebl Con/Reb Reb2 Reb2
cold in cold out hot in cold in cold in cold out
Stream name cR1lin cRlout hR1 in cCRin cCRout cR2out
Temperature [C] 190.01 203.00 257.72 30.00 30.00 45
Pressure [kPa] 124490 1038.05  3247.43  4378.17  4378.17  3211.58
MolarFlow[kgmole/hr]  182.67 182.67 1946.87 130.00 222.72 219.62
H, mole fraction 0 0 0.3535 0 0.97 0.3980
CH, 0 0 0.5317 0 0.03 0.5906
CeHs 0.7446 0.7446 0.0871 0 0 0.0102
C/Hg 0.2381 0.2381 0.0259 1 0 0.0012
CioHyo 0.0173 0.0173 0.0018 0 0 0
Table A.1 Continued
Con/Reb  Separator Separator ~ Stabilizer ~ Stabilizer  Product
hot in inlet Gas out feed bottoms  bottoms
Stream name top coolout gas toC1 bl b2
Temperature [C] 51.05 45.00 45.00 45.26 190.05 143.92
Pressure [kPa] 1034.21  3130.22  3130.22 3654.22 1451.74  689.48
MolarFlow[kgmole/hr] 8.75 2049.34  1824.45 175.17 166.25 42.45
H, mole fraction 0.0890 0.3535 0.3966 0.0044 0 0
CH, 0.8686 0.5317 0.5919 0.0432 0 0
CeHs 0.0420 0.0871 0.0104 0.7097 0.7446 0.0006
C/Hg 0.0003 0.0259 0.0012 0.2262 0.2381 0.9316
CioHyo 0 0.0018 0 0.0165 0.0173 0.0678
Table A.1 Continued
Column reflux Column boilup
C1l C2 C3 C1 Cc2 C3
Temperature [C] 51.50 105.56 180.26 203.00 165.14 165.14
Pressure [kPa] 1034.00  206.84 540.00 1038.05 - 222.11 222.11
MolarFlow[kgmole/hr] 14.82 375.71 131.99 182.46 389.82 389.82
H, mole fraction 0.0003 0 0 0 0 0
CH, 0.0214 0 0 0 0 0
CeHg 0.9421 0.9997 0.0006 0.7445 0.0006 0.0006
C7Hg 0.0362 0.0003 0.9993 0.2382 0.9316 0.9316
CiHyo 0 0 0 0.0173 0.0678 0.0678
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Table A.2 Process stream data of HDA process alternative 6 at Steady State simulation

Fresh

Fresh Purge  Stabilizer Benzene Diphenyl
toluene hydrogen gas gas product  product
Stream name FFtol FFH2 purge di d2 b3
Temperature [C] 30.00 30.00 45.00 51.50 105.56 349.22
Pressure [kPa] 4309.22 4309.22  3130.22 1034.00 206.84 798.20
MolarFlow[kgmole/hr] 132.66 222.43 217.73 8.71 123.80 2.88
H, mole fraction 0 0.97 0.3966 0.0884 0 0
CH, 0 0.0300 0.5919 0.8690 0 0
CsHs 0 0 0.0104 0.0420 0.9997 0
C7Hg 132.6630 0 0.0012 0.0006 0.0003 0.0001
CioHy 0 0 0 0 0 0.9999
Table A.2 Continued
Gas Toluene  FEHE1 FEHE1 FEHE2 FEHE3
recycle  recycle Coldin Coldout Coldout Cold out
Stream name dischg ds cHElin cHElout cHE2out cHE3out
Temperature [C] 70.08 180.13 66.42 145.20 246.20 470.00
Pressure [kPa] 3964.49 520.00 3964.49 389554 3826.59 3757.64
MolarFlow[kgmole/hr]  1606.73 3959  2001.41 2001.41 2001.41 2001.41
Ej'e fraction 0.3966 0 04262 04262 04262  0.4262
CH, 0.5919 0 0.4785 0.4785 0.4785 0.4785
CsHs 0.0104 0.0006 0.0083 0.0083 0.0083 0.0083
C;Hg 0.0012  0.9993  0.0870 0.0870 0.0870 0.0870
CioHyo 0 0.0001 0 0 0 0
Table A.2 Continued
Reactor Reactor FEHE3 FEHE3 Reb3
inlet outlet PUprEh hot in hot out hot out
Stream name Rin Rout quench ~ hHE3in  hHE3out = hR3out
Temperature [C] 621.11 665.91 45.40 621.16 435.70 390.31
Pressure [kPa] 3468.06  3350.85 3350.85 3350.85 ' 3316.38 3281.91
MolarFlow[kgmole/hr]  2001.41  2001.41 49.72 2049.34  2049.34  2049.34
H, mole fraction 0.4262 0.3616 0.0044 0.3535 0.3535 0.3535
CH, 0.4785 0.5445 0.0432 0.5317 0.5317 0.5317
CsHe 0.0083 0.0714 0.7098 0.0871 0.0871 0.0871
C;Hg 0.0870 0.0210 0.2261 0.0259 0.0259 0.0259
Ci2H10 0 0.0014 0.0165 0.0018 0.0018 0.0018




Table A.2 Continued

FEHE2 Rebl Reb2 FEHE1  Separator Separator
hot out hot out hot out hot out inlet gas out
Stream name hHE2out  hRlout hR2out  hHElout cool out gas
Temperature [C] 304.25 262.22 195.37 106.67 45.00 45.00
Pressure [kPa] 324743 321296  3178.48 314401 3130.22  3130.22
MolarFlow[kgmole/hr]  2049.34  1946.87  1946.87  2049.34  2049.34  1824.45
H, mole fraction 0.3535 0.3535 0.3535 0.3535 0.3535 0.3966
CH, 0.5317 0.5317 0.5317 0.5317 0.5317 0.5919
CeHs 0.0871 0.0871 0.0871 0.0871 0.0871 0.0104
C7Hs 0.0259 0.0259 0.0259 0.0259 0.0259 0.0012
CiHyo 0.0018 0.0018 0.0018 0.0018 0.0018 0
Table A.2 Continued
Stabilizer Stabilizer ~ Product Rebl Rebl Con/Reb
feed bottoms  bottoms  coldout  cold out cold in
Stream name toC1 b1 b2 cR1in cRlout cCRin
Temperature [C] 45.26 190.05 143.92 190.01 203.00 143.96
Pressure [kPa] 3654.22 . 1451.74 689.48 124490  1038.05 551.58
MolarFlow[kgmole/hr]  175.17 166.25 42.45 182.67 182.67 370.33
H, mole fraction 0.0044 0 0 0 0 0
CH,4 0.0432 0 0 0 0 0
CeHs 0.7097 0.7446 0.0006 0.7446 0.7446 0.0006
C7Hs 0.2262 0.2381 0.9316 0.2381 0.2381 0.9316
CiHyo 0.0165 0.0173 0.0678 0.0173 0.0173 0.0678
Table A.2 Continued
Con/Reb Reb2 Reb3 Reb3 Con/Reb  Con/Reb
coldout cold out cold in cold out hot in hot out
Stream name cCRout cR2out cR3in cR3out top condout
Temperature [C] 165.13 165.14 349.22 353.00 182.18 180.13
Pressure [kPa] 344.74 22211 660.30 544.21 540.00 520.00
MolarFlow[kgmole/hr]  370.33 389.82 135.66 135.66 181.58 181.58
H,, mole fraction 0 0 0 0 0 0
CH,4 0 0 0 0 0 0
CeHs 0.0006 0.0006 0.0000 0.0000 0.0006 0.0006
C7Hg 0.9316 0.9316 0.0001 0.0001 0.9993 0.9993
CiHyo 0.0678 0.0678 0.9999 0.9999 0.0001 0.0001
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Table A.2 Continued

Column reflux

Column boilup

C1 C2 C3 C1 C2 C3
Temperature [C] 51.50 10556  180.26 | 203.00  165.14  353.00
Pressure [kPa] 1034.00 206.84  540.00 | 1038.05 22211  544.21
MolarFlow[kgmole/hr] 14.82 375.71 142.00 182.46 389.82 135.66
Eo'e fraction 0.0003 0 0 0 0 0
2,
CH, 0.0214 0 0 0 0 0
CeHs 0.9421 09997  0.0006 | 07445  0.0006 0
C.Hg 0.0362  0.0003 09993 | 02382 09316  0.0002
CioHio 0 0 0.0001 | 0.0173 00678  0.9998
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EQUIPMENT AND DATA SPECIFICATION
OF HDA PROCESS

Table B.1 Equipment data and Specifications of HDA Process

] N Alternative
Equipments Specifications . 5
Reactor Diameter (m) 17.374 17.374
Length (m) 2.905 2.905
Number of tube 1 1
Furnace Tube volume (m3) 85 8.5
Cooler Tube volume (m3) 8.5 8.5
Separator Liquid volume (ms) 1.13 1.13
FEHEL Shell volume (m°) 14.16 14.16
Tube volume (m°) 14.16 14.16
UA (kJ/C-h) 3.718x 10° 4573x 10°
Number of shells in series 10 10
Tube passes per shell 2 2
FEHE2 Shell volume (m") 14.16 14.16
Tube volume (m°) 14.16 14.16
UA (kJ/C-h) 3.898x 10° 9.884x 10*
Number of shells in series 10 10
Tube passes per shell 2 2
FEHE3' Shell volume (m") . 14.16
Tube volume (m3) - 14.16
UA (kJ/C-h) - 2.222x 10°
Number of shells in series - 10
Tube passes per shell - 2
Reboilerl (R1) Shell volume (m°) 14.16 14.16
Tube volume (m3) 14.16 14.16
UA (kJ/C-h) 6.980x 10° 8.844x 10*
Number of shells in series 10 10
Tube passes per shell 2 2
Reboiler2 (RZ)* Shell volume (m3) 14.16 14.16
Tube volume (m°) 14.16 14.16
UA (kJ/C-h) 1.517x 10° 1.721x 10°
Number of shells in series 10 10
Tube passes per shell 2 2




Table B.1 Continued

Equipments Specifications Alter;]atlve Equipﬁments
Reboiler3 (R3) " Shell volume (m") - 14.16
Tube volume (m3) - 14.16
UA (kJ/C-h) - 1.818x 10°
Number of shells in series - 10
Tube passes per shell - 2
Condensor/Reboiler Shell volume (m3) 14.16 14.16
(CR)’ Tube volume (m°) 14.16 14.16
UA (kJ/C-h) 4.11x 10° 2.919x 10°
Number of shells in series 10 10
Tube passes per shell 2 2
Tank Bottom Cl(TBl)** Vesel volume (m3) 7.08 7.08
Tank Bottom C2(TBZ)** Vesel volume (m3) 8.50 8.50
Tank Bottom C3(TBS)“ Vesel volume (m? - 1.42
Tank Top C3 (TTS)W Vesel volume (m3) 2.83 2.83

* Simulation by heat exchanger

** Simulation by drum to accumulate liquid from the bottom of the three columns

*** Simulation by drum to accumulate condensate from the top of column C3

Table B.2 Column Specifications of HDA process alternative 5
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Stream name

Stabilizer Column

Product Column

Recycle Column

Model

Number of theoretical tray
Feed tray

Pressure (kPa)

Diameter (m)

Weir length (m)

Weir height (m)

Tray spacing (m)

Tray type

Reboiler vol. (m3)

Condenser vol. (m3)
Specification 1

Specification 2

Refluxed Absorber
6

3
1034.25
1.067
0.8842
0.0508
0.6096
Sieve
0.28

Benzene mole fraction
in overhead = 0.042

Refluxed Absorber
27

15
206.85
1.981
1.405
0.0508
0.6096
Sieve
9.06

Toluene mole fraction
in overhead = 0.0003

Reboiled Absorber
7

5
540.00
0.762
0.5563
0.0508
0.6096
Sieve
141

Toluene mole fraction
in overhead = 0.00026




Table B.3 Column Specifications of HDA process alternative 6
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Stream name

Stabilizer Column

Product Column

Recycle Column

Model

Number of theoretical tray

Feed tray

Pressure (kPa)
Diameter (m)

Weir length (m)
Weir height (m)
Tray spacing (m)
Tray type

Reboiler vol. (m3)
Condenser vol. (m3)
Specification 1

Specification 2

Refluxed Absorber
6

3
1034.25
1.067
0.8842
0.0508
0.6096
Sieve
0.28

Benzene mole fraction
in overhead = 0.042

Refluxed Absorber
27

15
206.85
1.981
1.405
0.0508
0.6096
Sieve
9.06

Toluene mole fraction
in overhead = 0.0003

Absorber
7

5
540.00
0.6096
0.4544
0.0508
0.6096
Sieve
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APPENDIX C

TUNING OF CONTROL STRUCTURES

C.1 Tuning Controllers

Notice throughout this work uses several types of controllers such as P, PI,
and PID controllers. They depend on the control loop. In theory, control performance
can be improved by the use of derivative action but in practice the use of derivative

has some significant drawbacks:

1. Three tuning constants must be specified.

2. Signal noise is amplified.

3. Several types of PID control algorithms are used, so important to careful
that the right algorithm is used with its matching tuning method.

4. The simulation is an approximation of the real plant. If high performance
controllers are required to get good dynamics from the simulation, the real
plant may not work well.

C.2 Tuning Flow, Level and Pressure Loops

The dynamics of flow measurement are fast. The time constants for moving

control valves are small. Therefore, the controller can be turned with a small integral
or reset time constant. A value of 7, = 0.3 minutes work in most controllers. The

value of controller gain should be kept modest because flow measurement signal are
sometime noisy due to the turbulent flow through the orifice plate. A value of

controller gain of K¢ = 0.5 is often used. Derivative action should not be used.

Most level controllers should use proportional-only action with a gain of 1 to
2. This provides the maximum amount of flow smoothing. Proportional control means
there will be steady state offset (the level will not be returned to its setpoint value).
However, maintaining a liquid level at a certain value is often not necessary when the

liquid capacity is simply being used as surge volume. So the recommended tuning of
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a level controller is K¢ = 2. Most pressure controllers can be fairly easily tuned. The
process time constant is estimated by dividing the gas volume of the system by the
volumetric flowrate of gas flowing through the system. Setting the integral time equal
to about 2 to 4 times the process time constant and using a reasonable controller gain

usually gives satisfactory pressure control. Typical pressure controller tuning

constants for columns and tanks are Kc = 2 and 7, = 10 minutes.

C.3 Relay- Feedback Testing

The relay-feedback test i1s a tool that serves a quick and simple method for
identifying the dynamic parameters that are important for to design a feedback
controller. The results of the test are the ultimate gain and the ultimate frequency.
This information is usually sufficient to permit us to calculate some reasonable

controller tuning constants.

The method consists of merely inserting an on-off relay in the feedback loop.
The only parameter that must be specified is the height of the relay, h. This height is
typically 5 to 10 percent of the controller output scale. The loop starts to oscillate
around the setpoint with the controller output switching every time the process
variable (PV) signal crosses the setpoint. Figure B.1 shows the PV and OP signals
from a typical relay-feedback test. The maximum amplitude (a) of the PV signal is

used to calculate the ultimate gain, KU from the equation

_Aan

K
Ular

1)

The period of the output PV-curve is the ultimate period, PU from these two
parameters controller tuning constants can be calculated for Pl and PID controllers,
using a variety of tuning methods proposed in the literature that require only the

ultimate gain and the ultimate frequency, e.g. Ziegler-Nichols, Tyreus-Luyben.

The test has many positive features that have led to its widespread use in real
plants as well in simulation studies:

1. Only one parameter has to be specified (relay height).
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2. The time it takes to run the test is short, particularly compared to the extended
periods required for methods like PRBS.

3. The test is closedloop, so the process is not driven away from the setpoint.

4. The information obtained is very accurate in the frequency range that is
important for the design of a feedback controller.

5. The impact of load changes that occur during the test can be detected by a

change to asymmetric pulses in the manipulated variable.

These entire features make relay-feedback testing a useful identification tool.
Knowing the ultimate gain, KU and the ultimate period, PU permits us to calculate
controller settings. There are several methods that require only these two parameters.
The Ziegler-Nichols tuning equations for a Pl controller are:

Ke =Ky /122 (2)
7.=R, /1.2 (3)

These tuning constants are frequently too aggressive for many chemical
engineering applications. The Tyreus-Luyben tuning method provides more
conservative settings with increased robustness. The TL equations for a Pl controller
are:

— - (4)
7, =2.2R, (5)

s : 0
Time (minutes)

DS !
[
‘OF ] & -

0.5

i i 10
Time (minutes)

Figure C.1 Input and Output from Relay-Feedback Test
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C.4 Inclusion of Lags

Any real physical system has many lags. Measurement and actuator lags
always exist. In simulations, however, these lags are not part of the unit models. Much
more aggressive tuning is often possible on the simulation than is possible in the real
plant. Thus the predictions of dynamic performance can be overly optimistic. This is
poor engineering. A conservative design is needed. Realistic dynamic simulations
require that we explicitly include lags and/or dead times in all the important loops.
Usually this means controllers that affect Product quality or process constraint. Table
B.1 summarizes some recommended lags to include in several different types of

control loops.

Table C.1 Typical measurement lags

- Time constant
Mumber _ Tvpe
(munutes)
Temperature Liquad X 053 First-order lags
(Gas 3 1 First-order lags
Composition | Chromatograph l 31010 Deadtime

Any real physical system has many lags. Measurement and actuator lags
always exist. In simulations, however, these lags are not part of the unit models. Much
more aggressive tuning is often possible on the simulation than is possible in the real
plant. Thus the predictions of dynamic performance can be overly optimistic. This is
poor engineering. A conservative design is needed.

Realistic dynamic simulations require that we explicitly include lags and/or
dead times in all the important loops. Usually this means controllers that affect
Product quality or process constraint. Table B.1 summarizes some recommended lags

to include in several different types of control loops.
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