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CHAPTER |

INTRODUCTION

With the increasing concern on environmental pnolslemany countries are
pursuing efforts to develop more sustainable ensggyems to replace conventional
combustion heat engines. Solid oxide fuel-cell (EPQpower generation shows great
promise to serve as an alternative in the nearduttor SOFC, the chemical energy
can be transformed directly.-into the electricalrggeTherefore, the energy loss in an
SOFC is lower than that'in‘the conventional heajirees. Furthermore, additional
efficiency can be gained by incorporating with easb/gas turbine cycle to recover
heat from the hot gas exhausted from the SOFC wiki¢ipically operated at high
temperatures between 1073 and 1273 K. By the saason, various types of fuel,
e.g. methane, methanol, ethanol, natural gas, antkrvatives, can be directly used
as fuel in SOFC. Biogas Is also one of the int@rgsilternatives. It can be derived
from an anaerobic digestion of plant. The major ponents in biogas are methane
(40-65%) and carbon dioxide (30-40%) (Dayton, 20@y using biogas in power
generation, zero greenhouse gas emission can levedhsince C@released from

the process could be consumed in the photo-syistioégilant.

An SOFC system can be divided into three main pajts fuel processor to
reform the raw fuel into hydrogen gas, 2) SOFCl&aghich subsequently generate
electricity and-useful heat from the reformed gad 8) an afterburner where the
residual fuel is.combusted in order to supply heaireheaters and the fuel processor.
When biogas is considered as a feedstock for tHeCS€ystem, three main chemical
reactions, namely; steam reforming, dry reforminmgl gartial ‘oxidation can take
place in the fuel processor (Ferreira-Aparicio let 2005). Dry reforming is perhaps
the most interesting option for the conversion iighs since the major constituents
of the biogas.are carbon dioxide.and methane.  Mekyehe quantity of carbon
dioxide available is not sufficient to convert alethane in biogas into hydragen. Air
and steam are the common reforming agents to cambith CQ in the fuel
processor. The determination of a suitable refognaigent when the fuel processor is

integrated with an SOFC system is still a matterfémther investigation. Moreover,



boundary of carbon formation should also be deteeohito investigate the degree of

carbon deposition in SOFC system fed by differefdnming agents.

Due to the presence of G@n biogas, the Kyield of the fuel processor
reduces due to the reaction between, @0d H via reverse water gas shift reaction,
RWGS. Furthermore, the presence of large amoun®pfin the SOFC feed gas can
decrease the cell potential. Suwanwarangkul ei(2406) reported that when,H
concentration decreases from 100 to 20%, the SGH®atential decreases by 20%
due to the impact of the RWGS reaction. Hence, silygaration of C@from the
biogas feed is the interesting way to increasgdrérmance of biogas-fuelled SOFC
system. Nowadays, there are several available €#paration technologies, e.g.
membrane and adserption technology. Membrane témgois the interesting
alternative since it could handle feed streams wtriable flow rates and
compositions.. Polyimide membrane could be a promwisi CH/CO, separation
membrane because it offers higher permselectivity permeability compared to
membranes derived from other polymers (Shekhawal ,e2003). It should be noted
that a common problem arising .from the use of paym membranes is the
instability of the membranes at high operating terafure (Amelio et al., 2007). For
the adsorption technology, CaO-g8cceptor (CaO carbonation) is one of attractive
options. With this operation, G&ich gas reacts with CaO in the carbonator and
CaCQ is generated. CaCGQOs then fed to regenerate in the calcinator. Unlik
membrane technology, 100% selectivity of G&@pture can be achieved for an CaO-
CO, acceptor. Nevertheless, make-up CaO is requirée tied to CaO-Coacceptor
owing to sintering of CaO sorbent after severalleyoof carbonation-calcination
(Abanades, 2002; Grasa et al., 2008) and operatisgtherefore increases.

The use of pure-flas an SOFC feed is also an interesting alternatve
improve SOFC performance; however; purgisinot available in natural resources.
The use of a hydrogen-selective membrane reactooftar pure hydrogen with high
methane conversion. Palladium membrane is thecatteacandidate due to-its
extremely high H selectivity (Lu et al., 2007). The use of palladiimembrane
reactor for hydrogen-generating reactions has badely investigated (Basile et al.,
2003; Gallucci et al., 2004; Patel and Sunol, 20@f)der this operation, pure;H

could be obtained at the permeation side. Moredvigher methane conversion can



be achieved when compared with the conventiondlgrecessor. A superior SOFC
performance was reported as pureiused as feedstock of SOFC system instead of
reformed gas (Suwanwarangkul et al., 2006). Toease a driving force of H
permeation, The idea of membrane reactor operatity both high pressure
compressor and vacuum pump was proposed (Vivargidtaet al., 2009). Even if the
results indicate that this operation mode couleroffigher performance compared
with conventional SOFC system, this work did ndtetanto account the thermal

management within the integrated systems.

Although the use of pure4br CO-removed reformed gas as SOFC feed can
offer fast electrochemical reaction and thus higlwgr density, solid parts in an
SOFC stack may be damaged due to extreme incraase iirreversibility. Steep
temperature profile of the solid parts in SOFC aaluld be found when severe
electrochemical reaction takes place. The maximliowable temperature gradient
for YSZ which is widely employed as the electroljteSOFC is around 10 K c¢h
To control the temperature gradient of YSZ at th@spnable value, SOFC feedstock
should be carefully selected. Moreover the tunirigoperating conditions; i.e.,
operating voltage, fuel feed rate and oxidizingrddeed rate which also affect the
rate of electrochemical reaction is also intergstgsue in thermal consideration. To
investigate thermal behavior in SOFC cell, one disi@nal analysis (1-D analysis) is
an attractive approach. Sorrentino et al. (2008ghamployed this simulation method
for computing the temperature and current densibjiles along the flow direction of
SOFC. It was found that the simulation results earl predict the experimental

results.

According tothe reasons mentioned above, thisaret was, hence, focused

on the biogas-fuelled SOFC system. The objectiVési® research were:

1. To predict the boundary of carbon formation for EBRFCs fueled by
mixtures of methane and carbon dioxide and invatgighe influences of electrolyte
type, operating temperature, extent of electrochahmeaction, and steam/air addition
on the carbon deposition.

2. To determine a suitable reforming agent when thel forocessor is

integrated with a SOFC system fuelled by desuléstiziogas.



3. To find the best plant configuration of SOFC systieh by desulferized
biogas considering technical and economic indisator

4. To investigate performance and thermal behavid8d@FC system fuelled
by four types of feedstock; i.e. desulferized bmgdesulferized biogas-reformed

ﬂumﬂﬂmwmm
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CHAPTER Il

THEORY

2.1 Fuel Cell Description

2.1.1 Fundamental principle

Fuel cells are electrochemical devices that transfthe chemical energy
directly into electrical energy. Generally, the ilbgshysical structure of a fuel cell
consists of an electrolyte layer in contact witlp@ous anode on one side and a
cathode on the other. Fuelcells;and batteriesiarar in‘the point of view that both
of them can generate the electricity via the chahrieaction; however, the batteries
must be recharged after being used up but fues calh be theoretically operated as
long as raw fuel'is continuously fed into them. Gmtly, most types of fuel cell are

based on the following chemical reaction (Eqg. 2.1).
1
H2+§Oz—>HZO(g) (2.1)

As shown in Figure 2.1, fuel cell consists of fauain components, i.e.
electrolyte, anode, cathode and interconnector. fdupiired properties for each

component can be summarized as follows.

Hydrogen fuels

l

Anode |
Electrolyte Load
Cathode e
Oxygen

Figure 2.1 Components of a fuel cell and its operation



a) Cathode/anode

As shown in Figure 2.1, the cathode surroundetieroidizing atmosphere at

high temperature provides pathway of electrons.réfbee, the properties that the

cathode should have are presented as follows.

High electronic conductivity.

Chemical and structural stability during operationl fabrication
Suitable thermal expansion with other componenlsci{®lyte and
interconnector)

Less reactivity in the vicinity of the electrolyaad interconnector

Sufficient porosity for gas transport into the caté

For the anode, the high electronic conductivityaiso needed. Because the

anode is operated in the reducing atmosphere asngesd in the scheme, the required

properties are different fram that of the catholdee anode should tolerate a reducing

atmosphere. In some cases, the anode is used tidytmareforming reaction in

hydrocarbon-based fuelled system.

b) Electrolyte

The electrolyte provides the pathway of ion produé®m electrochemical

reaction at the electrodes. The required propeofietectrolyte are:

High ion conductivity
Less electrical conductivity
Thermal stability during operation

Dense electrolyte for preventing gas mixing

c) .Interconnector

The interconnector is the component which collectgent from the SOFC

cell; therefore, its required properties are:

High electronic conductivity
Chemical and structural stability during operatsom fabrication
Suitable thermal expansion with other components

Less reactivity with vicinity electrolyte and intemnector



2.1.2 Type of fuel cell
Fuel cells can be categorized according to thestygfeelectrolyte into the

following five major types:

a k~ 0N e

Proton exchange membrane fuel cell (PEMFC)

Alkaline Fuel

Cell (AFC)

Phosphoric Acid Fuel Cell (PAFC)
Molten Carbonate Fuel Cell (MCFC)

Solid Oxide Fuel Cell (SOFC)

The descriptions for.these types of fuel cell amaarized in Table 2.1.

Table 2.1Descriptions for each type of fuel cell (Raymend &herwin, 2003):

PEMFC AFC PAFC MCFC SOFC
Electrolyte | lon Exchange Mobilized or | Immabilized | Immobilized Ceramic
membrane | Immobilized Liquid Liquid Molten
Potassium Phosphoric Carbonate
Hydroxide Acid
Operating
Temperature 353 K 338-493 K 473 K 923 K 1073-1273 K
Catalyst Ri Pt Pt Ni Perovskite
Fuels H H, Hy CO,H CO, H, CHy
Poisons £D.'S CO, CH, CO, S S S
CO,, H0, S
Diluents CQ, H0, - CO,; H0, CO;, H0 CQO, HO
CH, CH,

S = Sulfur compound for example.8land COS

Fuel cells have been used as electrical power gemsrfor many stationary,
mobile and portable applications. To indicate whigpe of fuel cell is suitable for

each type of application, the operating temperatunet the size of power generation

can be utilized as the indices.




2.2 Solid oxide fuel cell (SOFC)

Solid oxide fuel cell is a high temperature fuell.cBecause it employed a
ceramic as electrolyte, it can reduce corrosiorbleras which always occur in the
liquid-phase electrolyte fuel cells. Due to its emmhediate to high operating
temperature (between 873 and 1273 K), it offereidvadvantages as summarized

below:

- SOFC offers the highest electrical performancec{e@ty output to fuel input
heating value ratio)

- The solid-phase electrolyte can be utilized as giitie structural members of
the cells which make the SOFC stack more durahiepaoed to liquid-phase
electrolyte fuel cells.

- The internal reforming of fuel gas within the cillpossible. This promotes
rapid reaction rate even with non-precious material

- The SOFC can generate high guality heat from tketlchemical reaction
which can subsequently be utilized in other systeoth as combined heat
and power system and.  SOFC-Gas Turbine system fgrading the plant
performance.

- The SOFC can be applied in a small-scale statiomajplication.

- The SOFC is flexible to use various types of fsech as methane, methanol,

ethanol, natural gas or gasoline.

The widely used electrolyte of SOFC is a solid, pmous ceramic yttria
(Y 204)-stabilized zirconia (Zrg), which can be briefly called as YSZ. Nickel/ atr
stabilized zirconia (Ni/YSZ) is chosen as the nmiatem SOFC anode, hence,
hydracarbons can be reformed directly in SOFC an8@4-C cathode is‘made of Sr-
doped LaMnQ@.

2.2.1 Characteristics of SOFC
2.2.1.1 Open circuit valtage
Open circuit voltage (OCV) is the maximum possibtdtage that can be
achieved when operated at a specific condition. Rueifferent concentration of

components between the anode and the cathodegatises different potential at the



anode and cathode and results in OCV of the cdllY @rives electrons from one

electrode to another and generates current.

2.2.1.2 Overpotentials
Though the OCV is the theoretical maximum possimétage, the actual
voltage of SOFC is always less than the theoretiGdle due to presence of

overpotentials. Overpotentials can be categoriagmifour types.

a) Activation overpotential

Activation overpotential ' is = the * overpotential whicloccurs from
electrochemical reaction at the electrodes. Soneeggns required as an activation
energy for eleetrochemical reaction, e.g. adsomptd reactant on the electrode
surface and desorption of product out of the serfablormally, activation
overpotential dominates at low current density dnel characteristics curve also
exhibits non-linear. However, at the 'high operatitgmperature like SOFC
temperature, the rate of this step is very fagulteng in small value of activation

overpotentials. The linear characteristics curve lwaobserved.

b) Ohmic overpotential
Ohmic loss results from the resistance of flow &fctons through the
electrodes and an interconnectoror and the resstahflow of ion passing through

an electrolyte.

c) Fuel crossover or internal current overpotential
Generally,+an electrolyte should transport onlysiaghrough the cell and no
fuel-cross iover the electrolyte. '\However, fuel shog throughan electrolyte or
electrons leaking to an electrolyte is possiblerniadly, fuel crossover loss is very

small.

d) Concentration overpotential
Concentration overpotential is caused by the laegkeiction in concentration
of fuel or oxidizing agent when operating SOFC ighhcurrent density or high fuel

utilization. The difference between the concentratof gas in the bulk and the
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concentration of gas on the electrode surface eatise type of overpotential. At

lower fuel utilization and current density, congatibn overpotential is very small.

2.2.2 SOFC system components

In the electricity generation of SOFC, some addaiqrocess equipments are
required. The processes in addition to the SOF@;wik the most significant process
for electric generation, are called ‘balance ofhplaNormally, the SOFC system can
be classified into four major sections: fuel pra@ieg section, electric generating

section, heat recovery section and electric powaditioning section.

2.2.2.1 Fuel processing section
Prior to be fed to SOFC stack, hydrocarbon fuetaikhbe pre-conditioned in
the fuel processing section in order to avoid carfmrmation in the SOFC stack.

Considering biogas as fuel, the major equipmentsahprocessor are listed below.

A blower which is used for transporting reactantselé and

oxidants) into equipments.

- A desulferization process which is used in removisgifer
compounds which are prone to SOFC stack and otmepanents.

- A vaporizer which is used in. steam generation leefeeding into a
reformer.

- A reformer which is employed in converting hydrdmam fuels
into the hydrogen fuel for the SOFC unit.

2.2.2.2 Electric generation section
The main_unit operation is an SOFC stack. The gamshgas from the fuel
processing section and the preheated air are fedh¢o anode and cathode,

respectively. The SOFC produces DC power via eleb&mical reaction.

2.2.2.3 Heat recovery section
The heat recovery system consists of heat exchsawageran afterburner used
for burning unreacted fuel from the anode chamb#r depleted air from the cathode
chamber. The heat obtained from the afterburneised to provide energy to other

equipments. Moreover, the anode off-gas can alaeséd for preheating streams.
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2.2.2.4 Electric power conditioning
The electric power conditioning consists of a di@arent-alternating current

(DC-AC) inverter which is used for converting DQarAC for actual utilization.

Wy
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CHAPTER Il

LITERATURE REVIEWS

3.1 Biogas source and its application as SOFC fuel

Up to now, fossil fuels (such as natural gas, eit.) are mostly used in
electricity generation due to its high heating ealifhe demand for fossil fuel in
electrical power generation has significantly irged in the past decade due to the
rapid changes in global-economic activities. Tipsurge in fossil fuel consumption
poses serious.fuel supply insecurity and incredisesamount of greenhouse gases
accumulating in the environment. To alleviate thesdblems, several environmental-
friendly fuels have been proposed as alternatiwesohventional fossil fuels. Biogas
is an attractive fuel as it is derived. renewablgnir the anaerobic digestion of
biomass. This type of fuel is suitable for Thailasidce it can be easily found as
shown in Table 1.1. It mainly consists of methaGél{) and carbon-dioxide (CQ
both of them are the greenhouse gas. Thereforeisthge of biogas in generating the
electrical power does not only help relieve thesfiofuel shortage crisis but also

diminishes the quantities of greenhouse gas redgasthe environment.

Table 3.1 Quantities of biomass from agricultural activities Thailand Biomass

Potential, Energy for Environmental Foundation, 8D0

Agricultural product Type of biomass Quantities ofbiomass(tones per yeay

Rice Husk 100,000
Rice Rice Straw 1,000,000
Sugar Cane Bagasse 500,000
Rubber Sawdust 500,000
Palm Palm Chips 400,000
Cassava Cassava Residue 800,000

Corn Corn-cob 700,000
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A common problem for biogas utilization is thatshbiogas is derived from
small-scale sources, e.g. farm and municipal wastesce, the use of biogas is
applicable to a small-size power generation (5-k@) (Van Herle et al., 2004).
Moreover, the biogas composition fluctuates mankedlepending on its source
(Dayton, 2001). The major components of biogas vedrifrom the anaerobic
digestion process, on a dry basis, are; (3%-65%), CQ (30-40%), N (1-10%), and
less than 0.5% O Trace anaerobic digester.gases include up tppAOHS, 4 ppm
halogens, and other hydrocarbons.

A solid oxide fuel-cell (SOFC) is an appropriatehieology for generating
electricity from biogas due to its high efficien€80-40%) for small size power
generations (< 20 kW) (Van Herle et al., 2004). éy, a 100 kW class SOFC
system fed by biogas has been proposed, and ttteiecaéefficiency of almost 48.7%
(Van herle et al.,.2004) was reported comparedl1t8% of a conventional system
(Layi Fagbenle et al., 2005). Additionally, its feemance is still remarkable even at
low methane contents in biogas. In laboratory tet, performance of SOFC drops
only 5% when the biogas composition ($E0;) is reduced from 70:30 to 30:70
(Jenne et al., 2002). The equimolar8TH, compasition is the most favorite biogas
composition for SOFC operation. With this.feed cosipon, power densities up to
51.6 mW/cri could be achieved (Goula et al., 2006). Carbaxide presenting in
biogas could improve the direct internal reformiB@FC (DIR-SOFC) system
efficiency since it aids the internal reforming SOFC stack. However, the carbon

formation is the major problem of this operatiotaf®forth and Kendall, 1998).

3.2 H, generation reaction

3.2.1 Steam reforming

Steam reforming is: the highest performance hydragmreration reaction in
term of the quantities of Hgenerated per mole of reactant. However, it is an
endothermic reaction; therefore, external heatc®is required. Generally, natural
gas steam reforming and water gas shift reactio®$WWcan operate simultaneously
at 773 K and are carried out aver Ni-supportedlgstgDicks, 1996). The major
problem of steam reforming is the coke depositiarttee catalyst surface. The coke
generated is clogged up on the catalyst surfacen ats pore which reduces its
activity. There are many solutions to resolve tilisadvantage. In real operation,

steam to carbon ratio is set to be higher tharidlaintain the catalytic activity. Air
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addition can also improve the resistance to cok®sion and reduce the heat energy
consumption (Dias and Assaf, 2004). In additiordilagl some additives such as ceria
into Ni-supported catalyst has been reported inpmagsing the coke deposition
(Laosiripojana et al., 2005). Alkaline earth oxidas also inhibit the coke formation
when adding into Ni-supported catalyst (Takegudhale 2002). For performance
investigation of methane steam reforming, severalkes concentrated on the
equilibrium calculations (Hufton et al.; 1999; Dimgd Alpay, 2000). The kinetic
study of methane steam reforming was also carngdy Xu and Froment (Xu and
Froment, 1989). The result obtained is the intdmsite equation of methane steam
reforming which can~be_extensively used in the grenrbnce approximation and

reformer design of reformer.

3.2.2 Dry reforming

Dry reforming or. carbon dioxide reforming has beempopular method for
syngas production. However, like methane steanrmef, its main problem is the
coke deposition on catalyst surface. The carboroglgpn in dry reforming is more
severe than that in steam reforming (Edwards anitk&1d.995). It was suggested the
use of excess COfor the dry reforming can reduce the prone to clikenation
(Assabumrungrat et al., 2006). Nickel and cobadt usually applied as the catalysts
for this reaction. Modifications of the catalystg édding additives such as alkaline-
earth metal oxides and noble metals such as Ptaldi'Ru showed a major
improvement on the catalytic stability by reducitige metal oxidation and coke
deposition (Bouarab et al., 2004; Nagaoka et 8042 Effect of promoters such as
Cu, La and Mo in the Ni catalysts supported ogAlfor methane dry reforming was
also investigated and the results showed thabedle promoters can improve both the
activity and stability of the catalyst (Xiao et,&003; Lee et al., 2004; Martinez et al.,
2004). In the performance analysis, bath equiliiorimodel and Kinetic model can be
utilized. For the kinetic study, all kinetic paraews of dry reforming are estimated
and the rate determining step is also indicated éCal., 2006). These kinetic:-models

are the important tools for the reformer design.

3.2.3 Partial oxidation and autothermal reforming
Partial oxidation is the interesting syngas proogsseaction because it can

produce syngas without relying on heat from otlmrrees. It can be carried out at
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high temperature without the use of catalyst (Doated Lamm, 1999). This feature
of partial oxidation implies that it can handle rhuweavier petroleum fractions than
other catalytic reactions and is therefore suit@blease that diesels or logistic fuels
play a role as fuel. However, the quantities efgdnerated from partial oxidation per
mole of fuel are less than those produced fromnstesforming reaction. In high
temperature operation, some soot can normally gemdaut it can be removed in a
separate scrubber (Joensen and Rostrup-Nielse2).20@talytic partial oxidation
can also take place. Its residence times are Vieoyt,sin order of milliseconds
(Hickman and Schmidt, 1992). For natural gas casiwar the catalysts used in partial
oxidation are Ni and-Rh. The selectivities obtaiaeel higher than 90% and the 90%
conversion can be achieved (Bharadwaj and Schd@®4, Torniainen et al., 1994).
The other side reactions comprise of further oxiatof hydrogen and carbon-
monoxide product.

Autothermal reforming is the combination of thedotermic partial oxidation
and endothermic steam reforming. With the properger to carbon ratio and steam
to carbon ratio, the partial combustion can supipéyheat for the endothermic steam
reforming. Dvorak et al. (1998) determined the treés of the steam reforming and
the partial oxidation and the results showed tlmat oxidation reaction became
equilibrium faster than .the steam reforming over d&ditalyst. However, over
supported ruthenium catalysts, both oxidation reacand partial oxidation occur in

parallel.

3.3 SOFC modeling

3.3.1 Electrochemical model

The set ofmathematical models which is calledctetehemical model” is a
necessary tool forthe SOFC system design and meafoce “analysis. In the
electrochemical model, the correlations used indéleulation of overpotentials in
SOFC are given. The overpotentials could be divioed three major types; i.e.,
activation overpotential, ohmic overpotential amth@entration overpotential. Several
expressions are proposed to predict the activatvenpotential; e.g. semi-correlation
model (Achenbach, 1994), Butler-Volmer equationrfhiaie and Dicks, 2003), Tafel
equation, etc. The comparison of these correlatwas investigated by Hernandez-
Pacheco et al. (Hernandez-Pacheco et al., 200baslffound that Butler-Volmer was

the best model which gives only 5% error relatedh® experimental result. The
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semi-correlation model could well predict the aation loss at the temperature range
of 1173-1273 K. The activation overpotential isrduin both cathode and anode;
however, the activation overpotential of cathodéigher than that of anode due to
the lower exchange current density of the formene Tactivation overpotential
significantly increases with current density at l@wrrent density and gradually
increases at high current density (Chan and Xi@2R0The activation overpotential
vary with current density and anode thickness buerise to hydrogen molar fraction
(Costamagna et al., 2004). Moreover, the additioR© in fuel stream diminished
the activation overpotential since ,® could enhance the dissociative
adsorption/diffusion_of K on the electrode surface (Jiang and Badwal, 19@ng
and Badwal, 1999). For intermediate temperaturectinternal reforming (IT DIR-
SOFC); cathode activation overpotential repres#r@smnajor sources of voltage loss
for co-flow operated at steady state condition (@get al., 2004). Considering the
ohmic overpotential, it was found that the elealricconductivities of the
interconnection and electrodes are extremely higtmnpared with that of the
electrolyte. Hence, their influences on . the ohmi@rpotential can be neglected
(Ferguson et al., 1996; Ni et al., 2007). For cotregion overpotential, several
models; i.e., Dusty gas model, Stefan-Maxwell amck’s law were proposed to
explain it. The investigation of these concentratioss model was conducted
(Suwanwarangkul et al., 2003). It was found thastgas model can well predict
the concentration loss due to the presence of Karnudsffect. Moreover, the
dimension and size of the anode pore also affaetsancentration loss.

3.3.2 Macro-modelling

In SOFC system investigation, the electrochemicatleh given in Section
3.3:1 is employed in‘macro-modellinbhere are several macro-madelling approaches
based on their complexities (Bove and Ubertini, @0 this study, two approaches

are considered; i.e. zero-dimensional analysiscaeddimensional analysis.

3.3.2.1 Zero-dimensional analysis

Zero-dimensional analysis which could be so-caflddck box model” was
the simplest method for the performance evaluatbiSOFC stack. This kind of
approach could save computational time while maiimg an acceptable accuracy in

the SOFC performances evaluation. With this apgro#flte variation of operating
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condition, compositions of anode and cathode gaseks power density with cell

dimension were not taken into account. SOFC muda considered as one black
box including the sets of mathematic equation. fPoz#mensional model could be
developed to investigate the impact of inlet contpos fuel utilization, operating

temperature and operating pressure on the perfagnah an SOFC in terms of

efficiency and characteristic curve. This black oxdel was always employed in the
investigation of SOFC based energy systems, e.¢:CSGT (combined SOFC and

gas turbine) system, SOFC-CHP (combined heat ameempeystem), etc. In these
systems, several unit operations, i.e. SOFC, cassprefuel processor, burner were
simulated using independent box models and thdtsesiueach box is the input of the
next box (Costamagna et al., 2001). Lunghi and tibef2001) have used a zero-
dimensional medel in'studying the performance @iedent SOFC-GT systems. The
inputs of the calculations consist of operating gemature, operating pressure, inlet
gas flow rate,.gas composition and fuel utilizatiBove et al. (2005) have studied in
the change of the characteristic curve with inled eoutlet gas compositions

employing zero-dimensional approach.

3.3.2.2 One-dimensional (1-D) analysis

In 1-D analysis, only one geometry dimension of 8Q¢ell is considered.
This indicates that the variations of all operateonditions and gas compositions in
the other dimensions are neglected. This kind qfr@gch can be employed in
calculating the power density and temperature idigion along the cell length.
Temperature distribution along the cell length sticalso receive closer attention
since large amount of heat could generate in tleetr@chemical process. With
inappropriate operating conditions, solid part @FE stack may be damaged due to
extremely increase in its temperature. At the presete-of-the-art of SOFC, YSZ
using as .an electrolyte material, the maximum adlol temperature gradient is
around 10 Kcrit(Lim et al., 2005). A selection of suitable feedstéor SOFC is also
an interesting issue in thermal consideration. @t the use of puresHas SOFC
feed can offer high power density, its rapid eledtiemical reaction may cause high
temperature gradient in solid part of SOFC. Oneedisional analysis (1-D analysis)
is an attractive technique to investigate the tlarimehavior of SOFC stack.
Sorrentino et al. (Sorrentino et al., 2008) haveleged 1-D analysis in investigating

temperature and current density profiles in thevftbrection of planar SOFC fed by
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reformed gas. The results obtained from the sinmashows the good level of

accuracy compared with the experimental resulte. ifkestigation on the operation
of indirect internal reforming SOFC (IIR-SOFC) fé&y methane employing 1-D

analysis is performed by Lim et al. (Lim et al. 08). The results indicated that the
temperature gradient of SOFC.is extremely higthatetxit of anode section (entrance
of reforming section) due to high extent of endathie steam reforming reaction.

Several methods were also proposed in this lite¥ato minimize the temperature
gradient of SOFC, i.e. catalyst activity reductitime use of nonuniform distributed

catalyst and autothermal reforming.

Aguiar et al..(2002) have studied on the thermdiab®r of [IR-SOFC
towards the change:in catalyst activity, fuel irletperature, current density and
operating pressure utilizing 1-D analysis. It washaduded that the increase in
operating pressure can diminish _both.temperatwuadignt and overall temperature of
IIR-SOFC due to the inhibition"in reforming reacticate and the improvement of
electrochemical reaction rate. The deeply detdilthe SOFC temperature gradient
reduction by minimize the catalyst activity wasocaedgven by Aguiar et al. (Aguiar et
al., 2004). With this idea, less active catalysised in the reforming chamber of IIR-
SOFC, therefore, the local cooling effect. causamfrthe reforming reaction is
inhibited. However, the local cooling also genesateausing from the reforming
reaction of unreacted methane at the entrance eofattode chamber. The results
indicated that considerable decrease in temperajtadient can be achieved by
reducing reforming activity of catalyst in both e@ghing chamber and anode

chamber.

3.4 Palladium membrane reactor and its applicationn SOFC system
In.general, the performance of SOFC depends omdhgosition-of fuel gas

fed to the anode chamber of SOFC. Baron et al04PMave reported that the
presence of methane in the SOFC feed decrease®@r performance due to
carbon deposition and partial blocking of anode eporLikewise, the SOFC
performance also decreases as the amount of camoooXxide in anade feed gas
increases due to increases in activation and camratem polarizations (Eguchi et al.,
2002; Baron et al., 2004). The presence of carbaxide could also lower the SOFC
performance via the reverse water gas shift rea¢BWGS) (Suwanwarangkul et al.,

2006). From these reasons, pure hydrogen seeme tanhbideal fuel for SOFC;
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however, it is not available in natural resourc€arious types of fuels such as
alcohols, natural gas, coal and petroleum-base¢goonds may be used to produce
hydrogen. Considering the conventional hydrogenegsnor fuelled by biogas, the

presence of carbon dioxide (30-40 mol%) in biogdmshits the production of Hdue

to the effect of the RWGS. Effendi et al. (Effeneli al., 2005) proposed the

installation of high-temperature and low-temperatshift reactors with the biogas-

fed reformer. They showed that hydrogen produdh wie purity of 68 mol% can be

achieved. To remove carbon dioxide, an adsorptiohcan be employed but requires
high running costs.

The use of a hydrogen-selective membrane reactoroffar pure hydrogen
with high methane conversion. A suitable membranehosen based on its ability to
offer high hydrogen  permeability and selectivity.lthbugh some polymeric
membranes can offer high ‘hydrogen selectivity, tbapnot be operated at high
temperatures. necessary for steam reforming reac#on inorganic membrane
particularly a palladium membrane is a preferredicd due to its high selectivity of
hydrogen (Lu et al.; 2007). The use of palladiummieane reactors (the combined
palladium membrane and steam reforming reactorhydrogen-generating reactions
has been widely investigated (Basile et al., 20Ballucci et al., 2004; Patel and
Sunol, 2007). Under this- operation, hydrogen gasdyced in the reaction side
permeates through the palladium membrane to thengsion side where pure
hydrogen is collected. The simultaneous removdiyofrogen from the reaction side
helps improve the reaction conversion. The increasée operating pressure at
permeation side can improve the methane converditoreover, the methane
conversion in palladium membrane reactor also savw&h membrane thickness,
reactor length and operating temperature (Gall@tcial., 2004). The palladium
membrane reactor could offer higher methane coioresseld and could be operated
under milder conditions than the conventional fixeed reformer (Fernandes and
Soares Jr, 2006).

When pure hydrogen instead of a conventional reddrrgas is fed“to an
SOFC, a superior SOFC performance is reported (Soesangkul et al.; 2006).
Sangtongkitcharoen et al. (2008) analyzed perfoomanf methanol-fueled solid
oxide fuel cell system incorporated with a palladiumembrane reactor. It was
demonstrated that when the membrane reactor (@gerabder high pressure

compressor mode) is employed, the maximum powesitjewas about 13% higher
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than that from the system with the conventionabnker. Comparison between the
two SOFC systems which provide the same net etatteificiency indicates that the
SOFC system with the membrane reactor requires aleanSOFC stack than the
conventional SOFC system. However, the former reguan extra cost on palladium
membranes and extra electrical power for operdalisgcompressor for the membrane
reactor. Preliminary economic analysis reveals ttause of the membrane reactor to
the SOFC system is not cost-effective dueto higgt of palladium membranes. A
further study was carried out for ,methane-fed SO$yStems considering three
operation modes of membrane reactors; i.€., higagore compressor, combined low
pressure compressor-and vacuum pump and combigbdohessure compressor and
vacuum pump (Vivanpatarakij et al., 2009). Theiremal SOFC system
characteristics are compared with those of the S&Efem with the conventional
reformer. The economic analysis. reveals that tte tapital cost/net electrical power
is dependent on hydrogen recovery, net electrigamiency and operation mode. At
high electrical efficiency, the replacement of tbenventional reformer with the
membrane reactor becomes attractive. It was alswudstrated that the combined
high pressure compressor and vacuum pump is thepesation mode for integration
with the SOFC system. However, this work did ndtetanto account the thermal

management within the integrated systems.

3.5 CO, separation technology

Currently, there are various available L£Geparation technologies e.g.
chemical absorption, adsorption and membrane téohngGottlicher and Pruschek,
1997). For the.absorption technology, a chemicklest such as monoethanolamine
is used to absorb GOn absorber and GOis then released from the solvent at
stripper.. The energy demand in the absorber coeprid the compression and
pumping of the.solvent which consume about 0.03 lpaihkg CQ removed from the
gas (Condorelli et al., 1991). When considering #&mergy consumption for the
stripper (Regeneration-process), it.consumes-ab@dt kwh per kg-Coremoved
(Smelser et al., 1991).

Membrane technology has been widely tested anceptigsapplied in the
capture of CQ in natural gas (Granite and O'Brien, 2005). Comgawith CQ

absorption technology which is conventionally useémbrane technology offers the
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advantages of operational flexibility in handliregtl streams with variable flow rates
and compositions. Polymeric membrane is one ofirteresting choices due to its
low capital investment costs compared with othgrety of membrane (Alexander
Stern, 1994). Moreover, the process equipmenti®ipblymeric membrane operation
is also simple and easy to handle. Selection ofrpetic membrane for gas separation
is based on two parameters; permeability and pdectsaty. Polyimide membrane is
the more attractive gas separator because it offiggher permselectivity and
permeability compared to membranes derived frorergblolymers (Shekhawat et al.,
2003). The use of capillary module with polyimidembrane for the CHenrichment

in biogas mixtures (Ck CO, and HS) was also investigated and the results showed
that CH, concentration in° biogas increases from 55-85% op 91-94.4%
(Harasimowicz et al., ~2007). Poly(dimethylsiloxangPDMS) and poly(1-
trimethylsilyl-1-propyne) (PTMSP) can be utilized the separation of acid gases
(CO; and HS) from syngas at room temperature due to thelr Gigy/H, selectivity.
Nonetheless, Hpermeance increases at elevated temperature (Mstrkk, 2001). It
should be noted that a common problem arising ftbenuse of these polymeric
membranes is the instability of the membranesgit bperating temperature (Amelio
et al., 2007). For the energy consumption. using brane technology, it is in the
range of 0.04-0.07 kWh/kg GOn case of a shifted coal-derived fuel gas. CQt shi
reaction coupled with membrane reactor can dimithghenergy losses owing to the
lower steam demand in the syngas processing peaatiiBet al., 1996).

The other CQ separation technology which is under developmenthe
removal of CQ by the carbonation of CaO to Cagdhe kinetic of carbonation
reaction is studied by Lee et al (2004). The resuldicate that the kinetic model for
this reaction is distinguished into two regimesgrical reaction control regime and
diffusion control regime. The activation energylie carbonation of the - mesoporous
CaO and CQis 72 kJ/mol and 102.5 kJ/mol for chemical reactontrol regime and
diffusion control regime, respectively. The cirduilg fluidized bed is the interesting
operation for the CaO-CQcarbonation reaction since the £€apture process can
take place continuously and CaO particle can begcled (Grasa et al., 2008).
However, make-up CaO is required to be fed to C&D-&cceptor due to sintering of
CaO sorbent after several cycles of carbonatiochtation (Abanades, 2002; Grasa et
al., 2008) and operating cost also increases. igd¢bhnology is installed in the fuel

processing section, not only @@ captured but also the partial pressure gfirH
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reformate increases due to the forward shift of ewagas shift reaction
(Balasubramanian et al., 1999; Lee et al., 2006n§\et al., 2006). The combined
operation of the carbonation reaction, methanenstesforming reaction and H
selective membrane (palladium membrane) is alstiesiby Chen et al (Chen et al.,
2008). This operation could provide very high hygeo yields. Moreover, the heat
supply is not required for the reformer since tleathreleased from the exothermic
carbonation reaction._could compensate .the heat mna endothermic steam
reforming reacton. The overall heat required-irs fhiocess would be supplied to a
separate calciner performing as a sorbent regemendivanpatarakij et al. (2008)
studied on the use of CaO-g@cceptor in methane-fuelled SOFC system. It isidou
that the removal of COfrom syngas prior to be fed to SOFC stack can avgr
SOFC performance. Nevertheless, this configurdagamot superior in environmental
point of view since C® generated in SOFC stack via WGS reaction cannot be
captured and must be released to the environmértuse of the carbonation of CaO
in the phosphoric acid fuel cell (PAFC) system hale® been examined (lordanidisa
et al., 2006). The results imply that PAFC can apeat high-efficiency mode despite

of the high carbon to hydrogen ratio of bio-fuel.



CHAPTER IV

MODELLING

This chapter presents all mathematical models alalilation procedures used
in the performance evaluation of solid oxide fuell {SOFC)fuelled by biogas.
Several unit operations; e.g., fuel processor,agalm membrane reactor, €O
separator, heater, cooler, afterburner, vaporeter, are included in this consideration
to calculate the actual performances of differddES systems. The correlations used
in the calculation of the boundary of carbon fonoratof SOFC with different
electrolytes are given.in this chapter. Costing edexpressions and parameters
used in the economic consideration is also predentthis chapter. It should be noted
that all mathematical models used in this studyvargen in Visual Basic. The ideal

gas is assumed in the thermodynamic calculatiahisnstudy.

4.1 SOFC modelling

In this section, the electrochemical model anddaleulation procedures are
given. The calculations are classified into twoelevof consideration; i.e., zero-
dimensional analysis and one-dimensional.analysiszero-dimensional analysis,
mass balance, energy balance and electrochemidalpance evaluation of SOFC
stack take place without the consideration of dethension. For one-dimensional
analysis, temperature profiles and power densitfilps in SOFC cell are computed
in order to examine the operating viability and peeformance of SOFC.

4.1.1 Electrochemical model

In this section, equations used for calculating SQErformances (e.g. open
circuit voltage, overpotentials, power density, powelectrical efficiency) are
presented. It should be noted that, for the SORCksiNi-YSZ, YSZ and LSM-YSZ
are used as the materials in the anode, electralyte cathode, respectively. The
parameters of SOFC stack and operating conditisad in the calculation'is given in
Table 4.1.
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4.1.1.1 Open circuit voltage
The open circuit voltageE] of the cell can be calculated from the Nernst

equation which is expressed as:

1

2
E = Eo+ﬂ|n M

(4.1)
2F | Pho

The actual cell potentialVj is:always less than the open circuit voltagg (
owing to the existence of overpotentials as shawiaq. (4.2). The overpotentials can

be categorized into" three -main sources: ohmic_ @tenpial (7,,,), activation

overpotential f,.,) and concentration overpotentiaj {..)-

V F = Tact — Mohm = Mcone (42)

Table 4.1Summary of model parameters (Ni et al., 2007).

Parameters Value
n 0.48
& 5.4
Dp 1um
da /50 pum
de 50 pm
L 50 pm
Tsorc 1073 K
Psorc 1 bar

4.1.1.2 Overpotentials
In the calculation, overpotentials are categoriged three major types; i.e.,

ohmic overpotential, activation overpotential ant@ntration overpotential.

a) Ohmic overpotentialr{onm)
This overpotential is the resistance to flow ofcélen through the electrodes
and the interconnections as well as resistancketdlow of ions through electrolyte.

This voltage drop is the vital one in all typescells and is linearly proportional to
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current density if. Due to the higher electronic conductivity of tleéectrodes
compared to the electrolyte, only ohmic overpotdriti the electrolyte is concerned.

Hence, the ohmic overpotential of SOFC can be eggaby (Ferguson et al., 1996):

Nomc = 299x107HiL ex;{lOT%OJ (4.3)

b) Activation overpotentialsf ae)

Activation overpotential is controlled by the kimst at the electrode surface.
It is directly related to'the activation barriertie overcome by the reacting species in
order to conduct the electrochemical reaction. €hextrode reaction rate at high
temperatures is fast, leading to low activationapahtion as normally observed in

SOFC.
These activation overpotentials in electrodes camxpressed by the Butler-

Volmer equation,

i = io{ex{%j_ex{_%j} (44)
RT RT

In case of SOFCg andz are set to 0.5 and 2 (Chan et al., 2001). Thezefor

the activation potential at the anode and cathadebe explicitly written as:

Mactm = Tsinhl[z' J m=a,c (4.5)

o,m

The exchange current density) (for the anode side depends on partial
pressure of both hydrogen and water as well agpleeating temperature (Jiang and
Badwal, 1997; Jiang and Badwal, 1999). For theadlsidej, depends on.oxygen
partial pressure and operating temperature as ssguiein Egs. (4.6)-(4.7) (Fleig,
2003). The values of all parameters used in theutzlon ofip are given in Table 4.2.

. pH pH (e} Eacta
I = 2 = |lexp ———= 4.6
oe J/a( Pref J[ Pref J F{ RT ] ( )
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p 025 E

H O act,c

I = 2 exp ——= 4.7
0,c 70( Pref J F{ RT j ( )

Table 4.2Summary of activation polarization parametersd€i\l., 2007).

Parameter Value
Ya(A m?) 1.344x 107
ve (A m?) 2.051x 10°
Eacta(J mol?) 1.0 10°
Eact.c(J mol?) 1.2x10°

c) Concentration.overpotentiag Cond

The concentration averpotential is the electricaisl owing to the difference
between the reactant concentration on the reastterand that in the bulk of the gas
stream. This is due to the effect of the diffusdrthe reactant gas into the pore of the
electrochemical catalyst. It can be calculated @y.£4.8) and (4.9):

(RT)[ i J
I+ —— | —2—1|i
RT 2F )\ Dyetry Phijo

NMconca = ——1In (48)
S R AR,
L 2F Da(eff)pll-|2 i
[
Teeo = o0 P, (4.9
R0 ) (R ) ot Jesg (T B
c 0, c 0O, O AF Dc(eﬁ)R;
whered, , DaemandDgemcan be expressed by:
Do k(eff)
) — 24 4.10
1EK (4.10)

0, k(effy T DOZ—Nz(eff)

t et 1 (4.11)
Decer n|D,, D

0,k 0,-N,
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Pu,0 Pu,
Daery = (TJ Diery + (T] Dy, o) (4.12)
L = gl 1 + L (4.13)
Dy, ey N{ Dy« Dy, npo
TS \ L L (4.14)
Dy o) N{ Diokx  Puine

The correlation between the effective parameter twednormal parameter can be

expressed by Eqg. (4.15)
n
D ety =4 2D (4.15)
g
Knudsen diffusivity can be computed by the coriefabelow:

D, = 9700 /% (4.16)

Ordinary diffusivity can be calculated by Chapmarskog equation (Eq. (4.17))
(Massman, 1998):

3
M, M
D,s = 18583107 s = (4.17)

where o, is the collision diameter (A) which is equal{%‘%. Q,.is computed
from (Yakabe et al., 2000):

A C E G

(@) =
b T2 +exp(D-Tk)+exp(F-Tk)+exp(H T.)

(4.18)
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whereTy is equal tol and A, C, E and G are constants for each gas.
€

Table 4.3 The parameters used in collision integral computa(Yakabe et al.,
2000).

Parameter ‘ A B C D E F G H

Value ‘ 1.06036 0.15610 0.19300 0.47635 1.03587 1.52996 1.76474 3.89411

4.1.2 Zero-dimensional analysis
The details for the calculation of zero-dimensioaahlysis consist of mass

balance, energy balance and calculation procedure.

4.1.2.1 Mass balance equations
Theoretically, two types of solid electrolytes dae employed in the SOFC,;
i.e., oxygen ion- and proton-conducting electrayf€he reactions taking place in the

anode and the cathode can be summarized as follows.

Oxygenon-conducting electrolyte:
Anode: H + O = HO + 2¢ (4.19)
Cathode: |\ @+ 4e =20 (4.20)
Proton-conducting electrolyte:
Anode: H = 2H +2¢e (4.21)

Cathode: 2H+% G + 2€ = H,0 (4.22)

The difference.of the SOFCs with two electrolytpds.is the location of the water
produced. For the SOFC with the oxygen ion-condgcelectrolyte (SOFC-9),
water is produced.in the.anode chamber wheregpéaas in the cathode chamber for
the SOFC with the proton-conducting electrolyte F8EH"). In this study, only
SOFC-G  is considered since it could offer superior acttlage and power density
compared with SOFC-HJamsak et al., 2007). The mass balance takes fiaeach

small fuel utilization region.
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Cathode section

Electrolyte

Anode section

Figure 4.1 The scheme'showing the zero-dimensional analys©OéC.

The number of moles of each component entering eestlutilization region

is given by the following expressions:

For anode’s components

a
CHg,f+1

inert, f +1

a
H20,f+1

na

total, f

a
CHg

a

Co,

QD

inert, f

6

11

f

f

2 1,

a

steamf

a
WGS, f

+ x2

steam f

a

steam f

a

steam f

WGS, f

WGS, f f

+ €

—

WGS, f

For cathode’s components

No,f+1

where

Dem. — G5E,
0y, f
|| E
No,f
n® ., n?
CHg,f H20,f

a
’

n
cop.f

a

, N
Ho,f

(4.23)
(4.24)
(4.25)
(4.26)
(4.27)

(4.28)

(4.29)

(4.30)

(4.31)

and nzof represent moles of methane, steam,

carbon dioxide, hydrogen and carbon monoxide, sy, at fuel utilization
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regionf of anode section of SOFC, amj andn®  represent moles of oxygen and
2, f No,f

nitrogen, respectively, at fuel utilization regibof cathode section of SOFG?

steamf ’

x? _ ande stand for the converted moles associated to tlaensteforming reaction

WGS,

(Eq. (4.32)), water gas shift reaction (WGS) (Eg38)) and electrochemical reaction
(EQ. (4.19)), respectively.

CHa* HO 2 3H*CO (4.32)
BT HO H H+el (4.33)

Only hydrogen is assumed to react electrochemieatly oxygen ions. It was
observed that the Helectro-oxidation is much faster than the CO eteokidation
(Khaleel et al., 2004) and In addition the rate WS reaction is fast at high
temperatures(Blom et al., 1994; Swaan et al., 1Bgddford and Vannice, 1996). It
is also assumed that little amount of methane neimgifrom the fuel processor is
consumed via the steam reforming and that the acoaigositions always reach their

equilibrium along the cell length due to the fashekics at high temperature.

Therefore,x* and x® . are calculated employing the following equations:
ref ,f WGS, f

rli,f

P = = (4.34)
r.|t0t,f
Pu,. P
K geamt = —2—— (4.35)
Pen, .t Pho. ¢
Kwes = oo P (4.36)
Peo, P01

wherep, ;, K ; and K, .5, represent partial pressure of componiemquilibrium

constant.of reforming _reaction .and equilibrium dans of WGS. reaction at fuel

utilization region.
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4.1.2.2 Energy balance equation
For energy balance around SOFC stack, the heattdotse environment is
neglected. The energy equation takes place arcun8®FC stack as presented in Eq.
(4.37).
0=H +H H

Al W (4.37)

fuel,in air in fuel,out = ' “air,out ~ VVe
The isothermal operation is assumed for the eleb&mical reaction. To
achieve a desired temperature of the SOFC staelt,damerated in the SOFC stack

due to the irreversibility is utilized for air amty-rich gas preheating.

4.1.2.3 Calculation procedure

The flowchart of the program used in zero-dimensianalysis is shown in
Figure 4.2. The mathematical models were programosdg Visual Basic. The
desired values of anode and cathode inlet flow ofteach gas component ¢ and
nio), operating voltage\), final fuel utilization Us nq) and fuel utilization step size
(4Uy) are initially input into the program. The caldida begins at the entrance of the
anode chamber whend; is equal to zero. The mass balance of each compasien
firstly calculated in the first fuel utilization geon employing the sets of equation
given in Section 4.1.2.1. It should be noted thatéxtent of electrochemical reaction
(%) at each fuel utilization region is always equal 4U;. Subsequently, the
electrochemical calculation performs using the s#tequations shown in Section
4.1.1. Open circuit voltageE] is initially computed. The trial and error of cemt
density () takes place until the difference betwdeand total overpotentials is equal
to the operating voltageV). SOFC area of this fuel utilization regiof)(is then

calculated using the following equation:

AR - (4.38)

The value ofUs¢is checked whether it reaches thging Or not. If Us¢ is still
lower than Usna, the mass balance and electrochemical calculamenthen re-

calculated with a new;;. The iteration runs untllssis equal toUs sina Which means
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that SOFC operate till it meets the desired valud:@.a. The performances of SOFC
are then achieved by electrochemical modelderived from the calculation at each

fuel utilization region are added up to achievalt®OFC areaXota)-

IHPUt ”z(l ) ntﬂ 9 9
Uf,,,,,,,andA U/

Set Atotal = 09
f=1 andUﬁ1=AUf

.

Compute n;/,
n;f, Ey for Ugy

"

Compute 7y and
1 ifor Uy

L

Compute 4, for
Urr

U =Up+ AUy ¢

Amtal = Atotal + Af

Usr= Usfina

Compute iy, Pave
and W,

v

Compute temperature
of inlet air

End

Figure 4.2 The flowchart of the program used in zero-dimenai@nalysis of SOFC.



33

Average current densitya(e, average power densitga(o and total electricity

(W) are also computed employing Egs. (4.39), (4.400 &4.41), respectively.

Finally, energy balance around SOFC stack takeepldemperature of air inlet is

tuned up until total energy input of SOFC is edodbtal energy output of SOFC.

For model

AENUS -
iave Ll ( f,flnal) (4.39)
Atotal
Pave = iaveV (4.40)
Pave
W, = 2 (4.41)
, Atotal

validation, the computed results are ameg with the
experimental results ‘of /Zhao et al. (2005) and Toal. (2005). The feed

compositions and the SOFC stack dimensions usednmadel validation are

summarized in_Table 4.4. As shown in Figure 4.2 #imulation shows good

agreement with the experimental data using puredgeh fuel (Zhao and Virkar,

2005) for all temperature levels particularly a¢ thperating temperature of 1073 K

which is used in the subsequent studies of thiskwbtoreover, with inlet gas

containing various fuel types (GHCO-Hp), the simulation could also predict the

experimental data (Tao et al., 2005) well as itated in Figure 4.4.

Cell voltage (V)

04 T

Shmlation resullx
— T =1T3K
A& T=973 K
T=873 K
Experimental vesulis
3T~ 107TAK

g ° TR97% K
1. L\“M\ TEsEs K
s &

Crurvent Density (Ao

Figure 4.3 Verification of SOFC model for pure hydrogen fuel.
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Table 4.4Feed compositions and SOFC stack dimensions nseddel validation.

Parameters Zhao et al. (2005) Tao et al. (2005)
Fuel compositions (Mole fraction):
CH, - 0.21
H 0.97 0.4
CO - 0.2
CQ - 0.18
N, - 0.01
HO 0.03 -
Stack dimensions:
Type of cell Button cell Planar SOFC with 100
en? active surface area
n 0.48 0.48
& 5.4 5.4
Dy 1um 1um
d, 750 um 500 um
d 50 pm 50 um
L S0 um 10 um
Stack average temperature 873-1073 K 1073 K
1
)
f;: 0.6 +
Simmlation rexulls
.2 + A Fxperdimental vesulis
L} T T T T T T

1] 1 0.2 3 4 0.5 X7 0.7

Coirvent Density (A 1'||J:r

Figure 4.4 Verification of SOFC model for the feed with GHCO and H mixtures.
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The model is further verified with the simulatioesults for the case with a
lower concentration of hydrogen. Based on the dmndilisted in Table 4.5, the
results shown in Table 4.6 indicate that the calooh results from our model are in
good agreement with those from the literature (Reiret al., 2003). This strengthens

confidence in the reliability of the model for SOFC

Table 4.5Feed compasitions and SOFC stack dimensions nseddel validation.

Parameters Values (Petruzzi et al., 2003)

Fuel compoasitions (Maole fraction):

CH, -
H, 0.26
CO 0.24
CQ 0.025
O 0.46
HO 0.015
Stack dimensions:
Type of cell Planar SOFC with 225 ¢m
active surface area
n 0.48
& 5.4
Dy 3 Um
Ly 40 um
le 40 Um
L 70 um
Stackaverage temperature 1073 K
Table 4.6Model validation of the SOFC maodel.
T=1073 K Petuzz et Model  Error (%) I Model: rError (%)
al., 2003 al., 2003
Cell Voltage (V) 0.8 0.8 0 0.75 0/ 74 2.67
Electrical Power (W) 62.9 63 0.16 70 71.6 2.29
Fuel Utilization (%) 70 70 - 80 80 -
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4.1.3 One-dimensional analysis (1-D analysis)

Mass and energy balance computations take placeafdr control volume (1
mm distance) in the flow direction of the SOFC ktas illustrated in Figure 4.5. To
simplify the problem, the following assumptions arede: (i) the pressure drop
across the cell is neglected; (ii) heat radiatietween solid components of the cell is
negligible (Sorrentino et al., 2008); (iil) heanctuction in the solid electrolyte of the
cell and in the bulk of fluid is neglected (Sorrantet al., 2008).

Fuel (from reformer). [P F#. [ | = ol e | E—
AL Anode
Solid Trilayer
Neller v arivi e ¥ b\ SN s I
T Cathode
1 2 3 i L J j+1 Control element number

Figure 4.5 A small element divided for the calculation in SOEell.

For pure-H feed, only the electrochemical reaction (Egs. @) (20)) takes
place in the cell anode side. However, for biogasthane and reformed gas feed,
steam reforming reaction (Eg. (4.32)) and WGS readEq. (4.33)) also occur in the
anode side of the cell. Thermodynamic equilibrignassumed for the WGS reaction
in each region-since its reaction rate is very &stigh temperature. The rate of the
reforming reaction in the SOFC stack (Achenbach &uensche, 1994) can be
calculated employing. Eq. (4.42) and the mass bal&ggiations for each component

in the anode and cathode sides are given in Egg)(dnd (4.44), respectively.

| ‘ 7(820?0] | pj (pi )3
r = 4274Ale % Jpl, |1 & (4.42)
pCH4 pHZOKref
it o= nl+ v+ 'e';“:: (4.43)
k
nt = nl 42— (4.44)

2F
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For the energy calculation, excess heat producdtersolid trilayer caused
from reactions (4.19), (4.20) and the irreversipibf the electrochemical reaction is
transferred to the anode and cathode channelsg¥rmiance equations for each
small element in anode, cathode and solid trilagesx given in Eqgs. (45)-(47),
respectively.

el H) + h, AT -TJ) (4.45)

Hi—=— H/ wh Al =Tl (4.46)

S P —AH)! . . .
—haAJ(T;—TaJ)—hCAJ(T;—TC'){——( ZF)‘*"*C—Vj‘|'A’+Zk:rk'(—AH)ﬂ( =0

(4.47)

A constant operating voltage along the cell lengtlassumed as the current
collector usually has high electrical conductivify.current density and temperature
of each control volume is calculated employing maaiance equations (Egs. (4.43)
and (4.44)), energy balance equations (Eqgs. (4418))) and electrochemical models
(Section 4.1.1) in order to study the performanue thermal behaviors in SOFC cell.
The temperature and power density profiles areothtputs of the calculation. In the
consideration, maximum temperature gradient andmax temperature in the solid
trilayer are determined and compared with maximeoeptable temperature gradient
and maximum acceptable cell temperature. Also, tduodnical terms, i.e. average
current densityifye), fuel utilization Us), electrical efficiency and %excess air, are

defined as follows:

A
i

L4 15 J (4.48)
Zj:A
DA
J
2F
U, = T (4.49)

CH,.eq
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Electrical power

%Electrical efficiency = x
LHV of SOFCanodefeedx anodefeedrate

100

(4.50)

021x Air feedrate y
2F

%EXxcesair =

100 (4.51)

CH,.eq

It should be noted that for different types of fetéek feed rates are based on the same

“methane equivalent floWF, ..)" as defined in Chapter 10. The cell dimensions

and the operating conditions employed in 1-D ansigee given in Table 4.7.

Table 4.7Summary of model parameters used in 1-D analygisiar et al., 2004; Ni
et al., 2007).

Parameters Value
SOFC cell
la 750 pm
le 50 um
L 50 pm
Cell length 400 mm
Cell width 100 mm
Anode channel height 1 mm
Cathode channel height 1 mm
h.'='h, 0.2 kJ nfs* K™
Operating pressure 1 bar
SOFC feed temperature 998 K
Reformer
Operating temperature 998 K
Operating pressure 1 bar

4.2 Fuel processor modelling

4.2.1 Conventional fuel processor

The main reaction in the fuel processor fed byga#is the dry reforming
reaction (Eq. (4.52)) due to the high content aboa dioxide in biogas. When this is
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supplemented with steam, Eq. (4.32) also takeseplathe fuel processor. In a third
option, air is fed along with biogas to the systsm that the exothermic partial
oxidation (Eqg. (4.53)) occurs and provides the gyefor the endothermic dry

reforming and steam reforming.

CH, + COywu=A\2H;/ + 4 2cO (4.52)
CH, +  1/20 S A co (4.53)

It should be noted that the mildly endothermic reeewater gas shift reaction
(RWGS) (Eq. (4.54)) always takes place in the fuekcessor due to the presence of
CO, in biogas feed. This reaction inhibits the genenabf hydrogen.

Cco, + FHS = H,0 " + cO (4.54)

The thermodynamic features of dry and steam refagnaire similar (since both are
highly endothermic) while the methane. partial ofiola iIs exothermic. However,
carbon formation during dry reforming is more seveompared with that of steam
reforming due to its lower H/C ratio (Edwards anditvh, 1995). In order to simplify
the calculations, in this study the fuel processoassumed to operate at isothermal
condition and the exit gas reaches its equilibragmposition. In this study, operating
temperature and pressure of the conventional fteelgssor are always kept at 973 K
and 1 bar, respectively. The relationships of tiermodynamic equilibrium for the
dry reforming, steam reforming, partial oxidationdaRWGS are shown in Eqgs.
(4.55), (4.56), (4.57) and (4.58), respectively.

2 2
., L Py, Peo (4.55)
Peh, Peo,
3
Ksteam n sz Feo (456)
Pew, Prso
Pi, P
K pox = nego (4.57)

2
Pen, Po,
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K awes _ Pr,0 Pco (4.58)

Pr, Peo,

Where Ky, the equilibrium constant of reactidg can be calculated from this

expression:

AG,

K, - e R (4.59)

4.2.2 Palladium-membrane reactor (PMR)

The result in Chapter 6 indicated that steam ismiost suitable reforming
agent for the SOFC system. Given that methanei¢geb) is the feedstock, the major
reactions taking place in the reactors are metsgeamn reforming (Eq. (4.32)), water
gas shift reaction (Eg. (4.33)) and carbon dioxithanation (Eq. (4.60)).

4H, + Co = CHSS + 2 HO (4.60)
The kinetic rates derived from the experimentadulis on Ni/MgALO,

catalyst (Xu and Froment, 1989) were used Iin theutztion. The rate expressions for
the reactions shown in Egs. (4.32), (4.33) andOdaie given by;

L, pcoJ
K
! (DENY (4.61)
k2

P, Peo,
sz[pcoszo_ HK:O J

(DENY

K , Py, Peo,
P3_5 pCH4 pHZO = K
Lo THp 3 4.63
r3 (DEN)Z ( )
K

DEN:1+Kwa+KWQﬁ+&Mpwﬁ-Hpmié/ (4.64)
H2

K,
.25 pCH4 szo a

2
_ Py,

g

(4.62)

I, =

-E
k, = A ex K
= A {:RT

j;k:1,23 (4.65)
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K =B ex;{_é_ll__lij ;i =CO, H, CH,, H,O (4.66)

The parameters used in the rate equations are stimechan Table 4.8.

Table 4.8Kinetic parameters for methane steam reformingdXd Froment, 1989).

Parameter Pre-exponential factoA(or B).~ E orAH (kJ molY)

ky 4.225x10° (molatn?>(g-hy)  240.10
ko 1.955x16 (mol (g h)%) 67.13
ko 1.020x16° (mol atnf> (g h)"y . 243.9
Ken, 6.65x10" (atm?) -38.28
Ko 1.77x16 (-) 88.68
Ky, 6.12x10° (atm?) -82.90
Keo 8.23x10° (atm®) -70.65

A palladium membrane reactor (PMR) can be divided two main sections,
i.e., a permeate side and a retentate side. Metloariéogas) and reforming agent are
compressed and fed into the retentate side of PMigrevthree major chemical
reactions (Egs. (4.32), (4.33) and (4.60)) takeceoléo generate H Due to the
difference in_partial pressure,oHn the retentate side can permeate through the
palladium membrane to the permeate side. Thergbore, H can be derived from the
permeate side of PMR. Generally, hydrogen fluxngersely proportional to the
membrane thickness and also varies with the operaémperature. The expression

used for the hydrogen flux calculation is giverem (4.67).

—-E
N, =(§°exp( 2 )( P P (4.67)

The values of the pre-exponential fact@o) and the activation energyed) are
6.33x10" mol/(m P&%s)and 15,700 J/mol, respectively (Patel and Sund)7R0The
membrane thickness)(is set to be 4.am (Patel and Sunol, 2007).
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For the calculations, the pressure drop in thetoeawas assumed to be
negligible and the reactor was divided into sevenadll volumes (cf. Figure 4.6). The
finite difference method was employed in the nucaralgorithm. The mass balances
for the retentate side and permeate side of thebrema reactor are given in Egs.
(4.58) and (4.59), respectively. All madel parametesed in the calculation of PMR

are given in Table 4.9.

2
Rilas R1+%A_szkrkj—NijﬁdAX (4.68)
K
PEI"L = PE 4 N/7dAX (4.69)

Table 4.9Summary of model parameters of palladium membraaetor.

Parameters Value

Palladium membrane reactor

T 823 K

P 1 bar
p. 2355 kg/ni
P 0.5

d 10 mm
Reactor tube length 0.15m
Number of reactor tube 1000

Hydrogen recovery(] is regarded as the performance indicator of PMRE. defined
as the mole of-hydrogen extracted by the membranéed by the mole of hydrogen
theoretically produced based on the mole of metHaed (4 mol of K 1 mol of

CHa).
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Permeation gas

¢ e Permeation side (H; pure)
Retentate ga
L] ) )
Feed gas d i
l Permeation gas

b G Permeation side _ (H P“re)l

I j-1 jojtl Control element number

Figure 4.6 The scheme showing the basic working of the menwraactor.

The kinetiec ' model and Hpermeation model for the membrane reactor were
also verified. Again, our maodeling results are imod agreement with the
experimental results reported in the literatureu(®hal., 1995; Gallucci et al., 2004)

as illustrated in Figure 4.7.

T0
Fixed-bed veactor (modeling )

60 - == - Membrane reactor (modeling | -
-
m Fised-bed reactor (experimental data) -
-
S0 ® Membrane reactor (experimental data) s -

CHy conversion (%a)

1} = T

575 623 673 T3 773

Temperatwe (k)

Figure 4.7 The comparison of the methane conversion in teégocessor between
the modeling results and the experimental res(dtseep gas flow rate = 3.62 20
mol/s,Pr = 1.22 barPp = 1.1 bar, HO/CH, = 3)
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4.3 Vacuum pump and compressor

For the calculation of vacuum pump and compressiogjr outlet gas
temperature and power consumption can be estinbgteding Egs. (4.70) and (4.71),
respectively (Kaneko et al., 2006). In this stuthg efficiency of both the vacuum

pump and compressor was determined to be (ibeko et al., 2006)

y—1

Tout = Tin 1+i (@\] i — (470)
Mecom F|)

. Tout
chomp = Dl deT (471)

Tin
h Ce 4.72)

wnere = . .
AR

4.4 Afterburnerand heat exchanger

At the exit of the SOFC stack, the anode and ckttmitlet gases are mixed
for post combustion. Complete combustion was asdumthe afterburner; hence, the
composition of methane, carbon monoxide and hydragehe flue gas were deemed
to be zero. The heat exchanger was also assunmzketate adiabatically. Negligible

axial pressure gradient is assumed in this study.

4.5 Membrane Module

Figure 4.8 shows the configuration of the membtabe. Feed gas containing
CQO;, is introduced to the inner side of the membramdled “retentate side”. CO
permeates through G8elective membrane to_the shell side, called “‘@ete side”.
To enhance the rate of G@emoval, the partial pressure of €@ permeate side can
be reduced by using a vacuum pump at the shellditlee membrane. The increase
in operating pressure at the retentate side caniagrove the rate of COemoval.

Steady-state. mass balances in both tube and siesd| sf the membrane provide:

IR = _p;(PR)ﬁ_Ppyi) (4.73)
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o = S(Rx-Ry) (4.74)

WhereR; andPE; is flow rate of gas in the retentate and permeate side, respectively.
Finite difference method is used.in the calculatibhe permeation rate of G@nd
CH, is calculated for each small membrane area. Nibtgigixial pressure gradient is

assumed in this study.

—_— PEiy; Permeate side _—

Sweep gas

Permeate gas

%
dA
Rj, X1 //
—_— Retentate side
Feed gas ﬁ Retentate gas
/
PE;
. i> ¥i Permeate side _—
Sweep gas Permeate gas

Figure 4.8 The configuration of membrane module.

In this study, 6FDA-DAT polyimide is chosen for teeparation of COfrom
the biogas feed due to its high &€0H; selectivity (Wang et al., 2006). According to
the high-temperature instability of membrane, tperating temperature of 298 K is
assumed for these membrane modules. The valuesam@mpters used in the

calculation for the membrane module are summaiizdable 4.10.

Table 4.10Membrane thickness and permeability of each gagpooent

Polyimide membrane
(Wang et al., 2006)

Membrane Thickness (um) ()i
Permeability (barrer)
CHy 0.69
CO, 39.59

1 barrer = (18° cm?® (STP) cm)/(crfii s cmHg)
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The model of CQ separation by membrane is verified. The feed dmrdi
and the parameters used in the model are summainzé@able 4.11. Again, our
results show good agreement with those reportdtariterature (Corti et al., 2004)

as illustrated in Figure 4.9.

Table 4.11 Summary of feed characteristics and parameterd usethe model

verification of membrane separation.

Parameters Values

Fuel mass flow rate (kg/s) 5.89

Fuel compositions (Mole fraction):

CH, 0.068
F 0.6714
Cco 0.0068
CQG 0.1627
N2 -
HO 0.0911
Membrane parameters:

Material used PDMS
Membrane thickness (pm) 1.3

Operating pressure (bar):

Permeate side i3
Retentate side 10
Permeability (barrer) at 298 K:
CH 940
CO 400
CcQ 3200
H 500
HO 10

1 barrer = (18° cnt (STP) cm) / (crhs emHg).
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120

%o OO, separated (model)

LiMk =

|0

[

40

Fraction of separated gas (%o}

20 4 . 20 H separated (inodel)

1} T T T T
L] = 1000 1200 2000 200 3000

Membrane area nlin:}

Figure 4.9 Verification of the membrane separation model.

4.6 CaO-CGQO, acceptor system

As described In Figure 4.10, G@ch gas is fed simultaneously with
circulating CaO at the bottom of the carbonatowhich CaO solid is fluidized and
reacts with CQ@in gas phase (Eq (4.75)). Gas-solid mixture isttisged at the top of
the bed and separated in the cyclone. Leap-§13 is fed out of CaO-G(acceptor
system and reacted-CaO is heated and then fedhatoalciner bed. The calcination
reaction which is the reverse of the carbonati@etren (Eq. (4.75)) takes place in the
calcinations bed to regenerate CaO. Make-up Caldasfed to the system in order to

keep the capture efficiency to be reasonably high.

oD 4 CQ = CaCQ (4.75)

The CQ capture efficiency is determined as the systenfopaance indicator and

defined as:

B CQ, reactingwith CaOin thebed (4.76)
~ CO, enteringthebedin theCO, —rich gas '

carb
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It depends on the CaO-circulating flowgr), CaO-make up flowHp) and CaO
inventory () in the carbonation bed (Grasa et al., 2008)his $tudy,Fr/Fco2 and
Ws are kept to be constant at 10 and 50 kg, respgtifhe calculation focuses on
the estimation of to achieve the determined capture efficiency.him ¢alculation,
plug flow of gas through perfectly mixed CaO bedssumed. The average maximum

carbonation conversionX{ye is firstly calculated employing Eqs. (4.77)-(4.79

CO,-lean gas (to PMR) CO; captured

Circulating

o CaO (Fr)
= 3

g Used =

Jg CaO K

@)

CaO
Purge (Fo)
COx-rich gas 414 Tk "
CaO make-up (Fo)

Figure 4.10The scheme showing the basic working of the CaQ-&0eptor.

X 1 1 - 9 4.77)
Nk
(1_ Xr)+
F R
= OR 4.78
. (Fo B FR)N ( )
R S irNXN (4.79)
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The values ok andX; are 0.52 and 0.075, respectively (Abanades, 200®) capture
efficiency can be calculated employing Egs. (4.8082) (Grasa et al., 2008).

F f
E = . X ave

carb
Feo, | 2
1-f

I:COZ : IVICaO = fo E fo(fo _1) In (fo - fe)+(f0 fe B fO)Ecarb -1
fofe_fo carb ( )

(4.80)

(4.81)

V al Xave
S #F = Lo, (4.82)

ave
M CaOemax

Mole fraction of CQ at equilibrium conditionff) is calculated using Eq. (4.83) (Lee
et al., 2006). With Eqgs. (4.80) and (4.81), twonmkn variables, i.ef; andEcarm, can
be estimated. The G®ich gas velocity is always controlled to be higligan gas
terminal velocity ¥). Gas terminal velocity and pressure drop alorgdérbonation
fluidized bed can be calculated employing Eq. (#.84d Eq. (4.85), respectively
(Walas, 1988). Model parameters employed in theutation of CaO-CQ acceptor

are summarized in Table 4.12.

20474

‘e T
- 4.137><1POe (4.83)

0.153x g*"* x d ™ x (pCao - P+ )0'71
Vi = 029p 043 (4.84)

P XH

2f 1 - W2
+ N pCaO(l_g)g-'_pf‘sg—’_ L il + ZprcaO(l E)UP

Ly D D

(4.85)
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Table 4.12Value of model parameters used in the calculaifd@aO-CQ acceptor.

Parameters Value

Ca0-CO, acceptor (carbonator) (Alvarez
and Abanades, 2005; Grasa et al., 2008)

T 973 K
Mcao 56 g/mol

dy 0.3 mm

Peso 3313.6 kg/m

Vi ,Caco, 36.9 cni/mol
Emax 50 nm

ks 4% 10" m* /(mol.s)
¢ 0.6

4.7 Boundary of carbon formation

4.7.1 Direct-internal reforming SOFC (DIR-SOFC)

In the calculation of the boundary of carbon foriorat the equilibrium
composition of gas mixture in the anode channé&©fC is initially computed. For
DIR-SOFC, it can be categorized into two types Oase the electrolytes; i.e., the
oxygen ion-conducting electrolyte (SOFCG3and the proton-conducting electrolyte
(SOFC-H). The sets of equation employed in the calculation egfilibrium
composition for SOFC-O are given in Section 4.1.2.1. For SOFC-tts mass
balance equations are almost identical to that@FG-G, However, the change is
required for the mass balance of steam componenshasvn in the following

equation:

n® = n -x* -x (4.86)

H20,f+1 H20, f steam f WGS, f

The thermodynamic equilibrium composition can btedrined by solving a system
of nonlinear equations relating the moles of eaommonent to the equilibrium

constants of the reactions whose values are givéigure 4.11.
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Dry reforming
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K 2 methane cracking

In (K) (-)

‘:
0k “\ WGS _
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Reverse carbon gasificatior ]
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800 900 1000 1100 1200 1300
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Figure 4.11Values of equilibrium constants.

The following reactions are-the most probable carfmsmation reactions in

the system (Pietrogrande et al., 1993).

2CO = CQ+C (Boudouard reaction) (4.87)
CHy, = 2+ C (Methane cracking) (4.88)
CO +H = H,O + C (Reverse carbon gasification) (4.89)

It should be noted that due to the endothermicreaitithe reforming of methane (Eqg.
4.32) and the mildly exothermic nature of the W@®&8&ction (Eq. 4.33), the amount of
CO _becomes significant at high operating tempeeatél reactions are employed to
examine the thermodynamic possibility of carbomfation by calculating the values
of their carbon activitiesuf) as defined in Eqgs. (4.90)-(4.92).

K 2

O gou | = —&?’“pco (4.90)
co,
Kwc P

Aemc = M (4.91)

2
Ph,
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K
Upncs = rc Pco P, (4.92)

Pr,0

whereKgo, Kve andKgeg represent the equilibrium constants of the reasti@.87),
(4.88) and (4.89), respectively, apdthe partial pressure of component i. Whegr»

1, the system is not in equilibrium and carbon fation is observed. The system is at
equilibrium whena. =1. It is noted that the carbon activity is ottt indicator for
the presence of carbon in the system. It doeginetthe information regarding the
amount of carbon-formed. Finally, whem: < 1, carbon formation is
thermodynamically.impossible.

To find the range of SOFC operation which doessufter from the carbon
formation, the operating temperature and the exdetiie electrochemical reaction of
hydrogen are specified. Then the initial valuestied CQ/CH,, or HLO/CH,, or
air/CH, ratios are varied and the corresponding values.cére calculated. The
carbon formation boundary is defined as the vatfgkese ratios whose value of (1-
ac) is approaching zero. This value represents timenmoim quantity of the reforming
agent (CQ, or HO, or @) at which carbon formation in the equilibrium mire is
thermodynamically impossible.

It should be noted‘that although recent investigaltave estimated the carbon
concentration in the reforming reactions by thehnodtof Gibbs energy minimization
(Grace et al., 2001), the principle of equilibratgs to predict the carbon formation
in this study-is still meaningful since the caldidas are carried to find the carbon
formation boundary where the carbon just beginfotm. In addition, other factors
such as mass and heat transfer or rate of reactiagsalso affect the prediction of the
carbon formation boundary. Local compositions whialiow the local carbon
formation may exist, although the carbon formati®munfavorable according to the
calculations based on equilibrium' bulk ‘compositioMoreaver, other forms of
carbonaceous compounds such_abl,Cmay be formed and result in comparable

damages.

4.7.2 Conventional fuel processor
The calculation of the boundary of carbon formatidrthe conventional fuel
processor is almost similar to that of the anodanokl of DIR-SOFC. Egs. (4.23)-
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(4.29) and (4.34)-(4.36) can be used in the cdicaf equilibrium composition of
the conventional fuel processor; however, the éxtérelectrochemical is equal to
zero. The probable carbon formation reactions #edequations employed in the
estimation of carbon activities in case of the @ntional fuel processor are identical
to those in case of DIR-SOFC (Egs. (4.87)-(4.92)).

4.8. Economic consideration

For the economic analysis, the change in the vafumoney with time is
neglected (Interest-rate and inflation rate areimssl to be zero.). In the following
consideration, the-electricity output is set toitbentical for all scenarios and the
required biogas (methane) fuel feed rate in eaeha@ is computed. Therefore, only
the capital costs of SOFC stack, supplementarypagents; i.e., palladium membrane
reactor, high-pressure compressor, vacuum pumpz €¥parator and CaO-GO
acceptor, and fuel cost were taken into accourg.ddonomic indicator considered in

this study is net cost saving which could be calmd, viz;

Net cost saving = Saving in capital cost of 80ftack - Additional cost of

supplementary equipments + Saving in fuel cf&03),

where saving in capital cost of SOFC stack is. tiffterénce between stack cost of
conventional SOFC system and stack cost of ineedeSOFC configuration. Also, the
saving in fuel cost is equal to the fuel cost omantional SOFC system minus the
fuel cost of interested SOFC configuration. Positnet cost saving indicates that the
interested SOFC configuration is economically sigpeto.the conventional SOFC
system. The costing-models and parameters usée iconomic analysis are listed in
Table 4.13.

Moreover, the benefit obtained from g@apture.is evaluated in term of “cost
of CO;, capturé. The cost of CQ.capture stands for the additional cost (relatve t
CON-SOFC) used-in Cf&xapture per unit-of CQOeapture and-is defined as;

Netcost saving($)

Costof CO, capturg$/ton) = - o
Rateof CO, capture(?) x Plantlife time( year)

(4.94)
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Table 4.13Costing models and parameters used in the ecoramaigsis (Walas,

1988; Amelio et al., 2007; Palazzi et al., 200 Aaripatarakij et al., 2008; Wong et

al., 2009).

Costing model

Cell cost ($)
Number of cells
Number of stacks

Fuel cell stacks cost ($)

Palladium membrane-cost($/kg)
Project life time (year)

CaO sorbent ($/ton)

Plant operating hour (h/a)
Compressor ($)

Vacuum pump ($)

Ceell = Asingle celX 0.1442*
Neel = Asotal Asingle cell
Nstack = Ncei/100
Cstack = 2.7 X CeetX Neen +
2 MNstackX Asingle caiiX 0.46425)
6,700
LY
60
8,600
Ceompressor =+ 1.49 xHP®"*x 10°
Cradilhn RSB 59 XX %X 1C¢°

where: 0.01<X" < 0.52 (Ibs/h)/(suction

Torr)

*A single cell area is fixed at 200 ém



CHAPTER V

DETERMINATION OF BOUNDARY OF CARBON FORMATION
FOR DRY REFORMING OF METHANE IN

SOLID OXIDE FUEL CELL

In this chapter, boundary of carbon formation fbe tdry reforming of
methane in direct internal” reforming solid oxideelfucells (DIR-SOFCs) with
different types of electrolyte (i.e., an oxygen-mmducting electrolyte (SOFC%Qp
and a proton-conducting electrolyte (SOFC)Hvas determined by employing the
detailed thermodynamic analysis. The benefits efgresences of J@, CO, and air
in the SOFC anode .chamber on suppression of cafbonation were also

investigated.

5.1 Introduction

Recent developments on SOFCs seem to move towartigot main issues;
intermediate temperature operation and use of dthes instead of hydrogen. The
uses of various alternative fuels; i.e., natura, dao-ethanol, coal, biomass, biogas,
methanol, gasoline and other oil derivatives, inF88 have been investigated
(Maggio et al., 1998; Brown, 2001; Douvartzidesabt 2003). As SOFCs are
operated at such a high temperature, these fueldbeainternally reformed at the
anode side of SOFCs producing a-@D rich gas, which is eventually used to
generate the electrical energy and heat.: This tperas called a direct internal
reforming (DIR-SOFCs)Regarding the global environmental problems andeour
fossil fuel crisis, the development of SOFCs fedregewable' fuels “attracts more
attention as an alternative method for power geioeran the near future. Among
renewable sources; biogas is.a promising candidatee it.is produced readily from
the fermentation of biomasses and agricultural @gstTypically, biogas. consists
mainly of methane and carbon dioxide. Due to tble GG for biogas, carbon dioxide

(or dry) reforming reaction would be one of the msgitable processes to convert
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biogas to hydrogen or synthesis gas (CO apdfét later utilization in SOFCs or
other processes.

However, in order to operate SOFCs on the direzd fif alternative fuels (i.e.
biogas) rather than hydrogen, several major probleemain to be solved. One of
them is the problem of carbon deposition on thedanoausing loss of active site and
cell performance as well as poor durability. Thevgh of carbon filaments attached
to anode crystallites can generate massive. forgagwihe electrode structure leading
to its rapid breakdown (Clarke et al.; 1997).-Atn@mof efforts have been carried out
to alleviate this problem. One approach is to geafor appropriate anode
formulations and operating conditions. A numberaofditives were added to the
anode to lower the rate <of carbon formation. Forlnegle, the addition of
molybdenum and cerium metal oxides to. Ni-based @anwes reported to reduce
carbon deposition, and in some. cases, to increadsecbnversion (Finnerty and
Ormerod, 2000; Park et al., 2000). The additionalk@ali such as potassium can
accelerate the reaction of carbon with steam asd aéutralize the acidity of the
catalyst support, hence reducing carbon depodiEomerty et al., 1998).

Another conventional approach to avoid carbon dépasis the addition of
extra oxidant to the feed. According to the dryrefing of methane, it was suggested
that the use of excess carbon dioxide in the dormeng reaction could avoid carbon
formation (Ruckenstein and Hu, 1995). Experimestadies on the dry reforming
using an excess of carbon dioxide with carbon di@xb methane (C{4CH,) ratios
of 3/1 and 5/1 over nickel catalyst supported amaha were carried out. It was
reported that the rate of disintegration is smaftar the case with higher ratio.
Selection of a suitable G{LLH, ratio is therefore an important issue (Ruckensteith
Hu, 1995). Carbon formation can occur when the S©OREG operated at low
CQy/CHg ratio.: However, use of high G@Hz ratio is' unattractive as it lowers
electrical efficiency -of the SOFCs by the dilutimi fuel, yield of hydrogen
production, and the system efficiency. Consequernitlys necessary to find the
CO,/CH,4 ratio at the boundary of carbon formation whoséuevarepresents the
minimum ratie required to operate the SOFCs atarafiiee condition.

In this chapter, a detailed thermodynamic analigstarried out to predict the
boundary of carbon formation for DIR-SOFCs fuelgd rhixtures of methane and
carbon dioxide. The effects of electrolyte typee.(ioxygen ion-conducting and

proton-conducting electrolytes), operating tempergtand extent of electrochemical
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reaction on the required GIZH;, ratio are investigated. Thermodynamic calculations
have taken place to predict the requiregDHuel ratio for SOFCs fed by methane
(Sangtongkitcharoen et al., 2005) and methanolgdBssirungrat et al., 2005). It was
found that the SOFCs with an oxygen-conductingtegde (SOFC-G) require less
H,O/fuel ratio than that with a_hydrogen-conductingctolyte (SOFC-H) because
extra water generated from the electrochemicalti@ads available for use in the
anode chamber. In this present work, alternativeéhods to alleviate the carbon
formation by adding water or air to the systemas® considered as it is practical to
add these components-along with methane and calibaide in the feed to reduce

the degree of carbon depaosition.

5.2 Results and discussion

Influences of inlet C@JICH, ratio on equilibrium compositions of the dry
reforming reaction in a conventional reactor athsomal condition T = 900 K) are
shown in Figure 5.1. It was found that the amowhtsarbon monoxide and hydrogen
increase with increasing mole of carbon dioxid¢ha feed, and that some hydrogen
is converted to water particularly at high &€CH, ratio due to the reverse water gas
shift reaction (RWGS) and methanation. reaction €re¢ steam reforming of
methane). However, at higher operating temperattine, contribution of the
methanation reaction is much less pronounced duehéo high value of the
equilibrium econstant of the steam reforming of nagi as shown in Figure 4.11. It
should be noted that some methane siill exists eviém high CQ/CH, ratio at

moderate temperature of 900 K.

For SOFC-3 operation, hydrogen is electrochemically consuraed water
is generated in the anode chamber. It is showrigar€ 5.2a that negligible amount
of methane is observed because the consumptionydfodeen moves the dry
reforming of methane forwardly and, 'in additione thteam reforming of methane
promotes the methane consumption. When the extar@rbon dioxide in the feed is
increased, lower amount of. hydregen-and higher amad water are observed
according to.the RWGS reaction. For SOFC-Bperation, hydrogen is  also
electrochemically consumed; however, the electnoot& water appears in the
cathode chamber and plays no role in the anod¢isaaanlike in the SOFC-O It

should be noted that the SOFC-Behaves quite similar to a membrane reactor in
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which the forward reaction is enhanced by remowame products (e.g. hydrogen)
from the reaction zone. From Figure 5.2b, it waseobed that the amounts of
hydrogen and water involved in the SOFC-afe much less than those in the SOFC-
O?. Moreover, when higher amount of carbon dioxideadsled in the feed, more

hydrogen is converted to water. and slight incredsarbon monoxide is observed.

Mole of species i at anode side (mol)

CO,/CHy ratio (-)

Figure 5.1 Effect of inlet CQ/CHj ratio on mole of each component in a

conventional reformerr@,, ;, =1 mol,P = 101.3 kPa and@ = 900 K).

Mole;of species.i at anode side (mol)

CO,/CH, ratio (-)

@)
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Figure 5.2 Effect of inlet CQ/CH, ratio on mole of each component mole: a) SOFC-

O, and b) SOFC-H(ng, ;, = 1 mol,e = 1.6 mol,P = 101.3 kPa andl = 900 K).

The effect of inlet C@CH;, ratio on the carbon activity for the conventional
reformer is shown in Figure 5.3. The carbon activdecreases dramatically with
increasing C@QCH, ratio and operating temperature, implying thatapportunity of
carbon formation can be rapidly decreased by ad@i@gin the system or operating
the system-at high temperature. Increasing the atmmfuCGs in the feed promotes
the consumption of methane and generation of waltérh reduce the possibility of
carbon formation. Because the Boudard (Eq. (4.8)) reverse carbon gasification
(Eq. (4.89)) reactions are exothermic, the carbuiviy significantly reduces at high
operating temperature. Although the- carbon. fornmafimm - the methane cracking
(EqQ. (4.88)) should be mare significant at high pemature, the much higher values of
the ‘equilibrium constants of the dry and steamrmefiog reactions compared to that
of the methane cracking make it become less ligelgigh operating temperature (see
Figure 4:11). It should be noted that the carbdivic calculated from Egs. (4.90),
(4.91) and (4.92) yield the same value, which iggood agreement with previous
literatures (Nagata et al., 2001; Sangtongkitchaeieal., 2005).
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Carbon activity (-)

|
2% 4 6 8
CO,/CHy ratio (-)

Figure 5.3 Effect of inlet CQ/CHy ratio on carbon activity (conventional reactor,

N, .» =1 mol, ancP =101.3 kPa).

Figure 5.4 shows the required @OH, ratio at the boundary of carbon
formation for the SOFC-© at different temperature and extent of electrodbam
reaction of hydrogene]. Lower CQ/CH, is required for the SOFC“Ocompared to
that of the canventional reformer due to the presest electrochemical water in the
anode chamber. The difference is particularly pomeed at higher extent of
electrochemical reaction. For the SOFC-Ht moderate operating temperatufe=(
800-1000 K) when the extent of electrochemical tieac(e) is increased, the lower
CQO,/CH, ratio is sufficient to alleviate the carbon forioatas shown in Figure 5.5a.
However, the opposite trend is observed at higherating temperaturd ¢ 1000 K)
as shown.in Figure 5.5b. The trend at lower opegatmperature is quite unusual as
it has been reported earlier for the systems of steam reforming methane
(Sangtongkitcharoen et al., 2005) of and methafss@bumrungrat et al., 2005) that
higher HO/fuel ratio is required at higher extent of eleclremical reaction because
hydrogen is consumed and no benefit of electroctamiater is realized in the anode
gas mixture in the SOFC-H In addition, it was a general concern for using a

membrane reactor for dehydrogenation reactionsttieicarbon formation problem
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should be more severe due to the removal of hydrdgen the reaction system.
Therefore, it is likely that for the SOFC-Hhigher carbon dioxide should be needed

when the extent of electrochemical reaction is érgh the dry reforming system.

35 I I

CO,/CH, ratio (-)

800 900 1000 1100 1200
Temperature (K)

Figure 5.4 Influence of the, extent of electrochemical reactiof H, on the
requirement of inlet. C@CH; ratio at different operating temperature (SOFE-O

Ny,.n = 1 mol ancP = 101.3 kPa).

CQ,/CH, ratio (-)

800 850 900 950
Temperature (K)

(@)
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Figure 5.5 Influence of the extent of electrochemical reactiof H, on the

requirement of inlet C&CH, ratio at different operating temperatureTa 800-950
K, and b) 950-1100 K (SOFC™Hng,, ;, = 1 mol and® = 101.3 kPa).

To explain the reasons for the unusual behaviothef dry reforming of
methane in the SOFC-Hat moderate temperatures (800-1000 K), the mdiesch
species at different GfCH, ratios atT = 900 K for the conventional reactor (Figure
5.1) and the SOFC-H(Figure 5.2b) are compared. Note that becausecdneon
activity of all possible carbon formation reactigm®vide the same value when the
gas mixtures_are at their equilibrium conditions; §implicity the carbon activity
based on the Boudard reaction (Eq. (4.87)) is demed as an example for
understanding the behavior of the system when cadimxide is added to the system.
From thefigures, when hydrogen is electrochemyjcadimoved from the anode gas
mixture, the dry reforming of methane moves forigrdesulting in low content of
CHg.in the gas.mixture..lt is.observed. that.the.mdl€O in the gas mixture for.the
SOFC-H is less dependent on the §CH, ratio than that for the conventional
reactor because the RWGS plays less significare vahen smaller amount of
hydrogen is present in the system. Consequentey,villue of the carbon activity

(Kipco'/peoy) for the SOFC-H decreases with the increase of theQBl, ratio more
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rapidly than that for the conventional reactor ahérefore, reaches the boundary of
carbon formationdc = 1) at lower value of C&£CH; ratio.

In real operation, it is unlikely to add carbonxdae to the system to suppress
the carbon formation. Other components such asrveatd air are more practical
choices. The calculations were carried out to fimel required KHO/CH, or air/CH,
ratio for different inlet C@CH, ratio, extent. of electrochemical reaction and
operating temperature. This information-is_importéor selecting a suitable feed
composition which is safe from the carbon formatmoblem. Figures 5.6 and 5.7
show the HO/CHy ratio at the boundary of carbon formation for eliéint CQ/CH,
ratio in the feed for'SOFC-0and SOFC-H, respectively. It was found that for the
SOFC-G the required bD/CH, ratio decreases with the increases of inlet/C8,
ratio, extent of electrochemical reaction and ofyegatemperature. The operation at
high extent of electrochemical reaction and highgerature significantly reduces the
risk from carbon formation. For the SOFC;Hhe required LD/CH, ratio also
decreases with the increases of inletQBl, ratio and operating temperature. Higher
H,O/CH, ratio is required at higher extent of electrocleahreaction. However, the
reverse trend is observed when the system is @ukerat moderate operating
temperature T = 900 K) with high inlet C@CH, ratio (approximately higher than
1.5) which is in good agreement with the previoasecin which only carbon dioxide
was used as the carbon suppresser. When compatwgédn the required J@/CH,
ratio of the case with no carbon dioxide presenhainlet feed (C&CH, ratio = 0)
and the required C£ICH, of the case without the addition of water for b&OFC-
0% and SOFC-H it is clear that water shows more- pronounceduérfte on
inhibiting the..carbon formation than carbon dioxigarticularly at low operating
temperature. The .results also reveal that for tH@FGH the extent of
electrochemical reaction has no significant efi@ctthe required O/CH, ratio at
high temperature. It should be noted that when @img between the dry reforming
and the steam reforming of methane with additioncafbon dioxide and water,
respectively, as the.components for inhibiting-tagbon formation, the addition of
water always provides beneficial effect to the eystis water reacts with methane to
reduce the extent of methane and it also reacts e@tbon monoxide to reduce the
extent of carbon monoxide, forming hydrogen anda@ardioxide. The presence of

high amounts of carbon dioxide, hydrogen and wiatémportant for preventing the
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carbon formation in the system. For the case wikliteon of carbon dioxide,
although extra carbon dioxide promotes the consiompif methane from the dry
reforming reaction, carbon dioxide unlike water sla®t help reduce the extent of

carbon monoxide in the system. In addition, momb@a monoxide can be generated

by the RWGS reaction.

1.5
1.2
2 009
o
<
T
Q
O 0.6
N
T
0.3
0 |
0 1 2 = 4 5 6
CO,/CH, ratio (-)
(a)
1.2 T
e =0 mol
e =0.2mol
__ 09} —
< e = 0.4 mol
S
© e =0.6 mol
=
Q 0.6 — ‘ e=0.8 mol —
O
~N
" ‘ e =1mol
03 I. _
0 | | |

CO,/CH, ratio (-)

(b)



H,O/CH, ratio (-)

0.8

o
)

©
~

0.2

0.6

CO,/CH, ratio (-)

0.9

65

(©)

Figure 5.6 Required inlet HO/CH, ratio at different inlet C&dCH, ratio: a)T = 900
K, b) T= 1050 K and c¥ = 1200 K (SOFC-6), N, n = 1 mol andP = 101.3 kPa).
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Figure 5.7 Required inlet HO/CHgratio at different inlet C&dCH, ratio: a)T =900
K, b) T = 1050 K and cF = 1200 K (SOFC-H g, — 4 mol and® =101.3 kPa).

When air is used as an alternative oxidant for gméng the carbon formation,
oxygen in air can react with methane, carbon mai®xir hydrogen whose products

are beneficial for preventing the carbon formatiéigures 5.8 and 5.9 show the
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required air/CH ratios for the SOFC-©and SOFC-H, respectively. It was found
that the similar trend as that of the addition aftev is observed for both cases. It
should be noted, regarding the advantage of aitiaddthat although the presence of
nitrogen dilutes the partial pressure of hydrogenthe anode gas mixture which
results in lower fuel cell performance, the exothier heat from the oxidation

reactions is useful for the endothermic dry reforgnieaction in the system.
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Figure 5.8 Required inlet air/Cliratio at different inlet C&CH, ratio: a)T = 900 K,

b) T = 1050 K and €Y = 1200 K (SOFC-6, n3, ., = 1 mol and® = 101.3 kPa).
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Figure 5.9 Required inlet air/Chlratio at different inlet C&@CH, ratio: )T = 900 K,
b) T = 1050 K.and cY = 1200 K (SOFC-H N, .n = 1 molancP = 101.3 kPa).
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5.3. Conclusions

Thermodynamic analysis was employed to predict dbendary of carbon
formation for DIR-SOFCs. It was found that the need CQ/CH, ratio to prevent
the carbon formation is determined by operatingpemature, electrolyte type and
extent of electrochemical reaction. Operation aghhiemperature dramatically
reduces the required inlet G@QH,; ratio.. The benefit of the presence of
electrochemical kD in the anode chamber on.suppression of carbanaton is
realized in the SOFC-Owhich results in lower requirement of @OH, ratio. For
the SOFC-H, due to-the disappearance of Without gaining the benefit of the
electrochemical bD+in the anode  chamber, higher £CH, ratio is necessary.
However, at moderate temperatufex 800-1000 K) the unusual opposite trend was
observed. The additions of water and air in a fe#h a certain inlet C&gJCH, ratio
were considered as alternative strategies for gsgprg the carbon formation. Water
is a more effective choice than €@articularly at low temperature. Although air is
less attractive than water, the benefit of the lesuwhic heat from the reactions with

oxygen may make the system become interesting.

It should be noted that although the thermodynatalculations can be used
to predict the boundary of carbon formation, thadafieation of anode is not solely
the result from the deposition-of carbon. Depositad other forms of carbonaceous
compounds such as polymeric cokeH) may result in comparable damage.
Therefore, the results obtained in this study sihdug considered only as crude
guideline for selecting suitable operating condisioof SOFCs and other related

reactors.



CHAPTER VI

SELECTION OF APPROPRIATE FUEL PROCESSOR FOR
BIOGAS-FUELLED SOFC SYSTEM

In this chapter, the performance of desulferiziedjds-fuelled SOFC systems
utilizing different reforming agents (steam, airdamombined air/steam) was
investigated via thermodynamic analysis to deteentime most suitable feedstock.
The boundary of carbon formation was initially cadted to specify the minimum
amount of each referming agent necessary to avaiboo formation. The effect of
the reforming.agent type, the quantity of reformagent and the feed quality on the
performance of biogas-fuelled SOFC systems were elamined. The electrical

efficiency and power density were computed as pedoce indicator.

6.1 Introduction

Generally, an SOFC system can be divided into thmaen parts: 1) a fuel
processor to reform the raw fuel into hydrogen gas, SOFC stacks which
subsequently generate electricity and useful heeh fthe reformed gas and 3) an
afterburner where the residual fuel is combustedrider to supply heat to the
preheaters and the fuel processor. Within the fuwetessor, four main chemical
reactions, namely; steam reforming, dry reformipartial oxidation and autothermal
reforming are possible (Ferreira-Aparicio et abDP2). Dry reforming is perhaps the
most interesting option for the SOFC system fed ggas since the major
components of the.biogas are carbon dioexide andianet However, it gives less
hydrogen yields compared with steam  reforming fieactFor steam and dry
reforming, an.external heat source is required upply the endothermic fuel
processor and to preheat the reforming agent (seeanCQ) and this reduces the
overall efficiency of the fuel processor. This pesb can be overcome by applying an
exothermic partial oxidation reaction which utikzair as the reforming agent.
However, it is accompanied by a lower hydrogendyidlloreover, the hydrogen
partial pressure of the gas product obtained froengdartial oxidation is low due to

the dilution effect of nitrogen present in air.drder to circumvent this drawback, the
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partial oxidation can operate simultaneously witkam reforming to improve
hydrogen yield in a route referred to as autothénefarming. If methane is the fuel,
autothermal reforming leads to a higher efficiei(@8.9 %) - defined as the lower
heating value (LHV) of hydrogen generated dividgdhe LHV of the methane fuel -
than that of the steam reforming (91.3 %) even ghothe latter gives a higher
hydrogen yield. This is because higher heating pasveequired to generate steam in
the case of the steam reforming. In addition; steafiorming is more prone to carbon
formation compared to the partial oxidation-andothgrmal reforming (Ahmed and
Krumpelt, 2001).

When biogas.is considered as a feedstock for thlepfocessor, dry reforming
may become a co-reaction due to the large amounC®@f present in biogas.
However, the guantity of carbon dioxide availaldenot sufficient to convert all
methane in biogas into hydrogen. Air.and steantla&ecommon reforming agents to
combine with.€CQ in.the fuel processor. The combination of the fprming with
partial oxidation helps reduce the reformer size softens the operating conditions.
Furthermore, the desired,#20 ratio can be achieved by tuning the compositibn
the reforming agent (Vernon et al., 1992; O’Conand Ross, 1998; Rostrup-Nielsen,
2002). Combined steam and dry reforming. gives adrigH:CO ratio compared to
sole dry reforming, however, large amount of heaistmbe supplied to the fuel
processor (Froment, 2000; Rostrup-Nielsen et @022

Although the advantages and disadvantages of #hefusach reforming agent
in the fuel processor have been widely reportedrfent, 2000; Rostrup-Nielsen et
al., 2002), the determination of a suitable refaxgnagent when the fuel processor is
integrated with an SOFC system is still a matter fierther investigation. The
performance analysis of integrated biogas-fed SQi&Iems should provide better
insightsinto proper selection guidelinesand ‘herbe rationale for-this study.
Thermodynamic analysis was performed to comparedieeant performance indices
(overall electrical efficiency and the power deyisiof the SOFC systems with

different reforming agents.

6.2 SOFC system configurations
Three biogas-fuelled SOFC systems are consideréusrchapter, i.e. SOFC
using steam as the reforming agent (steam-fed SOBOFC using air as the

reforming agent (air-fed SOFC) and SOFC using laatland steam as the reforming
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agents (co-fed SOFC). The plant configuration Far $team-fed SOFC is illustrated
in Figure 6.1a. Several unit operations are indluidethis configuration consisting of
a fuel processor, SOFC stack, an afterburner, @&mi vaporizer and preheaters.
Steam is generated via the vaporizer, preheatedttam mixed with biogas. The
mixture gas is then fed into the fuel processorthe fuel processor, the steam
reforming, dry reforming and WGS take place to e H-rich gas and the total
heat consumed in these reactions is supplied freat henerated in the afterburner.
The Hx-rich gas produced- in the fuel processor is fed the SOFC stack where the
electrical energy is generated. The heat genenatetie SOFC stack due to the
irreversibility is utilized for air and prich gas preheating. The residue fuel gas
released from the SOFC stack is burned up in ttegkafrner in order to supply heat
to the vaporizer and the fuel processor. A highperature flue gas which mainly
contains carbon dioxide and steam released fronafteeburner is used in preheating
biogas, steam and oxidizing agent (air) beforedeédischarged to the environment at
low temperature. For the calculation, the flue ¢ta®perature released from the
system is kept at 473 K. To achieve a desired teaty® of the SOFC stack, an
oxidizing agent (air) temperature is tuned up ewyiplp the energy balance in the
SOFC stack. The energy self-sufficient point iodsund out in this study. A trial-
and-error is performed by tuning the fuel utiliBatiuntil the total energy generated in

the system is equal to the total energy consumgtiQanqs2Qexo = 0).
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Figure 6.1 The plant configurations for a) the steam-fed SOB)Cthe air-fed SOFC
and c) the co-fed SOFC.

For the air-fed SOFC, its plant configuration aradcalation procedure are
almost similar to that of the steam-fed SOFC asstithted in Figure 6.1b. However, it

is difficult for the former one to achieve the emeself-sufficient operation. Its heat



75

demand is extremely lower than that of the steain$OFC since the partial

oxidation which takes place in its fuel processoexothermic. Therefore, almost all
hydrogen in the anode gas can be utilized in theG&tack for the air-fed SOFC and
the power density also reduces following to ther@ase in the fuel utilization. To

achieve a reasonable power density, the hydrogda fraction of the SOFC anode

output stream is controlled to be higher than 1d%n In this case, the heat residue
from the afterburner.is fed into the steam-turtimegenerate more electricity. The
electrical efficiency of steam turbine.is assunweta 30%.

According to the-plant configurationof the co-f&@&DFC, most of the
configurations and calculation procedures are idehto that of the air-fed SOFC as
illustrated in Figure 6.1c; nevertheless, more liegenerated in the afterburner than
the former in _order to generate steam. It shouldnbed that, in all cases, the
guantities of air fed as the oxidant into the SQa@hode are 5 times of theoretical air
required to combust the biogas fuel. The excesameunt of air is required in order
to avoid the overheating of the stack which wouddise cell damages. Operating
temperature of each fuel processor and SOFC ssakipt to be 973 K and 1073 K,

respectively.

6.3 Results and discussion

The boundaries of carbon formation indicating thmimum amount of a
reforming agent required to avoid the carbon foromatfor the biogas steam
reforming and partial oxidation are illustratedHigures 6.2a and 6.2b, respectively. It
is obvious that less reforming agent (steam oriairequired in order to inhibit the
carbon formation when the reforming temperaturgeiases. In fact, the moles of
reforming agent: per methane required decreased salrhgperbolically with
temperature attaining nearly constant value beyalpout 1173 K. Biogas with a
higher content of methane is mare prone to carlbomdtion than that with a lower
amount of methane. These trends are correspondiigwth the previous literatures
(Edwards and Maitra, 1995; Assabumrungrat et 8062
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Figure 6.2 Boundary of carbon formation for the biogas-fedlforocessors with

different reforming agents; a) steam and b) air.

The effect of fuel utilization and steam contentstioe energy self-sufficient
point and power density of the steam-fed SOFC \iiesity investigated as shown in
Figure 6.3. With low steam contents, high fuel izgiion is required to achieve
energy self-sufficient point since heat loads ieast heater and fuel processor are
low. The operation at high fuel utilization of steded SOFC offers low power
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density due to the lack of,Hat the outlet of SOFC stack. For the energy self-
sufficient mode AQ = 0), the operation at high steam contents isrel@dior the
steam-fed SOFC to achieve utmost power densitys Tan be explained by the fact
that the presence of large amount of steam in S@r@le feed can reduce the
activation loss in SOFC as described in Eq. (4B)wever, the operation at high
steam contents causes higher heat contents ituthgds and the electrical efficiency
of steam-fed SOFC is thus inhibited as .illustrateéFigure 6.4. Hence, intermediate
value of steam content'is desired for steam-fedG@iF offering reasonable power

density and electrical efficiency.
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Figure 6.3 The effect of fuel utilization and steam contemtsthe power density and
energy self-sufficient point of steam-fed SOFZ= 0.64 V and CLCO, = 60:40)

The composition of biogas (GHCO,) varies with its source; therefore, the
effect of biogas composition on SOFC performanaaukhbe also investigated. As
shown in Figure 6.5, high fuel utilization is rempd for SOFC fuelled by biogas with
low CH; contents in energy self-sufficient operation, #me power density of steam-
fed SOFC increases as gebntents'in biogas increase. As the methane comidme
biogas increases, the reformed gas contains hydragea higher concentration and,

therefore, a higher power density is achieved. Idoee, the smaller content of G
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the biogas reduces the energy loss by the exhassifghe system. Consequently, the
electrical efficiency is improved as observed igufe 6.4.
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Figure 6.4 The effect of steam contents on electrical efficieof steam-fed SOFC.
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Figure 6.5 The effect of fuel utilization and GHCO, ratios in biogas on the power
density and energy self-sufficient point of steaed-SOFC. V= 0.64 V and HO/CH,
=2.5)
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As discussed above, the energy self-sufficientraifmn at each operating
condition can be achieved as the fuel utilizat®well selected. Figure 6.6 shows the
performance of steam-fed SOFC operating at enegtfyssfficient point at different
operating voltage and steam contents. The optimperabing voltage which offers
utmost power density is found at eachQHCH,. As the operating voltage is lower
than the optimum value, the power density increasesperating voltage decreases
due to the increase ingldonsumption in'SOFC stack (fuel utilization). Haeg this
benefit is not observed for the operation at exeebslow operating voltage. The
superior power densityis found for SOFC operatatghigher steam contents.
Operating at KHO/CHy0f 4,'the power density of steam-fed SOFC canhr€ad46
W/cn? as its optimum operating voltage is 0.52 volt.sThalue of power density is
far higher than that of SOFC operating aOHCH, of 2.5 which its optimum
operating voltage and power density. are 0.58 vott 8.398 W/crfy respectively.
However, the electrical efficiency drops from 46.84 to 38.39 % as #D/CH,

increases from 2 to 4 as described in Figure 6.4.
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Figure 6.6 The effect of operating voltage and steam contemtthe power ‘density of
steam-fed SOFC operating at energy self-suffiguemt. (CH,:CQ,.= 60:40)

Unlike the steam-fed SOFC, heating energy is eguired for the steam
generator and the fuel processor for air-fed SO¥Qreover, heating energy can be
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generated in the fuel processor. This is due to ekethermicity of the partial
oxidation reaction which takes place in the fuelgessor. Hence, air-fed SOFC can
operate at high fuel utilization. However, hydrodeal cannot be used entirely in the
SOFC stack, as some fuel must remain in the SOREta@tream in order to maintain
a high power density for the SOFC. Figure 6.7 shihasthe power density of air-fed
SOFC decreases as the fuel utilization increadais. implies that the power density
of air-fed SOFC can be improved as hydrogen fuetertt remaining in the SOFC

outlet stream increases.
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Figure 6.7 The effect of the fuel utilization on the powerndity and electrical
efficiency at different (a) @CH; (CHs:CO, = 60:40) and (b) CHCO, ratios in
biogas (Q/CH,; = 0.6). i = 0.64 V)
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The effect of variation in the £&LH, ratio was also investigated. As shown in
Figure 6.7a, the power density of air-fed SOFC el@ses as air content increases. The
decrease in power density is mainly due to theifsigmt increase in inert nitrogen in
the inlet stream (anode). Like in case of the poaansity, the electrical efficiency
dwindles as @CH, increases. The decrease in the electrical effigiemay be
ascribed to the excessive air fed to the reformecasioning higher energy loss from
the increased amount of exhaust gas. Similar t@déke of the steam-fed SOFC, both
plant efficiency and power density, improve-as thargity of methane in biogas
increases as illustrated-in Figure 6.7b. Althougly 0,:CH, ratio can improve both
power density and electrical efficiency of air-f8@FC, the issue of carbon formation
should be also carefully considered. As descrilmeBigure 6.2b, @CH, should be
higher than 0.5 which.is boundary of carbon forovafor the operation at 973 K.
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Figure 6.8 Electrical efficiency: and power density of air-f@DFC at different
operating voltage and air contents. (BED, = 60:40)

Figure 6.8 shows the effect of the variation of theerating voltage and
Q,/CH, on the system performance of air-fed SOFC. Unhiesteam-fed SOFC,. air-
fed SOFC cannot offer energy self-sufficient operatHence, for the calculation of
air-fed SOFC, the fuel utilization is tuned up utite hydrogen mole fraction of the
SOFC anode output stream is controlled to be highan 1.5 mol% to achieve
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reasonable power density and electrical efficier®imilar to the case of steam-fed
SOFC, the optimum operating voltage which offersiagt power density is also
found in air-fed SOFC. As shown in Figure 6.8, tdperation at high air contents is
not desirable for air-fed SOFC. For the operatio®@aCH, ratio of 0.6 which is the
condition that is not prone to carbon formatiom;fad SOFC fuelled by biogas with
CH4:CO;, ratio of 60:40 offers the power density and eleatrefficiency of 0.218
W/cn? and 41.44 %, respectively for the optimum opetatialtage of 0.59 volt.

Compared with the case of the steam-fed SOFC, elnepdensity is much
lower. This is due to.the fact that the partialdation reaction (Eq. (4.53)) can
produce only two moles of‘hydrogen per mole of methcompared with three moles
of hydrogen per mole of ' methane in the case ofsteam reforming reaction (Eq.
(4.32)). In addition, the high proportion of niteyg present in air also reduces the
hydrogen concentration in the reformed gas. Commdty the hydrogen partial
pressure of the product gas derived from the pastéation is lower than that
derived from the steam reforming, leading to a R&OFC power density.

As a third option, the co-fed SOFC was also ingeséid. Unlike the steam-
fed SOFC, there is no energy supplied to the fustgssor due to the participation of
exothermic partial oxidation reaction; however, goneating energy produced in the
afterburner must be supplied to the vaporizer toeggte steam. Furthermore, the
residue heat from the co-fed SOFC system is suppiie¢he steam turbine to generate
more electricity like in the case of the air-fed D The plant electrical efficiency
and the power density at different:OH, and HO:CH, ratios are illustrated in Figure
6.9. In this study, the biogas composition (GD,) is kept at 60:40. Like the case of
steam-fed SOFC, the electrical efficiency of thefed SOFC decreases, and the
power density of co-fed SOFC increases with theemse in the steam content.
However, the change in these performance jindicaitbi-fed SOFC is extremely
smaller compared with that found in steam-fed SO&@ilar to the air-fed SOFC,
the ‘power density and electrical efficiency of ed-iSOFC decrease as theg@H,
ratio increases due to the presence of large anawfumitrogen in air. The electrical
efficiency of .co-fed SOFC is improved as the opegatvoltage increases. The
optimum operating voltage which offers ultimate powlensity is also found like in

case of the other SOFC systems.
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Figure 6.9 Electrical efficiency and power density of co-f&DFC operating at
H,O:CH, ratios of (a) 1, (b) 1.5, (¢) 2 and (d) 2.5 atatént operating voltage and air
contents. (CLhCO,; =60:40)

In order to select a suitable reforming agent, gegformance of the SOFC
systems with different reforming agents is compaaedshown in Figure 6.10. It is
obvious that steam is the most attractive reformaggnt for the biogas-fed SOFC
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regarding the power density. The power density eledtrical efficiency of air-fed
SOFC are much lower due to the high content obgén in air. By adding air to the
steam-fed SOFC, the electrical efficiency can bghsly improved but the power
density extremely reduced. Because the stack isigriiee most expensive part of the
SOFC system, it is likely that.the use of steanthasreforming agent is the most
suitable for the biogas-fed SOFC although the séadtefficiency is slightly lower

than the use of combined steam and air.
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Figure 6.10SOFC performance: a) overall electrical efficieacy b) power density

(CHxCO, = 60:40).
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6.4 Conclusions

Performance of the desulferized biogas-fed SOFQems with different
reforming agents (steam, air and combined steanwais determined in order to find
a suitable reforming agent. The boundary of cafioomation was firstly calculated to
specify a minimum amount of each reforming agentessary to avoid carbon
formation. For the steam-fed SOFC, when the amotisteam increases, the power
density always increases. Inversely, the electréffitiency decreases with steam
contents. For the air-fed SOFC, both power dereiky electrical efficiency always
decrease with the increased amount of air dueddalilintion effect of nitrogen in air.
However, the intermediate air content is desiredaio-fed SOFC to alleviate the
carbon formation. Steam.is considered to be tha swtable reforming agent in this
study as the steam-fed SOFC offers much higher paveasity and electrical
efficiency than the air-fed SOFC. When steam iseddd the air-fed SOFC as in the
case of the co-fed SOFC, both electrical efficiermyd power density can be
improved; however, its power density cannot redeh gower density of steam-fed
SOFC.



CHAPTER VII

PERFORMANCE OF BIOGAS-FED SOLID OXIDE FUEL CELL

SYSTEMS INTEGRATED WITH CO ,

CAPTURE TECHNOLOGY

The objective of this chapter is t0 examine thefgumance and potential
benefit of desulferized biogas-fuelled SOFC. systauoperating with C® capture
technology. Twe configurations of biogas-fed SOEE., SOFC system cooperating
with CO,-selective:membrane (M-SOFC) and SOFC system cabpgrwith CaO-
CO, acceptor (A-SOFC) were investigated. The conveatiGOFC system (CON-
SOFC) is employed as a base case. Similar to ah@pthe electrical efficiency and
power density are considered as the performanceaitmls. The composition of
biogas considered in this ‘study is kept at 60 pegroé methane and 40 percent of
carbon dioxide. All mathematical models used ircalation were written in Visual

basic.

7.1 Introduction

As mentioned earlier, the presence of ,G@®the feedstock could cause the
falling down-in SOFC cell potential. However, thEmoval of CQ from feedstock
requires the complicated technology and consumles af energy. The removal of
CO, from biogas. is widely investigated. Several tedbges are proposed; i.e.,
absorption,: adsorption and. membrane technology. Mene. technology has been
widely tested and presently applicable in.the oc&ptf CQ in natural gas (Granite
and. O'Brien, 2005). Compared with gQabsorption technology which is
conventionally used, membrane technology offers dldgantages of operational
flexibility“in “handling feed streams with variablow rates and compositions.
Polymeric ‘'membrane is one of the interesting clidele to its "low capital
investment costs compared with other types of man#iAlexander Stern, 1994).
Moreover, the process equipment for the polymeremiorane operation is also
simple and easy to handle. Selection of polymergniorane for gas separation is
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based on two parameters; permeability and permigetgcPolyimide membrane is
the more attractive gas separator because it offiggher permselectivity and
permeability compared to membranes derived frorergblolymers (Shekhawat et al.,
2003). The use of capillary module with polyimidembrane for the CHenrichment
in biogas mixtures (CH CO, and HS) was also investigated and the results showed
that CH, concentration in biogas increases from 55-85% op 91-94.4%
(Harasimowicz et al., 2007). The drawback of théyipude membrane is that it
cannot operate at high temperature. Adsorption I$® a@nteresting C@capture
technology. A favorite . adsorbent used in Q@pture is Calcium oxide (CaO). With
this technology, C@in the gas mixture reacts with CaO particle (E547%)), and
CaCQ is produced. The major drawback of this technolisghat the regeneration of
the adsorbent is required. In the mature proce8s;rich gas is fed simultaneously
with CaO into the low-temperature adsorption colui@nasa et al., 2008). Lean-gO
gas is released from this column in the top secttaO-CaC@ particle derived from
the bottom section of the low-temperature columihen fed into high-temperature
column to convert all CaC{nto CaO which can be reused in C€apture. Even if
CaO can be regenerated, the make-up CaO Is negdss#nis cycle due to the
sintering of CaO at high operating temperature {¥033 K) after several GO
capture cycle (Abanades, 2002).

In this chapter, an integration of a biogas-fuel@FC system and GO
capture technology was investigated. The improvénrethe SOFC power density
following to the installation of C@separator was considered. Two configurations are
applied in this study: 1) the SOFC cooperating wWit®,-selective membrane (M-
SOFC) and 2) the SOFC cooperating with the CaQ-@Cceptor (A-SOFC).
Thermodynamic_analysis was performed to evaluage ghrformance indicators
(overall electrical efficiency and power density) these configurations and to
compare them with those of the SOFC system witl©0t separator installation
(CON-SOFC). Lastly, an economic analysis was engaoto identify whether the
CQO, separators should be installed into the SOFCyste

7.2 SOFC system configurations

Two desulferized biogas-fed SOFC systems cooperatith CQO, capture unit
are proposed in this study, i.e. the SOFC systeth @D,-selective membrane (M-
SOFC) and the SOFC system with the CaO-@Cceptor (A-SOFC). It should be
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noted that steam is chosen as the reforming ageheisubsequent study according to
the result in chapter 6. Moreover, the steam tdharet ratio in the fuel processor feed
is set to be 2.5 for the studies the following ¢kepto alleviate the carbon formation
in the system. Their configurations are almost fidah to that of the conventional
SOFC system (CON-SOFC) which is illustrated in Fég6.1a. However, for the M-
SOFC (Figure 7.1a), biogas is compressed, coolegndand then fed into the
polyimide membrane module where €6 captured. To increase the £€&paration
performance, vacuum pump is included in-the systeorder to increase the partial
pressure difference of retentate and permeateogecti membrane module. The
retentate gas is depressed, preheated and themdeithe fuel processor whereas the
permeate gas is fed into the afterburner to producee heat. For the A-SOFC
(Figure 7.1b), biogas.is compressed and fed irkddhO-CQ acceptor in which CO

is separated without the loss of methane 4@@n gas is mixed with steam and then
fed into the fuel processor. Similar to the plamtfiguration of CON-SOFC, the flue
gas temperature released from the system is kepf3&t. Like the calculation in
chapter 6, the energy self-sufficient operating (= 0) is also examined in this

chapter.
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Figure 7.1 The plant configurations for (a) the M-SOFC anptfie A-SOFC.

7.3 Results and discussion

Prior to the SOFC system investigation, the pemtorce of membrane
modules for CQ separation was examined. The feed gas compositonthe
polyimide membrane is based on a raw biogas. Th&26€moval and %Cllloss at
different operating pressure at permeate sectip) &nd retentate sectioriPH) is
summarized-in Figure 7.2. It is obvious that theréases in #and R can raise the
extent of CQ removal. At B of 30 bar andPr of 0.1 bar, polyimide membrane can
remove 95% of C@in the feed gases. However, some,;Ebl85%) also permeate
together with C@through polyimide into the permeate side. It sddu noted that,
in this istudy, the:permeate gas which contains fyed (CH) is fed into the
afterburner to produce more heat to supply theesysds illustrated in Figure 7.1a.
Even if the polyimide membrane module which operatehighPr and lowPp can
separate more GOthe electricity. consumptions.in'compressor ancluan pump. of
M-SOFC which operates at these conditions are metye high as shown in Figure
7.3.
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Figure 7.2 The %CQ remaoval and %Cldloss at different operating pressure at

permeate sectionPf) and retentate sectioRH).

3

|1 \‘Pp = 30 har
25 e App=25bm
\ \

Fp = 20 bar
20 \ \ \\ p= 15 bar

" [ N
[V

Electricity consuunption in compressor (KWW

Pp= Sbhm

i ¥ L = = -

1 il ] ]

= = =] = =

w = i [ —

= = = = =
ﬂ T T =T T

] 11 20 k11] 40 £ 1]

Electricity conswmption in vacumm prmp (KWY)

Figure 7.3 The- electricity.consumption in. compressor and.uatypump at.different
Pr andPR.

Following this preliminary run, the performance tbe M-SOFC system is

then investigated. Figures 7.4 show the effechefdperating pressure of membrane
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module and fuel utilization on the energy self-aurstble point and the power density

of M-SOFC. Figure 7.4a focuses on the effecPef The fuel utilization of 0.94 is

required for SOFC operating Bb of 0.1 bar to achieve the energy self-sustainable

operation, as the fuel utilization of 0.88 is enougr the operation aPp of 1 bar

which is the condition that the vacuum pump dodswwk. This is due to the reason

that the heat generation in the compression pramfed® vacuum pump is high as the

M-SOFC system operates at Id® and more hydrogen fuebn be used in SOFC

stack. Moreover, more electricity is.consumed ioian pump for SOFC operating

at low Pp. However, the operating jat high fuel utilizatia ot desired for SOFC

since it offers low power density at this conditidxe shown in Figure 7.4a, for the

operation at the operating voltage of 0.64 volt Badf 20 bar, M-SOFC operating at

Pr of 0.1 bar offers the power density of 0.36 Wfanhich is lower compared with
0.38 W/cnf in case of M-SOFC operating & of 1 bar. This is similar to the

conclusion in.chapter 6 which informs that somerbgdn fuel should remain in the

exit gas of SOFC anode.
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Figure 7.4 The effect of aPp (Pr = 20 bar) and blPz (P = 0.5 bar) on the energy
self-sustainable point and the power density of OFE. (V= 0.64 volt)

For the study of the variation &, as illustrated in Figure 7.4b, the energy
self-sufficient operation is available for SOFC m@img at highPr as it operates at
high fuel utilization. With_highPg, high electricity is required to produce so as to
compensate the electricity consumption in high-gues compressor. Again, even if
the operation at low#offers lower CQ removal compared with the operation at high
Pr, it offers higher power density since it can operat lower fuel utilization. The
effect of the operating voltage on the performaot®1-SOFC operating at energy
self-sufficient point was also investigated. Aswhan Figure 7.5a, the power density
of M-SOFC is always utmost & is 1 bar. lt-can be concluded that the optinfesm
is at the atmospheric pressure and the vacuum paithps not required for M-SOFC
system. Figure 7.5b shows the power density a¢mifftPr and operating voltage of
M-SOFC operating at energy self-sufficient poindd? of 1 bar. The optimum
operating voltage is always found at each operatoigdition. At high ‘operating
voltage, the intermediatBr 'Is preferred; however, lowr become favored as.the
operating voltage is lower than 0.6 volt. With gamukrating condition selections, the
power density of M-SOFC can become higher that dh&ON-SOFC (dashed line)
as illustrated in Figure 7.5b. For the operationPatand Pr of 1 and 5 bar,
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respectively, M-SOFC can offer the power density0@f01 W/cn at the optimum
operating voltage of 0.58 volt, whereas the maxinpawer density CON-SOFC can
achieve is 0.398 W/cmHowever, the maximum electrical efficiency of NDBC is
45.47% which is lower compared with that of CON-&0@6.81%). This is caused
from heat loss to the environment from the biogasling prior to be fed to

membrane module in M-SOFC system.
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Figure 7.5 The effect of the operating voltage on the powersiyg at different apPp
(Pr = 20 bar) and blPr (Pr = 1 bar) in case that M-SOFC operates at enerijy se

sufficient point.
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The cooperation of the SOFC with CaO-LCé&xceptor (A-SOFC) was also
investigated. The details used in the performanvatuation for CaO-C@ acceptor
are given in chapter 4. CaO-g@cceptor is employed in removing €fom biogas
prior to be fed to the fuel processor. With thishteology, CQ can be removed from
biogas without CHlloss. It can operate at low operating pressurecdiethere is no
electricity consumption in this technology. Howeveome make-up adsorbents are
required to maintain the adsorption efficiencytet teasonable value. As illustrated in
Figure 7.6, with the CaO circuration, rate: £@ed rate Kr:Fco2) of 10 and the CaO
inventory of 50 kg, make-up CaO is not requiredC& removal rate is lower than
0.48 mol/s. Exceeding this value, CaO make-up irateeases as CQemoval rate
increases. To remove G@t the rate of 0.63 mol/s, CaO make-up rate 08110
mol/s is required. It should be noted that the mMmaxn CQ removal rate the CaO-
CO, acceptor can.offeris 0.63 mol/s. This limitatisrcaused from the equilibrium of

the carbonation reaction.
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Figure 7.6 The correlation between make-up CaO. rate and f@@oval rate for
CaO-CQ acceptor technologyF£/Fco2 = 10 andWVs = 50 kg)

The energy self-sufficient point of A-SOFC is alswestigated as shown in
Figure 7.7. Since there is no major electricity ssanption in A-SOFC system, the
fuel utilization that offers the energy self-suf@nt operation is always at 0.845 for
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the operation at the voltage of 0.64 volt. The powensity at the energy self-
sufficient condition increases as £f@moval rate increases due to the increaseyin H
and steam partial pressure and the decrease imp@al pressure of the feed gas of
SOFC anode. Like the other configurations, thenopitn voltage is also found for A-
SOFC. As shown in Figure 7.8, the optimum operatb\-SOFC is found at the
CO, removal rate of 0.6 mol/s with the optimum operatvoltage of 0.58 volt. The
power density achieved at this condition is 0.42%™ which is far higher than
0.398 W/cni in case of CON-SOFC., Unlike M-SOFC, the electrefdiciency of A-
SOFC is 46.81 % which-is'equal to that of CON-SOFC.
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Figure 7.8 The effect of the operating voltage on the powersdg at different CQ
removal rate in case that A-SOFC operates at erssifpgufficient point.

In summary, the operation of the M-SOFC offers Iowkectrical efficiency
compared with that of the CON-SOFC. Moreover, altifothe power density the M-
SOFC system can achieve is higher that that ofQG&-SOFC as summarized in
Table 7.1, the SOFC stack size of the former isegiairger since more electricity is
required to_produce in SOFC stack to supply théadpigessure compressor. These
clearly indicate that the M-SOFC is not a good cldor the SOFC system. For the
A-SOFC, it can offer higher power density compawgth the CON-SOFC, and its
electrical efficiency is equal to that of the CORSC. Furthermore, its SOFC stack
size is fairly smaller than that of CON-SOFC. Altigh the stack size of A-SOFC
system is smaller compared with CON-SOFC, the mmidit cost of make-up CaO
should be also taken into consideration. Therefordy technical analysis is not
adequate to identify which operation mode can mi®vitmost potential benefit for
the SOFC system between CON-SOFC system and A-S9$tEm.
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Table 7.1 The summary of electrical efficiency, power density stack size of each
SOFC system(Qe = 416.8 kW)

Electrical Power density SOFC area
SOFC systems efficiency (%) | (W/cm) (m?)
CON-SOFC 46.81 0.398 104.62
A-SOFC
0.1 mol/s CQ capture | 46.81 0.402 103.83
0.2 mol/s CQ capture | 46.81 0.407 102.64
0.3 mol/s CQ capture | 46.81 0.4 101.49
0.4 mol/s CQ capture”| 46.81 0.416 100.36
0.5 mol/s CQ capture | .46.81 0.42 99.26
0.6 mol/s CQ capture | 46.81 0.425 98.18
M-SOFC
Pr=5barPpr =1 bar 45.47 0.401 106.64
Pr=10 barPp =1 bar | 45.47 0.399 108.73

To judge the potential benefit of A-SOFC systeng #tonomic analysis is
employed for the investigation. This analysis cdes only the cost difference
between the base case and the interested cas€dNeSOFC is considered as the
base case in this study. There are three costsdeved in this study: SOFC stack
cost, compressor cost and make-up CaO cost. Otsts of the interested case are
assumed to be similar to those of base case. Adlilseemployed in the economic
consideration are given in chapter 4.

As shown in Figure 7.9, the A-SOFC system-is maasible to operate
compared with-CON-SOFC system since its net caghgasa positive values. In the
economic point ‘of view, the optimum G@moval rate can be found at about 0.5
mol/s. Below this optimum value, the increase in,E&noval rate can.improve the
profitability of the A-SOFC system due to the desein-SOFC stack size. However,
as CQ removal rate is higher than the optimum valuggdaamount of make-up CaO
is required. and theadditional cost thus increagéth the CQ removal rate of 0.5
mol/s, the net cost saving of A-SOFC is $19,612®%ked on the electricity
production of 416.8 kW. Nevertheless, the disadsgatof this configuration is that
It therefore seems that the A-SOFC can be theeasti@ig operating mode for the
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electricity production with SOFC both in techniGald economical point of view,
where M-SOFC configuration is not suitable for SOFyStem.
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Figure 7.9 Saving in SOFC stack cost, additional cost, net sasing, benefit of
carbon credit and total benefit of A-SOFC at digferCQ removal rate.

7.4 Conclusions

Performance of desulferized biogas-fed SOFC syswms analyzed to
investigate the benefit of G@apture technology installation. The two confidionas,
namely; M-SOFC (SOFC cooperating with £€&lective membrane) and A-SOFC
(SOFC cooperating with CaO-GQacceptor) were examined in terms of both
engineering and economic models. The conventio@H G system (CON-SOFC) is
considered as a base case. It was observed thadwes density is improved as GO
selective membrane is includedin CON-SOFC; howeter decrease in SOFC stack
size is not obtained. Moreover, its electrical @éfincy is lower than that of CON-
SOFC. It may therefore be concluded that the M-S@F@ot a good alternative for
the SOFC system. It was also found that the irialt of vacuum pump to the M-
SOFC in order to increase G@moval rate cannot improve its performance. The
improvement in power density and the decrease iIRGG6&tack size are found as the
CaO-CQ acceptor is installed to the CON-SOFC system. Trugates that A-SOFC
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is interesting option for SOFC system in the tecahpoint of view. Even if the stack
size of A-SOFC is smaller compared with that of GONFC, the additional cost of
make-up CaO should be taken into considerationn&@oic assessment was then
employed to evaluate the feasibility study of A-SOéperation. The results showed
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CHAPTER VIII

INTEGRATION OF SOLID OXIDE FUEL CELL AND

PALLADIUM MEMBRNAE REACTOR: TECHNICAL

AND ECONOMIC ANALYSIS

This chapter presents a technical and economiysasaf a solid oxide fuel
cell system equipped with a palladium membranetoed® MR-SOFC) with the aim
of determining the benefits of such an integratedl aver the conventional reformer
module (CON-SOFC). Two types-of fuels, i.e., methand desulferized biogas, are
considered. The ratio of G@H, presenting in biogas is 40:60. The numerical

algorithms to the models used in this study weréewr in Visual Basic.

8.1 Introduction

As described earlier, the performance of SOFC mgpeon the quality of
feedstock. CQ CO and CH are not desired to be found in SOFC feedstock. The
presence of Clin fuel feed causes the carbon blocking in SOF&lar(Baron et al.,
2004). CQ presenting in fuel inhibits the SOFC performance do the effect of
RWGS reaction (Suwanwarangkul et al., 2006). C@© alkibits the electrochemical
reaction by increasing the activation and concéptraoverpotentials (Eguchi et al.,
2002). By the reasons above, purgiifound to be ideal fuel for SOFC. However, it
cannot be derived from the natural resources. Hflaggum membrane reactor is the
interesting choice for transforming the conventloiu@l into pure-H. Due to high
Ho-permeability and Bselectivity of palladium membrane, this technolagy offer
pure-H with high productivity. Moreover, the conversiof methane is improved
relative to the conventional fuel processor even hah operating pressure.
Nevertheless, employing this technology, large amhanf electrical energies are
consumed in the palladium membrane reactor systainttee availability of SOFC

system cooperating with this technology should best carefully considered.
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(Vivanpatarakij et al., 2009). Moreover, the in@ean the capital cost due to the cost
of palladium membrane is also taken into accouah@®ngkitcharoen et al., 2008).

In this chapter, a comprehensive analysis of twSQystems (one coupled
to a membrane reactor and the other fitted witloraventional reformer) was carried
out. Evaluation of the system performance was basegnergetically self-sustaining
operation. The effects of type of feed gas (metham& desulferized biogas) and
operating pressures in the permeate side on themsyserformance were investigated.
Finally, the economic analysis was carried out ttednine ‘best’ operating
conditions for the SOFC system ccoupled to the mandrreactor when fed by

different fuels.

8.2 SOFC system configurations

The SOFC system equipped with a palladium memheaeor (PMR-SOFC)
is considered.in this study. The plant configumatod PMR-SOFC (cf. Figure 8.1) is
almost identical to that of the conventional SOFStam (Figure 6.1a); however, the
conventional fuel processor is replaced by PMR. mgure of methane (biogas) and
steam is compressed and then fed into the retesittdedf membrane reactor. The set
of chemical reactions (Egs. (4.32), (4.33), an8@).takes place in the retentate side
and H generated permeates through the palladium memlicatiee permeate side.
The permeate gas gHbure) is compressed to atmospheric pressure amdféd into
the SOFC stack to generate the electricity, whigpressure retentate gas is fed into
the afterburner. The pressure drop in PMR is négleand the hydrogen recovery

(<) was fixed at 95% as it is a suitable value fa BOFC system that can be

operated at an energy self-sustained conditiotinelfhydrogen recovery is lower than
this value, large amount of,Hind CO is released from the PMR at the retentdée s
and fed to the afterburner. This causes the geaerraf over-demand heat in the
burner. As a result, the energy self-sufficient ragien is difficult to be achieved
under the operation at low hydrogen recovery (SP.9ith too high hydrogen
recovery, high retentate pressure.and. thus hightiaal cost of compressor is

required.



103

Air jl Qeatos

Energy Flowe= T=198 K

Mass Flow—s Heater

Compressor

ﬂu...... ) '[r LI
ﬂ‘:':ml-- i Fermeation P Y W RENFL

1 b
Pd-membrane Side a l::>
P=

Bingas
I=298 K

repciar

. et
Vacuum pamp
Heater & |

pressure : o
Vaporiser|

COMmpressar

Retentaie side v Qrnz

Pump | Afterburner l::>
PPy =

Flue gas
T=473K

Figure 8.1 Theplant configuration of the PMR-SOFC.

8.3 Results and discussion

Based on the result in chapter 6, the. CON-SOF@esy<an stand alone
without requirement of external heat sources (ther@y self-sustained operation,
Qner> 0) when'it operates at suitable operating conaktidt is noted tha®yer is the
difference between heat generated and heat demanitleih the SOFC system.
Figure 8.2 shows that at different operating vat@@er can become zero when the
appropriate fuel utilizationls) is chosen. At a higher operating voltage wheeectl|
efficiency is high, the SOFC needs to be operatdadveer fuel utilization so that the
residual fuel can provide sufficient heat to them SOFC system after burning. It
should be noted that a very low operating voltageadt recommended for practical
operation due to the possible large in-stack teatpex gradient arising from the
difficulty in heat removal from the SOFC stack.dddition, the condition witl@Qner
= 0 may not be possible. Two types of feed, i.aepmethane and biogas were
considered.in this study. Generally, the compasitibbiogas.varies depending on its
source. It mainly contains methane (40-65%) and (3D-40%). In this work, the
value of CH:CGO; in biogas was set at 60:40. It should be notet lemas usually
contains a small amount of,8l which can cause poisoning to catalysts and Pd
membrane. In this study, it was assumed thz8 k¢ removed from biogas by a

desulferization process.
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Figure 8.2Qner at different operating voltage and fuel utilizatifor methane-fuelled
CON-SOFC.

Figure 8.3 shows the effects of operating voltagehe power density and the
fuel utilization of the CON-SOFC fed by methane @mbas for the case Qver = 0.
For both types of feed, it is clear that at a highgerating voltage, the SOFC system
needs to operate at a lower value of fuel util@ati There exists an optimum
operating voltage which offers the maximum powearsiky for each type of feed. The
maximum power density and the corresponding voltage0.423 W/cfand 0.585
V, and 0.399 W/crhand 0.585 V for the methane and biogas feeds, ctgply. The
lower methane concentration in biogas resultsénakver achievable power density.

It should be noted that for the case@fer = O, the decrease in operating
voltage can initially improve the power densitytbé SOFC; however, the resulting
higher fuel utilization for achieving the energatlg self-sustaining condition results
in the poorer cell performance: particularly neag kit of the SOFC stack where
concentration of fuel is-low, and, consequently plogver density later decreases at

much lower operating voltages.
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Figure 8.3 Power density and fuel utilization at differenteogting voltage in case
thatQNET =0.

For PMR-SOFC, a part of electrical energy produgedSOFC stack is
supplied to a high-pressure compressor (HPC) amdcaum pump. The electrical
power consumption in these equipments varies wWithdperating pressures of the
HPC (retentate pressurieg) and vacuum pump (permeation presséxg, The sum
of the electrical power consumed in the HPC andviéiieuum pump to obtain the
hydrogen recovery of 0.95 is illustrated in FiguBe$a and 8.4b for pure methane and
biogas feeds, respectively. The electrical consionpdecreases d% increases and
the minimum_electricity load can be found whenequals to 1 bar (vacuum pump
does not operate). The results also indicate tiettectrical power consumption in
the PMR for the pure methane feed is lower tham thathe ‘biogas feed which
contains 40% C@ It: should be _noted that even if an operationhat permeation
pressure of 1 bar can offer the minimum electriwgd, Pr is extremely high and the
structure of PMR may be damaged. Therefore, thigdiron of PMR. structure should

also he carefully considered.
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Figure 8.4 Electrical. power consumed in HPC and vacuum purhgifierent

retentate pressurd®f) and permeate pressurBp) in case that¢ = 0.95 for (a)

methane feed and (b) biogas feed.

The change iR also affects the heat management in the PMR-SQEErs.
Operation at a lowerRPp causes higher heat generation during vacuum pump
compression. Some heat removal may be requireddoce the temperature of gas
discharged from the vacuum pump prior to beingiféol SOFC anode. Therefore, for

the operation at lowPp, the SOFC system requires an operation at a hifyledr



107

utilization to achieve energetically self-sustaimgeration, resulting in a lower power
density. As illustrated in Figure 8.5, operatiortltd PMR-SOFC fed by pure methane
at Pp of 0.1 bar cannot be self-sustained, whilstshould be set to be 0.965 for the
operation atPp of 0.2 bar. Hence, operation at hifl is preferable since the

condition with Qner = 0 can be achieved and the corresponding powesitgeis

higher.
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Figure 8.5 Qnet and power density at different permeate pressoefel utilization
(Uy) for PMR-SOFC in the case of methane feed.

The performance of PMR-SOFC and CON-SOFC undergetieally self-
sustained operatiorQ{et = 0) are compared as seen in Figure 8.6. It i ¢hed the
PMR-SOFC can offer higher power density comparad wie CON-SOFC when the
operating voltage anBp are judiciously chosen. Figures'8.6a and 8.6b sihaivthe
power density of the:PMR-SOFC fueled by methane l@ndas is improved aBp
increases. Maximum power density may be achieveenwh is 1 bar. An optimum
operating voltage that provides-a maximum powesiigms observed. The effect of
variation inPp on the power density and the SOFC area at thenapti operating
voltage is.summarized-in Figures 8.7a and 3.7lpews/ely.. The power density of
the PMR-SOFC fed by pure methane and biogas ishiffan that of the CON-SOFC
whenPp is higher than 0.67 and 0.52 bar, respectively, the benefit gained from
the reduction in SOFC stack area of the PMR-SOF& tive CON-SOFC can be
found whenPp is higher than 0.98 bar for methane feed. Nevl$ise the reduction
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in SOFC stack area over the CON-SOFC is not actiémePMR-SOFC fuelled by

biogas.
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Figure 8.6 Power density and fuel utilization at differentrmeate pressure and
operating voltage in case th@ter = 0 for (a) methane-fuelled PMR-SOFC and (b)
biogas-fuelled PMR-SOFC.
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Figure 8.7 The effect of change in permeate pressure ondqagpdensity and (b)

SOFC area at optimum operating voltage in caseQhat = 0.

Even if the use of PMR in the SOFC system can retlve SOFC stack size in
case of methane feed, the additional capital dosts the supporting units, i.e., PMR,
HPC, and vacuum pump, need to be taken into accdumdrefore, an economic
analysis is employed to examine the potential beoéthe use of PMR in the SOFC
system for both methane and biogas feeds. In il@vimg analysis, the methane feed
rate was kept at 1 mol/s for all scenarios to achieegligible fuel feed cost.
Furthermore, since the SOFC system under the eiiye self-sustained operation

was considered, additional energy or electriciyrfrthe outside of the system is not
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necessary. Therefore, only the capital costs of G&ack, PMR, HPC, and vacuum
pump were taken into account. It should be noted When the PMR is operated at
high pressure, it may cause an additional coseoriarcing the palladium membrane
structure; however, this cost is not taken intcoact for the economic analysis in this
study. The parameters and the expressions usaé rapital cost estimation for these
equipment items are summarized in Chapter 4. Ngit saving was calculated as an
economic index.

Figures 8.8a and 8.8b indicate that the replacewfesmiconventional reformer
with a membrane reactorin the SOFC system is thedr@ageous in economic point
of view as the saving stack cost is always lowantthe additional capital costs of
PMR, HPC and vacuum pump. The saving stack costases as permeate pressure
increases due to the improvement of the power tlenBhe saving stack cost is
always negative for PMR-SOFC fuelled by biogas si8©OFC stack area reduction
over the CON-SOFC is not achieved. The additiomat of PMR-SOFC system in
case of biogas feed is always higher than thatge of methane feed since higher
retentate pressure and thus higher compressoateagquired for the former one.
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Figure 8.8 Saving in SOFC stack cost/additional cost at diffépermeate pressure
(optimum operating voltage ar@\er = 0) for a) methane-fuelled PMR-SOFC and b)
biogas-fuelled PMR-SOFC.

All technical and economic analyses of four scesamre summarized in
Table 8.1. The optimum condition iS chosen for es@#nario. With the use of PMR
in the SOFC system (PMR-SOFC), the power densitgramement of 3.9% and
5.69% can be observed, compared with the CON-SO@&Cmethane and biogas
feeds, respectively. Although the replacement ofNCEIDFC by PMR-SOFC can
improve the power density, higher electrical powgegenerated in SOFC stack for the
latter one"to-supply the demand of electricity IRG] This is the reason why the
SOFC stack area reduction over CON-SOFC is notsaeldifor PMR-SOFC fed by
biogas feed and the required SOFC stack area of-BMIRC fed by methane is only
decreased by 0.17%. From this economic consideraticeems that both methane-
fuelled PMR-SOFC.and-biegas-fuelled PMR-SOFC- offegative-net cost saving (-
$13,883.20 and -$32,071.51). The operation at  higientate pressure of both
methane-fuelled PMR-SOFC (28.94 bar) and biogakele®MR-SOFC (51.27 bar)
extremely affects their HPC cost and electricitadoin HPC. The HPC cost of
$12,886.86 and $21,712.8&6 paid for the methane and biogas feeds, resgbgtiv
whereas the electrical power of 15.53 kW and 3RMBis consumed in HPC for the
methane and biogas feeds, respectively. Thesasasyly that the improvement in
the permeability of palladium membrane can redetentate pressure, the electricity
load and thus the profitability of PMR-SOFC. Fiyalit may be concluded that the
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PMR-SOFC fed by either methane or biogas is atadbr its technical benefits,

however, the economic benefit is not found in thegserations.

Table 8.1The technical and economical comparison of foenados.

Methane-fuelled

Biogas-fuelled

CON- PMR- CON- PMR-

SOFC SOFC SOFC SOFC
Feed rate (mol/s) il oL 1.667 1.667
% methane in feed 100 100 60 60
Retentate pressure (bar) - 28.94 - 51.27
Permeate pressure (bar) - 1 - 1
Operating voltage (V) 0.585 0.62 0.585 0.635
Power density (W/cf) 0.4233 0.4398 0.3986 0.4213
% improvement in power density - 3.90 - 5.69
Electricity produced in SOFC

421.68 437.34 416.79 449.30
(kW)
Net electricity produced (kW) 421.68 421.68 416.79 416.79
Electricity consumed in
compressor (kW) ! . _ 3246
SOFC active area (i 99.62 99.45 104.57 106.66
% improvement in SOFC area - 0.17 - -2.00
Palladium membrane areaqm - 4.71 - 4.71
Capital cost of SOFC ($) 412,814.40 412,114.22 3ERB34 442,000.46
Capital cost of Pd membrane (%) - 1,716.52 - 1526.
Capital cost of compressor ($) - 12,866.86 - 21982
Saving cost on SOFC ($) - 700.18 - -8,642.13
Net cost saving ($) - -13,883.20 - -32,071.51

8.4 Conclusions
The performance improvement of SOFC system by ceplaa conventional
reactBMR-SOFC) is

investigated. Methane and desulferized biogas aesl @as feed streams for SOFC

reformer (CON-SOFC) by a palladium membrane
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system. The energetically self-sustained opergigngr =0) for each mode may be
obtained by tuning up the fuel utilizatiobd{. The decrease in operating voltage can
improve the power density; however, when it is tow, a highUs is required to
achieve the condition foQyer = 0 and no power density improvement is obtained.
For the PMR-SOFC, the change in permeate pres$ijealso affects the SOFC
power density and energy self-sufficiency pointréase irPp can improve the power
density due to the decreaseunwhich offers zer®@uer. It is found that the values of
power density of the PMR-SOFC are 3.9% and 5.63§ldrithan those of the CON-
SOFC for methane feed and biogas feed, respectividig use of PMR in the
methane-fuelled SOFC can reduce the SOFC arealli9o).however, SOFC stack
area reduction over CON-SOFC is not achieved fogds feed. For economic study,
it was found that both” methane-fuelled PMR-SOFC hiogas-fuelled PMR-SOFC
always offer the negative net cost saving. It maycbncluded from this study that
both of the  methane-fuelled “and biogas-fuelled P8B-Cs are technically
interesting operation modes, however, both of tlamnot offer economic benefits

over conventional SOFC.



Chapter IX

TECHNICAL AND ECONOMIC STUDIES OF THE
INTEGRATED SYSTEM OF SOLID OXIDE FUEL
CELL, CaO-CO, ACCEPTORAND PALLADIUM

MEMBRANE REACTOR

This chapter presents the study on the integragsttrs of solid oxide fuel
cell (SOFC),palladium membrane reactor (PMR) ampton enhancement (SE) by
CaO-CQ acceptor.Desulferized biogas is considered as the feedstuk the
CH4CO, ratio of 60:40 is assumed as the composition aigds. Again, all

mathematic models used in this simulation are emith Visual Basic.

9.1 Introduction

According to the conclusions in Chapter 8, the SGiy§tem equipped the
palladium membrane reactor (PMR-SOFC) could noterofbenefit over the
conventional SOFC system (CON-SOFC) due to hightebity consumption at the
compressor. To achieve the hydrogen recovery &, 06Qentate pressure of 51 bar is
required. To minimize the electricity load in thengpressor of PMR-SOFC, the idea
of CO, removal from biogas prior to be fed to PMR is preed in this chapter. With
this idea, the“concentration of; lat the retentate section of PMR is increased and
therefore more blcan permeate to the permeate section. As shov@hapter 8, the
use of methane instead of biogas as feedstock dR-BRMFC can decrease the
retentate pressure from 51 barto 29 bar and #armity load therefore decreases.
The CaO-CQ acceptor is proposed as the C&&parator in Chapter 7. Using this
technology, large amount.of CaQ particles is s@oblio the system as make-up
adsorbent and the operating cost thus increases this reason, the use of CaO-CO
acceptor in PMR-SOFC system should be carefullysiclemed in both technical and

economic points of view.
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In this study, the performance of biogas-fuell€dFE systems with different
configurations is investigated. Four systems aresicered, i.e. SOFC with
conventional reformer (CON-SOFC), SOFC with palleximembrane reactor (PMR-
SOFC, SOFC with palladium membrane reactor andtisorgnhancement (SE) by
CaO-CQ acceptor (SE-PMR-SOFC) and SOFC with palladium brame reactor,
CaO-CQ acceptor and retentate gas recycle (SER-PMR-SCB@th technical and
economic analyses were carried out in‘order torohéte an appropriate configuration
for the biogas-fuelled SOFC system. Again, to obi@itual SOFC efficiency, the

energy-sufficient point@net =0) (Jamsak et al., 2007) is also employed.

9.2 SOFC system configurations

The use of CaO-Cfacceptor in an SOFC system integrated with PMR (SE
PMR-SOFC and SER-PMR-SOEC) is investigated in #tigdly. To evaluate the
feasibility of this configuration, the performanad the SOFC working with
conventional fuel processor (CON-SOFC) and alst wwaking with PMR (PMR-
SOFC) is computed as base cases. The plant ccetfigurfor the CON-SOFC is
illustrated in Figure 6.1a. Considering PMR-SOFE;PFMR-SOFC and SER-PMR-
SOFC (Figure 9.1), their plant configurations al@ast identical to that of CON-
SOFC. However, for these systems, the conventifwel processor is replaced by
different fuel processing systems. Prior to betfefuel processing system, biogas is
initially compressed to achieve an operating pnessiithe retentate section. Purg-H
obtained from each fuel processing system is ptetleand fed to the SOFC where
the electrochemical reaction takes place, whilehigh-pressure retentate gas is fed
into the afterburner.

For the fuel processing system in PMR-SOFC (Fiduga), the mixture of
compressed biogasand steam is fed directly, toetieatate section of PMR. Pure-H
is obtained in the permeate section of PMR. Conigigeéhe fuel processing system in
SE-PMR-SOFC (Figure 9.2b), compressed biogas tsligi fed to a CaO-C®
acceptor where COpresenting in biogas is removed. The ;@@moved gas is
subsequently.cooled down, mixed with compresseahstnd fed to PMR. In case of
the fuel processing system in SER-PMR-SOFC (Figuie), some retentate gas is
recycled, mixed with biogas, and subsequently &e@aO-CQ acceptor. In CaO-CO
acceptor, C@is captured until reaching the equilibrium vallrrior to be fed to

PMR, the C@removed gas is cool down and mixed with compressesaim.
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Figure 9.2 Fuel processing systems.of a) PMR-SOFC, b) SE-B@RC and c)
SER-PMR-SOFC.

Similarto the studies in previous chapters, theragion called “energy self-
sustainable operation” (Jamsak et al., 2007) isidemed in this chapter. With this
operation, SOFC system can stand alone. withoutrreadtdneat source supplement
(Qner= 0) Qner is the difference between heat demand and heatraed in SOFC
system.). To achieve self-sustainable operatical, dtilization is tuned up untQner
becomes zero. Like the previous chapters, thevittig assumptions are determined
in this chapter; a) isothermal operation of SOF@clkstand b) constant operating

voltage along SOFC stack.

9.3 Results and discussion

The effects .of the extent of G@aptured and the retentate pressure en H
recovery of PMR are firstly investigated as illagéd in Figure 9.3a. As shown in the
case of the SE-PMR-SOFC system, the improvemeHbt oécovery can be found as
CO, content in PMR feed decreases due to the shithefequilibrium of WGS
reaction. The.increase in retentate pressure sanraprove Hrecovery. It should-be
noted that the retentate pressure in the rang8-8Dlbar is investigated in this study.
As described in the previous chapter, the operatfd®MR-SOFC at excessively high
retentate pressure (>40 bar) is not economicalasibte; nevertheless, with low
retentate pressure,Hecovery may not be adequately high. With the ntate
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pressure of 30 bar, PMR without ¢@moval offers K recovery of 0.896 which is
significantly lower than that obtained from PMR litCO, removal rate at
equilibrium value which is equal to 0.952. Eventhié removal of C@can improve
the H recovery of PMR, large amount of fresh CaO sorbemequired to achieve
high extent of CQremoval. As described in Figure 9.3b, fresh Cafpbiing rate of
0.021 mol/s (36.5 ton/a) is required to achieve @moval rate at equilibrium value.
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Figure 9.3 The effect of the extent of G@emoval and retentate pressure on @) H

recovery and b) fresh CaO feed rate in case of MR-BOFC system.
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With the SE-PMR-SOFC configuration, @@moval rate is limited at 0.667
mol/s (the amount of COpresent in biogas feed rate of 1.667 mol/s) amdela
amounts of C@and CO generated in PMR cannot be captured. Mereonethane
conversion and grecovery in PMR are inhibited by the presence 0 @xd CO in
the retentate gas. To solve these problems, the-FB#R-SOFC configuration is
proposed. With this configuration, some retentads & recycled and mixed with
biogas prior to be fed to the CaO-£arceptor where CQs captured until reaching
equilibrium.

The influences. of the recycle ratio and retenpaiessure on fHrecovery and
CO, removal rate are illustrated in Figure 9.4a. Theraase in recycle ratio can
significantly improve both K recovery and C@removal rate especially at low
retentate pressure. At'the retentate pressure bbi@nd the recycle ratio of 0.9, H
recovery of 0.967 and GQ@emoval rate of 1.55 mol/s can be achieved. Thagees
are extremely higher compared with those of the eeth no recycle (klirecovery =
0.761, CQ removal rate = 0.664 mol/s). Furthermore,recovery can reach 0.994 as
the retentate pressure and recycle ratio are 30abdr0.9, respectively. At high
recycle ratio, the increase in retentate pressoes diot significantly improve H
recovery and, therefore, the operation at highntate pressure (>17.5 bar) may not
be superior due to the waste of high-pressure cesspr load. Although the increase
in recycle ratio can improve both,Hecovery and also GOremoval rate, the
supplying rate of fresh CaO of SER-PMR-SOFC ra&esvell. As shown in Figure
9.4b, for the operation at the recycle ratio of, 8sh CaO supplying rate is 3 times
higher than that of the operation with no recydiéhe retentate gas. Moreover, the
increase in recycle ratio may cause high velocityreientate gas and also the

generation of pressure drop in PMR which is nosatered in this study.
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Figure 9.4 The effect of the recycle ratio and retentate sures on a) bl recovery,
CO; removal rate and b) fresh CaO feed rate,; @&nhoval rate in case of SER-PMR-
SOFC system.

The' effect of fuel utilization'and CGOemoval rate on the power density-and
energy self-sufficient point for the SE-PMR-SOFGtsyn is illustrated in Figure 9.5.
With high CQ removal rate, high fuel utilization is required tbe SE-PMR-SOFC

to reach energy self-sufficient point. Under enesglf-sufficient operation, the
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increase in C@removal rate improves the SOFC power density duké increase in
H, recovery. However, the improvement of power dgnsaiith CO, removal rate
becomes less pronounced at high,@&noval rate. Figure 9.6 shows the energy self-
sufficient operation of SE-PMR-SOFC with equiliomuCGO, removal rate at each
operating voltage and retentate pressure. At eeldntate pressure, there exists an
optimum operating voltage. A higher fuel utilizatics required as operating voltage
decreases to achieve energy self-sustainable @perdthe decrease in operating
voltage can improve the power density, howeveexaessively low operating voltage
a fuel utilization close to1 is required to acldesnergy self-sustainable operation.
The reduction in power density is found when desirgpan operating voltage due to
low value of 'H coneentration near the exit of SOFC stack. The guoglensity is
improved as the retentate pressure increases owinthe improvement in H
recovery. With good operating condition selecti8i-PMR-SOFC can offer higher
power density compared with PMR-SOFC and CON-SOHR@ operation of SE-
PMR-SOFC with equilibrium C& capture and operating voltage and retentate
pressure of 0.626 V and 30 bar, respectively, sffitae power density of 0.431
W/cn?, as the power densities of PMR-SOFC (retentatespre = 51.24 bar) and
CON-SOFC are 0.421 and 0.398 Wfcmespectively.
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Figure 9.5 The effect of fuel utilization and G@emoval rate on the power density
and energy self-sufficient point for SE-PMR-SOFGtseyn (retentate pressure = 25
bar,V=0.65V).
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Figure 9.6 The power density of SE-PMR-SOFC. system with dguiim CO,
removal rate operating at energy self-sufficieninpat each operating voltage and

retentate pressure.

Considering the SER-PMR-SOFC configuration, thea# of recycle ratio
and fuel utilization on the power density and egesglf-sustainable operation are
illustrated in Figure 9.7. High fuel utilization iequired to achieve energy self-
sustainable ‘operation for SER-PMR-SOFC operatingpiglh recycle ratio. When
operating at-energy self-sustainable point, thesage in recycle rate can improve the
power density.. . These operating characteristicssandar to. those of the SE-PMR-
SOFC since the operation at high recycle ratiorsftigh CQ removal rate. The
study on the effects of permeate pressure and tpg@essure on the power density
forthe SER-PMR-SOFC operated at a recycle ratio.®fare depicted in Figure 9.8a.
Similar to.the SE-PMR-SOFC, the increase in thentgite pressure can improve the
power density due to the increase in Hcovery. Also, the optimum operating
voltage is found. As shown in Figure 9.8a, with theycle ratio of 0.5, the optimum
operating voltage is at around 0.61-0.62 V andnlagimum power density of which
the SER-PMR-SOFC can offer is about 0.45 Wicss illustrated in Figure 9.8b,
operating voltage of PMR-SOFC operating at recyal® of 0.5 cannot be lower

than 0.6 V which is the condition that the fuelimétion is close to 1. The results in
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Figures 9.8a and 9.8b also imply that the interatediuel utilization (around 0.94-
0.96) is preferred for the operation of SOFC systEor the operation at a recycle
ratio of 0.9, the optimum operating voltage is abed at around 0.6-0.61 V.
Moreover, the optimum retentate pressure is alsaodat around 15 bar as illustrated
in Figure 9.9a. Even if the increase in the retenpgessure can improve fecovery
and also SOFC power density, the dwindle in povesisdy caused from the increase
in electricity consumption at the high-pressure pmasor may overshadow this
benefit especially at high recycle, ratio in-which Kkecovery is not improved
significantly with the increase in the retentategsure as described in Figure 9.4a.
Like in case of the operation at a recycle rati@ &, the intermediate fuel utilization
(around 0.94-0.96) is also preferred in the. SER-P®FC system with the recycle
ratio of 0.9 as shown.in Figure 9.9b. With the meyratio of 0.9, the power density
that the SER-PMR-SOFC system can achieve is 0.462nfMvhich is extremely
higher than that of PMR-SOFC (0.421 W/grand CON-SOFC (0.398 W/dn
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Figure 9.7The effect of fuel utilization and recycle ratio the power density and
energy self-sufficient paint for SER-PMR-SOFC systgetentate pressure = 17.5
bar,V = 0.65 V).
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As illustrated in Figure 9.10 demonstrating thexmmum power density of the
SER-PMR-SOFC that can be achieved, SOFC stackasiz¢he fresh CaO supplying
rate at each recycle ratio, the stack size of SERISOFC is always smaller than
that of PMR-SOFC and CON-SOFC for every recyclerathe increase in recycle
ratio can improve the power density; however, tmeant of fresh CaO used in CaO-
CO, acceptor also increases. It can be concludedhbkabperation of both SE-PMR-
SOFC and SER-PMR-SOFC systems can significantlyorgthe power density and
also reduce the size of the SOFC, stack, nevertfhielasgge amount of fresh CaO

sorbents should also be taken into account.
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Figure 9.10The maximum power density SER-PMR-SOFC can ach®@#;C stack
size and the fresh CaO supplying rate at each leecgtio in case thayer = 0.

Tostudy the potential benefit of PMR-SOFC, SE-PBBFC and SER-PMR-
SOFC systems, the economic analysis is employed-SOFC is considered as a
base case. The influence of the recycle ratio.enptitential benefit of SER-PMR-
SOFC is also.examined. In this analysis, the bidged rate was kept at 1.667 mdl s
for all scenarios, therefore fuel feed cost is aetgld. Furthermore, since the SOFC
system considered is under the energy self-sustaoperation, additional heat or

electricity from the outside of the system is net@ssary. Therefore, only the capital
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costs of SOFC stack, PMR and high-pressure comprébC), and the operating
cost of fresh CaO sorbent are taken into accouat.ddst saving is determined as
economical index and can be calculated employing(£83). The cost of fresh CaO
sorbent is computed from the total cost of fresfOQssed in the life time. All

parameters used in capital cost estimation andogcmnstudy are summarized in
Table 4.13. The additional benefit obtained from,@apture is also considered in
this study. Two indicators; i.e. % total @@apture and cost of GQrapture are

defined. For % total CQcapture, it can be calculated using the follonemgression;

Rateof CO, capturg toan )

%total CO, capture = on 100
TotalCO, in fluegasincaseof CON— SOFC(—)
a

(9.1)

where cost of C@capture can be computed using Eq. (4.94). % To@l capture
represents the GOcapture efficiency of SER-PMR-SOFC configuratiovhereas
cost of CQ capture stands for the additional cost (relatvéCON-SOFC) used in
CO, capture per unit of C{eapture.

As illustrated in Figure 9.11, PMR-SOFC configizatis not an attractive
SOFC system due to high retentate pressure anel@swicity consumption in HPC.
The use of SE-PMR-SOFC configuration in SOFC sydiequilibrium CQ capture)
is more beneficial compared with PMR-SOFC sinceait offer high H recovery
with low retentate pressure. However, the negatige cost saving of the former
indicates that its potential benefit does not rethett of CON-SOFC. For SER-PMR-
SOFC, maximum net cost saving is observed at ke ratio of 0.8. The operation
at the recycle ratio of 0.9 is not favored evehigh power density Is achieved since
its CaO cost is extremely higher compared to logycke ratio as illustrated in Figure
9.11. Although the net cost saving of SER-PMR-S@d=€liperior to SE-PMR-SOFC,
it is a negative value, indicating that both SE-REEFC and SER-PMR-SOFC- are
not the good configuration for SOFC system. Theitewdl study on the benefit of
CO, capture takes place as shown in Figure 9.12. Pleeation at high recycle ratio
is preferred if high total COcapture efficiency is required. Moreover, cost @,C
capture is reduced as the recycle ratio increa€essidering SER-PMR-SOFC
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operating at the recycle ratio of 0.9, its cosCak, capture is $20.4/ton GQapture
at % total CQ capture of 93. With the identical % total €€apture, this cost of GO
capture is far lower than $228/ton &€Capture reported in the literature
(Vivanpatarakij et al., 2008) reporting the costG®, capture from the flue gas of
methane fuelled CON-SOFC system.
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Figure 9.11Saving in SOFC stack cost, additional cost andcost saving of PMR-
SOFC, SE-PMR-SOFC with equilibrium GOcapture and SER-PMR-SOFC
operating at different recycle ratios.

The results of the technical and economical studies all SOFC
configurations are summarized in Table 9.1. Onbthsis of similar biogas feed rate
of 1.667. mol/s with_net. electricity. production ol@i79. kW, the improvement in
power densities relative to CON-SOFC are 8.21 &nd1B6 for SE-PMR-SOFC and
SER-PMR-SOFC with recycle ratio of 0.8, respectivéllso, the decreases in SOFC
stack size of SE-PMR-SOFC' and SER-PMR-SOFC withyctec ratio ‘of 0.8
compared with CON-SOFEC are about 1.55 and 8.278perdively. Even if SE-PMR-
SOFC and SER-PMR-SOFC can offer higher performaswapared with  CON-
SOFC, the operations of SOFC with these configoingtiare not feasible in economic
point of view since their net cost saving are negat$25,068.78 for SE-PMR-SOFC
and -$10,631.73 for SER-PMR-SOFC). However, these ¢onfigurations acquire
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the additional benefit caused from E£@apture. Their C® capture costs are
extremely low ($137.27 for SE-PMR-SOFC and $23.09 $ER-PMR-SOFC)
especially for SER-PMR-SOFC configuration with higlecycle ratio.
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Figure 9.12 %Total CQ capture and cost of GQapture of SE-PMR-SOFC with
equilibrium CQ capture and SER-PMR-SOFC operating at differerytale ratio.
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Table 9.1The technical and economical comparison amongréifit configurations

of SOFC system.

SE-PMR-
SER-PMR-SOFC
SOFC
CON- PMR-
- Recycle .
SOFC SOFC (equilibrium _ recycle ratio
ratio
CO, capture) =0.5 =0.8
Feed rate (mol/sec) 1.667 1.667 1.667 1.667 1.667
Retentate pressure (bar) : 51.24 30 30 20
H, recovery (-) - 0.95 0.959 0.981 0.986
The amount of C@capture (ton/a) - - 903.38 1575.13 1987.2
Fresh CaO feed rate (ton/a) - - 3G 64.7 89.4
Power density (W/cA) 0.3984 0.4213 0.4311 0.4503 0.4586
% improvement in power density - 5.75 8.21 13.03 115
Electricity produced in SOFC (kW) 416.79 449.30 D44 44411 440.12
Net electricity produced (kW) 416.79 416.79 416.79 416.79 416.79
Electricity consumed in
- 32.46 27.25 27.32 23.33
compressor (kW)
SOFC active area (M 104.62 106.66 103 98.62 95.97
% improvement in SOFC area - -1.95 1.55 5.74 8.27
Palladium membrane areaqm - 4.71 vl 4.71 4.71
Capital cost of SOFC ($) 433,559.29 442,000.46 426,842.12 408,698.58  397,703.]
Capital cost of Pd membrane (%) - 1,716.37 1,716.37 1,716.37 1,716.37
Capital cost of compressor ($) - 21,712.84 19,1122 19,698.13 17,959.49
Cost of fresh CaO sorbent in
o - - 10,957.36 19,413.52 26,811.9
life time ($)
Saving cost on SOFC ($) - -8,441.17 6,717.18§ 247860 35,856.11
Net cost saving ($) - -31,870.37 -25,068.78 -15,9680 | -10,631.73
% total CO2 capture (%) - - 39.79 69.38 87.53
Cost of CQ capture ($/ton CO
- - 8787 49.35 23.79
capture)

|18
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9.4 Conclusions

The concept of the cooperation of SOFC systemagialin membrane reactor
(PMR) and CaO-C@acceptor is proposed in this study. With this ecCaO-CQ
acceptor is placed to capture £@ biogas prior to be fed to PMR in which pure-H
generated. Three configurations of SOFC system; REIR-SOFC, SE-PMR-SOFC
and SER-PMR-SOFC are considered. CON-SOFC is detednas a base case in the
analysis. The concept of energy self-sustainabégation Qner =0) is also employed
to evaluate the real performance of SOFC systera.téthnical analysis reveals that
low value of retentate pressure (<30 bar) is enowglachieve high Hrecovery
(>0.95) as CaO-Cgacceptor is included in SOFC system. The increas€O,
removal rate of SE-PMR-SOFC can improve the povesrsily of SOFC; however,
the supply of fresh CaO sorbent is required. Thgale of retentate gas in case of
SER-PMR-SOFC can improve G@apture rate, FHrecovery and also SOFC power
density; however, the increase in fresh CaO supglyate should also be taken into
account. Compared with CON-SOFC, the stack siz&8BPMR-SOFC and SER-
PMR-SOFC with the recycle ratio of 0.8 is reducedi.55 and 8.27%, respectively.
However, this benefit is not found in PMR-SOFC c¢guafation. The economic study
was also carried out to evaluate the potential fiteaeeach configuration of SOFC
system. It is found that PMR-SOFC, SE-PMR-SOFC &a&iR-PMR-SOFC are not
attractive configurations in the economic poinwv@w due to their negative net cost
saving relative to CON-SOFC. Nevertheless, SE-PMIF-GS and SER-PMR-SOFC
can offer high %total C&capture and low cost of G@apture. For SER-PMR-SOFC
with the recycle ratio of 0.8, its cost of @€apture is $23.79/ton GQ@apture which
is far lower compared to $228/ton €€apture reported in the literature which studied
the cost of C@Qremoval from the flue gas of CON-SOFC system fednethane.



CHAPTER X

OPERATION VIABILITY AND PERFORMANCE OF

SOLID OXIDE FUEL CELL FUELLED

BY DIFFERENT FEEDS

The performances of solid oxide fuel cells (SOR&€) by different types of
feed, i.e. biogas, biogas-reformed feed, methafmemed feed and pure hydrogen,
are simulated. in this chapter. Maximum temperatyradient and maximum cell
temperature are regarded as indicators for operati@bility investigation whereas

power density‘and electrical efficiency are congdeas performance indicators.

10.1 Introduction

Several configurations were proposed in the previobapters in order to
improve the performance of SOFC system. In eacliigumation, the conventional
fuel processor was improved so as to diminish,,GEO and CQ contents in SOFC
feed since the presence of these gases can caugerfarmance drop in SOFC stack.
According to the results in the previous chaptgrsre-H seems to be high-
performance feedstock for SOFC as the power derssitpnsidered as performance
indicator. Nevertheless, not only electricity tiaproduced in SOFC stack, but heat is
also generated due to the irreversibility of thecebchemical reaction. Excess heat
generation can cause the damage of the struct©BLC stack. Although the use of
pure H as SOFC feed can offer high power density, itedrafectrochemical reaction
may cause high temperature gradient in solid ga&8QFC. Therefore the selection of
suitable feedstock for SOFC is also an interestgsgie in thermal consideration.
Moreover, operating conditions; e.g. operatingagdt oxidizing agent contents, rate
of fuel supply, etc., should be carefully tunedtapminimize the heat generation in
the SOFC stack. In this consideration, the tempegatjradient is regarded as the

indicator to judge the operation viability of SORtack. The maximum allowable
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temperature gradient of YSZ which is widely useds&d-C electrolyte is around 10
K cm (Lim et al., 2005).

In this chapter, the performance and thermal bemafi SOFC depend on the
type of feedstock and operating conditions. In #tigly, the performance of SOFC is
analyzed employing 1-D analysis. The effect of afing voltage, inlet fuel flow rate
and inlet air flow rate (%excess air) on maximumperature gradient and maximum
temperature of solid part in the SOFC stack-angtiveer density are investigated for
four types of SOFC feedstock, i.e. biogas, biogdsrmed feed, methane-reformed
feed and pure-H To _consider the viability of the operation of SQFmaximum
acceptable temperature gradient and maximum adsdeptall temperature are set to

10 K cmi* and 1273 K; respectively.

10.2 Type of feed in consideration

Four feed types, i.e. biogas, reformed-biogas,rneéal-methane and pure;H
are considered in this study. Their compositiores determined by the following
hypotheses;

Biogas: In this study, the quantity of methane and carbiaxide in biogas is

assumed to be 60 and 40%, respectively (biogasréged- F,, ..,/0.6). Steam is fed

Hs eq
together with biogas into the SOFC cell. The amaiirsteam is 2.5 times of methane
in biogas.

Biogas-reformed feed:Biogas(biogas feed rate #, .,/0.6) and steam is

fed into reformer prior to be fed to SOFC cell. Tdqweantity of steam fed is equal to
that in case of biogas feed. Two chemical reactibessteam reforming (Eq. (4.32))
and WGS (Eq. (4.33)), take place in the reformdrermodynamic equilibrium is
assumed for the calculation of reformer.

Methane-reformed feed: The calculation of SOFC feed composition for
methane-reformed feed is identical to that for Bsygeformed feed; however, the

reformer feed is changed from biogas to meti{amethane feed ratefz,, ).

Pure-Hs: Hy I1s fed directly into SOFC cell. Its feed rate tqual to-4 times
ofF., - (H2feedrate =4 &, )
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10.3 Results and discussion
Temperature profiles of the solid part in SOFC ligddifferent feeds are first
investigated. A base case is determined as giv@aliie 10.1. The operating voltage

for each case is tuned up to achidve = 80% at constant percent excess air

andrF,, .,- As described in Table 10.1, SOFC fed by pusesHers higher power

density than the other feed types since it operatestigher operating voltage.
Moreover, the maximum temperature gradient-and mari cell temperature of the
pure-H feed are much lower than those of the other fgeelst

As illustrated-in Figure 10.1a, excluding SOFC Bsdbiogas, temperature of
the solid part of SOFC increases along the floveaion due to the release of heat
generated from irreversibility of the electrocheahiaeaction. The increase in
temperature of the solid part of SOFC with the ditance is more severe for the
biogas-reformed feed and the methane-reformeddesgared with that of the pure-
H, feed. It is obvious that the operation at high rapeg voltage can reduce
irreversibility loss and also temperature gradeihsolid part in the SOFC cell. For
the SOFC fed by biogas, the decrease in cell tessymer with cell distance is found at
the inlet of the cell. This is due to the effecttbé endothermic steam reforming
reaction. Considering power density profile, powdensity increases with cell
distance as shown in Figure 10.2b. The increaseelintemperature along the cell
distance causes the reduction of ohmic loss andecpently the power density
increases. The increase in power density insidS@IEC cell fed by biogas-reformed
feed and methane-reformed feed is more severe ithdine case of pure-Hfeed
which is conformed to the increase of temperatutth wistance in Figure 10.1a.
However, near.the gas outlet of the SOFC cellddmease.in power density with cell
distance is observed even if the increase in esliperature with cell distance is
observed. This implies that the effect of the deémteof H, concentration with cell
distance dominates the effect of the increase linamperature near the gas outlet of
SOFC. Similar to the change in cell temperaturthanflow direction, the decrease in
power density.of SOFC.fed by biogas,with.cell.disigis observed at.the gas inlet of
the SOFC cell.
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Table 10.1Base case in consideration for different fedd=(0.8).

Biogas- Methane-

Type of feed Biogas reformed feed reformed feed pure-H
Fen, eq (MoOI/S) 0.0003 0.0003 0.0003 0.0003
%excess air (%) 400 400 400 400
Operating voltage (V) MSLT 0.695 0.714 0.769
Power density (Wcif) 0.234 0.322 0.33 0.357
Current density (A cm) 0.457 0.463 0.463 0.464
Electrical efficiency (%) 38.86 42.74 44.51 49.14
Ut (-) 0.8 0.8 0.8 0.8
Electricity produced (W) 93.53 128.67 132.12 142.61
Maximum temperature gradient
(K e 28.75 18.08 18.65 7.68
Maximum cell temperature (K) 1267.5 1381.5 1375.7 236L6
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Figure 10.1 The variation of a) cell temperature and b) powensity with cell

distance in SOFC cell fed by different types ofdfef.,,, f_,q:3><104 mol s', Percent
excess air = 400%Js = 0.8)

The effect of the change in percent excess aithenrmaximum temperature
gradient and maximum cell temperature of the spad of SOFC fed by different
types of feed is investigated as illustrated inuFégl0.2a. As percent excess air
increases, maximum temperature gradient and maxitemperature of the solid part
in SOFC cell decrease, implying that SOFC is meesible to operate at high percent
excess air. However, using large amount of oxidizaegent (air), massive air
compressor is required and much of electricity gateel in SOFC must be supplied to
it. Hence, the appropriate percent excess air vsthoelld be carefully selected. Even
if the operation with high percent excess air canprove the operation viability
(lower. temperature gradient) of SOFC, the powersitgrand fuel utilization are
inhibited for SOFC fed by purezHas shown in Figure 10.2b. This is due to the
decrease in cell temperature which results in tloeease in ohmic'loss as percent
excess air increases. Inversely, the power deasitiyfuel utilization obtained from
biogas-reformed feed, methane-reformed feed angbbimcreases with the increase
in percent excess air. This is due to the effe¢hefincrease in electromotive force as
the cell temperature decreases could defeat tleetasf the increase in ohmic loss.
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The influence of %excess air on the electricacedficy of SOFC stack is also studied
as illustrated in Figure 10.2c. Similar to powensliéy and fuel utilization, optimum
electrical efficiency is found at low % excess far SOFC fed by pure-Hand the
electrical efficiency increases with %excess airSOFC fed by the other feeds.
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temperature gradient, maximum cell temperaturepdwer density, fuel utilization

and c) electrical efficiency for. SOFC fed by di#at types of feed. K, ., and

operating voltage are equal to'base case values.)

Figure 10.3a shows effect of the changeFin, ., on maximum temperature

gradient and maximum cell temperature of the spad in SOFC fed by different

types of feed. The increase iR, ., can decrease both" maximum temperature

gradient and maximum temperature in SOFC cell. Thidue to the fact that fuel
utilization and-also the irreversibility are verigh for SOFC with low feed rate and

they decrease.ab. increases as illustrated in Figure.10.3b. HoweferSOFC

H, eq
fed by biogas, severe decrease in fuel utilizatmaximum temperature gradient and

maximum cell temperature with-the increasei, ., can be found at arounckB0™*-
4x10% mol s*. It can be explained by the fact that £OH biogas cannot be entirely
reformed when F, ., is higher than 810* mol/s. The:optimum power density can
be obtained wherf,, ., is well tuned up. When the feed rate is low, theréase in

feed rate can improve the power density becausefubk utilization does not
significantly decrease with the feed velocity. Heee for SOFC with high feed rate,
the fuel utilization significantly drops as the deeelocity increases while the power
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density does not significantly decrease with theraase of feed rate. These results

imply that F. should be carefully considered to achieve a slaitablue. With

H, eq

low F, o, the solid part in SOFC cell may be damaged duextoemely high
temperature. However, with excessively high, ., fuel utilization and power

density of SOFC may be inhibited. The study oneffect of the change in feed flow

rate on the electrical efficiency (Figure 10.3gaaindicates that the intermediate fuel
flow rate is preferred. Optimum electrical efficggnis found and does not change
with feed velocity at low to-intermediate fuel feedes, however, when operating at

high fuel velocities, it decreases as the fuel iee increases.
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To compare the performance of SOFC fed by diffefead, the effects of the
operating voltage on the maximum temperature gnadieaximum cell temperature,
power density and fuel utilization were investightess shown in Figures 10.4 and

10.5 for Fy,, o, 0f 3x10* and 510“ mol/s, respectively. The percent excess air is$ kep

to be constant at the base case of 400% excesslaRmelines in Figures 10.4a and
10.5a represent the maximum acceptable tempergtagient (MATG), 10 K/cm,
and maximum acceptable cell temperature (MACT),31K7 As shown in Figures
10.4a and 10.5a, excluding SOFC fed by biogasinttrease in operating voltage can
improve the operation viability of SOFC. As the mgigng voltage increases, heat
generation caused from.the irreversibility is reztl@nd the cell temperature drops.
Inversely, for SOFCfed by biogas, the operatiolvatoperating voltage is preferred
since large amount of heating energy generated fhenirreversibility can be used in
endothermic methane steam reforming and the decteeste of cell temperature in
the flow direction is reduced. The results in Fegii0.4a and 10.5a also imply that it
is difficult to operate SOFC fed by biogas at patoexcess air is lower than 400%
since the maximum temperature gradient and maxinceth temperature would
increase. Moreover, as illustrated in Figures 10Mb4¢, 10.5b and 10.5c, the fuel
utilization, power density and electrical efficignof SOFC fed by biogas are
significantly lower than those of SOFC fed by tliben feeds. Therefore, it can be
concluded that direct biogas feed is not a recondeerfeedstock for SOFC. The
operation at high operating voltage is desired tmimize the temperature and
temperature gradient of solid part in SOFC. Howetle fuel utilization obtained at
this condition-is not satisfied, as shown in Figut®.4b and 10.5b, the fuel utilization
decreases as.the operating voltage increases. Offeating at the same operating
voltage, SOFC fed by purestdffers higher fuel utilization compared with SOFZ

by the other feed types. This implies that ¢bncentration is the important factor
which affects the rate of electrochemical reactibhe.optimum operating voltage
which offers maximum power density can be obseagdlustrated in Figures 10.4b
and-10.5b. When the operating yoltage. is lower thanoptimum. value, the-increase
in operating voltage can improve .the power densifce fuel utilization does not
significantly decrease. The pronounced decreaieelrutilization with the increase in
operating voltage can be found as the operatintagelis higher than the optimum

value; hence, power density also decreases. Thegeha electrical efficiency with
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the operating voltage is in the same tendencyastiange in power density as shown
in Figures 10.4c and 10.5c.
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Tables 10.2 and 10.3 summarize the optimum operatomdition of SOFC

fuelled by each feed type fdt., .,= 3x10” and 510* mol s, respectively. These

H, eq

results imply that, with the same cell dimensioexcent excess air aifg,, ,,, SOFC

fed by pure-H feed offers higher power density than SOFC fedth®y other fuel

types. ForF,, .. of 3x10” and &10* mol §', power density of SOFC fuelled by

Hs eq
pure-k is 0.379 and 0.532 W. ¢ respectively. Also, the values of electrical

efficiency of 52.20 and 43.97% are achieved for8@&d by pure-Hwith F. of

Hs eq
3x10* and %10* mol.s* respectively. Methane-reformed feed is fairlytéxethan
biogas-reformed feed due to its higher hydrogercentiation. With percent excess

air of 400%, biogas<fed SOFC is not viable to ofsemhenF., . is equal to 810"

Ha eq

mol s*. On the otherhand, ax$0* mol s* of F;, ., the SOFC fed by biogas offers

extremely lower power density (0.167 W éweompared with the other feeds.

Table 10.2 Summary of SOFC fed by different feed operatingthe optimum

operating condition'in case ttg, ., and %excess air are equal tal8* mol/s and

400%, respectively.

Biogas- Methane-

Type of feed Biogas reformed feed reformed feed Pure-b
Fen, eq (MoOI/S) 0.0003 0.0003 0.0003 0.0003
%excess air.(%) 400 400 400 400
Operating voltage (V) n.a. 0.764 0.778 0.746
Power density (Wcih) n.a. 0.282 0.29 0.379
Current density (A cif) n.a. 0.369 0.373 0.508
Electrical efficiency (%) n.a. 37.48 39.13 52.20
Us (-) n.a. 0.638 0.645 0.877
Electricity produced (W) n.a. 112.82 116.14 151.48
Maximum.temperature gradient

n.a. 9.09 9.21 9.95

(K cm™)
Maximum cell temperature (K) n.a. 1272.06 1271.71 267126
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Table 10.3 Summary of SOFC fed by different feed operatingtte optimum

operating condition in case tHa{, ., and Percent excess air are equalxbs mol

s and 400%, respectively.

Biogas- Methane-

Type of feed Biogas = reformed feed reformed feed Pure-H
Fer, eq (MoOl/s) 0.0005 0.0005 0.0005 0.0005
%excess air (%) 400 400 400 400
Operating voltage (V) 0.48 0.715 0.732 0.704
Power density (Wcm) 0.167 0.393 0.407 0.532
Current density (A ci) 0.349 D6, 0.556 0.755
Electrical efficiency (%) 16.69 IRRS 32.91 43.97
Ur (-) 0.366 0.57 0.577 0.783
Electricity produced (W) 66.97 LORR 7 162.79 212.69
Maximum temperature gradient
(K e 9.74 9.09 9.35 9.38
Maximum cell temperature (K) " 1030.88 R /19§ / 12@01.8 1272.52

10.4 Conclusions

Mathematical model of SOFC has been developednfastigatingoperation
viability and performance of SOFC fed by differéeeds. Four types of fuel feed, i.e.
biogas, biogas-reformed feed, methane-reformed deedpure-H, are considered in
this study. Inwoperation viability investigation,asimum ‘temperature gradient and
maximum cell temperature are employed as the itmhiea Additionally, power
density and electrical efficiency are considereg@sormance indicators. The effect
of ‘the change~in operating conditions, i.e. percexdtess air, fuel feed rate and
operating voltage, are also investigated. The as®ein percent excess air can
improve the operation viability of SOFC; howeveithwsurplus percent excess air, its
power density.is inhibited. Also, the operationS®DFC is viable at high fuel feed
rate. Nevertheless, excess high fuel feed ratetisawored since the SOFC cell could
be saturated with current, resulting in the drogpah the fuel utilization. Excluding

SOFC fed by biogas, SOFC becomes operation viabieaperates at high operating
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voltage. Inversely, for biogas-fuelled SOFC, theragion at low operating voltage is
preferred in thermal management point of view. Tpimum operating voltage

which offers utmost power density can be observednclusively, the value of

percent excess air, fuel feed rate and operatittgg® should be carefully adjusted to
obtain best possible power density. and reasonabtgdrature and temperature
gradient. SOFC fed by purestdffers highest power density compared with thdt fe
by the other feeds. Biogas-fed SOFC' can-becomeatperviable as it operates at
high percent excess air; nevertheless, its powesityels extremely lower than SOFC
fuelled by the other feeds. Methane-reformed fdéetohigher SOFC power density
compared with biogas-refermed feed since igscBincentration is higher. Although
pure-H is an attractive fuel for SOFC, the transformatowacess of fossil fuel to H

should also be received the attention.



CHAPTER Xl

CONCLUSIONS AND RECOMMENDATION

11.1 Conclusions

In this research, the computer simulation was epgulofor analyzing the
performance of desulferized biogas-fuelled SOFQesys The study was divided into
four major sections; i.e. the investigation of @arkformation in SOFC system, the
selection of suitable.reforming agent for SOFCaystthe technical and economic
analyses of different.configurations of SOFC systand the study on the operation
viability of SOFC stack fed by different feedstocK&e following conclusion can be

drawn from the studies.

11.1.1 The investigation of carbon formation in SOE system

In this section, the carbon formation in SOFC aystvas investigated using
the indicator named “carbon activitys”. If oc is more than 1, the SOFC system is
prone to carbon formation. Considering biogas addtock, CQ presenting in biogas
can be used as the reforming agent. The carborafmmcan easily take place when
biogas with low CQ content is solely fed into SOFC system. The adiditf steam
and/or air as the additional reforming agent isunesgl to diminish the prone to carbon
formation. The carbon formation can also be all@deas the SOFC stack and fuel
processor operates at high temperature. SOFC opgraith oxygen ion-conducting
electrolyte seems to be more applicable compareédQBC operating with proton-
conducting electrolyte since steam generated irattoele chamber of the former can

help-diminish the prone to carbon formation.

11.1.2 The selection of suitable reforming agent f@OFC system

In this section, the conventional SOFC systems lfgd three different
reforming agents; i.e. steam, air, and combineanstend air, were investigated. Heat
management of SOFC system was also analyzed irs¢lison. It is found that the
SOFC system can operate solely without the supgbreal heat sourcé&X et = 0) if
the fuel utilization is well tuned up. This opeaatiis named “energy self-sustainable
operation”. From the reason above, the performaicBOFC system operating at
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energy self-sustainable operating should be theahgterformance. Employing the
performance investigation, steam was suggestece tthé most suitable reforming
agent for biogas-fuelled SOFC system. SOFC systedth by steam could offer
superior power density to that fed by air, whereirtrelectrical efficiencies were
almost identical. The performance of SOFC fed byhbsteam and air was also
investigated. With this operation, the electridéiceency was fairly improved relative

to SOFC fed by steam; however, the power-densis/exé&remely inhibited.

11.1.3 The technical and economic analyses of diéat configurations of
SOFC system

In this section; three major configurations of SOFGtem were proposed in
this study; i.e., SOFC equipped with palladium meamk reactor, SOFC equipped
with CO, separator and SOFC equipped with both palladiumipnane reactor and
CO, separator. For SOFC cooperating with palladium brame reactor (PMR-
SOFC), the conventional fuel processor is replaogdthe palladium membrane
reactor (PMR). Pure-His produced in the PMR as feedstock of SOFC andbe.
performance investigation indicated that PMR-SORlla offer superior power
density to CON-SOFC; however, it was .not a goodiaghdrom an economic
viewpoint because of the requirement of a largépigessure compressor for feeding
gas to the membrane reactor. SOFC system coopgeratih CQO, separator could be
categorizedinto two configurations based on typeC®, separator; i.e., SOFC
system cooperating with G&elective membrane (M-SOFC) and SOFC system
cooperating with CaO-Cacceptor (A-SOFC). In these configurations, ,Gas
removed from biogas prior to be fed to the fuel gessor. According to the
performance examination, M-SOFC was not the intergslternative due to the loss
of CH, to the permeation section of GGelective membrane. CaO-g8&cceptor was
regarded as the attractive g€eparator since it can separate;@®m biogas without
CHg loss. With this advantage, A-SOFC could offer hggiwer density compared to
CON-SOFC,; nevertheless, the additional cost duba@anake-up CaO should-be also
taken into account. The economic study showed ARSIOFC was the beneficial
configuration for the SOFC operation since it ddfitrthe positive net cost saving.
Nevertheless, considering the amount of,@@pture as indicator, A-SOFC was not

the supreme configuration since only gfdesent in biogas was captured.
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The third option for SOFC system was SOFC equippitd both palladium
membrane reactor and @®eparator (SE-PMR-SOFC). With this configuratiGa,
present in biogas was separated in CaQ-@€xeptor and pure-GHvas fed into
PMR. Pure-H generated in PMR was subsequently fed into SOF@leanThe
advantage of this configuration was that the cosgweload was reduced relative to
PMR-SOFC. Moreover, higher hydrogen productivitgoMR-SOFC system could
be achieved. The technical study showed that theepaensity of A-PMR-SOFC
was extremely higher compared with CON-SOFC and P®C. However, SE-
PMR-SOFC was not the ‘good choice in economic pofnview due to its high
compressor load and-high-CaO cost. The recycleeofdtentate gas was proposed for
SE-PMR-SOFC to improve its performance. This newfigaration could be called
as “SER-PMR-SOFC”. Hydrogen productivity achievedthis configuration was
superior to the other configurations. Moreover, SHRR-SOFC configuration could
offer utmost power density relative to the othefee performance of SER-PMR-
SOFC increased with the recycle ratio. However,gbenomic study indicated that
RA-PMR-SOFC was not the beneficial alternative £®FC operation. Another
advantage of SER-PMR-SOFC was that almost alj @©@duced in the system were
captured in the CaQO-CCacceptor.lt could be concluded that A-SOFC was the
suitable configuration according to the technicatl @conomic study. SER-PMR-
SOFC was the environmental-friendly configurationce it could offer high C®

capture efficiency.

11.1.4 The study on the operation viability of SOFGtack fed by different
feedstocks

Operation. wviability and performance_of solid oxideel cell fuelled by
different feeds was" finally examined employing aeensional analysis (1-D
analysis).. Four types of feedstock; i.e.; biogasgds-reformed feed, methane-
reformed feed and pure hydrogen were considerecinvan temperature gradient
and maximum cell temperature were regarded asatuaie for operation viability
investigation whereas power density and electrefficiency were considered- as
performance indicators. The results of 1-D analysdicated that the change in
operating parameters, i.e. excess air, fuel feedaad operating voltage, could affect
the performance and operation viability of SOFCnét these operating parameters

should be carefully selected. Pure hydrogen feéefothe highest performance for
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SOFC among the other feeds. Extremely high exdess eequired for SOFC fed by

biogas to become operation viable. Moreover, itwgrodensity is much lower than

those of SOFCs fed by the other feeds. Methanemeio feed offers higher power

density than biogas-reformed feed singecbincentration of the former one is higher.

Nevertheless, the performance of SOFC stacks tuddye methane-reformed or
biogas-reformed feeds did not reach that of SO&Cksuelled by pure-H

11.2 Recommendation for future works

a)

b)

Even if the heat management was investigated sstidy and energy self-
sustainable operation was achieved, the gualityeat was not considered.
The quality of heat means the temperature of heatcs. Heating energy
cannot transfer from lower. temperature source tghdr temperature
sources. Hence, heat exchange network should furdke place to obtain
the real process flow diagram of SOFC system.

Though the operating conditions of SOFC stack weed tuned up to
alleviate the damage of stack structure, the deerea electricity load
named “part-load operation” which.always happethmreal operation can
cause the increase in temperature gradient in .staskthe operation of
SOFC stack is switched from “full-load” to “partdd”, the operating
voltage is reduced and the irreversibility therefarcreases. To solve this
problem, the further study should focus on the mdnif the temperature
gradient to be reasonable value by real-time tuthegoperating conditions;
e.g. flow rate of oxidizing agent, fuel/oxidizingent inlet temperature, etc.
Further .economic analysis should take place byudioly cost of heat

exchangers.
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APPENDIX A

THERMODYNAMIC DATA OF SELECTED COMPONENT

Table Al Heat capacities of selected componé&d) (
CJ/R =a +bT + cF +dT* + eT [J/mol]

Components a bx10% cx10° d x 10 e

Methane 1.702 90.800 -2.164 0.000 0.000
Carbon monixide  3:376 BRIV 0.000 -3.100 0.000
Carbon dioxide 5.457 10.500 0.000 -116.000 0.000
Water 3.470 14.500 0.000 12.100 0.000
Hydrogen 3.249 4.220 0.000 8.300 0.000
Nitrogen 3.280 5.930 0.000 4.000 0.000
Oxygen 3.639 5.060 0.000 -22.700 0.000

0
Table A2 Heat of formation{ ?) and entropy$ ) of selected component at standard

state (298 K, 1 atm)

Components H? (kIImol) - < (3/mol.K)

Methane -74.52 186.27
Carbon monixide -110.53 197.70
Carbon dioxide -393.51 213.80
Water -241.82 188.80
Hydrogen 0.00 130.70

Nitrogen 0.00 191.60

Oxygen 0.00 205.20




APPENDIX B

DETERMINING GIBBS ENERGY AND
EQUILIBRIUM CONSTANT

B1. Determining Gibbs

Take integration

Where

B2. Determinm the LHI

= RTInK

ﬂmwmﬂmwmm
amammamqmmﬂ
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