CHAPTER II

VAPOR-LIQUID EQUILIBRIUM

2.1 Phase Behavior and Physical Properties of Natural Gas

Multicomponent _phase behavioer or P-V-T behavior is much more
difficult to describe than a pure compcnent . Generally, the P- V-
T intérrelations are presented graphically and show the amount of

&
liquid or vapor present for various combinatiocns of temperature and
pressure. Hence thgy are called phase diagrams. The pressure
temperature diagzam £or a multicomponent systems depends on the
molecular species present and the relative concentration of each
species. For natural gas, the phase diagram (P-T Diagram) is shown
in Figure 2.1.

From Figure 2.1, it as shown that the saturated vapor pressure
temperature clurve does not coincide with the saturated liquad
pressure temperature curve; the dew point (or saturated vapor)
temperature is different from (greater than) the bubble point (or
saturated llquid).temperature. A saturated vapor (ligquid) can exist
above the critical point of &a multicomponent |mixture. This
phenomenon. 1infers that at least a part of the mixture can be
Yiguefied™, J(vapcrized) at, | temperature ;above 1 the, seritacal
temperature.

The cricondenbar of a mixture is the maximum pressure that the
dew point envelope reaches. Mathematically, this maximum pressure
can be derived as ( aFap/bT‘: Oi . The cricondentherm 1s the

maximum temperature that the dew point curve reaches . It can be
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defined as a (ardp/ap = 0} . The location and magnitude of the
cricondenbar and cricondenthem are dependent on the molecular
species present and th relative concentration of each specied. The
cricondentherm of natural gas system can range between -140°C (-230°
and about 400°C (700°F).

The critaical point of mixtures is defined as that temperature-
pressure comblnation at which the properties of the dew point vapor
and bubble peoint liquid phase become identical ,or the temperature-
pressure combination sabove  which all of the mixture cannot be
liquefied. The' propepties . considered are @ the optical,
thermodynamic, compositional ‘and transport properties. Experimental
determination of the eritical point of mixtures is dafficult.
However, the approximate critical point can be predicted using the
thermodynamic propernty predicticn methed available today. However,
knowledge of the true critacal point of a mixture can be important
in analysis of operational equipment and selection of design
conditions. There are several situations in which process
conditions curve 1s quite near or at the critical'point of the
multicomonent stream being processed. For these cases,
pseudocritical conditions would have led to completely errorneous
conclusions. sKayts rule(kS), ror the so-called, combination rule, is
applied to find pseudocriticalwvalues . These'walues'are not in any
way related to the +true critical. properties of the mixture.
Hewever, these values are valuable in that they permat c¢onvenient
determination of selected thermodynam:ic properties from generalized
correlations. Further, the true critical point, as predicted by the
thermodynamic properties correlations are based on pseudocritical

values predicted using Kay's rule.



A dense phase region which is shown above the critical in
Figure 2.1 is a region where the mixture has the visual properties
of gases but possesses physical properties somewhere between a
liquid and gas. If one increases the pressure on a liquid (at
constant temperature) there is no evident phase change as one
begins to enter the dense phase region. »The licuid just begins to
lose its ususl visual properties and then becomes invisible (like a
gas). What one is witnessing is a molecular rearrangement. As a
consequence, correlations for ordinary liguids and gases do not
apply rigorously.

The location of/ the critacal’ point along the  pressure
temperature envelopg 1s a function of the molecular species present
and the relative concentration of the imnvadual species., Figure 2.2
shows the potential range of erifical point locations along the
pressure-temperature envelopes. The theoretically possible range
for the critical point lecations 1s from Point A to Point D. The
practical possible range is from Point A to Point € for naturally
occuring mixturg. Relatively lean natural gas reserwvolr systems
(mol percent methane greater than about 80%) and typical natural
gas process streams will have critical points located between point
A and B. | As ‘the reser;oir fluid becomes ‘richer (1.e. contains more
propane, hutanes, pentanes and condensate or crude oil} the
cratical point will shift from Point A toward Point B or C. Peint C
probably would be  representative of most scrude | 0il | reservolir
fluids.

Retrograde condensation and/or retrograde vaporization is one
of the most poorly understood phenomena in vapour liquid phase

behavior. "Retrograde" simply means backwards, or the reverse of
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normal. Retrograde behavior comes about because of the location of
the true cgitical»pglnt“for the mixture and the manner in which the
bubble point and dew point lines are separated from each other. 1In
this region changes in pressure and temperature do not yield the
same type behavior for pure componenté. Increasing the temperature
at constant pressure can cause liquid te¢ gondense. Increasing the
pressure at constant temperature can cause liguid to vaporize. This
cannot happen for pure cemponent. Retrograde behavior can be
accurately predicted using a judicious combination of high quality
experumental data  for  the system. and any of the  better
thermodynamic property prediction correlations availlable today. It
is generally accepted /that thermodynamic property prediction
correlations can be used with a limited amount of experimental data
to predict retregrade phase envelope behév1or over a wide range of
temperature-pressure conditions.

2.2 Thermodynamic of Vapor Liguid Equilibrium

The equation which provides a general criterion for equilibrium

with respect to.mass transfer between phase is

T . =F U -
P P L (1=1,2,...,N) (2.1)

Equation (2.1) _holds for each component i of an N-component
system containing n phase at equilibrium. | Definitiomr of = fugacity
for a component in solution 1s

46, = _RT.d In I, (at coristant T) (2.2)
general integration always gives

G = RT 1n (£,

i,flnal—Gi,lnitlal i,firal

/£ ) (2.3)

i,initial

or
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RT A In fi (2.3)

The relationship between the fugacity f; and the chemical

potential ﬁi

expressed 1in the definition of Equation (2.2)

allow

us to derave an alternative craterion for phase eguilibrium which

is often of greater practical utality tham Eguation (2.1) . We
proceed by applying Eguation (2.3} to each component 1 in each
phase P;
el - LRt In'\(E /£ ) (2.4)
i,final initadal 1,final” "1,initial :

Since Equation (2.4} 1sivalid both for changes i1n composition and

for changes in physical state,

let the initial state be the

component 1 as its eXists

conditions. Thus,

—P

u1,1n1tlal

=P
1,1nitaal

and Equation(2.4) yields the

the phases a through n-1 :

we can without loss of generality
same for all phases, namely that of

in the @ th' phase at egquilibrium

for 1 = 41,2, . .04N

following eguation for 1 in each of

-a - -1 =4, =T
“n=l gl A1 ==l =
By = Hy + RT In (fl /fl)
Substitutaion of these equation in Equation (2.1} and
rearrangement gives
=1 _ =B =nx | | N
1n (fi/fl) = 1n (fi/fl) = L.= 0
from whach we obtain
=0 _ =B _ =R _
N = fi = ... fi (r-1,2,...,N) (2.5)

Thus the fugacity f; of a component 1n a multicomponent,



multiphase system must be the same in all phases in which 1t is
present at equilibrium. Equation (2.5) constitutes a major
Justification for the introduction of the fugacity as a
thermodynamic variable.
For vapor-liguid equilibrium in a multigomponent system
fL =V

= £ e /N

- 2 LN (2.6)

Each ff is a function.ef temperature T, pressure P, and N-1
independent vapor-phase.mole £raction y, - Similarly, each f? is a
function of T, P and N-1 1ndependent liguid-phase mole fraction X
Thus, the 2n variables are relates by the N equations represented
by Equation (2.6).¢ One/must therefore specify variables in the
formulation of a vapor=liquid equilibrium (VLE) problem in order to
allow calculation of the remaining N variables by simultaneous
solution of the N equilibriumrelation ef« Equation (2.6). This
conclusion also follows frome«the phase rule, « which for this case
yields F=N.

The Phase Rule(l6) : F = C-P+2

_Thls expression applies to systems at equilibrium and relates
the number of components in the system C and the number of phases P
to the degrees of freedom.F. The degrees of freedom are the number
of 1intensive variables which must be faxed before the jequilaibrium
state 15 properly defined and thus the system is reproducible .

It, is here, twe-phasessystem«(P=2] , jand, N~componentsstherefore,

Fl= N-2+2 =/N
Usually, one specifies the N variable by fixing T or P and

either the liquid phase or the vapor phase composition.

11
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One formal procedure replaces the fugacity in Equation (2.6) in

favor of fugacity coefficients, defined by (35)

. =0 f./x.P
i o &

Thus, letting Y represent a vapor-phase mole fraction, we can

write

.
1

=V
@iyiP
Similarly, represeatingsa licuid-phase mole fraction by X,
ESIE AR
X ita
With these substitution,/ Equation (2.6) becomes
o =y’ (2.7)
i 1
Since 6? 1s a function of T,P,and the liquid-phase composition
and Ez is similarly a function of T, ‘P, and the vapor-phase
composition. Equation (2.7) actually represents N highly complex

expression relating T, P, . the Xy and the Yy Solutaon for the N

unknowns is most convenlently carried out by an 1terative prodedure
with the aid of alcomputer. The fugacity coefficients are expressed
as functions offT,P,and composition by means of an Jequation of
state.

This computational procedure 1s usually reserved for systems at
pressures » high '‘enough’ | so that “the vapor ' phase ~, deviates
significantly from ideal gas behavior. Moreover, if 1s most
commenly applied to systems made up of nonpolar and non association
species, such)as 1light hydrecarbons and cryogenic gases, for which
mixing rules nad combination rules for equation of state parameters

are firmly based on experimental data.

By the definition of the equilibrium ratio (K-values) as

Ky =0 vy/x (2.8)
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Rearrangement of Equation (2.7} becomes

=L =V
Kl - yi/xl = ¢ /Qi

i (2.9)

Equation (2.9) 1indicates that there are two ways to find K-
values, one 1s calculated from ratio between Y, and X, if Y, and X
are known from experiment. The other are estimated by an eguation
of state i1s used for both phases, The fugacaty coefficient can be
estimated for both vapor (V) and ligquid (L) phase and then K-values
is calculated.

2.3 Eguations of state

Equations which provide P-V-T relationship are usually referred
to as equation of stgate  Although a large number of P-V-T relations
have been proposed, relatively few are suitable for practical
design calculations. BEquations of state have a limited capacity to
predict phase equilibria.
Equations of state are broadly divided anto two types which are
as follows (19,23) : :
1. Cubic equations of state e.g.
Soave — Redlich - Kwong (SRK) : ZS—ZZ—(A—B—BZ)Z—AB =0 (2.10)
Peng - RoBinsocn (PR) : ZB~(l—B)ZZ+(A*3B —ZB)Z-(AB—BZ-B3) =0 (2.11)
2. Multiparametric eguations of state e.q.
Benedicty — Webb, - Rubin - Starling (BWRS)
Pl= | RT4H(BRT-A -C O/T2+DO/T3-EO/'I‘4);zy-t-(bRT—a-d/T)p3+a(a+d/T)p6
+C0p?T2(l+TZP) exp(—7pz) (2.12)
For | the /eubac egquations the wvolume | 1s| obtained directly,
however, for the multiparametric equaticns an iterative calculation

is necessary. Cubic egquations of state are now freguently used for
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calculation of multicomponent vapor-liquid equilibria in systems
invelving nonpolar components.

Cubic equations of state will yield the behavier shown in
Figure 2.4 (a) when the system under consideration is in the two
phase region and that shewn in Figuve 2.4 (b) when i1n the single
phase region.

If the system 1is in the single phase «region. There 1s no
possibility of detemmining the wrong value of the compressibility
factor {or the meolar volume).  Scolution techniques for the single
phase region are relatively straight forward and not prone to
error. However, swhen the system is in the two phase region, there
are three roots that will satisfy the equation of state. The answer
of which correct values depends upcon whether you are dealing with a
vapor phase or liguid phase systems oThe value of Z at the
compressibility factor equal to S (in Figure 2.4 (a)) is a spurious
root (solution) and 1s of no-practical value,

Consequently~ the solution procedure must be told which root is
being sought "and must be constrained to totally “eliminate the
possibility of determining either of the other roots. Direct cubac
equation solution procedure offer this reliability. Trial and error
methods ¢ not unless special provisions are programmed into the
solution procedure.

Selection .of »a.method.of, solution .for. egquaticns.. of. state
depends ‘'on many factors. For cubic equations of state, welcan use
either a direct procedure or a trial and error approach. The

liability of the direct cubic soluticn 1s that it will occasionally
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yield bad sclutions for the liquid phase compressibility factor on
certain computer systems.

Conseguently, a trial and error solution for a cubic equation
of state 1s to be used 1in this work. 1In addition to being more
reliable (when properly programmed) .than the direct cubic
solution,the trial and error solution proecedure i1s usually about
5% faster than the direct cubic solution procedures.

The most popular equations of state (10) include the Soave-
Redlich-Kwong (SRK) and Pencg-Robinson {PR) eguatiens of state. Both
can estimate with gocd accuracy pure component vapor pressure and
mixture K values in nommal  systems, but they fail to provide good
estimates for liquiddensity. The Soave-Redlich-Kwong equation has
rapadly gained acceptance .in the hydrocarbon processing industry
because of the simplicity of the equation anxd because of its
capability for generating reéasonably accurate equilibrium ratio in
VLE calculations.

Soave-Redlich-Kwong Equation of State (SRK) (10,19 32)

The SRK equation of state is

23-7%4(A-B-B%)2-AB = 0 (2.13)
when A = (aCm)P/RzTZ
B £ Pb/RT
bl = GEFTCl/PCl
b = I xX.b.
h<
21 2
.l s KEF 'ICi/PCi
5 i
af = 1 +»mi(1 TRl)
- T ac? of o1k )
(ac«)l = Ix ac! acj o oy K19
1 1 1 1
_ 2 IR B B B E U \
{aca) = £ xixj ac’ acJ o o (1 klj.
— 2
mo = 0.480 + 1.574 W+ 0.176"’l
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Q = 0.42747
a
qg = 0.08664
klj = interaction parameter
w, = acentric factor

The SRK procedure has been shown to'be a versatile tool for
estimating the phase equilibrium behavior«of hydrocarbon mixtures.
For hydreocarbons, the procedure is fully generalized and requires
only a knowledge of the cmitical temperature, critical pressure,
and accentric factor of each components. It is most useful for
treating wade © boilang/ /mixture: .containing both su5~ and
supercritical compenents but sheuld be used with caution fgr very
close boiling systems and system/which are known to form azeotropes

Except for hydrogen, th? SRK. equatiens can also be applied to
light gases such as nitrogen, carbon monoxide, carbon dioxide, and
hydrogen sulfide if binary interaction' parameters, klj , are
incorporated into the SRK eguation.

The SRK equation appears to give the most reliable overall
results for K values and enthalpies over wide ranges of temperature
and pressure. However, as indicated, the SRK correlation still
fails to predict Jligquid density with good accuracy. The SRK
correlation | appears to. be partléularly well be ' suited for

predicting,; . K values amxd enthalpies for natural gas systems at

cryogenic temperatures. (7,8,29,32)
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