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CHAPTER1I

INTRODUCTION

1.1. Background

The demand for biodiesel, the fatty acid-alcohol esters derived from, typically, triglyceride in
vegetable or animal oils/fats and methanol or ethanol, as an alternative and potentially sustainably
renewable fuel for diesel engines, is increasing/steadily due to economic and environmental
issues. These include increases.in the crude oil pricesas well as the dwindling but limited supplies
of the non-renewable conventional-diesel. Bleore the 1990s, the relatively high price of biodiesel
that was mainly produced fiom viegin or vefined vegetable oils, was the most serious obstacle to
its development and its use could mot econg)mically compete against conventional diesel [1].
However, due to the relatively high price of é(;i.lventional diesel at present, biodiesel produced
from both refined and used yegetable-or anirri?l oils/fats became competitive [2]. On the other
hand, the global warming issug makes b_iodiese-ljg_ptrgl_.ctive as it has a closed carbon cycle and can
effectively reduce the CO, emission, butden fmm transportation and industry. For instance,
biodiesel decreases the net CO,<emission bL78% compared with conventional [3, 4].
Furthermore, biodiesel emits a-lower level ofCQ, SO, and unburned hydrocarbons after
combustion than that frem.conventional-dicscl [5]. Finally, biodiesel has the potential to be a
sustainable renewable resource. Therefore, research on biodiesel production technologies has
received continuous attention globally.

Conventional biodié¢sel"productioniprocess uisihgieither sttong acidic or basic catalyst is
performed at 30 60 "C and atmospheric pressure. This process has some disadvantages such as;
long reactionstime (over 30-min), wastewater, treatment needed, soeap.and.loew quality crude
glycerol by-products; and' some “non-recoverable chemicals ‘needed '[6]." The novel biodiesel
production in supercritical methanol has advantages such as short reaction time (lower than 30
min) and less wastewater produced. Moreover, the supercritical methanol process does not require
any additional chemicals, and the by-product is high purity glycerol. The more detailed

advantages of the biodiesel production in supercritical methanol were discovered recently. For

example, it was found that free fatty acids, that posed some problems in conventional method, did



not affect the supercritical methanol process. Also, the supercritical methanol is easier to improve
than conventional process because the overall configuration is not complex [6, 7].

The improvement of biodiesel production in supercritical methanol has been reported
continuously. Firstly, the use of carbon dioxide and propane was introduced by Chinese
researchers in order to reduce temperature, pressure and methanol to vegetable oil molar ratio at
the optimal condition [8]. Secondly, the continuous production of biodiesel via transesterification
in supercritical methanol in a lab-geale reactor was successfully attempted in Thailand [9] , Japan
[10] and China [11]. Thirdly, many useful dajra were teported, such as an axial dispersion number
in tubular reactor for biodieselsproduction in supercritical.methanol [12], heat recovery process
for biodiesel production inssuperetitical methianol [13], and wvapor-liquid phase equilibria of the
major components such asivegetable oil, metilyl esters and glycerol with supercritical methanol
[14-19]. The details of reports aze summafizcd.igllthe literature review section.

Data from lab-scale reactor sucbessfullllﬁt attempted in our laboratory were used for
constructing a scale-up reactor. As we fested tls;éa___reqctor, it was found that the high viscosity of
vegetable oil posed a problem on the pumping sys’f;em This problem was solved by an addition of
some co-solvents such as THF and”ﬁeiane [20]%&£ever, the methyl ester content in biodiesel

obtained from this scale-up reactor was lower than that from the lab-scale reactor.

1.2. Objectives
1.2.1. To investigate effects of co-solvents on methyl ester content in biodiesel produced
from transesterification of vegetable-0il in supercritical methanol.
1.2.2.To develop..residence time| estimation method | for Continuous production of
biodiesel in supercritical miethanol by the Equation of state.
1.2.3 To developa biadieselyprocess using supercritical alcoholsthat produces biodiesel
that conforms to the standard biodiesel specification of Thailand at approximately

10 liters per day.



1.3. Scope of dissertation
1.3.1. Effect of co-solvents (THF and hexane) employed to reduce viscosity is
investigated in 250-mL and 5.5-mL batch reactors by 2" factorial design.
1.3.2. Residence time estimation procedure based on the inconstant fluid properties is
developed.

1.3.3. Additional effects such a erference of co-solvents, thermal degradation of

quenching time and deve e mpressibility of mixture on ME content are
- ——

studied and used+to impr the biodiesel-production with supercritical alcohol

process.
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CHAPTER 11

THEORY AND LITERATURE REVIEWS

2.1. Biodiesel

Before 2000, biodiesel was widely referred to an alternative diesel fuel which was made
from renewable biological sources such as yegetable or animal oils/fats [21]. In actuality, the use
of vegetable or animal oils/fats as alternative fuels'can be achieved in several ways; a heat fuel, a
blending with diesel fuel, and as miero-emulsion mixture. However, vegetable or animal oils/fats
have the major composition as_teiglyceride i;vhich may..cause some combustion problems, e.g.
coking and carbon deposits.en thesdnjectors and increasing the lubricant viscosity due to its high
molecular weight and high*viscosity ./ Thus; .l‘chemical modification processes such as thermal
cracking, soap pyrolysis and transesteriﬁcationlz):/'ére imtroduced to reduce the molecular weight of
vegetable or animal oils/fats'before using thé‘;n as alternative fuel [22]. Among the chemical
modification processes, the transesterification (;f triglyceride 1s the most promising process to
produce alternative fuels from vegetable or ani’fnbl ‘oils/fats. For instance, the process produces
the oxygenate fuels that burn cleaner than conveﬁ_’-t-ié‘f;fal diesel and do not generate the aromatic
compounds. The term “biodiesel™is-now speciﬁéé‘l}ff-.ireferred to the mixture alkyl esters of long
chain fatty acids practically_derived from-the transesterification! reaction between glycerides

feedstock and low molecular weight alcohols such as methanol or ethanol, for use in compression

ignition engine [22-25].

2.2. Biodiesel prioduction with conventional method

Typical reactions that take place during biodiesel production arg,shown in Figure 2.1.
Transesterification' reaction,| which [ is ;a jmajor | path to produce biodiesel, occurs between
triglyceride vegetable or animal oils/fats with alcohols to form esters (biodiesel) and glycerol. The
overall transesterification is simplified in Figure 2.1(a). In the presence of water, triglyceride can
be partially hydrolyzed to fatty acids and diglyceride under suitable conditions (catalyzed or
supercritical condition), as shown in Figure 2.1(b). Those fatty acids, including the free fatty acids
(FFA) present in the feedstock, also convert to the desired product (biodiesel) through
esterification reaction in present of acid catalysts or supercritical condition, as shown in Figure

2.1(¢c), or undesired product (fatty acid salt or soap), as shown in Figure 2.1(d).
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Figure 2.1. Common reactions for biodiesel production processes: (a) transesterification, (b)

hydrolysis, (c) esterification and (d) saponification.

Conventional biodiesel production uses inexpensive feedstocks such as waste cooking

oils, and employs homogeneous catalysts, such as NaOH and H,SO, (Figure 2.2). Note that the



first set of reactor, separator and methanol recovery units is not needed when pretreated or refined

triglyceride is used as feedstock.

Methanol Methanol Water Biodiesel

H,SO, ) ‘ NaOH —4 H,S0, ﬂ T
Waste
5 A e L 2 A B>—> C E

cooking oil

S

J \ 4
Glycerol and saponified

Wasie Waste water
components

|
Figure 2.2. Conventionalt biodiesel ;production scheme from waste cooking oils with acid

i

pretreatment followed by alkaline catalytic pr:gcess or two-step acidic-basic transesterification:

(A) Reactor (60 — 65 °C, Qi1 MPa and 6:1 —,p 9:1 methanol to oil molar ratio) , (B) Product

separation and methanol recovery unit; {(C) Wa_tera_-washing unit, (D) Separation unit and (E)

Biodiesel drying unit. il ¥/
: =7l

lll-"

The conventional process has. some disadvantages, especially from environmental,

production efficiency and feedstock flexibility points of view [21-23]. Firstly, the conventional

process produces large s;o}ume of waste water and some saponiﬁed components that need to be
treated before discharging to the environment or recycling to the process. Chemicals that are used
as a catalyst and neutralizefs @re difficult to recover. Secondly, as the conventional production
process for pretreatedqor|refined triglyceride|consists’ of four separate steps, namely, reacting,
separating, washing and drying, the overall production time takes over fouryhours. The washing
step that'removes the. saponified components in the crude biodiesel is ithe'longest of these steps,
since the"saponified components interfere with and retard phase separation. Thirdly, the
conventional process requires refined and expensive vegetable oils as feedstocks, i.e. lower than
0.06% (v/v) moisture and 0.50% (w/w) free fatty acids [21]. As a consequence, this increases the
price of the biodiesel and reduces its sustainability, since the requirement of such virgin oils,

rather than waste cooking oils, is indirect conflict with human or animal food grade feedstocks.



A two-step acidic-basic transesterification process is an alternative for inexpensive
feedstocks, including spent waste and crude vegetable oils, it is more complicated, more time
consuming and generates more waste that requires subsequent treatment than the single step
transesterification [26, 27]. For instance, the acidic pretreatment step does not only generate

additional wastes, but also requires more basic catalyst to neutralize the pretreated product.

2.3. Biodiesel production with heterogeneous catalysts and lipase
Novel catalytic processes, such as heterogeneous and lipase catalysts, have been
developed to disentangle the drawbacks off homogeneous catalysts, but they still have some

hurdles themselves. [28-38]. The advantages and disadvantages of heterogeneous and lipase

catalysts are summarized in Table 2.1: |

Table 2.1 Advantages and disadvantage's. of hétg:'rogeneous and lipase catalysts.

Catalysts / / fantag_é 4 Disadvantage
s SAL (o Varily

Heterogeneous - Less sensitive to EFA and water in - Complicated catalyst synthesis
ald TN
acid catalysts feedstocks . faad by procedures may lead to higher

- Catalyze est_eriﬁcé_ttion and ol cost
fr_ansesteriﬁc;tién.reaction ‘ - Reaction normally take place
_s‘i_zl—ﬁultaneously .; at high temperature and high
; f methanol to oil molar ratio
- Leaching of catalyst active
sites may result in catalyst
deactivate and product
contamination
Heterogengous - = Relatively faster rate of reaction than - Poisoning of catalyst when
basic catalysts acid catalysts exposed to air and moisture
- Reaction can occur at mild conditions -  Soap will form at the FFA
- High possibility to reuse and content > 2%wt
regenerate - Leaching of catalyst active sites

may result in catalyst
deactivation and product

contamination




Table 2.1 (Cont’d) Advantages and disadvantages of heterogeneous and lipase catalysts.

Catalysts Advantage Disadvantage
Enzyme - Insensitive to FFA and water in - Very slow rate of reaction
feedstocks - Relatively higher cost than other
- Transesterification can take place at catalysts
temperature lower than conventional - Sensitive to alcohol, typically
catalysts, e.g. NaOH or KOH methanol that can denature and
- Product purification is very simple deactivate enzyme

2.4. Biodiesel productionswithssuperecritical methanol (SCM)
Biodiesel production with SCM has been introduced to overcome catalytic problems. A

simple schematic for biodiesel production with.LSrCM 1s shown in Figure 2.3.

_—

-';,Me'thanol ¢

B> Biodiesel

Triglyceride

v

Glycerol + waste

Figure 2.3. Biodieselproduction with SCM-seheme:(A) Reagtor (300350 °C, 19 — 45 MPa and

40:1 — 42:1 methanol to oil'molar ratio) and (B) Product separation and'methanol recovery unit.

With ' tegard o+ environmentally friendly “aspects,| transesterifieation, for the case of
transfer of the fatty acid components from glycerol to methanol to form fatty acid methyl esters
(FAME), biodiesel in SCM does not require any catalysts or auxiliary chemicals and does not
generate significant wastes [6, 7, 39, 40]. With regard to the FAME production efficiency,
biodiesel production by SCM requires a minimum number of processing steps because the
feedstock pretreatment to remove moisture and free fatty acids, as well as some of the product
post treatment steps, such as neutralization, washing and drying, are not necessary. As a
consequence, biodiesel production with SCM has a low overall production time. In addition, the

rate of reaction at supercritical conditions is fast, so that the biodiesel production with SCM



requires a small reactor size for a given production output. With regard to feedstock flexibility, as
the moisture and FFA contents in the feedstock do not significantly affect biodiesel production by
SCM [41, 42] it is suitable for use with waste cooking oils or other low-grade feedstocks.

Biodiesel production with SCM offers an optimistic alternative to the catalytic method
since it does not have inherent disadvantages such as saponified products or catalyst deactivation.
Biodiesel production process with SCM has advantages over other processes in its low use of
auxiliary chemicals, and chemicals associated with" waste water treatment and feedstock pre-
treatment. Even though the eneigy requirerrjent could. be-a major operating cost, this is much
easier to deal with than chemieals: The overall process is-simple since many discrete operations
such as catalyst preparation; product neutrali_zation and purification are not required. Although
biodiesel price depends greatly on feedstock pl‘r.ice [2], feedstock flexibility becomes a remarkably
strong advantage of the biodiesel production wih SCM.

Biodiesel production with' SCM sti-'}l has several challenges in its research and
development. The key operating parameters aréjp_res_sure, temperature and methanol to oil molar
ratio. To achieve the highest oil and: fmethan'(f)l‘ttq FAME conversion rates and yields, high
pressures (19 to 45 MPa), high temperatures (3203&13.5}0 °C) and high methanol to oil ratios (40:1
to 42:1) have been reported in-early studies [6, 7,39}‘In fact, the high pressure and temperature
reaction conditions require-not-oniy-an-expensive-reactor-but also a sophisticated energy and
safety management poli:cy.' Furthermore, the high methanol to 6il rriatio needs a significant energy
input to recover the excess methanol for recycle. Using the pérameters mentioned earlier on a
commercial scale, résults 'in ‘the ‘capital costs“being somewhat higher than the conventional
process.

Theveforey, corrent researchsis |focusednupen~reducing they hish operating pressure,
temperature and methanol to oil molar ratio required for biodiesel production with SCM. To date
the operating pressure, temperature and methanol to oil molar ratio that employ in early studies
have been reduced successfully by several techniques, such as the addition of co-solvents or
catalysts and by using a modified supercritical process (see section 2.4.5.) On the one hand, the
goal to reduce operating pressure, temperature and methanol to oil molar ratio altogether is
certainly the most challenging aspect of biodiesel production with SCM, while on the other hand,

parameters, such as pressure, methanol to oil molar ratio and residence time, can be

simultaneously reduced by increasing the operating temperature.
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2.4.1. Chronological development of biodiesel production with SCM

In 1998, non-catalytic transesterification of soybean oil at near-critical point of methanol
(230 °C, 6.2 MPa and 27:1 methanol to oil molar ratio) was invented to provide an alternative
biodiesel production method, but this method obtained only 85 % by weight of methyl esters in
product at over 10 hours [43]. Until 2001, Japanese pioneers promoted the transesterification of
rapeseed oil with SCM at 350 °C, 45 MPaand 42:1 methanol to oil molar ratio, this process was
given a high degree of attention due to the methylesters (ME) content (98%) was observed at
only 4 min [6, 39]. Then, the biedicsel produgtion with . SEM has been evolved continuously since
2001.

In 2002, the transesterifigation.of cottonseed, hazelnut kernel, poppy seed, safflower and
sunflower oil in SCM was investigated and I1_1ear1y complete reaction was reported [7]. At the
same time, continuous production of biodiesel;d.flrom palm kernel and coconut oil with SCM in
lab-scale tubular reactor was'deyeloped in our.:la‘t;ératory [44] and then the scale-up reactor was
constructed in 2005 [20]. Meanwhile, the effeéii.;,_oﬁ_-water and free fatty acids in vegetable oils
feedstock [41] and the catalytic effect ofimetal rej:a"ctor in biodiesel production with SCM [45] and
the reactivity of triglyceride with supercritical alco_hoi‘é were also reported [46]. However, during
the year of 2001 — 2005, the maximtum ME contérif-';{)vii's generally observed at the same condition
as reported earlier by the-japanese-proneers-{6;39:

In 2005, carboﬁ dioxide and propane were introduced as co-solvents to obtain milder
operating parameters of biodiesel production with SCM [8, 47]7. Then, the two-step supercritical
process [10] was.also demonstrated to teduee those'operating patameéters. In the following years,
various catalysts Were employed to assist the SCM process to achieve the maximum ME content
at milder-operating conditions"[48=52]y Furthermore; thefirst /article .on ¢ontinuous production of
biodiesel with 'SCM was published by our research group [9], then by the Japanese [10] and
Chinese [11] researchers, respectively. Therefore, the research focus on reduction of the elevated
operating conditions and continuous process has been ongoing since 2005.

In 2007, the gradual heating technique was introduced to prevent thermal degradation
that cause low ME content [11]. At the same time, the effect of co-solvents employed to reduce
viscosity of vegetable oils was investigated successfully in our laboratory [53]. From 2007 to
2009, numerous additional studies such as vapor-liquid equilibria of binary systems [16-19, 54,

55], phase behavior of reaction mixture [15, 56, 57], thermal stability of unsaturated fatty acids in
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SCM [58] and process and economic analysis [12, 13, 59, 60] were reported to the better

understanding of biodiesel production with SCM.

2.4.2. Effect of operating parameters on biodiesel production with SCM

Operating parameters, as employed by previous researchers, to obtain high yield of
FAME production with SCM are summarized in Table 2.2. The extent of reaction is reported
either as methyl esters (ME) content or as triglyceride conversion. It should be noted that the ME
content refers to methyl esters.of common FFA .in vegetable or animal oils/fats that can be
identified by different analytical techniques, while the triglyceride conversion implies the
remaining triglyceride reactant..Fhe discussion for each parameter is presented accordingly.

2.4.2.1. Tempegature \

All the séported studies to date have shown that the reaction temperature is
the most critical parameter for de{érmining the extent of reaction, especially across
the critical temperature of methan:;l_ (239.6 °C). The ME content level rises two- to
three-fold as the tempera-tur-e increa;e:ls ;rom 200 to 350 °C at a constant pressure and

% ol

methanol to oil molar ratio. The temperature has a strong influence on the conversion
rate. For instance, Ttl_ltf_:, rate const;___t,_ii_.h_c_reases approximately seven-fold as the
temperature: is increased from 210 to 280 °C at 4 .pressure of 28.0 MPa and a
methanol tc; o0il molar ratio of 42:1. Likewise, the apparent activation energy
increases from 11.2 kJ/mol at 210 to 230 "C (subcritical region) to 56.0 kJ/mol at 240
to 280 °C (superéritical region) at 28:0 MPa and 42:1 methanol to oil molar ratio
[61].

Although, high temperature clearly enhances thefirate of reaction, an
excessively high temperaturesecan lead ito /a2 negative efféet on the ME content.
Thermal degradation of unsaturated fatty acids (UFA) was reported in some studies
within the temperature range of 320 to 350 °C. For example, Sawangkeaw et al. [53]
found thermal degradation of UFA in a 250-mL batch reactor due to the temperature
gradient between the reactor wall and the bulk fluid. However, the ME content was
only slightly reduced because the feedstock used (palm kernel oil) was low in UFA.

In contrast, when using soybean oil, which contains over 80% UFA as a feedstock,

thermal degradation of the UFA significantly reduces the ME content obtained [11].
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Thermal degradation of UFA is a prominent concern in the selection of the
triglyceride source against those sources with a high level of UFA. Appropriate
temperature for biodiesel production with SCM in an isothermal system is lower than
300 °C, and is preferably less than 270 °C so that the maximum ME content in the
biodiesel can be obtained [58]

Gradual heating of t ction mixture has been shown to be effective in

avoiding UFA thermal d¢ By gradual heating (100 to 320 °C) the
reaction mixtur @nproved to 96%, compared to 77%
"J T——

obtained fro
So 1 1 degradation of UFA at 350 °C

increases the cloud point [58]

compounds:that-could-improve- the cold fiow pro { es as well as the viscosity of

the b10d1esﬂ pr 1ce

temperature hliher than 350 °C 1s considered as a modification of supercritical

R
ARIANTAUNNIING 1A Y

ioﬂesel production with SCM at
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Table 2.2 Operating parameters for a high conversion efficiency of lipid to biodiesel with SCM.

Heating
MeOH
Reaction and ME content/
T P to Oil Reactor
Researchers o time Oil type cooling Conversion
(C) (MPa) molar type
(min) rate (%)
ratio o

(' C/sec)
Saka and 350 45 42:1 4 Rapeseed 5-mL 30 and >95%
Kusdiana [6] BRsh -100 ME content
Demirbas 350 N/R 111 5 Hazelnut 100-mL 0.33 95%
[7] kernel and BR and ME content

Cottonseed N/R
Madras etal. 400 20 4011 30 - Sunflower 8-mL N/R 97%
[66] BR Conversion
Rathore and 400 20 50:1 30 : Palm and 11-mL N/R 95%
Mardras [67] " /Groundnut BR Conversion
Yin et al. 350 20 42:1 30 - Soybean 250-mL 0.33 95%
[68] y BRs and ME content

N/R
Heetal. [61] 280 25 42:1 30 Soybean -200-mL N/R 90%
BRs ME content
Sawangkeaw 350 . 20 42:1 30 Palm... 250-mL N/R 95%
et al. [53] kernel BRs ME content
Cao et al. 320 N/R  33:1 10 Soybean 250-mL 0.33 95%
[47] BRs and ME content

N/R
Bunyakiatet 350 19 42:1 7to 15 Coconut  251-mL N/R 95%
al. [9] and Palm TR ME content

kernel

N/R: Not Reported; BR: Batch Reactor; BRsh: Batch Reactor with shaking,

BRs: Batch Reactor with stirrer, TR: Tubular Reactor, MFR: Mixed Flow Reactor
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Table 2.2 (cont’d) Operating parameters for a high conversion efficiency of lipid to biodiesel

with SCM.
Heating
MeOH
Reaction and ME content/
T P to Oil Reactor
Researchers time Qil type cooling  Conversion
('C) (MPa) molar type
(min) rate (%)
ratio o
('C/sec)
He et al. 310 32 ' bean MFR N/R 77%
[11] and ME content
100 75-mL (Uniform
to TR in heating)
320 ~ series 96%
ME content
(Gradual
heating)
Minami and 350 N/R 87%
Saka [10] ME content
Anitescu et 350 N/R ~98%
al. [54] to Conversion
400
Marulanda 400 Chicken 2-mL &5 N/R 80%
sl [6’5'»] W'WENﬂ‘ifLJ URITRYFRY e
99%
Conversion

N/R: Not Reported; BR: Batch Reactor;

BRs: Batch Reactor with stirrer, TR: Tubular Reactor, MFR: Mixed Flow Reactor

BRsh: Batch Reactor with shaking,
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2.4.2.2.Pressure

Data on the effect of pressure on biodiesel production with SCM are limited
since these reactions have principally been conducted in batch reactors. The pressure
in a batch reactor cannot be controlled independently from density since it varies
with the presence of both the reactants and products. In practice, the reaction
pressure can be adjusted by altering the initial amounts of oil and methanol,
calculated by the use of appropriatcs'Equations of State and mixing rules for
triglyceride and methanol [14], But thefinal-pressure will deviate from its calculated
value due to compesition.change during the reaction.

The_effect 401 pressure on the extent of reaction can, however, be

|
investigated with a gubular flow reactor in which the system pressure is controlled by

a backpressureiregulator. A wide ré‘n.ge of operating pressures from 10 to 35 MPa has
been investigated with respeet t(;:h the maximum conversion efficiency to FAME.
Below 20 MPa, the reaction press&rfé__iaffects the ME content significantly within the
temperature range of 27060:350 OC,i;ut the effect decreases above this pressure [11,
61] For example, at é"‘trerﬁperature_)é_ii-”'_%?éo °C, a residence time of 30 min and a
methanol to oil mold ratio of 42: it tlaeMEs content increases significantly from 55
% to 85 % és—ﬂie—pressure-htcreaseS'from 7:5t0:20-MPa, yet only slightly increases
to 91 % at éS MPa. The reaction pressure does not sig,;;liﬁcantly affect the conversion
efficiency at 100 0C, but rather slightly changes thé composition of product [63]. At
an operating! pressure bétween! 10 and 30' NiPa ‘at 400 °C, a methanol to oil molar

ratio®©f 3:1 to 9:1 and a residence time of 3 to 10 min, complete conversion (>99 %)

whilesapproximately:80 %6,ME content was-found |54, 631

2.4.2.3. Methanol to oil molar ratio

The transesterification reaction requires a stoichiometric methanol to oil
molar ratio of 3:1, while the operating ratio varies from 3:1 to 42:1. From Table 2.2,
a ME content of the FAME produced at 270 to 350 °C was up to 95 % for a batch
reactor and up to 85 % for a continuous flow reactor when a methanol to oil molar
ratio of over 40:1 was employed. A high molar ratio of methanol increases the

contact area and reduces the transition temperature (see Section 2.4.3.) [6].
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Nevertheless, further increasing the methanol ratio above 50:1 yields no further
benefits [11]. When a methanol to oil molar ratio of 6:1 to 9:1 at 400 to 450 °C is
used, complete conversion can be achieved. Excess methanol is also consumed for
other thermal reactions such as etherification of glycerol [63].

The relatively high methanol to oil molar ratio requires an enormous energy
expense for recycling the excess methanol, as well as requiring a large volume of
methanol within the recycle loop. In fact; energy plays an important role in the
operating cost as well as the en\jronlnental lead of biodiesel production with SCM.
An LCA study.wevealed. that biodiesel production by a single stage SCM
transesterification consumes mote energy in recyeling the excess methanol than for
feedstock pumping and reac‘clpr heating  and also generates a significant
environmentaldoad/[69]. Téchnicﬁés to reduce the consumed energy for methanol
recycle are urgently meeded tol'} develop practical green biodiesel production
processes. 3

Diaz et al introduced a élédium pressure flash drum and heat pump to
recover the excess me‘rhén(-)l in bio&%éfibroduction by SCM at the methanol to oil
molar ratio of 24:1-6f 40:1 in their iﬁé"&él’-based cost. minimization studies. The use
of a heat'pﬁmp—sigﬂ'rﬁeant}yhfeduces the-energy-cornsumption and operating cost,

rendering th& operating costs at the methanol to oil 'mblar ratio of 24:1 and a 40:1 to

be only sligh{ly different [59].

2.4.2.4. Reaction time

In general, the effeét of the reaction,time in a batchireactor can be studied
and obtaimed'simply by first heating the reactor to initiate thereaction, holding at this
temperature for various times to allow the reaction to go to completion and then
quenching the reactor to terminate the reaction. In contrast, the reaction time in a
continuous reactor is estimated by the reactor volume over the volumetric flow rate
and is influenced by a non-ideal flow behavior. The residence time is treated not as a
single-value variable but rather is treated as an average value as shown in Table 2.2.

The effect of reaction time will be discussed separately in the following section.
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2.4.2.4.1. Batch reactor

The effect of reaction time on conversion efficiency in biodiesel
production with SCM follows the general rate law. For instance, the ME content
increases gradually with reaction time and then levels off when the maximum
ME content or optimal point is achieved. The optimal reaction time varied
between 4 to 30 min

The reactor heating and.cooling rates need to be maximized for the best
precision of reaction time rgeasurement in batch reactor studies. For example,
the accurate eptimal reaction time obtained by Saka and Kusdiana [39], was by
using thefastesitheating ratle (30 ‘C/s) and cooling rate (100 "C/s). For slow
heating rate (0,33 C/s); the éptimal reaction time is lower than the actual value
as the reaetion/can OCCil}" befgrle the temperature set point is reached. On the
other hand, during codling, th:—;": reaction continues until the ambient temperature
is reached. Saka and. Kusdlanal [6] used a molten tin bath as the heating medium
whereas in other works, electr-fcal heatmg was used. The difference in the
heating source may affect the res:.l:Its:_

_ The.optimal reaction tln';eﬁs_ assigned by the rate law, is a function of
the temperamre—and—concemratron—?herefore—ﬂae optimal reaction time cannot
s1gn1ﬁcantly increase with the reactor volume in an isochoric system. However,
the optimal reaction time in a larger batch reactor was observed to be higher than
that'of] Saka and Kusdiana [6],"probably'because of some unconsidered effects,

stch as the degree of mixing intensity, as discussed in Section 2.4.2.5.

2.4.2.4.2:Continuous reactor (residence time)
Studies on the residence time in tubular reactors [40, 41] have employed
the Equation (2.1):
v 2.1
r=

F’DM+F’D

M Po

Where 7 is the residence time, J is the reactor volume, F is the

volumetric flow rate at ambient conditions and £_ is the density ratio between
p!

the ambient and supercritical condition. The subscripts M and O refer to
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methanol and vegetable oil, respectively. The density of SCM can be found from
the literature [70], while the density of vegetable oil is assumed to be constant
from ambient to system conditions.

The volumetric flow rate of a compressible fluid mixture depends on the
mixture density, which is a function of pressure, temperature and composition.
Therefore, changing the mole fraction as the reaction progresses and decreasing
the pressure probably influences .the volumetric flow rate in the isothermal
system. It is clear that the mj)le fraction.at the inlet and the outlet deviate largely

with a declining'methanol to oil molar ratio, as show in Table 2.3.

Table 2.3 Molar ratio and molesfraction at the’.linlet and outlet of the tubular reactor, calculated by

assuming 100% conversion at the outlet.

4

# Molar ratio at outlet

l\i}%‘ﬁo}t’-‘in_l:ét A

Sl }
FYE idd
MeOH:0il Methanol ’(;1/ AM!E& G_mi?rgl Methanol Oil FAMEs Glycerol

High 42 1 Wieres /N 39 0 3 1
Medium’ 24 17 G ey 21 0 3 1
Low' 6 L0 o= 3 0 3 1

- |

Y -
?\%ﬂ:ﬁzzﬁm:zti:ﬂez;;yole fraction at outlet

e 3

MeOH:0il Methanol -.j Oil FAMEs Glycerol Me(;,'ﬂ'anol Oil FAMEs Glycerol

High 0.98 0.02 0.00 0.00 0.91 0.00 0.07 0.02
Medium’ 0.96 0.04 0.00 0:00 0:84 0.00 0.12 0.04
Low 0.86 0.14 0.00 0.00 0.43 0.00 0.43 0.14

" ArSmdllSdniount (0. I mole permole of methanol) of €O, was‘added as co-solvent but the

CO, molefraction is ignored for simplicity.

The global fluid density, as represented by the summation of the
methanol and oil densities, is not appropriate at supercritical conditions.
However, Equation (2.1) could be an acceptable approximation for a methanol to
oil molar ratio of 42:1 to avoid the otherwise complicated calculation, because
the fluid properties deviate slightly from those of pure methanol. The residence

time estimation method has to be modified for varying volumetric flow rates
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because it becomes important as the methanol to oil molar ratio is reduced as
discussed in Section 2.4.4.

Equation (2.1) has been found to be adequate to estimate the residence
time at high methanol to oil molar ratios (40:1 to 42:1) [9, 10]. The residence
time significantly effects the conversion to FAMEs at temperatures higher than
280 °C as the rate constant jincreases sharply beyond this temperature. For
tubular reactor studies, Bunyakiat‘et.al. [9] showed that the residence time
impacts the conversion efﬁizjency iargely-at temperatures higher than 300 °C, a
finding which-agrecs with the work of Minami and Saka [10] who studied

conditionssat ~20/MPaand a 42:1 methanol te oil molar ratio. As for mixed flow

|
and tubular reactors in series, He et al. [11] reported that the conversion

g

increased strongly with a res@énce time above 280 °C, at 32 MPa and a 40:1

methanol t@ oil molar ratio'} However, they did not present the detailed

calculation ofithe residence time. The effect of residence time is related directly

to the chemical Kineties:of trané‘eéte_riﬁcation as illustrated in Section 2.4.2.

i Al
il

2.4.2.5.Mixing intensity and dispelfsf_qp',ip_tubular reactor

The effect of the mixing intensity has h(_)t been investigated directly

according to-the information summarized in Table 2:2. A high mixing intensity will
enhance therate of heat and mass transfer in the #eactor and this will reflects upon
the reaction time‘réquired for the maximum conversion.

With.respéct to batch reactars, the highest convetsions can be achieved in a
short time by shaking the reactor as the reaetion progresses. Forfinstance, the highest
ME contenttof] >95 %% at.~ 4.min was found with shaking [6], while in similar
studies but using a slightly different feedstock and elevated temperatures revealed
high ME content but at ~30 min [66, 67], while in stirred batch reactors (250 mL)
with a somewhat poor mixing behavior, the highest ME content was found after 30
min reaction time [53, 68]. In contrast, using a large reactor without shaking,
Demirbas reported a high conversion to FAME of 95 % in ~ 5 to 11 min [7]. This
seemingly conflicting result should be investigated further by varying the mixing

intensity in a batch reactor equipped with a stirring mechanism.
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For a tubular flow reactor, the reaction mixture is largely mixed by the fluid
shear force that depends on flow patterns, which can be identified by the Reynolds
number. At a high methanol to oil molar ratio, the Reynolds number calculation
might be simplified by using the properties of SCM only, and is estimated by
Equation (2.2).

) (2.2)
Y7,

where D, (vp) and u are/the tube. inside diameter, total mass flux and
dynamic viscosity, respectively.

Busto et al. [42]introduced an axial Péclet number, calculated by Equation
(2.3), to describesthe performal‘lce of the tubular reactor for biodiesel production

with the SCGM:

— A\ (2.3)

M

where v, [L and D are the ﬂuld velocity, reactor length and molecular
diffusivity, respectiyely. For estlmdt}-on of the fluid velocity, the density of fluid was

assumed to be pure methanol. They assumed that the molecular diffusivity of SCM

was 5 x 107 m’/s. The-Réynolds ,'a;.hdféclet number are calculated, base on the

obtained.from literatures, and are summarized in Table'2.4.

Sb‘fﬁe assumptions were made in calculatingihe results shown in Table 2.4.
The mass flow rate was evaluated by the residence time and the methanol to oil
molar ratio used was that at optimal-conditions, except for.the work of Bunyakiat et
al. [9], where-the data'was-available‘in our research ‘group. The density of methanol,
rapeseed and soybean oil at ambient conditions were assumed to be 792, 920 and
905 kg/m3 respectively. FinallyyHe et al. [11] employed a gradual heating technique
and, therefore, the density and dynamic viscosity of methanol were estimated from

the average temperature between the inlet and outlet of the reactor.
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Table 2.4 Optimal condition, reactor design, Reynolds and axial Péclet number of the continuous

biodiesel production with SCM in a tubular reactor.

Bunyakiat et al. Minami and Saka He et al.

Parameters
[9] [10] [11]

Temperature ("C) 350 350 340
Pressure (MPa) 19 20 32
Methanol to oil molar ratio 42:1 42:1 40:1
Reactor inside diameter (m) 775 x10° 120x 10" 400x10°
Reactor length (m) 550 80.00 6.00
Mass flow rate (kg/s) 750 x 10° 143 10° 242x10°
Cross sectional area (m’) 491 x 1079 1.13x10° 126x10°
Total mass flux (kg/m’ s) 1.69 4 12:69 1.93
Fluid dynamic viscosity (k¢/m §) [ 3.09'x 10" AN TR 10° 248x10°
Fluid density (kg/ms) ’ 188,80 14 . 197.53 541.19
Fluid average velocity (m/s) ’ 896 x 100 A 6.42x 10° 3.56x 10°
Reynolds number 424 V _ - 473 310
Péclet number’ 9.85 x 10" 1.03x 10’ 427x10°

As calculated by the anithors — Values from personal communication

The performance of the FAME, production with SCM in the tubular reactors
canbe interpreted via the Reynolds and Péclet numbets (Table 2.4), where the
calculation of all reactors shows similar results. The Reynolds number indicates the
effectl of the mixing ‘intensity, ‘and “the’ Péclet number ‘indicates the effect of
dispersion. All reactors are in a laminar regime at optimal conditions, so that, the
maximum conversion is found at higher residence time than the reaction time in a
batch reactor due to somewhat poor mixing intensity. All reactors have a Péclet
number of over 1,000 and so their behavior are somewhat close to that of an ideal
plug flow reactor and the effect of dispersion or back-mixing is diminished [12].

The performance of tubular reactors can be improved by increasing the
mixing intensity; however, enhancing either the mass flux or the reactor diameter to

maximize the Reynolds number is not an attractive idea. Both terms cannot be



22

increased simultaneously for the synergistic effect because the mass flux is inversely
related to internal diameter at a fixed mass flow rate.

A better mixing intensity in the tubular reactor for biodiesel production with
SCM can be achieved by other operations. The reduction of the fluid viscosity by
adding some co-solvents, such as CO, or propane, can increase the Reynolds
number. On the other hand, thejaddition of inert packing materials or static mixers
into the tubular reactor can also enhanee the mixing intensity. However, for tubular
reactors with a small diametemr.; a static amixer is more interesting than packing
material to avoid.reactor.channeling and plugging. In conclusion, further study into

the effect of.mixing intensity will be required to improve the efficiency of the
\

supercritical process. ‘
2.4.3. Chemical Kinetics of biodiesel fp}oduction with SCM
\ N
Transesterification rate equatlons were first proposed by Diasakou et al. [43] in
1998 and simplified by Kusdlana and Salga [39] in 2001. Since excess methanol is used,

the methanol concentration is assumed to l_)_q _constant during the reaction. Therefore, the

simplified equation is pseudo-first order:\;fiyh',ge:_spect to triglyceride concentration alone.

The reaction rate constants for rapeseed oil transesteriﬂéa_tion at temperatures from 200

°Cto 487 °C inéfe_ase sharply at 280 °C [39]. Hegel et ali-‘[56] found similar result using
soybean oil and explained that the sharp increase was due to a phase transition from two-
phase to_,single-phase.* The evaluation“of soybean oil transesterification over the
temperature range.of 200 C/t6.280 'C shows that the ratel cofistants increase sharply at
the critical temperature of methanol (239 °C) [61]. On the other hand, rate constants of
several vegetable oils fall, onto .one’ straight: line' from subcritical to critical and
supercritical temperatures of methanol (200 to 400 °C) [66, 67, 71]. To extract more
information, an overlay of Arrhenius’ plot of various vegetable oils is shown in Figure
2.4 and the rate constants (k), pre-exponential factor (k,) and activation energy (E,) are

summarized in Table 2.5.
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Figure 2.4. Overlay Arrhenius plot of (l) Rapeseqd [39 () Soybean oil [61], (a) Sunflower
[66], (O) Palm, (A) Groundnut, (O),VV_P. pinnata and .§<:>2;J curcas [67] and (x) Castor and (+)

Linseed oil [71] transesterification _in the SCM rea.(?_ti_or',ll .

Accordmg to Figure 2.4, the slopes of the llnes for each vegetable oil with SCM

have different*temperature sensitivities. For example, the rate constants of rapeseed,
soybean, castor and linseed oils depend more strongly-on the temperature than that for
sunflower, palm, groundnut, P. pinnata and J. curcas oils.

He etial [[61] Cstudies the effect of pressure onithe ¢onversion in the transition
region (239 to 280 °C) and modifies the Arrhenius Equation bydncluding the pressure

term/as shown in‘Equation (2:4):

=k exp[_Et;;AVj (2.4)

where £, k, E i, AV ¢, P, R and T are the rate constant, pre-exponential factor,
activation energy, reaction activation volume, pressure, universal gas constant and
temperature, respectively. The numerator in the parentheses (E* + PAV*) implies the
apparent activation energy of the reaction. From their experimental results [61], the

product of activation volume and pressure ( PAV”) contributes to approximately 10% of
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the apparent activation energy at pressures above 20 MPa. The modified Arrhenius

Equation provides a better estimate of the transesterification rate constant with SCM.

Table 2.5 Reactions rate constant (k) as linear function of temperature, pre-exponential factor (k)

and activation energy (E)

E
Investigat?d conditions Ink=Ink, - ﬁ
1y I 5 Ea
Researchers  Oil type T KZ///MeOH to k, “
~_woil molar R (kJ/mol)
e (MPa)—=—Tratio ) (K
Kusdiana and  Rapeseed  200.t0 270 ¥ teN2 42:1 0.30 4.63 38.48
Saka [39] 300 to'487 | 19t0 105 6.87E-3 5.66 47.09
He et al. [61] Soybean 210 0 230 28 42:1 514.96 1.35 11.22
240 to 280 T 4 5.85E-3 6.72 55091
Mardas etal.  Sunflowers 200 to 400 59 40:1 0.39 1.77 14.74
[66] 7,
Rathone et Palm 2000400 20 % 40— 260 180 1494
al. [67] Groundnut . 501 130 127 10.54
P. Pinnata 0.82 1.14 945
J. Cilkcis 1.68 137 1137
Verma et al. Castor 200 to 350 20 40:1 0.54 421 35.00
[71] Linseed 7.80E-2 5.59 46.50
Song et al. [72] studied the chemical kinetics of transesterification of refined,

bleached and-deodorized«(RBD); palm oilywith SCM.sThe rate, constantjwas found by an

integral method or numerical fitting of the experimental data to the kinetic model.

However, they found that the second order rate Equation, with respect to both the

concentration of oil and methanol, fit the data almost as well as the first order rate

Equation. The rate constants that were predicted from the subcritical to the supercritical

region were somewhat different from earlier works [39, 61]. However, the apparent

activation energy of the transesterification reaction was nearly the same as that of

Diasakou et al. [43] and also obeyed the second order model. Their kinetic model had a

coefficient of determination of R© = 0.9578 and was able to predict the observed
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conversion well. This model seems to be more suitable than the pseudo-first order model
at a low methanol to oil molar ratio because the concentration of methanol is included in

the model.

2.4.4.Phase behavior and binary vapor-liquid equilibrium (VLE) of biodiesel
production with SCM

The phase behavior in biodiesel production with SCM has gained much interest
due to the unusual behavior of the rate constant that increases with increasing pressure
and the fact that the'required optimal operating parameters can become milder with the
addition of co-solventss

Early works.on the transesterification with SCM were based on the supercritical
conditions of methanol, sinder which a single-phase mixture was assumed. However,
more recent works on‘phase be_havior,?;)en_formed in a high-pressure view cell reveal that
complete reactionscan be obtained in ;i_ther a single-phase supercritical or a two-phase
VL region [56, 57]. For insténcé, the réz{;ti;n between soybean oil and methanol at 300

% ol

°C and 9.6 MPa is observed;as.a two-phase i\l;L, resulting in biodiesel with a ME content
of 99% [56], while a singl_q_—phase super@,ﬁ»éal_mixture is observed beyond 350 °C and
10.0 MPa, with-99% triglyceride conversion [54].

Transiti;)n temperature of VLL to VL equilibria decrease with increasing
methanol to oil -miolar ratios [54, 56]. For example, ‘Anitescu et al. reported [54] that
reaction mixtures_arepartially miscible ip'to_temperature close to 350 °C at a methanol
to oil molar ratio.of 24:1, while Hegel ‘et al. [48] observed fthat the two liquid phases
become completely miscible at 180 °C and 157°C with a methanl'to oil molar ratio of
40:1 and 65:1, respectively.

Transition from a two-phase VL system to a one-phase supercritical system is
found to occur near the critical temperature (T ) of the mixture, as calculated from the
methanol to oil molar ratio and co-solvents [54]. For instance, the critical temperature of
the mixture predicted by Group Contribution with Association (GCA) EOS was 377 °C at

a methanol to oil molar ratio of 24:1 [56] where the transition temperature observed is

higher than 350 °C [54]. Marulanda et al. [65] also reported that a critical point of
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triglyceride + methanol mixture has T_ of 300 and 400 °C at molar ratio of 42:1 and 6:1,
respectively which corresponds with the optimal conditions for high conversion.

The addition of propane reduces the transition temperature of the two-phase VL
to a one-phase supercritical. For example, the transition temperature at a methanol to oil
molar ratio of 65:1 can be reduced from 315 °C (predicted T, of 327 °C) to 243 °C
(predicted T, of 247 "C) when 24%by weight of propane is added to the reaction [56].

In actuality, the vapor-liquid eguilibrium (VLE) of biodiesel production with
SCM is complicated because the syf}em is'not.enly a multi-component one, but also is
under supercritical conditions [73].|A biodiesel system can consist of 5 to 8 types of
FAMEs, reaction. intermediates such as mono- and diglycerides, and a combination of

FFAs in the triglyeeridefecdsioek. =

Binary systems/haye beéé inv§_§t.igated in some fundamental studies on the phase
behavior in SCM, of major ébmponétntsJ “and methanol and correlated with particular
thermodynamic models summatized inl:'l?___abl_e 2.6, with the binary interaction parameters
for the van der Waals (VdW) mixing ru;}fe"'be_ing given in Table 2.7.

The binary VLE of i mqhaiiol [19] and sunflower oil + methanol [14]
were investigated at températufes below: fké.“éfifical point of methanol so as to avoid the
effects of intéff&eme—due—to—eempesﬁitawehangewi» the transesterification reaction
progressed. Si.n‘ce'the exact molecular structure of sunﬂo;ver oil is unknown, the critical
properties of tri(ﬁéin are assumed, as estimated by Gani et al. [74, 75]. The Peng—
Robinson, (PR EQS) and the VAW ‘nixing rule models’have been tested on the sunflower
oil + methanol system and give approximately 1 to 2 % relative deviation at temperatures
belows220, ‘@ Thereforesit ean berdednced-thatthesPR EQS-and-V dWymixing rules can

be used to predict the triolein + methanol system within the temperature range of 60 to

220 °C, due to the agreement between these two reports [14, 19].
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Measurement range Proposed
Researchers Binary system ] thermodynamic
T(C) P (MPa) model
Tang et al. [19] Triolein + MeOH 60 — 190 6.00-10.00 PR EOS and
VdW mixing rule
Glisic et al. [14]  Sunflower oil + MeOH 200 230 290-5.60 RK-ASPEN EOS and
7 VdW mixing rule
Shimoyama et al. MethylLmyristatc +MeOH 220 —270... 2.16 —8.49 PRASOG model
[18] Methyifaurcate +#MeOH
Fang et al. [55] FAMBS C18f mixgure + * __250 —~300 245-11.45 PREOSand
MeOH. A - VAW mixing rule
Shimoyama et al. Methyl myristate + MeOH 2202270 2.16 - 8.49 SRK, WS mixing rule
[16] Methyl laurcate +Me®OH ; and COSMO-SAC
—— theory
Shimoyama etal. Glycerol + MeOH 220— 300 227-878 PR-SV EOS and
[17] A VdW mixing rule
Hegel et al. [56,  Methyloleate = Glycerol + 270=315  7.00 - 21.1  GCA EOS model
57] MeOH + Propane
Glisic et al. [15]  Sunflower oil + MeOH 150-210 1.1-45 RK-ASPEN EOS and

VdW mixing rule

Flash calculations, using the Redlich-Rwong-ASPEN (RK-ASPEN) EOS and

VAW 'mixing rules with optimized binary interactions [14], ofithe triolein + methanol

system have been used for methanol to oil molar ratios of 42:1 to clarify the role of

phase behavior on the rate constants. From the calculations, one can infer that a high rate

of reaction takes place only in the vapor phase at low density, whereas in the liquid phase

a low reaction rate mainly occurs. Thus, it can be concluded that biodiesel production

with SCM at a methanol to oil molar ratio of 42:1 is a low-density vapor phase reaction.
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Table 2.7 Binary interaction parameters of the VdW mixing rule which correspond with the

thermodynamic model in Table 2.6.

Binary interaction parameter

Researchers EOS Binary system
k; L;
Tang et al. [19] PR Triolein + MeOH 0.0289 -0.0109
Glisic et al. [14] RK-  Sunflower oilof 4 ~*S00E) o9 LRI 1175
ASPEN = MeOH
Fang et al. [55] PR Methyl Cf8 esters % +0.6069 0.1450
mixture -+ MeOH
Shimoyama et al. PR-SV'" _#Glyeerol-#MeOH 17’;(7[% -0.3977 -0.0990

[18]

The binaryVLE of methyl laufgte; (C,,) + methanol and methyl myristate (C,,) +
methanol is found to cosrelate’ with tﬁé':"nfc-)le fraction of each phase using the Peng—
Robinson Stryjek—Vera (PR-SV)-EOS aJr;d ;AJ?OG mixing rule (PRASOG model) [18].
The FAMEs C18 mixture + methanol [SST j.;ystem have also been studied in a similar
apparatus with'the classiéﬁi-PR EOS an-d V:iW mixing fules to model the system. The
C18-methyl eéter-mixture + methanol system obeys the PRV EOS and VdW mixing rule as
equally well as did the triolein”+ methanol system, although the temperature range
between the two systems was different.

The phase behavior of soybean oil + 'methanol + propane has been investigated
and modeled by Group Contribution with Association (GCA) EOS [56, 57]. Unlike the
previous works, ‘which wete aimed to fit the model to the.composition-of each phase, this
work calculated the phase envelope of the final reaction mixture (methyl oleate +
methanol + glycerol + propane) to study the role of phase behavior on conversion. The
results show that the reaction mixture possibly becomes a single phase at lower
temperatures by adding propane as co-solvent.

Studies on the VLE of biodiesel production with SCM shows that the initial
(triglyceride + methanol) and final (FAMEs + glycerol + methanol) reacting systems
follow different thermodynamic models, and this is probably because of the changing

polarity of the mixing fluids and that the polarity of the mixed fluids affects the
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predictive ability of the model. For instance, the COSMO-SAC model is more predictive
than the UNIFAC model for the FAMESs + methanol system [16]. Therefore, it should be
noted that no single thermodynamic model is available that can correlate the VLE of both
the initial and the final states of the reaction system.

The VLE of sunflower oil + methanol was observed in high-pressure view cell
and simulated composition profile during the reaction took place by ASPEN PLUS®
software ® at 210 °C, 4.5 MPa and 42;1 imethanol to oil molar ratio [15]. The mixture at
the beginning of reaction is the eqliilibria of two liquids (methanol rich phase and oil
phase) and one vapor.phase (pure methanol). Afier 10 hours the reaction was complete
and obtained single"phase mixture pf 52.3, 42.4 and 5.3 % by weight of methanol,
FAMESs and glycerol, sespectively. 'll.'he composition profile in each phase during the
reaction took placeswaspredicted WellL_‘p;/ thermodynamic model which proposed in their
previous work [14]. : -';.

2.4.5. Innovative technologies:. for milder operating parameters in biodiesel
production with SCM 4 'f;{ -

Elevated operating'tem:perature,éeislj_éﬂure and methanol to oil molar ratio are the
primary obstacles for commiercial scale Bi&éi‘ééél production with SCM, as mentioned in
the introduction. The-demonstrated-techniques-for-lowering those operating parameters
and the new I;ararneters are summarized in Tables 2.8 and 2.9, respectively. The

demonstrated techniques can be divided into three groups: (i) the addition of co-solvents,

(ii) the addition of catalysts/and'(iif) the'modification’ of the|SEM reaction.

2.4.5.1.Addition of co-solvénts

The additionsof corsolvents can deerease the optimal operating parameters
i.e. temperature, pressure and methanol to oil molar ratio because the co-solvents
assist the VLL methanol-oil mixture transition to VL and become a single phase.
Carbon dioxide is a good solvent for small and moderate sized organic molecules,
while propane is an excellent solvent for vegetable oils. Small amounts of co-
solvents, for example, 0.10 mole of CO, or 0.05 mole of propane per mole of

methanol are typically used [8, 47] resulting in high conversion at relatively low
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operating parameters because the co-solvents increase the homogeneity of the system

and do not affect the reaction mechanism.

Table 2.8 Demonstrated techniques for reducing the operating parameters of biodiesel production

with SCM.
Researchers Demonstrated technique Lowered operating parameter
Cao et al. [47] Using propane,as a co-solvent T,P,Mandt
Han et al. [8] Using CO, as a co-solyent T,P,Mandt
Anitescu et al. [54] Using €O as a co-solvent P,Mandt
Wang et al. [48] Using 0.5% (w/v) NaOH as a T,P,Mandt

Yin et al. [51]

Wang et al. [50]

Demirbas [49]

catalyst

Using 019 (w/v) KOH as a catalyst

T, P, MeOH and t

Wang and Yang [52]

Minami and Saka [10]
D’Ippolito et al. [13]

Marulanda et al. [64,

65]

Wsing 0.2% (wiw) H;PO4 as a T,Pandt
catalyst .

Using 3% (wi) CaO aé-'a’éatalyst T,Pandt
Using 3% (%/53) Nano;ﬂﬁfg_()_ as a T,P,Mand t

catalyst —-
Using fwo-step technoibgy - T; P, MeOH and t
-Using separated two tubular reactors T,Pand M

Using high operating temperature P, M and t

T: temperature, P: pressure; M:imethanol to oil molariratio; t: reaction time

Anitescu et al. [54] suggested that biodiesel production with SCM should be
garfied ‘Ouit within) the témiperaturé range of 350 /to 400°°Q, ‘4. préssure range of 10.0
to 30.0 MPa and a residence time of 2 to 3 minwith CO, as co-solvent. Under these
conditions, they report that the decomposition (or dehydration) of glycerol takes
place and the transesterification reaction is shifted forward. The authors claim that
the inert co-solvent (e.g., CO,) used to enhance the oil-alcohol miscibility may also
act as diluents to slow down the FAME thermal decomposition. Since the addition
of CO, increases the oil-methanol miscibility, the methanol to oil molar ratio can be
reduced to 6:1 while maintaining nearly complete conversion. Additionally, they

state that an enormous excess of methanol is not necessary within the temperature



31

range of 350 — 400 °C as the reaction occurs instantly at the inlet and then forms a

homogeneous phase and reacts to completion shortly afterwards.

Table 2.9 New operating parameters of biodiesel production with SCM by the techniques

outlined in Table 2.8.

Reaction

ME content/
T P Reactor conten
Researchers . Oil type Conversion
(O MP type (%)
Cao et al. [47] p— Soybean  250-mL 98%
BRs ME content
Han et al. [8] 250-mL  98%
BRs ME content
Anitescu et al. [54] 7-mL ~98%
TR Conversion
Wang et al. [48] 200-mL  97%
BRs ME content
Yin et al. [51] 250-mL  98%
BRs ME content
Wang et al. [50] 7 et et e e TR 96%
ME content
Demirbas [49] : Sunflower 100-mL  98%
ﬂuﬂ’mﬂﬂ‘ﬁwmﬂ‘iBR e
Wang and Yang [52])] 250 24.0 36 1 Soybean  200-mL  96%
TQNT) ‘im %17 Vel ﬁ o
M1namlﬂSaka a& 20.0 24:1 ’l apeseed O-EJ 95%
[10] TR ME content
D’Ippolito et al. [13] 290 14.0 10:1 N/R N/R TR ~99%
Conversion
Marulanda et al. [64, 400 10.0 6:1t09:1 4 Soybean TR ~99%
65] Conversion

N/R: Not Reported; BR: Batch Reactor; BRsh: Batch Reactor with shaking, BRs: Batch Reactor

with stirrer, TR: Tubular Reactor, MFR: Mixed Flow Reactor
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Imahara et al. [76] hypothesized that the addition of CO, improves the
conversion in a batch reactor because the system pressure is enhanced, since the
pressure of the CO, containing system is higher than the base system, which
consisted of methanol and vegetable oil in the isothermal reactor. The hypothesis
was tested under mild conditions of 270 °C and 10.8 MPa for a slow reaction to
clarify the effect of adding CO, on the conversion. However, it was found that the
addition of CO, did not increase the ME content significantly in either batch or
continuous reactoss.in a quasi-j:onstant piessure. Moreover, an excess amount of
CO, reduces the Micontent due to the dilution and obstruction of the reactants.

Otheie€o-solvents, sucl_l as N, hexane and THF, are presently being
investigated for their effect on bliodiesel production with SCM, but to date, the co-
solvents evaluated do not signiﬁc:a}rlltly increase the conversion, specifically at high
methanol to oil molar ratios whé;re,"-for example, Imahara et al. [76] reported no
benefit for a methanol to oil molaf-}@tiq- of'42:1, but could not draw a conclusion for
lower methanol to 01l melar ratioézii-lqwever, Anitescu et al. [54] observed a two-
phase mixture of methanol and sogil_;e:‘eijl.‘; oil at 400 °C and 20.0 MPa with a 6:1
methanol to oil molar-tatio, which;—igfié;r'g'ed into a single phase with almost 100%
conversion=by-the-addition—of 4% mele of €O, in methanol. In conclusion,
additional étu’dies on the effect of co-solvents at low rrlnethanol to oil molar ratios are
necessary to élarify the role of co-solvents in biodiesel production with SCM.

In terms of" product’ purification and’co-solvent recycling, gaseous co-
solvénts, such as CO, and propane, are more attractive than liquid co-solvents. Only
asmall amount.of gaseous corsolvents/(0Q. 'molepen mole of methanol) are required
for milder operating parameters, and these can be €asily separated from the final
product by expansion. While liquid co-solvents and methanol can be simultaneously
recovered by distillation, as their boiling points are close to that of methanol (65 °C,
66 °C and 69 °C for methanol, THF and n-hexane respectively), this requires an
additional energy input. On the one hand, hexane is immiscible in methanol, thus
phase separation is necessary for hexane recycling. On the other hand, THF is
completely miscible in methanol and improves the solubility of methanol in

vegetable oils and forms a single phase mixture of vegetable oil/methanol/THF at
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ambient temperature and pressure [77, 78]. Such phase behavior is beneficial as the
methanol/THF mixture can be recycled directly, with only a small amount of
methanol addition being required to replace that lost in each cycle. In conclusion,
the addition of liquid co-solvents requires additional separation steps, while the
addition of gaseous co-solvents requires only a few additional separation steps that

offset its strong point in biodiesel production with SCM.

2.4.5.2.The addition of catalysts to.the SCM reaction

By adding the appropriate catalysts;it'has been shown that both the optimal
temperature and reaction time become lower, but the methanol to oil molar ratio
could not be rediiceds Hor example, the addition of nano-MgO increases the rate
constant some 112 foldfrom 420 %10 s t0472x 10" s ata temperature of 250
°C, and tranSesterification, with n_g‘nQZMgO catalysts reach the point of maximum
conversion faster than that in‘the al;s_ence of the catalyst at low temperatures [52].

Wang et al, [48J] ;tudied t{l}p Jr:eaction of crude rapeseed oil in the SCM
reaction with NaOH agé I:Iatalyst am-ll ;_g?ported that soap formation does not take

place at supercritical conditions and:tﬁqt the rate of reaction is faster than that in the

catalyst free condition. The crude rapeseed oil emplpyed in their work had a 1%
(w/w) mois’;ﬁre content and an unknown FFA contéﬁt. In fact, the reaction between
NaOH and the FFA occurs rapidly due to the strong-opposite charges of both species.
Thus, it can be deduced that the reaction between the SCM and the FFAs is possibly
faster than that betiween ithe.strong base and weak acid réaction, and as a result, the
soap formation did not occur in the SCMz=teaction. When 0.1% (w/v) KOH was
added | [5]], ‘the! reaction; of refined soybean oil went to| completion under milder
conditions, as expected. On the other hand, in the investigation into the reaction of
acidic and refined soybean oil with SCM, with and without the addition of H,PO, as
the catalyst, the acidic soybean oil provides a higher ME content than the refined oil,
as the FFAs probably act as catalyst [50]. The addition of H,PO, accelerates the
reaction markedly because it is a stronger acid than the FFAs. Therefore, the

presence of a weak acid in the feedstock, or the addition of H,PO,, improves the ME

content in the SCM reaction under these conditions.
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In general, the addition of homogeneous catalysts to the SCM reaction is not
an attractive idea, despite the faster resultant rate of reaction than the catalyst free
process, because of the problems of subsequent product purification and waste
management that are seen in the conventional process.

Heterogeneous catalysts, such as nano-MgO and CaO, have been applied for
biodiesel production with SCM [49, 52], where maximum conversion is achieved at
relatively low temperatures and pressures: compared with catalyst-free conditions.
The addition of heterogeneous (iiitalysts to.the SCM reaction is an attractive idea to
lower the operating-parameters, since the subsequent catalyst separation is easier and
can be recycleds unlike the homoigeneous catalysts. In conclusion, further studies on
heterogeneousicatalysts'in the SCIT.M reaction, such as the effect of water and FFAs,
and the durability and reusability (if ;:atalysts, would be very interesting.
2.4.5.3. Modifigation of the Scmeﬁction

The firsty modification of!-.dthe SCM reaction, namely the two-step or the
Saka-Dadan process was: -presentééftb-y Minami and Saka. [10] In the first step,
vegetable oils are hydfbiyz-ed n subcgﬁéél water at 280 °C and 20.0 MPa to obtain
fatty acid_produects. ’Thén; glycerojlf Hﬁd_Water are_removed from the fatty acid
products inia—high-premahase-separator. in-the-sccond step, the fatty acids are
esterified iri SCM at 280 °C and 20.0 MPa to biodies’eii

The "fwo-step process reduces the harsh optimal operating parameters
successfully due to several'points. First, the hydrolysis reaction does not need to go
to coinpletion because all the glycerides (mono-, di- and tri-glycerides) are converted
to:FAMEs, inithe:next:step: Second; mono-sandidisglyceridesthave a higher reactivity
than the triglyceride and so, these undergo almost complete reaction. Third, the
esterification and transesterification reactions in the SCM reaction are driven forward
as a result of the removal of the by-products (both water and glycerol). Fourth, the
fatty acids have a somewhat better solubility in the SCM because they are relatively
smaller molecules with a higher polarity than the triglyceride. Finally, Minami and
Saka reported that the rate of the esterification reaction is enhanced since fatty acids

act as acidic catalysts [10].
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However, against the above is that the two-step process is more complicated
than the single-step process, especially from the point of view of the process design,
where it requires both more design and operating skills. The process has high-
pressure reactors that connect in series with a high-pressure water-glycerol-FFA
phase separator. Furthermore, the sweet water (aqueous solution of glycerol) stream,
which is contaminated by trace amounts of FFAs, requires more separation units to
manage. For instance, the distillationstower is the simplest separation unit for
handling the sweet-water, but cgnsumes a.large amount of energy to operate, being
somewhat the same-as‘in the case of methanelrecycling.

The seeond modification of the SCM reaction, the dual-reactor process, was

|
introduced by’ Ippolito et al. [13], who suggested the technique of employing two

reactors with intermediate glycerol removal to lower the operating parameters. This
technique has bgen studied in bio&iesfél production by homogeneous, heterogeneous
and enzyme catalytic systems [79-é31']_i. Computer simulation shows that by using this
technique, the methanol to' oil molé-r.a"?at_io and pressure can be reduced from 42:1 to
10:1 and from 14.0 't'c‘)r 10.0 MPa;:f__':i-if;'sJi;ectively, but the temperature cannot be
significantly reduced” without loss :éff-"'.tréh‘sesteriﬁcation efficiency. These authors
suggest thaﬁapprex'rmafely—?é%ﬁf the-conversion-edn be achieved in the first reactor
and that thé reaction proceeds to completion in the'l{c;xt reactor. Although the dual-
reactor procé‘s-s can significantly improve the economical feasibility of biodiesel
production \with SCM!in ¢omputer simulations, it: shouldsbe noted that the optimal
operadting parameters from simulation results were low and, this means that some
experimental werification'is still required:

The third modification of the SCM Teaction Was the incréasing of operating
temperature to 400 to 450 °C by Marulanda et al [64, 65]. The operating pressure,
methanol to oil molar ratio and reaction time for complete conversion were reduced
to values of 10.0 MPa, 6:1 and 4 min, respectively. Since the critical point of
mixture depend on the methanol to oil molar ratio as mention in Section 2.4.4, the

reaction mixture at 6:1 methanol to oil molar ratio can perform in single phase at

400 °C effectively.
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According to the reactions of vegetable oil with SCM above 400 °C, the
UFA is partially consumed by thermal degradation then the oxidation resistance or
storage stability of the biodiesel is enhanced. Marulanda et al. [64, 65] reported that
thermal degradation at 400 °C simultaneously converts UFA esters, triglyceride and
glycerol to oxygenated liquid fuel with triglyceride conversion up to 99.5 % and
without gaseous product loss: In addition, glycerol dehydration not only increases
the fuel yield by up to 10 %, but alsosreduces the amount of glycerol by-products
[82]. Given that the price of glz/cerol decieased in price by 1/ 10" of its value from
2004 to 2006_[83]y the. reduction in glyecerol yield will have no detrimental
consequence..Rathes the simult_aneous conversion of glycerol to liquid fuel is an
alternative option willincrease tlllle profitability of biodiesel production with SCM.
Furthermore, the transesteriﬁcati(;_gﬂwith SCM at 400 to 450 °C reduces the required
reaction timeg by, sign'iﬁcantlj-";- enhancing the chemical kinetics of the
transesterification and other side-ré;igtions. The reactions of vegetable oil with SCM
at 400 to 450 °C illustratefseveral{a{dyantages for biodiesel production with SCM,
such as improvement “of fuel propeljz_‘r’_-l:.e:‘s’J,;J conversion of glycerol to liquid fuel and
acceleratign of (henBlcHitEkinatcs ST =

Triglyeerides-conversion-to-biodiesel-with SCM at 400 to 450 °C might
ultimately lzea'd to a biodiesel product that fails to méet the designated International
standard (ENi4214) as its ME content is less than 96.5 %. However, such a biodiesel

product“might be comnsidered ‘as|an-alietnative” biofuel“that would require further

studi€s on engine testing and fuel properties itself [63].

2.5. "Literature reviews
Diasakou and coworkers studied on the thermal non-catalytic transesterification
of soybean oil with methanol [43]. Experiments were carried out at temperature of 220
and 235°C, initial pressure of 5.5 and 6.2 MPa and methanol to oil molar ratio of 6:1 to
27:1 in a Parr reactor model 4560. After the reaction was finished, the samples
withdrawn from the reactor were rapidly cooled and stored about 24 hours, a spontaneous
phase separation occurred. The lower, heavy glycerol phase was glass clear, and the top,

ester phase, were obtained. The ester phase was washed four times with water at 30 °C to
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remove the possible traces of alcohol and glycerol and then analyzed. The samples were
analyzed by thin layer chromatograph fitted with a flame ionization detector (TLC/FID).
A reaction mechanism was proposed as a first order irreversible reaction and a
corresponding kinetic model had fitted with the experimental data. The rate constants of
the kinetic model were determined. It is observed that ME content has surpassed 85 wt%
after 10 h reaction time at 235°C and 67 wt% after 8 h at 220°C.

Saka and Kusdiana investigatedstransesterification reaction of rapeseed oil with
SCM [6]. The experiment was carrieg outin'a Ssml batch reactor made of Inconel-625 at
temperature of 350 and400 °C. pressure of 45 to-65 MPa, and with methanol to oil molar
ratio of 42:1. The seactowwas chargeid with a given amount of rapeseed oil (2.00 g) and
methanol (3.36 g)#Then; the reactor l.Was shaken and quickly immersed into the molten
tin bath at 350 or 400 ‘@, and kebt fo{glset time (10 to 240 seconds). When the set time
was achieved, the reactor was Eluenche:‘";ii in a water bath to stop the reaction. The content
in the reactor was then allowed. to s;,;t_le for phase separation. The upper and lower
portions were analyzed by HPLC. Théﬁ)wer portion was glycerol by comparing with
standard glycerol chromatd'gfan-l, and the_u_ppJé‘r portion was methyl ester. From the result,
the optimal conditions found were temp;cffé'fiife' of 350 0C, pressure of 19.0 MPa and 240
seconds, with 987%—ME—cenfeﬂt—iﬂ—product;

Kusdiaila'and Saka studied the kinetic of transe’sériﬁcation reaction of rapeseed
oil in subcritical éﬁd supercritical methanol within teniperature range of 200 to 500 °C,
pressur¢ range 0f10.0 to 65.0 MPa and‘methanol to 01l molatratio range of 3.5:1 to 42:1
[39]. Thelequipments and experimental procedure were employed from their previous
worke[6]:The, resultsyindicated) thaty thenrate ofreaction jinereased dramatically in the
supercritical region. It was evident that at subcritical ‘temperature below 239 °C, the
reaction rates were slow but much higher at supercritical state, with the rate constant
increased by a factor of about 85 at the temperature of 350 °C. The reaction temperature
of 350 °C was considered as the best condition, with the methanol to oil molar ratio being

42:1 and pressure of 45.0 MPa.
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Demirbas investigated the transesterification of six vegetable oils (cottonseed,
hazelnut kernel, poppy seed, rapeseed, safflower seed and sunflower seed) with SCM [7].
The study was carried out in a 100-mL reactor made of 316-stainless steel at reaction
temperature in range of 177 to 350 °C and methanol to oil molar ratio in range of 1:1 to
41:1. In typical run, the reactor was charged with given amount of vegetable oil (20 to 30
g) and methanol (30 to 50 g). After each run, the gas was vented, and the content was
poured into a collecting vessel, then the /ME centent was analyzed by GC. The optimal
conditions were temperature of 350J0C, mole efsmethanol in vegetable oil of 41:1 and
200 seconds of reactionstime, with product of over 95 % ME content.

Kusdiana.and Saka investiggted the effect of water and free fatty acid on the
yield of methyl esters in transesteriflflcation of triglycerides and esterification of fatty
acids as treated by SCM comparing;\;vith homogeneous catalytic process [41]. The
reactor and experimentallemployed pr(;;pe&hre the same as in their previous study [6]. For
transesterification reagtion, the .presenéde'.-oﬁ-water (less than 5 %wt) and free fatty acid
(less than 30 %wt) did not have a 51gmﬁcant effect on the ME content, as complete
conversions were achieved tegardless of _'[]:lﬂ c‘bntent of water or free fatty acid. For acidic
and basic catalyzed reacfion, the ME cbrite'rit‘ dramatically decreases with increasing
water and fre¢ fatty-acid-content=tor-esterification-reaction, the amount of water had a
negative effect (:m ‘the ME content which was catalyzed by 7both acidic and basic catalyst.

Warabi and coworkers investigated the feactivity of esterification and
transestérification reaction with' various-alcohols (C/ to ‘€ Wwith fatty acids (C,, to C,,)
and rapeseed oil, respectively [46]. The reactor and experimental procedure employed
were thersame,asin.theirpreviousistudy (161 The, reaction temperature was set at 300 °C
in, all experiments while the pressure varied due to vapor pressure each alcohol was
unequal. The results showed that transesterification of rapeseed oil were slower than
esterification of fatty acids for any type of alcohols. According to types of alcohol and
reactivity, methanol was the most reactive, while 1-octanol was the less reactive, that was
in correspondence with their critical point. Furthermore, saturated fatty acids such as

palmitic and stearic acids had slightly lower reactivity than that of the unsaturated fatty

acids such as oleic, linoleic and linolenic acid.
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Madras and coworkers studied the transesterification of rapeseed oil and
cottonseed oil in SCM and superecritical ethanol (SCE) [66]. The effects of temperature
(200 to 400 °C) and methanol to oil molar ratio (40:1 to 42:1) were studied in a 8-mL
batch reactor. The amount of methanol and vegetable oil were adjusted by trial and error
to maintain the pressure of 20.0 MPa at desired temperature. This study indicated that the
conversion in SCM was slightly lower than that in SCE, which was contrasting with
Warabi and coworkers finding [46]. An explanation for higher conversions in SCE may
be attributed to the solubility of the ?il in-the SCE system. The optimal conditions were
400 °C, 20 MPa and-aleohol to oil molar ratie-of 40:1 at 30 min for both alcohols.
Moreover, this _study investigated_ the enzyme-catalyzed biodiesel production in
supercritical carben dioxide (SCO,), ll‘?ut only 30% conversions were obtained at optimal

conditions. A

Cao and coworkers/prepared l-o';,ioc‘ﬁesel from soybean oil with SCM and propane
as co-solvent [47]. A 250-mL cylindric-eil.:__reactor made of stainless steel, equipped with a
magnetic stirrer and internal cooling wa,f:. used. The reaction vessel was charged with a
given amount of soybean oil (50 to 70 g)iénj‘d;ﬂmethanol (60 to 80 g) with different molar
ratios, and a known amount of propane \;R;E-I-S:ﬂl_eh added to_the reactor as co-solvent. The
addition of piiopane-at-the-propane-to-methanol=meiat ratio of 0.02:1 to 0.1:1 in the
reaction systen{ Significantly decreased the severity of &16 conditions required for the
supercritical reaction. The optimal conditions found from this study were the temperature
of 280 {C; tlie [ptessure of 13 (MP4, méthaiiol to' vegétable ‘il molar ratio of 24:1 and
propane to/methanol molar ratio of 0.04:1.

Han~andn coworker~inyestigated .effect, of rcarbon~dioxide; as co-solvent in
biodiesel production from soybean oil in SCM [8]. The study was conducted in a 250-mL
stainless steel reactor. The given amount of soybean oil, methanol and carbon dioxide
were charged altogether in the reactor. The addition of carbon dioxide significantly
reduced the optimal conditions of production biodiesel with SCM. The optimal amount
of carbon dioxide was 0.1 per mole of methanol. At the temperature of 280 °C, the
pressure of 13 MPa and methanol to vegetable oil molar ratio of 24:1, nearly complete

conversions were obtained. The results from this work were similar with the addition of
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propane as co-solvent [47]; carbon dioxide is non-flammable, it is more appropriate than
propane.

Bunyakiat and coworkers invented the continuous production of biodiesel by the
transesterification reaction of coconut oil (CCO) and palm kernel oil (PKO) in
supercritical methanol without using any catalyst [9, 44]. The oil and methanol were
pumped in two different lines by HPLC pumps, preheated separately while flowing in the
coil preheaters. After preheating, the two'lines.were mixed at the reactor inlet. Both the
preheat lines and the.reactor weze immersed=in an electrically heated salt bath.
Experiments were studied at 270, 300 and 350 °C at a pressure of 10.0 and 19.0 MPa
with various methano! tefoil' molar r_atios from 6:1to 42:1. It was found that the best
condition to produce biodiesel from I‘CCO and PKO was; reaction temperature 350 °C;
methanol to vegetable joil; molar ratié 24 and residence time 400 seconds. The ME
content was 90 % and 835 % for CCO qnd PKO, respectively. The produced methyl ester
fuel properties met the specification of: tile ASTM biodiesel standards.

He and coworkers developedft;ﬁe continuous system for transesterification of
vegetable oil with SCM in a tubular reactg_:-r-_f’i;'ll]. Increasing the methanol to vegetable oil
molar ratio, reaction pressure-and reacti;o'gri-"";eihperature enhanced the ME content in the
product effectively:=—However;~thermal-degradation—of tnsaturated fatty acid (UFAs)
methyl esters oéCUrred when the reaction temperature wasriover 300 °C, leading to loss of
material. The optimal reaction condition under isothermal process was 310 °C, 35 MPa,
40:1 methanol [to' vegetable |oil molar ratio fat 25 minof residence time; whereas, the
maximum ME content was only 77%. Consequently, they proposed a gradual heating to
solyerthe'thermal degradationof UEAssthen"ME-content'ecould beincreased to 96 %.

Minami and Saka studied kinetics of triglyceride hydrolysis in subcritical water
and fatty acid methyl esterification in SCM for biodiesel production in a two-step process
in a continuous tubular reactor [10]. The objectives of this paper were two folds; to
obtain the high-quality biodiesel fuel and to reduce the temperature and pressure at
optimal condition. In the two-step method, backward reaction of glycerol with methyl
esters can be suppressed because glycerol is removed prior to methyl esterification. The
high-quality biodiesel fuel can be produced, which has low total glycerol content

comparing with the one-step method [6]. The hydrolysis of triglyceride in subcritical
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water and methyl esterification in supercritical methanol can allow more moderate
reaction conditions (270 °C, 7 to 20 MPa and 1:1 v/v water to oil or methanol to oil
ratio). Furthermore, initial fatty acid in vegetable oil was found to act as acid catalyst,
and simple mathematical models were proposed in which regression curves could fit well
with experimental results. The optimal condition of this process was 270 °C and 24:1
methanol to vegetable oil molar ratio, that was milder than the one-step process [6].

He and coworkers investigated sransesterification kinetic of soybean oil with
supercritical methanol-at temperaturi range6f 200-to 280 °C and pressure range of 8.7 to
36 MPa in 200-mL_bateh reactor [61]. The apparent activation energies were found
different with the subcritical.and sup?rcritical temperature of methanol, which were 11.2

|
and 56.0 kJ/molegrespectively, The reaction pressure considerably influenced the ME

content in the pressure range from arﬁ}{ent pressure up to 25.0 MPa (280 °C, 42:1). At
pressure below 15.5;MPa, the ﬁressure;:ilaa a considerable impact on the ME content, for
instance, the ME content/inereased frgr'ni 56.1 % at 8.7 MPa to 81.7 % at 15.5 MPa.
However, the influence of pressure on ME.content was small within the at pressure range
of 15.5 to 25.0 MPa and it Was neghglble_abdve 25.0 MPa. The effect of pressure on the
rate of reaction could be 1nt€rpreted w1th Jche“t'railsltlon—stVate theory that was described by
the reaction acﬁvatien—ve}ume—(ﬁ\ﬁ)--in' Equation—(2:4). At pressure of 28 MPa, the
product betwee;l the reaction activation volume and pres;ure accounts for 10.3% of the
apparent activatidh energy.

Varma and Madras investigated-the kinetics of‘biodiesel production with SCM
and SCE#from 200 to 350 °C at 200 bar [71]. The kinetics of the reaction was assumed to
be thexfirst order,jand-theactivation energiesswere determinedy The rate constants for the
transesterification in SCM were influenced by the composition of the Vegetable oils. For
example, the rate constants decreased with amount of saturated and mono-unsaturated
fatty acid in vegetable oils. This clearly shows that the transesterification reaction rate in
SCM was the highest for the triglycerides of saturated fatty acid followed by triglycerides
of unsaturated acids. The activation energies determined from the slope of the regressed
line of Arrhenius plot are 35, 55, 46.5, and 70 kJ/mole for castor oil methyl ester, castor

oil ethyl ester, linseed oil methyl ester, and linseed oil ethyl ester, respectively.
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Kasteren and coworkers described a process model to estimate the cost of
industrial scale biodiesel production from waste cooking oil with SCM [60]. A
continuous production of biodiesel from waste cooking oil model has been studied for
three plant capacities (125,000, 80,000 and 8,000 tones biodiesel/year) by ASPEN Plus®
simulation software ®. It was found that biodiesel with SCM can be scaled up yielding
high purity of methyl esters (99.8%) product and almost pure glycerol (96.4%) attained
as by-product. The economic assessment‘ofithe biodiesel plant shows that biodiesel can
be sold at US$ 0.17/L-for the largesE capaeity, US$ 0.24/L for the medium capacity and
USS$ 0.52/L for the.smallest capacity. The sensitive key factors for the economic
feasibility of the plant were ranked as raw material price, plant capacity, glycerol price
and capital coste® Overall conclus%pn was that the process can technically and
economically compete with existing ef_lélzali and acid catalyzed processes, especially for
using waste cookingoil as feedstock. -';-

Busto and coworkers .studieaj'ghe_- influence of the axial dispersion on the
performance of tubular reactors dlifri’ng_ the transesterification vegetable oil in
supercritical methanol [13}. The miscibj.-lii-;;"%f the FAME + MeOH + TG system was
measured at various methanol to oil moi—éi*i’eiﬁés, 40 °C and 0.1 MPa. Furthermore, the
Pressure-Tempetature-curve-was-determimed-in-a-32-tal. autoclave vessel at various
methanol molarj t0 ratios at temperature range of 40 to 300 °C and pressure range of 0.1
to 20 MPa. The ﬁliscibility of the FAME + MeOH +TG system, Pressure-Temperature
diagram’.and' kinetic”data [from | the| other. litetatures {39]*were used to predict the
conversion by computer simulation. The axial dispersion was described by Péclet
NumberyPers Lu/Dys Evisclength ofiithe reactoryyuy isythe=spaee yelocity; and D,, is
molecular diffusivity. The lower Pe number decreased global conversion by performs the
back-mixing phenomena, while it increased with temperature and methanol to oil molar
ratio. In conclusion, the Pe number should be in the range of 100 to 1000 to diminish the
effects of back-mixing phenomena in tubular reactors and residence time should also be

equal or lower than an hour, while axial lengths cannot be lower than 2 meters.
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Imahara and coworkers investigated thermal stability of biodiesel as prepared
by SCM process [58]. Due to conditions in high temperature and high pressure, biodiesel
prepared may possibly be thermally degraded. Thermal stability of pure FAME and
actual biodiesels from various feedstocks was studied, and discussed the effect of thermal
degradation on fuel properties, mainly cold flow properties. It was found that
polyunsaturated methyl esters such as methyl linoleate and methyl linolenate were partly
decomposed and isomerized from cis-type 40 trans-type at the temperature higher than
300 "C. These behavieis were alsoJobserved for-actual biodiesel fuels prepared from
linseed and safflowet.oils; Wwhich consist of high polyunsaturated fatty acids. However,
their temperaturessof cloud. point an_d pour point are not significantly changed above

300°C after exposute to.SCM, .

Demirbas ginvestigated biodiéslel production in supercritical methanol with
calcium oxide [49]4 The expérimenté were performed in a 100-mL reaction vessel
equipped with a magneti¢ stirrer. The--}:@lcium oxide (60 to 120 mesh) was soaked in
methanol with vigorous stirring in arié)the_r small reactor before adding into reaction
vessel. The catalytic transesterification alnﬁjfgl of CaO was quite weak under ambient
temperature. For instance, the ME conté;it'"-véés‘ observed only to be 5 % in 3 hours at
temperature 0f -62—€;~while~the-addition-of -CaO-dt higher temperature evidently
increased the ra{te'of reaction. The transesterification rea&ion was essentially completed
(over 99%) at 253 °C within 6 min with 3 wt% CaO and 41:1 methanol to oil molar ratio
that appteximately 2.5-fold faster thiatnon-catalytic process:

D’Ippolito and coworkers proposed a process design in order to minimize the
heat) consumption; and pumping powerin~biediesely productionsywithy SCM. The two
reactors with' intermediate glycerol removal are used coupling with a heat recovery by
heat exchangers and adiabatic flash drums were proposed. A computer simulation was
built with experimental and literatures data. The operation mode and the process
conditions were determined on the basis of the minimization of the energy consumption
(heat duty, cooling services, pumping power) and the fulfillment of product quality
constraints (maximum amount of bound glycerin and methanol in biodiesel). The results

indicate that carrying out the transesterification reaction in two reactors enables the use

of a low methanol to oil molar ratio of 10:1 — 15:1. The preferred operation mode
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designed first reaction stage in the perfectly mixed state and the second reaction stage in
plug flow mode. The process design under these conditions not only can reduce the total
pressure of the system but also recover the sensible heat of the product outlet stream
which can be used to completely vaporize the unreacted methanol in final product.

Glisic and coworkers discovered vapor-liquid equilibria (VLE) of triglycerides +
methanol mixtures at different temperatures between 200 and 230 °C, and a range of
pressures between 1.0 and 5.6 MPa 'in @ 2000-mL batch reactor [14]. The vapor and
liquid phase samples-were taken frgm the“bottem and top of the reactor, respectively,
then methanol was evaporated and subsequently the triglycerides content present in both
the liquid and vapor phase’ was de_:termined gravimetrically using a high precision

!
analytical balances The'expeorimental data were correlated using the Peng-Robinson,

Soave-RK and RKZASPEN equations of ‘state and different mixing rules. The best results
were obtained with the RK-ASPEN EOS and the VAW mixing rule, which was then used

to calculate the distribution of the phases at designed pressures and temperatures use for
biodiesel production with SCM..4 ';it i

Shimoyama and coworkers intraa:uéé;a activity coefficient models since they are
usually predictive without neéeding to optlmlze the entire binary interaction parameters to
available VLE Zdata—{1+6}—Fhe—authors-reported-that :the COSMO-Segment Activity
Coefficient (CéSMO—SAC) model was suitable for usej with a high-pressure system,
including both poiar and non-polar components. The COSMO-SAC model was compared
with the Universal [Fanctional Activity~Coefficient (UNIFAE) model using SRK EOS
and Worng-Sandler (WS) mixing rules [84]. The COSMO-SAC model gave a better
estimation, forstheymethyl myristate + methanoland methyldaurate # methanol systems
than PRASOG model T18]. Unfortunately, the authors did not predict the C18-methyl
ester mixture + methanol VLE using COSMO-SAC model [16].

Shimoyama and coworkers also studied the VLE of the glycerol + methanol
system using the PRASOG model to correlate the data, comparing with the PR-SV EOS
and VAW mixing rules [17]. Interestingly, the PRASOG model without interaction
parameters predicted the vapor phase composition more precisely than the VdW mixing
rules with adjusted binary interaction parameters. However, the calculated results derived

from the PR-SV EOS and VdW mixing rules with two adjustable parameters have a
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lower average relative deviation in both the liquid and vapor phases than those derived
from the PRASOG model.

Glisic and Skala analyzed the energy consumption in biodiesel production with
SCM by ASPEN Plus® simulation software [85]. This study analyzed the existing and
recently published data related to design of larger scale plant for biodiesel production
with SCM and illustrated the problem of insufficiency of the previously in the literature
published. The continuous process flow sheets for biodiesel production (10,000 ton/year)
with SCM and homegenous catagtic conventional was constructed by using the
thermodynamic modelwhich proposed in their previous work [14]. This study indicated
that sensitivity ofwencrgy balance ?alculation depended strongly on thermodynamic
models for representingsa real compléx mixture. Although the biodiesel production with
SCM consumes lagge energy in réactiékga:step, but a small amount of energy could be used
for biodiesel and glycerol purif“lcation:"';iInJ;conclusion, the total energy consumption was
2326kW for conventional process.and 22107kW for SCM process.

Kiwjaroun and goworkers elnﬁf;giifed the Life Cycle Assessment (LCA) as a tool
to study the environmentalr'i‘rrnpéct of ledifSé"i production by homogeneous catalytic and
SCM process from refinéd and ‘crude pallifﬁ"'.cﬁ"l' [69]. The energy consumption for 10,000
ton/year capacir;y—plaﬂt—ef—eaeh—pfeeess-was cateutated il HYSIS ® process simulator
with the NRTL ‘and UNIQUAC as thermodynami¢ 'r;lodel. It was found that the
supercritical procé;ss always generated a higher impact on the environment for both crude
palm oil.and! refined palm oil'due to| it-tequired large amounts of methanol during the
reaction @and consequently the energy consumption in methanol recirculation in the
recycle loop~Fominstance; .the SEM process sat, 4271 methanol~to pil molar ratio had
18,140 kg/h™ of methanol 'in Trecycle loop, compared to only 1,400 kg/h in the
conventional process. Therefore, the energy consumption for methanol recycling has to
be reduced by additional technique such as replacing the dilation column with medium
pressure flash drum [59] or innovative technologies as mention in Section 2.4.5. to make

the SCM process feasible from the environmental point of view.
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Wang and Yang employed nano-MgO as a catalyst for biodiesel production by
soybean oil with SCM [52]. The experiments were carried out in a 200-mL batch reactor
(diameter 50 mm, height 128 mm) with a magnetic stirrer. It was observed that the
transesterification reaction was essentially completed at 230 °C within 10 min with 3
‘0il molar ratio of 36:1. Such high reaction rate with
'w ivation energy of 75.94 kJ/mol. However,
ght‘li/ l(& 60 to 120 mesh CaO as reported by
T —

wt% nano-MgO and the methanol

nano-MgO was mainly owi

the activity of nano-

Demirbar [49].

Demirb to produce biodiesel with SCM
comparing with Catalytic_process | The presence of free fatty acids
(FFA) and water homogeneous catalytic process,
whereas FFA react el in SCM process. The effect of
temperature and met fﬁ\@@, ¥7; it : we investigated in a batch reactor as
described in his previ wouk 2 , the 98 % ME content was obtained
from waste cooking oil at 300-°C and 40 :thanol to oil molar ratio within 20 min of

reaction time while appro 85% ME content was observed at 60 °C with 6%wt of

KOH and 24: ‘ ----- -_7 .................... ":v. 1me.

G
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CHAPTER III

EQUIPMENTS AND EXPERIMENTAL PROCEDURES

3.1. Effect of co-solvents

3.1.1. Equipments

First, the effect of co-solvents was studied in a 250-mL batch reactor (Parr Instrument
Company, model 4576), equipped with a mechanicalsstirrer and internal cooling. The reactor was
heated with an external electrical heater. The maXimtm pressure and temperature values of the
equipment were 50 MPa and 500°€: respect;vely. The temperature of the reactor was measured
with a j-type thermocouple.and confrolled at +5°C for a set time. The pressure of the reactor was
measured with a pressure gatige and transduce.l‘r.

As the highest ME#fcontent obtained T_‘{(;m the 250-mL reactor was slightly lower than
expected, the effect of co-solvent was-studied }n a smaller batch tube reactor, whose dimension
was 9.525 mm O.D., 0.213 mm thickness and 260mm length. The total volume was 5.5 mL. The
reactor was heated by immersion in a fluidized Slé.ﬁd‘bath and the temperature was measured by a
k-type thermocouple. = sl

3.1.2. Materials -

Crude palm Kernel-oil-(PKO)-was-supplied-by-Chuinporn Palm Oil Industry, PCL. The
sample was warmed and filtered prior to use. Commercial grade rﬁéthanol, hexane (mixture of C6
isomers containing more "than 65% n-hexane) and tetrahydrofuran (THF) were used with no
further purification. fAll Standand fmiethyll €sters=fof! gasichromatograph calibration and methyl
undecanoate (intemnal standard) were supplied by Fluka. Analytical grade carbon disulfide (CS,),

which was used as.a dilution.selvent for thesgas,chromatograph, was supplied by, Merck.

3.1.3. Experimental procedure
3.1.3.1.The 250-mL reactor
The reaction vessel was charged with a given amount of vegetable oil, methanol
and co-solvent and was then heated to the desired temperature. The reaction time and
stirring speed were fixed at 10 min and 500 rpm, respectively, for every experiment. At
the end of the reaction, the reactor was quenched in an ice-water bath to about room

temperature and pressure. The content in the reaction vessel was weighed and put in a
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rotary evaporator to remove the solvent phase (co-solvent and methanol). The oil phase
was left to settle for at least 8 hours in a separatory funnel to ensure complete separation.
Two liquid phases were obtained; ester (top layer) and crude glycerol (bottom layer). The

ester layer was then analyzed for ME content.

3.1.3.2.The 5.5-mL reactor
The reaction vessel was charged with a given amount of PKO, methanol and co-
solvent and was immersed in a fluidized sand bath at the designed temperature and was
shaken manually from time to time {0 ensure uniform mixing. The reaction time was held
constant at 10 min At the end of the reaction, the reactor was then quenched in an ice-
water bath to stop the'reaetion: The solvent phasc was then evaporated by warming in a
water bath at 80°C fof 2 hours. Glycerol was separated by centrifuging at 4000 rpm for

10 min. The estef (toplayer) phase wa; then analyzed for %ME content.
),

3.1.4. Analysis of methyl esters

For the ME content measurement, a} ‘g!l‘as phromatograph (Varian Model CP-3800),
equipped with a capillary column cdate(i with po};c&i;g;thylsiloxane (30 m x 0.25 mm x 0.25 pm,
DB-1, J&W Scientific),and an liif)'rdetector, Wasﬁ'sed with helium as carrier gas. The ester
product and the knowndmount of internal standard was diluted 7With CS, before injection and
standardized by the internal standard method. The temperature of the injection port and detector
were 250°C and 280°C, réspectively. The column oven was héld at 110°C for 2 min and then
raised to 260°C at15 C/minute. The final temperature was held constant for 10 min

The ME content was calculated from their content in the biodiesel product as analyzed by
GC. The conteat/(or purity) was defined as‘a ratio'of the weight of méthyl.csters, as obtained from
GC, to thé total weight of the biodiesel product.

For the GC-MS analysis, a Shimudzu Model GCMS-QP2010 gas chromatograph coupled
with a mass spectrometer and equipped with a capillary column coated with polydimethylsiloxane
(30 m x 0.25 mm x 0.25 um, DB-1ms, J&W Scientific) was used with helium as carrier gas. The
biodiesel sample was diluted in CS, before injection. The injection port, ion source and interface
temperature were 250, 200 and 230°C, respectively. The molecular weight scan range was 50-800

m/z and 3 min of solvent cut time. The column was held at 90°C for 5 min and then raised to

260°C at 20°C/minute. The final temperature was held constant for 10 min
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3.2. Effect of additional parameters and scale-up reactor optimization
3.2.1. Equipments
3.2.1.1. The scale-up reactor
A coiled tubular reactor made from stainless steel (SUS316 tubing of 9.525 mm
0.D., 0.138 mm-thickness) was employed. The reactor received oil/hexane mixture and
methanol, preheated separately in a coiled preheater made from stainless steel (SUS316
tubing of 3.175 mm O.D., 0.094 mmy thickness). Both reactor and preheater were
immersed in a molten-salt bath. Thz molten. bath was electrically heated and controlled
by a temperature coniroller (Stgma Model SF48).Temperature sensors were equipped at
reactor inlet, molten s;}lt- bath and heater. The inlet was connected with a high pressure
pump (Thar technoic;gy Model P-50° al;lld P-200), while the outlet was connected to a
cooling coiled tubxe"ifrilmersed in;a_ cooiinlg bath. The outlet was equipped with a Tee type
filter (140 pum), a pressure seffso_r_ (Ky}),\x;é-l Electronic Instruments Model PGM-500KE)
and a back pressure regulator kGo-rééulaator Model BP-66). The inlet pressure was
monitored by high ;prfe.:ssure *rf)t;mp sgifi{%:are and outlet pressure was monitored by
Hengstler Process Indicato%li\ﬁe-del 073545566‘00. Complete experimental setup is shown

ief
- - g A b
=t ]

in Figure 3.1.

Back Pressure
Regulator

Tee Type
Fillter

Cooling Bath

olten Salt
Bath

Figure 3.1 Schematic diagram of scale-up tubular reactor for biodiesel production with SCM.
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3.2.1.2.The 250-mL and 5.5-mL reactors

The 250-mL and 5.5-mL batch reactors are described in section 3.1.1.

3.2.2. Materials

Palm kernel oil (PKO) sample was warmed and filtered prior to use. Commercial grade
methanol and hexane (mixture of hexane isomers contain more than 65% of n-hexane) were used
with no further purification. Standard mixture methyl esters that has composition refer to Lauric
oil were supplied by Restek. A mixed molten salt eonsisted of NaNO,, NaNO, and KNO, (1:5:6

weight ratio) was used as a heating medium for both the preheaters and the reactor.

3.2.3. Experimental procedure
3.2.3.1. Thescalezup reactor

The methanol /and vegetable;oil mass flow rate was measured by weighting
method at the outlet high—preséure pul‘;f}p; before feeding the reactants into the reactor.
The molten salt bath was - first heaté&-—'td designed temperature before feeding the
reactants, after inlet and outlet-flow reitéfv'ye_re approximately equal; the back pressure

’ et 4y

regulator was then closed fo-increase ﬂé—%!;stem pressure. When the system reached
steady state, as noticed from a constaﬁ;[-'-i\z;];:‘content over 90 min, the product was
collected. The ficjuid product was weighed and put in 72717 rotary evaporator to remove
solvent phase. 0l phasc was left to settle for several hours in a separatory funnel,
preferably overnight, to ensure complete separation. Two liquid phases were obtained,

ester (top llayer) ‘and crude glyeerin (bottomlayer). The ester layer was measured for

%ME content.

3.2.3.2. The 250-mL‘and 5.5-inL reactor
The experimental procedure described in Section 3.1.3.1 and 3.1.3.2 were used
to study the effect of reaction time on ME content, temperature gradient between reactor
wall and bulk fluid and effect of contaminants in crude PKO.
3.2.3.3. The 5.5-mL reactor to investigate the effect of delay quenching time
The reaction vessel was charged with a given amount of methanol and palm
kernel oil at molar ratio of 42:1 was immersed in a fluidized sand bath at 350°C and was

shaken manually from time to time. The reaction time was held constant at 10 min The
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reactor was then allowed to stand at ambient temperature for varying time then quenched
in an ice-water bath. The samples were treated before analyzed employing the same

method as described in section 3.1.3.2.

3.2.4. Analysis of methyl esters
The ME content in biodiesel samples were measured by employing the same

method described in section 3.1.4.
3.3. Residence time estimation method |

3.3.1. Equipments

A coiled tubtilarfeactor (SUS316 tubing of 1/8 in.-o.d., 0.028 in.-thickness and
80 m-length) and @wo coiled preheétéfs (SUS316 tubing of 1/8 in.-0.d., 0.028 in.-
thickness and 6 m-length) were emplo'—};ed; Both reactor and preheater were immersed in
a molten salt bath The k-type thennoé:bppl_es were equipped at reactor inlet, outlet and
molten salt bath. The inlet was connectég:l_ \.’Vith a high pressure pump, while the outlet
was connected to cooling ‘bath;-an inline!ﬁit_ér (0:50 um), a pressure gauge (Swagelok
PG5000) and a back pressure regulator."w(_-G_é;).-r,egulator Model BP-66). The schematic

diagram of theiCactor is shown in Figure 3.2.

Figure 3.2 Schematic diagram of lab-scale tubular reactor (a) high pressure pump (b) pressure
gauge (c) thermocouple (d) preheater (e) reactor (f) molten salt bath (g) double pipe heat

exchanger (h) relief valve (i) back-pressure regulator (j) inline filter and (k) sampling flask.
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3.3.2. Materials

Commercial grade methanol from [.C.P. Chemicals Co.,Ltd and palm olein oil
(major fatty acids composition are palmitic acid 37 %, oleic acid 46 % and linoleic acid
11 %) from Morakot Industries Co., Ltd were used with no further purification. The
analytical grade methyl heptadecanoate (99.5 %) and n-heptane (99.5 %) for

measurement of ME content in biodiesel were supplied by Fluka and Fisher, respectively.

3.3.3. Experimental procedure

A molten salt'bath heated (0 the reacting temperature was used for temperature
control and methanol.and wegetable oil mass flow rate was measured by weighting
method at the outlegshigh=pressure pilmps before feeding the reactants into the reactor.
After temperature siabilization of the ‘bath, palm olein oil and methanol, separately
preheated in tubular preheaters_.mglde ﬁ?om; stainless steel (SUS316 tubing of 1/8-in.-o.d.,
0.028-in. thickness and 6 /m-length), i)v_ere pumped into the reactor. Both reactor and
preheaters were immersed 1n aj-molten;;;}t JBath. The K-type thermocouples were set at

o ¢ dha
reactor inlet, outlet and molicn salt bath. :_A:fter the outlet flow was steady, the back

pressure regulator was closed 1o incre_qge_'»the_ pressure of the system. After system

pressure was constant, approximately 3 hours generally rjéquired for the system to reach a

steady state, thrée biodiesel products were then sampled at'15 min intervals and analyzed

for ME content fellowing the EN14103 standard method:

3.3.4. Analysis of methyl esters

The ME content was measured by EN14214 standard method using Shimudzu
Model GC-14B SPL gas ehromatograph equipped with auto injecior model AOC-17 and
DB-WAX capillary column (30 m length, 0.25 mm i.d. and 0.25 um thickness) from
J&W Scientific. The temperature of the injection port and detector were 250 °C and 300
°C, respectively. The column oven was held at 120 °C for 2 min and then raised to 260 °C

at 10 "C/minute. The final temperature was held constant for 5 min.



53

CHAPTER IV

EFFECT OF CO-SOLVENTS

4.1. Reaction among vegetable oil, methanol and co-solvents
To ensure that the reaction between co-solvent and other reactants did not occur, the GC-
MS chromatograms of mixed methyl esters standard and biodiesel products, obtained from

employed THF at 350 °C and the metha il molar ratio of 42:1 and THF of 5 mol in

vegetable oil at reaction time of 101 illustrated in Figures 4.1 and 4.2.

=
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Figure 4.1 GC-MS chromatogram of mixed methyl e sters stands
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Figure 4.2 GC-MS chromatogram of biodiesel from employed THF process in 250-mL reactor

for 10 min with crude PKO as reactant.



54

Intensity

fis32201 &
5 Eluted order;
150000004 Methanol
THF

10000000

2

m

o
5000000 1 '

L | :"_‘ TICH1.00
o bpd - - = : . , i

15.0
Retention time, min

Figure 4.3 GC-MS chromatog [ reactor for 10 min with crude PKO

N

as reactant.

Intensity
21,412,149
20000000~
methyl pentane
WREE -methyl pentane
n-hexane
10000000 o~ VICHIY LY opentane
-
'\" 'd| (5]
5000000 -
l' ‘ /TIC'I.OI]
0_ ¥

10 ' 100 15.0
R ntion time, min

oy ITNPURHAMEC MY -

as reacta

Comparing Figure 4.1 with Figure 4.2, it can be seen that the biodiesel composition from
the employed THF process was basically the same as the mixed fatty acid methyl esters standard.
On the other hand, from the THF and hexane chromatograms in Figures 4.3 and 4.4, one can
deduce that THF and hexane peaks did not show up in Figure 4.2. Therefore, it is concluded that

there was no co-solvent interference in the transesterification reaction.
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4.2. Effect of co-solvents on ME content in a 250-mL reactor

The experimental order (Table 4.1 and run order 1 to 12 in Table 4.2) was done
randomly. For run order 13 to 20 in Table 4.2, i.e. the co-solvent free process, the experimental
data were obtained from Table 4.1.

To eliminate the effect of pressure, the amount of reactants and co-solvent was adjusted
to a specified pressure (19.0 MPa) by using the Redlich-Kwong Equation of State and the
Lorentz-Berthelot-type mixing rule [86].. Unfortunately, the calculated pressure was not exactly
equal to the observed pressure. In some experiments, where there was a large difference between
the calculated and observed pressure, the amounts of reactant and co-solvent were readjusted by
trial and error. The observed pressures for each experiment are shown in Tables 4.1 and 4.2.

All experimental data wercanalyzed .lby the factorial design procedure [87] to obtain the

analysis of variance tables (ANOVA ), which are;shown in Tables 4.3 and 4.4.

Table 4.1 Experimental data fromemployed TﬁF process in 250-mL reactor for 10 min with
),
crude PKO as reactant --_

F i o
Run Temperature ﬁess_ﬁ'_ié ‘éi‘ to oil MeOH to oil ME content

order ‘C) (Mli_?a-)'; moiaé ratio molar ratio (Y% wt)
1 350 $7:9 {040~ 12.1 79.7
2 290 | 17.5 5.6 413 72.6
3 350 L7 19.3 4.8 399 86.5
4 290 I 17.4 5.0 41.9 73.2
5 350 v 19.0 0.0 . 41.3 84.9
6 290 16.6 0.0 42.2 63.7
7 320 19.0 2.4 24.0 79.6
8 350 19.8 5.0 12.2 79.6
9 320 17.8 2.5 239 80.4
10 350 19.4 4.9 419 79.3
11 350 19.8 0.0 12.1 80.9
12 320 19.1 2.6 24.1 79.7
13 350 19.6 0.0 42.1 85.1
14 290 16.3 5.1 11.9 45.0
15 350 21.6 5.1 12.1 82.5
16 290 15.6 0.0 12.1 43.7
17 290 16.2 0.0 11.2 47.6
18 290 15.9 5.1 12.3 473
19 320 18.0 2.5 24.1 78.6

[\®]
[e)

290 16.9 0.0 421 62.3




Table 4.2 Experimental data from employed hexane process in 250-mL reactor for 10 min with

crude PKO as reactant
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Run Temperature  Pressure  Hexane to oil MeOH to oil ME content
order ‘o) (MPa) molar ratio molar ratio (Y%wt)
1 290 19.6 4.7 41.3 62.4
2 350 18.7 4.6 40.9 87.6
3 290 19.2 5.1 12.4 46.2
4 290 20.0 4.8 42.6 65.2
5 350 18.6 5.0 12.4 79.8
6 320 i o 242 77.8
7 290 20.0 4.9 12.2 48.5
8 320 18.6 2.6 243 78.2
9 350 v 5.0 43.4 88.1
10 320 182 RS 242 76.5
11 320 1946 , 4124 241 76.6
12 350 19.0 "X 12.4 85.9
13 290 156 y 0.0 12.1 43.7
14 290 jo ¢ % 0.0 11.1 47.6
15 350 1998 0.0 12.1 80.9
16 350 17.9 0.0 12.1 79.7
17 290 16.6 00 422 63.7
18 290 1629 0_0’ 42.1 62.3
19 350 19:6 .07 42.1 85.1
20 350 19.0 0.0 41.3 84.9

Table 4.3 Analysis of variance from employed THF process in 250-mL reactor for 10 min with

crude PKO as reactant

Source Sum of Degree-of: Mean F Prob. > F
Squares Ereedom [Square Value

A (Temperature) 2583.77 1 2583.77 69.47 < 0.0001
B (THE.to oil) 1.8.28 ! 18.28 0.49 0.4966
C (MeOH to oil) 538.21 1 538.21 1447 0.0025
AB 31.45 1 31.45 0.85 0.3759
AC 338.75 1 338.75 9.11 0.0107
BC 10.41 1 10.41 0.28 0.6065
ABC 39.51 1 39.51 1.06 0.323
Residual 446.29 12 37.19
Total 4043.78 19
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Table 4.4 Analysis of variance from employed hexane process in 250-mL reactor for 10 min with

crude PKO as reactant

Source Sum of Degree of Mean F Prob. > F
Squares Freedom Square Value

A (Temperature) 3374.01 1 3374.01 142.32 < 0.0001
B (Hexane to oil) 15.18 1 15.18 0.64 0.4391
C (MeOH to oil) 421.18 1 421.18 17.77 0.0012
AB 2.16 1 2.16 0.091 0.7679
AC 141.41 1 141.41 5.96 0.0310
BC 4.314E-03 1 4.32E-03 1.8E-04 0.9895
ABC 0.082 4 0.082 3.4E-03 0.9539
Residual 284.49 1% 23.71
Total 424948 19

i

From Tables 4.3 and4.4,/the molar ra.tid"'of co-solvent to oil (factor B) and its interaction
(factors AB, BC and ABC)/had no signiﬁc%nt«;effect on ME content, as noticed from the
probability of F value less'than'0.0S, at _the coni_ﬁgl.er}g:e level of 95%. Thus, it was concluded that
the addition of a co-solvent in this process did ngt _sﬁow either negative or positive effect on ME
content. 4 “
The regression models in terms of coded t;nilé.of employed THF and hexane process can
be then correlated as shown in Equations 4.1 and 4.2, respectively: -
%ME =71.88+12.674+5.90C - 4.674C 4.1
%ME =71.21+14.534+5.12C —2.994C ™ (4.2)

where %ME is ME, content in-biodiesel product-(Yowt)

A is temperature interms of coded unit, derived by-the Equation (4.3)

_ Temperatur e (°C) — 320 4.3)
30

G is the methanol to oil molar ratio in terms of coded unit, derived by the Equation (4.4)

Mole of MeOH (mole)—27
15

Temperature (A) and the methanol to vegetable oil molar ratio (C) has positive effects on

A

C= 4.4)

ME content, and the temperature effect has a higher magnitude than the methanol to oil molar
ratio effect by approximately two folds. It should be noticed that temperature and methanol to oil
molar ratio had an interaction due to the amount of methanol affect the transition temperature as
mentioned in section 2.4.3. The interaction term (AC) indicated the complete regression model

might be of second order; which is consistent with our previous finding [20].
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CHAPTER V
EFFECT OF ADDITIONAL PARAMETERS AND

SCALE-UP REACTOR OPTIMIZATION

5.1. Effect of reaction time on ME content in 250-mL batch reactor
Refer to Tables 4.1 and 4.2, the highest ME content obtained was found to be not over 88
% in 250-mL batch reactor at 10 min reaction time, which is lower than that reported in the
literature employing co-solvents [8, 47]. According'tosthe relevant literature, the conditions were:
reaction temperature 350 to 400 °C: methangl to o1l'molar ratio of 40:1 to 42:1; reaction time of
2.4 to 40 min; and, reactor volume 05 to 250-mL [6, 8, 39, 47]. To confirm that the reaction
reached equilibrium under the present conditions, we ran another set of experiments for 5 to 60
min and the result is illustrateddn Eigure 5.1, «
150 0 4
95.0 5
900 F + o
85.0 4 =
80.0 { & =
750 I

- Fﬁ-ﬁ L L L - 1

O
b

Meathyl esters content (wit®a)

Time (min)
Figure 5.1 Changes in ME content with time of co-Solvent free process from transesterification of

crude PKO in 250-mL-eactor at 350 ‘0 and the methanol'to oil molar ratio of 42:1.

FromeFigure 5,1, maximum ME centent wassreachedrafterpreaction time of 30 min and a
ME content 0f92.0 £1% was observed. Due to slightly lower ME content, we further established

two possible hypotheses and verified them as follows:

5.2. Effect of temperature gradient between reactor wall and bulk fluid
In the 250-mL reactor, the reaction vessel employed was heated externally and the
contents in the vessel were mixed by a stirrer. As the temperature near the wall of the vessel is
somewhat higher than in the center, it may cause an in situ thermal cracking reaction, resulting in

slightly lower ME content. To verify this hypothesis, the experiments were performed at high
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temperature, i.e. 350 and 400 °C, in both 5.5 and 250-mL reactors at 30 min of reaction time, and

the biodiesel samples were analyzed. The chromatograms obtained were then compared with that

obtained from the conventional method at 60 °C, 30 min reaction time, 1% NaOH, and methanol

to oil molar ratio of 6:1.
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Figure 5.2 Comparison of GC chromatogram of biodiesel product from crude PKO at various

temperatures, indicating some small peaks observed as in ¢) and d).

a) conventional method (60 "C)

¢) 400°C in 5.5-mL reactor

b) 350°C in 5.5-mL reactor

d) 350°C in 250-mL reactor
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From Figure 5.2, sample (a), no thermal cracking occurred. In the chromatogram of this
sample, no noise was detected, same as in sample (b). Therefore, it was concluded that thermal
cracking did not take place in the 5.5-mL reactor at 350°C. Comparing samples (c¢) and (d) with
the sample (a) and (b), it was found that the chromatograms of both samples (¢) and (d) had
higher small peaks, and their retention times were nearly the same. These small peaks, for
instance, at retention time of 6 and 8 min, were probably from the same compounds derived from
the thermal cracking reaction at temperature over 350°C.

According to the ME content obtained from the 5.5-mL reactor, it was assumed that there
was no temperature gradient between reactor wall and bulk fluid, at 350 °C, methanol to oil molar
ratio of 42:1, co-solvent to'oil molartatio of 0 to 5 and reaction time of 10 min. The experimental
data are illustrated in Table 5_ie"The ME content of the biodiesel products was slightly higher
than those obtained from the 250-mL reactor a__@ the same conditions (see Tables 4.1 and 4.2).
Therefore, the hypothesissthat thezmal crackin_-g occurred in the 250-mL reactor could be valid.
However, the ME content swas sstill slightly ISYV;:r than the literature value, especially for the

employed co-solvent process, Therefore, we established a second hypothesis, which is discussed

- _’
in next section. —
7,

Table 5.1 Experimental data from 5.5-mL reactor for 10 min with crude PKO as reactant,

temperature controlled by fluidized sand bath

Tem;érature Co-solvent to oil Methanol to oil bl
P (E’C) molar ratio “molar ratio ORIl
(%wt)
Unemployed 350 0.0 42.0 95.5
co-solvent 350 0.0 42.1 96.3
350 5.1 41.1 94.7
THF
350 6.8 45.1 93.8
350 5.2 40.3 93.9
Hexane
350 5.8 42.3 94.5

5.3. Effect of contaminants in crude palm kernel oil
The crude PKO contained 95 to 98% of triglycerides and 2 to 5% complex minor
compounds such as wax ester, hydrocarbons, pigments and alcoholic compounds [88]. Thus, the
slightly lower ME content obtained from crude PKO than that from refined PKO was probably
due to the percentage of triglycerides. This hypothesis was verified in the 5.5-mL reactor, to

ensure that thermal cracking did not take place, by using refined PKO as the reactant. The effect
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of co-solvent by using the experimental design as mentioned earlier was also reinvestigated and

the results were illustrated in next section.

5.4. Effect of co-solvents on ME content in biodiesel production in a 5.5-mL reactor
The experimental data, as shown in Tables 5.2 and 5.3, were treated by the factorial

design procedure and the ANOVA tables, as shown in Tables 5.4 and 5.5, respectively.

Table 5.2 Experimental data from employed THE process in 5.5-mL reactor for 10 min with

refined PKO as reactant

Run Tempoeratur_e = THltho oil MeOH to oil ME content
order (O "~ f,-mola | ratio molar ratio (%owt)
1 350 0.0 44.5 99.3
2 320 3.7 24.3 83.2
3 350 524 12.0 83.3
4 320 Ledegl 20.2 81.3
5 290 0.08 12.0 53.6
6 350 5.044 43.0 97.5
7 350 Sl W 12.0 81.1
8 350 0.0 '_-"_-7 40.8 99.4
9 290 8.3t 20.1 56.5
10 290 4.8 —_. 40.7 78.3
11 290 . SOIS=S 12 0 54.2
12 320 2.3 - 82.5
13 350 5.1 41.9 98.7
14 350 53 122 84.6
15 290 0.0 419 78.2
16 320 2.5 22.9 84.6
17 350 0.0 12.0 82.6
18 290 0.0 41.8 76.8
19 290 5.2 42.4 77.5
20 290 0.0 12.0 57.0

From Table 5.2 and 5.3, the maximum ME content obtained from both THF and hexane
co-solvents was 99.4 % compared to 94.7 and 94.5 % obtained from crude PKO (Table 5.1). It
was clear that the maximum ME content from refined PKO was higher than that from crude PKO,
which was 96.3 % (Table 5.1). Therefore, the slightly lower ME content obtained from crude

PKO than that from refined PKO was due to the lower percentage of triglyceride in crude PKO.
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Table 5.3 Experimental data from employed hexane process in a 5.5-mL reactor for 10 min with

refined PKO as reactant

Run Temperature Hexane to oil MeOH to oil ME content
order ‘o) molar ratio molar ratio (Y% wt)
1 320 2.6 23.9 80.5
2 290 5.4 42.0 79.5
3 320 2 35 23.9 81.2
4 290 8.4 12.0 52.2
5 350 3.1 11.9 76.0
6 290 5.0 11.9 54 .4
7 350 6.8 43.5 97.1
8 320 216 8.7 80.2
9 290 50 41.1 80.1
10 320 2.4 23.0 80.2
11 350 4°9 & 379 86.7
12 350 5.0, 12.2 78.1
13 290 0.0% 12.0 57.0
14 290 000 12.0 53.6
15 290 0.0 41.8 76.8
16 290 0:0% fp, 41.9 78.2
17 350 0.0 12.0 81.1
18 350 0 —= 12.0 82.6
19 350 0.0 44.5 99.4
20 350 0.0 40.8 99.3

Table 5.4 Analysis of variance from employed THF process in &5.5-mL reactor for 10 min with

refined PKO as reactant

Sum of

Degreejof

Mean

F

SO Squares Freedom Square Value LT =210
A (Temperature) 2400.84 1 2400.84 13881 <0.0001
B (THF'tg oil) 2.00 1 2.00 02 0.7399
C (MeOH to oil) 1340.93 1 1340.93 77.53 <0.0001
AB 6.11 1 6.11 0.35 0.5634
AC 58.91 1 58.91 341 0.0898
BC 0.02 1 0.02 0.00 0.9756
ABC 8.39 1 8.39 0.49 0.4994
Residual 207.55 12 17.30
Total 3950.57 19
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Table 5.5 Analysis of variance from employed hexane process in 5.5-mL reactor for 10 min with

refined PKO as reactant

Sum of Degree of Mean F

G Squares Freedom Square Value LAl el
A (Temperature) 1783.85 1 1783.85 136.94 <0.0001
B (Hexane to oil) 22.61 1 22.61 1.74 0.2123
C (MeOH to oil) 1640.57 1 1640.57 125.94 <0.0001
AB 27.62 1 27.62 2.12 0.171
AC 58wl ) 1 53.23 4.09 0.0661
BC 930 1 9.30 0.71 0.4146
ABC 2 88 1 2.88 0.22 0.6466
Residual 1563 1 I_ 12 13.03
Total 367824 19

From Tables 5.4 and 5.5, it is clear tﬁ&t the co-solvents did not affect the ME content.
Also, the interaction term between temperature _ag}d hlethanol to oil molar ratio (Factor AC) had

no significant effect. The regressign. model in terms,of coded unit for 5.5-mL reactor for the
employed THF and hexane process are given-in Eung}iqns 5.1 and 5.2, respectively.
Y%ME =79.79+12.324+9.08C+ - (5.1)
Y%ME =78.24+10.514 +10.11C (5.2)
where %ME is ME content in biodiesel product (%owt)

A is temperature in terms of coded unit, derived by Equation (4.3)

C is methanol4o oil'molar ratio.in terms 6f coded.unit, derived’by Equation (4.4).

For the 5.5-mL reactor, the regréssion model indicated that the effect of temperature and
methanolito 01l molar ratio had a,similat magnitude and-also had positive effect. In comparison
with the regression model for a 250-mL reactor (Eq. 4.1 and 4.2), the overall mean (the first term
on the right hand side) was higher. This indicates that the ME content in the biodiesel product,
which is obtained from the same temperature and methanol to oil molar ratio in the 5.5-mL
reactor, is always higher than that obtained from the 250-mL reactor. Additionally, the interaction

term between temperature ant methanol to oil molar ratio (AC) has no significant effect in 5.5-mL

which was mentioned that the amount of methanol affects the transition temperature.
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5.5. Effect of delayed quenching time
5.5.1.Effect of delayed quenching time in a 5.5-mL batch reactor

In this section, we hypothesized that the ME content from scale-up reactor was
lower than the lab-scale reactor due to the delayed and deficient quenching of the product
as it leaves the reactor outlet. Since the transesterification reaction is reversible, it should
be stopped immediately by quenching to ambient temperature as quickly and sufficiently
as possible. The outlet tube of scale-up reactor, approximately 2 m. long, was exposed to
air before immersing.into-the cooling bath-as-the-effect of delayed quenching did not
come to full attention in.eut.previous study [20]. This hypothesis was tested in 5.5-mL
reactor before modifieation of ‘our cooling system of the scale-up reactor. Preliminary

results from 5.5*mL reacter are'shown Figure 5.3.

— 100 1 F N Xl v

% 98 - o O 7 O"-S_; '''''' SO o _o
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Delayed quenching time (sec)

Figure 5.3 The ME content versus the delayed quenching time in(5.5-mL tube reactor.

According to. Figure 5.3, the.ME 'content slightly .r€duced with delayed
quenching' time. However, the effect of 'delayed quenching time' in-batch system was
probably different from continuous flow system. Therefore, this hypothesis was tested

consequently in a scale-up reactor by replacing of the cooling bath with a heat exchanger.
5.5.2. Effect of delay quenching time in scale-up reactor

Refer to Figure 3.1, the cooling bath was replaced with double-pipe heat

exchanger using tap water as cooling medium as shown in Figure 5.4.
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Figure 5.4 The scale-up reacior after replaced cooling bath with heat exchanger.

After the cooling system. was mécfiﬁed, the scale-up reactor was tested on the
conditions in our previous study {20] to il_in-}esltigate the effect of delay quenching time in

continuous flow reactor and the results are illustrated in Table 5.6.

Table 5.6 The ME content in products from scale-up reactor with different cooling systems

Prasure Temperature MeO.I-I to oil %ME
(MPa) ‘o) molar ratio content
a0 13.1 300 22.1 69.24
£
= 13.1 300 221 71.12
=
= 11.9 350 30.3 79.36
;6‘0 13.0 300 211 70.12
&g
£ % 13.2 300 22.2 70.59
5 12.1 350 30.1 80.11

According to Table 5.1, the ME content only increased slightly after upgrading
the cooling system, thus it could be concluded that the delayed and deficient quenching

of product had no significant effect on the ME content in the scale-up reactor.
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5.6. Effect of pressure and process optimization

The effect of pressure was reinvestigated because the investigation range in our previous
study (10.0 to 15.0 MPa) shows that pressure had no significant effect on ME content [20], but
some studies reported that pressure has strong effect at pressure over 15.0 MPa [11, 61].

The effect of pressure was studied by Central Composite Design (CCD) within the pressure
range of 15.0 to 20.0 MPa, temperature range of 270 to 330 °C and methanol to oil molar ratio

range of 35:1 to 20:1. In addition, the effe olvent was neglected by adding 20% v/v of

hexane in all experiments. The ex i ults from CCD are illustrated in Table

5.7 and the ANOVA table in

Table 5.7 The experimental ¢ ndire to reinvestigate the effect of

pressure, temperature and m ‘ atio in scale-up reactor

Run e per (.)ll %ME content
ratio
1 76.3
2 32.7
3 83.2
4 78.3
5 39.0
6 73.0
7 270.0 29.5
8 330.0 ¢ 15.0 18.9 45.5
. AIEINEAINENT =
10 1330.0 ,180 37.8 91.5
, QW ﬁﬂ‘im RIIYIA
. AW ANVITRTRE,,
13 300.0 16.7 13.7 35.9
14 351.0 16.5 27.4 60.4
15 330.0 18.0 19.5 65.8
16 255.0 16.4 27.1 12.1
17 300.0 16.5 45.9 82.4

18 300.0 16.5 26.7 78.3
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Table 5.8 Analysis of variance of results in Table 5.7

Sum of Degree of Mean
Source F-Value p-Value
square freedom square
A (Temperature) 4898.2 1 4898.2 90.92 <0.0001
B (Pressure) 941.4 1 941.4 17.47 0.0031
C (MeOH:O0il) 2059.7 1 2059.7 38.23 0.0003
A’ 3312.1 1 471.0 8.74 0.0182
B’ 471.0 1 3312.1 61.48 < 0.0001
c’ 7249 1 724.9 13.46 0.0063
AB 1264 1 126.1 2.34 0.1646
AC 23985 1 239.5 4.45 0.0680
BC 1.8 ¥ 1.1 0.02 0.8888
Residual 431.0 8_ 53.9
Total 11813 2 1%:, '

From Table/5.8, the second ordci:;,r fegression model for scale-up reactor can be

o

written as Equation 5.3 The interaction terrré_s_‘)(AB, AC and BC) were not included to the
regression model because yhcir prvalue @ri less than 0.05, and indicated they had no
significant effect on the ME content. The coefficient of determination of this regression
model (Rz) was-calculated and found to be 0.9732. Additionally, all statistical analysis of

the regression model for scale-up reactor is given in.Appendix A. The predicted and

observed values wereplotted in Figure 5.5+

%ME =75.90+21.024+9.60B +13.78C —16.894° —3.72B* — 4.57C* (5.3)
Y6ME"is, ME Contentiin biodiesel{producti(%wt)

A is temperature in terms of coded unit, derived by the Equation (5.4)

_ Temperatur e (°C) —330 (5.4)
30

C is the methanol to oil molar ratio in terms of coded unit, derived by the

A

Equation (5.5)
_ Pressure (MPa)-16.5
1.5

C is the methanol to oil molar ratio in terms of coded unit, derived by the Equation (5.6)

B (5.5

_ Mole of MeOH (mol) - 27.5 (5.6)
7.5

C
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The optimization process was conducted by Design Expert ® 6.0 software with a
maximum ME content as objective function. From the response surface in Figure 5.6, the
ME content over 96.5 % could be found at temperature range of 310 to 330 °C, pressure
range of 17.5 to 18.5 MPa and methanol to oil molar ratio of 35:1 to 40:1. The maximum
ME content in Table 5.7 was 91.5 % at 330 "C, 18.0 MPa and 38:1 methanol to oil molar

ratio which was also located within the optimal range.

nts were conducted within the optimal
range, but the highest ) : ximately 93 % was found from the
scale-up reactor. This wa ver tha thﬂ of 96.5 %, probably because the
optimal range fro 1 was /er-than the controllable range of the
operating parame for pressure and methanol to oil molar ratio. For

instance, the obse y fl ‘ ' ; ., Vegetable oil pump. In addition,

i om the initial value during the run
as the real-time % \\

M,

ﬂumwﬂmwmm
QW'W&Nﬂ‘iELJ UAIINYAY
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CHAPTER VI

RESIDENCE TIME ESTIMATION METHOD

6.1. Description of the compressible flow model as a tool to estimate the residence time

6.1.1. Thermodynamic model

A thermodynamic model was used to evaluate the changes in the compressibility
factor of the reaction mixture, and was established as being suitable as long as the
reaction proceeds in the tubular reactor [85, 891 However, experimental fluid properties
and / or experimental vapoi-liquid %quilibrium (VLE) data of binary sub-systems are
required to find thesmost" suitable thermodynamic model in order to predict such
properties and fluidephysical’ state fot the reaction system. In actuality, the real reaction
system composed of various types (.}fﬁtriglyceride, e.g., tripalmitin, triolein, palmito-
diolein and palmito-linoleo-olein etc.; five to eight types of fatty acid methyl esters
(FAMEs), and reaction inter_me_diates, -_Sfl_l.(l!h; as mono- and diglycerides. To simplify the
calculation, we assumed that thg reacti-bi;é _.s.ystem consists of methanol, triolein, methyl
oleate and glycerol, with triolein and métﬁy"zl;‘oleate representing the palm olein oil and
biodiesel (mixture of FAMESs), respectiy;e_ly_.‘-.in accordance with the major fatty acid
composition of qum olein oil as mentioned in Section 3.3.2. Therefore, we employed the
existing VLE measurements of triolein + methanol,_methyl oleate + methanol and
glycerol + methanol binary systems from the literature. This simplification was chosen
because,of the availability-of experimental data in the-literature. for these binary systems,
but not more ‘complex ones.

It is important to note here that the high pressure / high“temperature VLE or
density expetimental datalfor the ttielein / methanol mixture arelquite.difficult to obtain
because of the high reactivity of the mixture under these high operating pressures and
temperatures. To find the best model to predict the thermodynamic behavior of the
quaternary mixture, we intended to test the classical Peng-Robinson equation of state
(PR) [90] with the mixing rules developed by Huron and Vidal [91] and modified by
Michelsen [92] (MHV2 mixing rules). This approach allows the cubic equation of state

PR, suitable for high pressure but poor for mixtures containing polar compounds, to be

applied for high-pressure calculations of mixtures involving polar compounds. As the
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MHV2 mixing rules are based on the calculation of the excess Gibbs energy at zero
pressure, this also requires a suitable activity coefficient model, in addition to the
equation of state. Here we decided to use the UNIQUAC [93] activity coefficient model,
because the coupling of this model to a cubic EOS via the MHV2 mixing rules has
already been shown to be a good model for predicting the high-pressure fluid phase
equilibria of mixtures containing polar compounds [94], as it is the case here. Moreover,
this model is available in Simulis® ' Thermodynamics (ProSim, France), commercial
software for the calculation of fluid phase equilibria and fluid properties.

-

6.1.2. Compressible flow.model
The generalamole balance in a tubular reactor [95] and the transesterification
kinetics of refined-bleachéd-de-odorized (RBD) palm oil in SCM [72] are illustrated in

equations (6.1) and (6.2) respectiVely &

ax, '-? 47 6.1)
dVSl F
o S O (6.2)
R

3 . 3
where X, V , r, and F, are conversion, reactor volume (m’), rate of
i e s -’_IJ'J

transesterification reaction (mol/s.ms) and molar flow rate at reactor inlet (mol/s),

respectively. The subscri£>t A and B teferred to triolein and methanol, respectively.

The éh_ém—k:al kinetics of RBD palm oil was ig-vestigated in a 4.7-mL batch
reactor at 30.0 Mi_’a within the temperature range of 200 to 400 °C, a methanol to oil
molar ratio range of 3:1 to 80:1, and a,reaction time range of 0.5 to 30 min The rate
constant'and reaction order were found by am integral method or numerical fitting of the
experimental data to the kinetic model, resulting in a high coefficient of determination
(RZ) value} a6,0.9578; even though it does not include the thermal degradation reaction
[72]. The rate constant was defined as a function of temperature as shown in equation

(6.3).

5
k= 434x10° xexp(—l'OSR;(TloJ (6.3)

where k£, R and T are the rate constant (mS/mol.s), universal gas constant

(J/mol.K) and temperature (K), respectively
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In a continuous isothermal reactor, concentration and total molar flow rate of

mixture corresponding to inlet flow rate can be written as Equation (6.4) and (6.5)

respectively.
c- (6.4)
vm
- Vmo(zmjf’o (6.5)
Zo ) P

where C, F, v, z, and P are concentration (mol/m3), molar flow rate (mol/s),
volumetric flow rate (m’/s), compressibilityfactor and pressure (MPa), respectively. The
subscripts m and 0 refer to-mixture and reactoranlet, respectively.

From the experimenial observations, values of pressure were found to be slightly
different betweensthe high-pressureipump and the reactor outlet. Therefore, the zero
pressure drop assumption was applieci an P kept equal to P,. Finally, all equations were
combined and rearranged to model th:e, lconversion change along the tubular reactor, as
shown in equation (6.6). ’ a' -

From the experimental :observé_it-iﬂn;:values of pressure were found to be slightly
different between the high—préssure pufﬁp 2}nd the reactor outlet; therefore, the zero
pressure drop assumption was a;pplied and:15 i_gept equal to P,. Finally, all Equations were

o

combined and rearranged o model the Conversion change along the tubular reactor as

shown in Equatiof (6.6):

L 105 2
dX , _ kAF ,, (I_XA)O.%(F};O_?)XAJ (ZmoJ (6.6)
F .

“dL vl Yo z,

This. governing Equation was numerically solved for.conversion prediction as
function' of reacter length ‘employing “the’ Runge-Kutta ‘method using the Matlab®
software (ODE45) coupled with'the Simulis® {Fhermodynamic toelbox, to evaluate the
compressibility factor land thesphysical state of the imixture as the _reaction proceeds
inside the tube. Note that the Matlab® software read the compressibility factor as
function of conversion through Simulis® Thermodynamic toolbox. The compressibility
factor of the quaternary mixture was estimated by the thermodynamic model described in
Section 5.1.1 with adjusted binary interaction parameters.

Finally, the calculated mole fraction of methyl oleate which represents ME

content in biodiesel product was estimated from final conversion and compared with

experimental results. It should be notice that the simple compressible flow model is a tool
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to estimate the molar volume of the mixture and then use for calculating the residence
time of biodiesel production with SCM

Additionally, assuming a constant compressibility factor leads to equation (6)
being reduced to equation (6.7). The computation was done to estimate the magnitude of
the effect of compressibility factor development upon ME content and solved by the
Runge-Kutta 4" order method using the Matlab® software. The volumetric flow rate of
the mixture at the inlet of the reactor (v, ) was determined by the PR-MHV2-UNIQUAC

thermodynamic model.

1.05
X %J(l_)( e i_g,)( (6.7)
dL v 4 8

m0

A0

6.2. Fitting of the thermodynamic model and binary interaction parameters
The VLE studies of binary systems froLm.- the literature [14, 17, 55] were fitted by the PR-
MHV2-UNIQUAC thermodynamic model, 1T1 E)_rder to obtain a set of binary interaction
parameters for UNIQUAC as a function of tefln_pérature. This fitting was carried out using the
least square method with a Simulis® Thermodiﬁén;ics add-in, inserted in MS-Excel worksheet.
The critical properties of triolein, methyllﬁroleate 'c;rj};’lfgbgcerol were estimated by the Constantinou—

Gani group-contribution method [74; 751, The int@étion coefficients are given in Table 6.1.

o el

Table 6.1 Calculated binary interaction coefficients for UNIQUAC model.

Binary mixture J Ref.  Typeof data A, (K) A, (K)
Triolein + methanol [14]. Isothermal VLE 11559 00— 23.43T  —8072 30 + 16 85T
47310 503K
Methyl oleate + [55] Isothermal VLE 1698 00 —3.60T 571330 +12.06T
methanol 523 to 573 K,
Glycerol + methanol [17]  Isothermal VLE 1850 .00 — 4.027T _ 4801 17 + 10 43T
493 to 573 K

The VLE experimental data for triolein + methanol, methyl oleate + methanol and
glycerol + methanol, and the results from PR-MHV2-UNIQUAC model are shown in Tables 6.2
to 4 and Figures 6.2 to 6.4. The relative error of methanol mole fraction in liquid (x) and vapor ()
phase was calculated from equation (6.8). Thus, the minus and plus sign illustrated the under and

overestimated value respectively.
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v Relative Error - (Calculated value — Experimental value) <100 (6.8)

Experimental value

The PR-MHV2-UNIQUAC model had maximum relative error of 5% for the triolein +
methanol and 3% for methyl oleate + methanol, whereas it had maximum relative error of 10%
for the glycerol + methanol system that was higher than the relative error of the specific models in
the literature due to the difference polarity of those mixtures, especially for triolein + methanol
and glycerol + methanol. The polarity of the compounds can be ranked by their dielectric
constants, being 41.14, 32.60, 3.12 and 3.11 for glycerol, methanol, methyl oleate and triolein,
respectively [96]. Thus, the attractive and repulsiveforees within the glycerol + methanol system
were somewhat higher than both the fiiolein + methanol and methyl oleate + methanol systems,
and affected the thermodynamiesmodel for VLE prediction. For example, the Peng—Robinson (PR
EOS) and the van der Waalsi!(VdW )imixing "1’ule models were tested on the triolein + methanol
system and give an approximately 2% rélative error [19], whereas the Peng—Robinson Stryjek—
Vera (PR-SV) EOS and ASOG mixing rule ( P%AQOG model) give an approximately 3% relative

error for the glycerol + methanol VLE system [17].

Table 6.2 Methanol mole fraction in liguid (x) ai;ﬂf-y'c_lpor () phase of triolein + methanol VLE

[14]. L
T P Expe&iélental result rCalculated result 5;, %Relative  %Relative
(K) (Bar) X I'L’—:;‘_ \ y X : ;7 73:—"1 Error of x Error of y
473  39.7 0.9744- 0.9997 0.9800 1.0000 0.575 0.030
473 36.7 0.9413 0:9998 0.9548 1.0000 1.383 0.020
473  34.1 0.9087 0.9996 0.9269 1.0000 2.004 0.040
473  29.2 0.8540 0.9996 0.8750 1.0000 2.461 0.040
483 453 019655 0.9999 0.9800 1.6000 1502 0.010
483 425 0.9557 0.9999 0.9665 1.0000 1.125 0.009
483 399 0.9292 1.0000 0.9337 1.0000 0.487 0.000
483 31.1 0.8642 0.9998 0.8166 1.0000 -5.504 0.020
493 48.6 0.9755 0.9997 0.9773 1.0000 0.187 0.029
493  48.0 0.9729 0.9997 0.9756 1.0000 0.276 0.028
493 435 0.9569 0.9999 0.9566 1.0000 -0.027 0.008

493 404 0.9170 0.9999 0.9287 1.0000 1.271 0.009
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5.5
5 -

g
S 451 * 473K (Exp)
£ —— 473K (Cal)
g 4 1 A 483K (Exp)
T > D 483 K (Cal)
,,,,, . ® 493K (Exp)
----- 493K (Cal)

The experimental data have the average deviations of

3.09 % and 0.15 % for li ctively [14].

Table 6.3 The methanol phase of methyl oleate +

methanol VLE [55].

T P ted result %Relative  %Relative

(K) (Bar)
523 245 4650- 0000  0.4521  0.995 -2.780 -0.489

\ Error of x  Error of y

523 535 0.7310|' .y 0.219 -0.316
523  64.6 0. 8140J 1.0000 0.8106 0.9954 -0.415 -0.463
523 70.2 8630 ¥ 410000 0.8465" 0.9949 -1.906 -0.510
523  78.0 ﬁ%z‘l ’DO% EJ ﬂ@ w 89’} ﬂ 32 300 -0.633
548 459 015750 1.0000 0.5716 0 9930 -0. 597 -0.697
548 -0.643
qmm frriIbialon syl
548 0.8380 0.9930 0.8125 0.9933 -3.043 0.029
548 94.8 0.8610 0.9910 0.8394 0.9930 -2.508 0.205
573 60.3 0.6070 1.0000 0.6204 0.9889 2.209 -1.106
573 70.1 0.6990 1.0000 0.6764 0.9901 -3.238 -0.993
573 839 0.7510 0.9960 0.7440 0.9916 -0.936 -0.440
573 102.5  0.8330 0.9880 0.8172 0.9942 -1.896 0.623

573 1145  0.8600 0.9860 0.8532 0.9959 -0.795 1.001
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VLE [17].

T P %Relative  %Relative
(K) (Bar) x " N Error ofx  Error of y
493 303 0.4780 U 1. 0 2.464 -0.757
493  34.1 0.5500 P 3]:.9000 0. 5577 0.9927 1.392 -0.729
493 38.6 EJ ’mm EJ mﬁ w Ejﬁ ﬂ 30 .825 -0.703
493 423 ﬂ 5.821 -0.676
493  46.7 0.8500 1.0000 ¢ 0.8523 & 9939 7 -0.607
» ARIMINAUINIFIRY o
523 % -1.836
523  52.1 0.5650 1.0000 0.5248 0.9812 -7.119 -1.882
523  60.8 0.6890 1.0000 0.6217 0.9795 -9.766 -2.051
523  67.9 0.8070 1.0000 0.7269 0.9769 -9.925 -2.312
523  71.6 0.8680 1.0000 0.8055 0.9749 -7.197 -2.510
543  54.1 0.4310 1.0000 0.4506 0.9708 4.546 -2.921
543 61.8 0.5090 1.0000 0.5084 0.9698 -0.117 -3.024
543  69.9 0.5920 1.0000 0.5709 0.9674 -3.562 -3.259
543  79.1 0.6970 1.0000 0.6479 0.9623 -7.043 -3.770
543  86.1 0.7800 0.9900 0.7175 0.9546 -8.008 -3.576
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o 6 ® 543K (Exp)
--------- 543K (Cal)
4 ® 573K (Exp)
5 | -——-573K (Cal)
0.40
Figure 6.3 Experimental (E ilated(Cal) I am of glycerol + methanol VLE.
The experimental data fout to me w\ point and the average deviations
were shown in figure as e ‘
6.3. ME content prediction by the compre : odel
The compressible flow mo de s tested in various reacting conditions as shown in Table
6.5, and then in Figure 6,5 d v ‘we nst 5‘ culated values. Furthermore,

the %relative error an ‘rﬁ ble 6.5 can be calculated by

Equation (6.8) and (6.9)Bspectlv y. residence time es@ation procedure is described in

T AU INBYE NGNS
AN TUNN NN Y
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Table 6.5 The observed and calculated ME content from various reacting conditions.

T P MeOH:Oil 2' ME content (%) %Relative error
No. ('C) (MPa) T;:;:)r (min) fﬁge Cal. value* Cal. value ** Cal. value* Cal. value **
1 278 35 12.0 4221 35.75 35.18 41.70 -1.6 16.6
2 280 20 14.4 4236 37.25 35.81 41.95 -3.9 12.6
3 280 35 41.4 46.52 27.09 29.17 31.13 7.7 14.9
4 282 20 38.9 4525 31.95 30.82 33.16 -3.5 3.8
5 285 35 21.0 44.65 42.01 39.65 45.32 -5.6 7.9
6 300 20 27.8 39.71 68.50 68.60 81.03 0.2 18.3
7 300 35 36.7 40.55 65.67 69673 81.56 5.9 24.2
8 300 35 39.6 40.57. 69.82 78742 87.05 12.3 24.7
9 320 20 23.7 3404 80.55 83.88 97.19 4.1 20.7
10 320 20 23.7 34.05".476.38 8] 94.20 8.3 23.3
11 320 35 37.3 41.96 4 57.68 69.40 80.86 20.3 40.2
12 320 35 22.8 40,084 /65.78 79.20 90.10 20.4 36.9
13 320 35 38.7 41,004 1242 76.59 86.60 5.8 19.6
14 350 20 24.8 35084 J3155 % 88,63 98.41 21.2 34.5
15 350 20 16.9 Bo i f T424w /.00 97.87 18.2 31.8
16 350 20 27.8 348 63,26 ';, %84.70 95.69 33.9 51.3
17 350 35 17.1 35.67 69354 89.95 99.14 29.7 42.9
18 350 35 35.2 330624 +69.94 44890 .07 99.18 28.8 41.8
19 350 35 27.8 38.53 J66.41 ;f‘j{ 86.86 96.72 30.8 45.6
20 350 35 359 35.41 269.19 -(,.-9__(}‘05 99.22 30.2 43.4
21 352 20 17.1 34.05—£L.30—90"42 99.54 17.0 28.8
22 352 35 43.4 38.39.478.00/ 4 4 /.87.39 97.01 12.0 24.4

As calculated by ’ equation (6.6) or . equation (6.7) (see the text). .

100~ o
80
60

40

Calculated %ME content

20

0 4 T T T T 1
0 20 40 60 80 100

Observed %ME content

Figure 6.5 The plot of experimented and calculated ME content by Eq. 6.6 () or Eq.6.7 (0).
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According to Figure 6.5, the model was good for estimating %ME content at temperature
range of 280 — 320 °C, while calculated %methyl esters at 320 — 350 "C were overestimated. It
was noticed that %relative error of calculated values from Equation (6.6) was increasing with
reaction temperature as illustrated in Figure 6.6, whereas the pattern of %relative error with
methanol to oil molar ratio and pressure were scattered as shown in Figure 6.7 and 6.8

respectively.

S
o
—
—
(<2
=
=

%

ative error of calculated value from Eq. 6.6

Figure 6.6 The relationship betwee E;i !

and reaction tempera ] -'-

Y]

@

0.00 T T & T )

-5.00 - .

-10.00 -
0.00 MeOH:Oil molar ratio

Figure 6.7 The relationship between percentage of relative error of calculated value from Eq. 6.6

and methanol to oil molar ratio.
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Figure 6.8 The relationship between percentage of relative error of calculated value from Eq. 6.6

and pressure. i o

_—

Within the temperature range of 320 ;;.35-0 'C. the calculated %ME values were higher
than experimented values because the. observed--‘;/};ME was presumed to be reduced by the thermal
degradation reaction. Indeed, RBD palmolcin é;iuﬂ consists of approximately 46% oleic acid and
11% linoleic acid, respectively [97}1t has been Leip(‘)ﬁed that thermal degradation of unsaturated
fatty acids occurs at the same temperature range ;afrid-i"és‘idence time of 320 — 350 °C over 30 min
For example, methyl dlcate-and-methyl-lineleate-decompose-by approximately 10% and 20% by
weight, respectively, in SCM at 350 °C after 30 min contact time [5 8]. Therefore, by extrapolation
to this system, 4.6% and 2.2% of methyl oleate and linoleate, réspectively, were degradable and
so the observed ME &oriteiit wasirédiicad by 6.8%:at350 {C ffor ovet 30:min residence time.

Variationfin the compressibility factor slows down the rate of transesterification slightly,
as shown, by gomparisongwith, caleulated waluessfrom equations(6.6), whichy accounts only for
chemical kinetics, and ‘which were approximately 2 — 13% higher than the values derived from
equation (6.7). At a temperature of 280 OC, the difference between the calculated values derived
from equations (6.6) and (6.7) decreased with increasing methanol to oil molar ratios due to the
irreversible assumption of kinetic model was more valid at high methanol to oil molar ratio [72].
This can be observed, for instance, by comparison of the difference between the calculated values
in either runs 1 and 3 or runs 2 and 4. However, the effect of the changes in the compressibility
factor upon the rate of transesterification had the same magnitude, being approximately 10%, at

temperatures above 300 "C.
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An example of the change in the compressibility factor and the molar volume of the
mixture are shown in Figures 6.9 and 6.10, respectively. Values from run nos. 1 — 5 were selected
to demonstrate the effect of pressure on the changes in the compressibility factor, which, as
expected, were higher at 35.0 MPa than at 20.0 MPa. In addition, the values from run nos. 17 and
22 illustrate the effect of temperature on the changes in the compressibility factor and the molar
volume of mixture. It was clear that the compressibility factor and molar volume at ~350 °C rose
faster than the values at ~280 °C. At aconstant temperature and pressure, the changes in the
compressibility factor and the molar volume at a low.methanol to oil molar ratio was faster than
that seen at a high methanol to oil molar ratios Therefore, the compressibility factor and the molar
volume of the mixture were'both enhanced with increasing reactor length and they had a steeper

slope at high temperatures'and lewer methano'}. to oil molar ratios.

350°C/35MPa/17:1

350°C/35MPa/43:1
280°C/35MPa/12:1

280°C/35MPa/21:1
280°C/35MPa/41:1

280°C/20MPa/14:1
280°C/20MPa/39:1

Compressibility factor of mixture

0 Il T ! 1
0 20 40 60 &0 100

Reactor length (m)

Figure 6.9 The changes in the compressibility of the reaction mixture along the length of the
tubular reactor in run no. 1 (<), 2 (+), 3 (0), 4 (X), 5(O), 17 (@) and 22 (A). The abbreviations
on the figure are the experimental conditions as the operational temperature (°C)/pressure

(MPa)/methanol to oil (molar ratio).
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1.4E-03 -
1.2E-03 - 350°C/35MPa/17:1

350°C/35MPa/43:1
1.0E-03 -

280°C/35MPa/12:1
280°C/20MPa/14:1
s aa 280°C/35MPa/21:1
6.0E-04 &8 0
\ 280°C/20MPa/39:1

280°C/35MPa/41:1

8.0E-04

Molar volume of mixture (m3/mol)

4.0E-04 -

2.0E-04 -

0.0E+OO T — 2 B EE & _‘_'_7__ M. T T T 1
0 10 20 3074 &40 50 60 70 80 90

I;{eactor length (m)

Figure 6.10 The changes'in the molar Vvolume:'(_).f the reaction mixture along the length of the
tubular reactor in run no. 1 (&), 2(+), 3(04). 4 (X), 5 (O), 17(®) and 22 (A). The abbreviations
on the figure are the experimental conditions jé-‘ihe operational temperature (°C)/pressure

(MPa)/methanol to oil (molar ratie).’ « i _ —

The deviation ofithe predicted %ME values at high temperétures may be due to a number
of reasons. Firstly, the real mixture is slightly different from the simulated mixture, as mentioned
in Section 3.1. Since the exact.chemical formula, of vegetable oils does not exist, the deviation
from this cause could not be avoided but could probably be minimized by some approaches, such
as using a group contribution method to_estimate a single pseudo-triglyceride molecule [56, 57,
86]. Secondly, thermodynamic modél predictions-at high temperatures haye, in/general, a higher
relative efror than at low temperatures. For example, the PR-MHV2-UNIQUAC prediction of
glycerol + methanol system had maximum relative error of 10% at 523 K compared to 5% at 493
K. Thirdly, the coefficient of determination of kinetics model at 0.9578 [72], ~4% of random

error was taken into account in our compressible flow model.
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6.4. Residence time estimation procedure

Refer to Equation 6.9, this is the general residence time estimation in tubular reactor [98].

- [ 6.9)

y u

where 7 and u are reactor volume (m’) and linear velocity of fluid (m/sec), respectively.

Since, the differential reactor volume can composed to the product of cross-sectional area

/ uct of total molar flow rate and molar
1 Equation 6.10.

(6.10)

and reactor length, while the line

volume of the mixture, then

The developm separated into constant and

increasing interval as ill ewritten as Equation 6.11 then

:| (6.11)

(6.12)

simplify to Equation 6.12.

(m"): total molar flow rate (mol/s),

, respectively. 'ﬂe subscript 0, 1 and m refer to

molar volume (m3/m01) reactor leng

reactor inlet, constant molar’velume interval and thixture, respectively. The development of molar
volume within ﬁ

debdheri ) Eaoblbd ISl el . o e s v

fitting of cubic polynomial to PR-MHV2-UNIQUAC model prediction and integrated

o B PP R HAASIRE §
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CHAPTER VII

CONCLUSIONS AND RECOMMENDATION

7.1. Conclusions

7.1.1. Effects of co-solvents on the production of biodiesel from PKO in SCM

The reaction of co-solvent with other reactants (vegetable oil and methanol) did not occur
at supercritical conditions. However, the addition 0t diquid co-solvents did not allow the reaction
to be completed at milder conditions due to the eritieal properties of the co-solvents, which are
close to those of methanol. The addition of cg-solvents (THF and hexane) in this process did not
show either negative or positive.effects on methyl esters content, thus THF and hexane are
appropriate co-solvents foraeduced viscosity c}f PKO in the scale-up reactor.

7.1.2. Effects of additional parameters.:z};;d scale-up reactor optimization

The transesterification of PKO'in SCI\Z,[ achieves cquilibrium after 30 min reaction time
in a 250-mL reactor and less than 10 min n ai:S_:‘_.,S;mL reactor. The methyl esters content from
crude vegetable oil was slightly lower than that (xf refined vegetable oil, plausibly because of the
lower triglyceride content. The delayed and deﬁc@i—:”e“iuenching time had no significant effect on
ME content for biodiesel production-with- SCM iﬂ,Bbfﬁ 5.5-mL batch and continuous reactor.

For scale-up ‘reactor-optimization,-the-optimal-conditions (ME content over 96.5 %)
located with temperatufe range of 310 to 330 °C, pressure raﬁge of 17.5 to 18.5 MPa and
methanol to oil molar ratio of 35:1 to 40:1. However, the actual highest ME content of
approximately 93:% @vas Observedifrontitheiscale=upireactor probably due to the optimal range in
the regression model was narrower than the controllable range of the operating parameters.

7.1.3 ~Residence time.estimation, method

The" simple “compressible’ flow' model as a tool for ‘residence 'time estimation was
successfully derived and checked within 280 to 350 °C, 20 to 35 MPa and 12:1 to 42:1 methanol
to oil molar ratio. The PR-MHV2-UNIQUAC thermodynamic model with adjusted binary
interaction coefficients was employed to evaluate the development of the compressibility factor
during reaction progress along the reactor. Although the thermodynamic model fitting of VLE

from literatures had maximum relative error of approximately 10 % for glycerol + methanol VLE,

the simple compressible flow model was proven to be adequate at temperature below 320 °C.
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Nevertheless, it prediction was over-estimated values due to the interfering of thermal
degradation reaction at temperature over 320 °C, that were not taken into account in this model.

In addition, the simple compressible flow model demonstrated that the chemical kinetics
of biodiesel production with SCM was retarded by the development of the compressibility factor
along the reactor, especially at low methanol to oil molar ratio. In conclusion, the residence time
can be estimated by integration of molar volume of reaction mixture which calculated by the PR-

MHV2-UNIQUAC thermodynamic model.

7.2. Recommendation
In this work the continwoussproduction of biodiesel with SCM in a tubular reactor was
explored. Some issues havesarisen from this exploration and warrant further researches as
following aspects:
7.1.1. Thermal degradation of unsatura-_tle(l‘fatty acids (UFA) in SCM
Since thermal degradation reaction iaf UFA plays an important role on biodiesel
production in SCM, but the details of tﬁis reac{fié.n Jéspecially in SCM are limited. Furthermore,

I |F A

thermal degradation of UFA in SCM.under high pressure is somewhat difference from the
degradation at atmospheric pressure or pyrolysis_Eyér_l though thermal degradation reaction can
avoid by keep operating temperature in range of 270 = 300 OC or use the gradual heating
technique to maintain~the maximum ME content, but thesc approaches reduce the rate of
transesterification and the-simplicity of process which are streng points of biodiesel production
with SCM. On the other hand;‘thermal degradation‘of UFA has been reported to improve the fuel
properties of biodieselsiexcept the ME content, that is produced from SCM process at temperature
over 400 °C. Therefore, the additional studies on thermal degradationtof UFA in SCM are
interesting to improve, the'biodiesel prodiction with SCM-process.

7.1.2. Mixing intensity of a tubular reactor for biodiesel production with SCM

Effect of mixing intensity for biodiesel production with SCM has been not came to full
attention in either batch or continuous studies, whereas it affect on ME content as mention in
Section 2.4.2.5. For instance, the better mixing intensity allows the reaction complete shortly in
batch reactor at constant temperature. Consequently, a tubular reactor performance for biodiesel

production with SCM might be enhanced by assisting of some mixing equipment such as pre-

mixing tank or static mixers.
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7.1.3. Residence time distribution in a tubular reactor for biodiesel production with SCM

The effect of compressibility changes on ME content in biodiesel production with SCM
has been successfully discovered in this work, while dispersion effect which generally influences
the efficiency of a tubular reactor did not take into account. The dispersion effect can be
determined experimentally by residence time distribution measurement. However, the residence
ecise equipments such as real-time temperature,
pressure, flow rate and tracer ( ystem s, further researches on residence time
distribution in a tubular reaetor coul e o&er understanding on the biodiesel

d

production with SCM. 7 —
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APPENDIX A THE STATISTICAL ANALYSIS OF THE REGRESSION MODEL

FOR SCALE-UP REACTOR

Table Al. The statistical values of the regression model for scale-up reactor from

Design Expert ® 6.0 software

Statisticali te..h}; 4 value
Overall mean 64.36
Overall standard deviation 4.75
C.Va 7.38
R’ 1 0.9732
Adifed® £ /1 0.9655
PRESS - 938.67
predidled® £ f' : 0.9468
Adequate Precision N 40.11
' ydla

Overall mean (Mean) and standard devia@i‘SD) are calculated from the ME content of
all experimental conditions. The -coefficient of izftijiétt.jon (C.V.) is a measure of unexplained or

residual variation of the data relative to the size of mean, The vaiidiion expressed as a percentage

of the overall mean and standard deviation, as shown in Equation A 1.

CV.= M x100 (A1)
Mean

Coefficient of determination (Rz) is a measure of the amount of variation around the
mean explaingd by the model; while‘adjusted RY {8 the ordinary R VéalueSvhidh is adjusted by the
number of terms in the regression model. The adjusted R” was slightly lower than the R’ that
indicated the excluding of interaction terms has no significant impact on prediction of the model.

Predicted Residual Sum of Squares (PRESS) is a measure of how well the model predicts
the responses in a new experiment and employ to calculate the predicted R’. Small values of
PRESS are desirable. The predicted R’ of 0.9468 is in reasonable agreement, which differ less

than 0.2, with the Adjusted R-Squared of 0.9655.
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Adequate precision measures the signal to noise ratio and the value greater than 4 is
desirable. The regression model has adequate precision of 40.11 which indicates that it will give
reasonable performance in prediction within the design space.

The estimated coefficients and its standard error for the regression model for scale-up

reactor are shown in Table A2.

Table A2. The estimated coefficients a§

: ard error in the regression model for scale-up
N
reactor at £95% confident inteer //y.O software

. T
/ — Standaxd Estimated coefficient at 95%

Dego confident interval

74\ e
Factor ‘ \ \N \
/. "j \\;\1\\ Low High
- T
Constant % LN A 3 72.03 79.78
A-T . 18.50 23.54
B-P 7.52 11.68
C-MeOH:O0il 7 11.76 15.79
A’ -15 L T P £_8.98 -14.80
B 5 ’ . 2.16
2 - =
C 4.5@ g 6.19 2.95
From Ta g lear that the sta; ors are approximately less than 10% of
their estimated ﬁfﬁn Tﬁeﬁﬁsﬁﬁfﬁﬂlﬁaﬁiate to predict the methyl
ester content for s}ellle-up reactor. ¢ ot

ﬂbﬂﬂeﬂ@ﬁﬁ@m&%@ﬁ% Sl Cobcs asnce e

illustrated in Table A3. The residual, which represents the random or unexplained error in
experiments, is a different between observed and predicted values. The standardized residual is

the residual divided by the estimated standard deviation of the residual.
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Table A3. The residual analysis of actual and predicted value for the regression model for scale-

up reactor

Run Actual  Predicted Standardized Cook's
Residual
Order Value Value Residual Distance
1 76.34 74.10 2.24 0.51 0.01
2 54.72 53.95 0.76 0.18 0.00
3 83.23 80.05 3.19 0.78 0.03
4 78.25 75.42 2485 0.65 0.01
5 38.96 47.46 e -8.50 -2.37 0.60
6 72.97 75.90 =203 -0.67 0.01
7 32.54 8541 () -2.56 -0.62 0.02
8 40749 Adnp |\ -4.40 -1.07 0.05
9 3.4 092 - 2.24 0.56 0.02
10 91.46 P74 el -1.05 0.02
11 80063 P.al = NOA 1.15 0.03
12 21.60 P2 -\ #1.39 0.34 0.01
13 35:86 36.39 "i_ -0.52 -0.16 0.00
14 60.41 6256 241 5 -0.53 0.01
15 65.77 65.97 'r-‘f'_rf,-_f).ZO -0.05 0.00
16 2.10 7 485 '}?ﬂz'}as -0.80 0.08
17 82.37 ©.82.09 —_(}_2'7 0.08 0.00
18 78.25 =428 3% 0.91 0.02
19 75:50 64.10 11.40 2.85 0.47
20 | -80.91 83.35 244 0,55 0.01
21 "35.10 88.96 -3.86 -0.88 0.02
22 87.40 92.28 -4.88 -1.11 0.03
23 88.90 90.51 -1.61 -0.41 0.01
24 76.70 70,68 6:02 141 0.07
25 76.00 71.47 4.53 1.06 0.04
26 74.70 77.97 -3.27 -0.76 0.02
27 78.00 80.31 -2.31 -0.53 0.01
28 79.70 76.46 3.24 1.02 0.19

From Table A3, it was clear that the residual and standardized residual were represented
as the random error with a normal distribution. The normality and randomness of the residuals
can be checked as show in Figure Al - A3. Furthermore, all the cook’s distance are less than
unity shows that there are no recording errors and the experimented points is not far from the

remaining cases.



Figure A2 The relationship between residuals and run number.
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Figure A3. The relationship between residuals and predicted values.
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APPENDIX B THE EXAMPLES OF PROGRAMING CODE FOR MATLAB ®

SOFTWARE WITH SIMULIS TOOLBOX

Function B1. Code for creates Simulis calculator in Matlab ® software

function [] = CreateSimulisCal

% Create a Simulis Calculator

BDF = stCALCreate;

fprintf("\n");

% Edit the parameters of the Simul

alculator
modified = stCALEdit(BDF);
if modified

fprintf("The Simulis been modified.\n");
else }
fprintf("The Simuli tor\pbj@T been modified.\n");

end

forintf(-\n"): / | H R
% Edition of the INPUT \ alculator Object
modifiedlnput = stC S ! "W .

iT modifiedlnput
fprintf("The IN
modified.\n");
else
fprintf("The IN
been modified.\n");
end

101

Iculator Object has been

Iculator Object has NOT

fprintf("\n");
% Edition of the OUTPUT, Calculator Object
modifiedOutput =
ifT modifiedOutput ” =q

fprintf("The OUTPUT unit%; - “Simulis Calculator Object has
been modified.\n");
else —-":-"'r"*i" e,

fprintf("The EﬂDUT unit system of culator Object has NOT

been modified.\n~
end
fprintf("\n");

% Save the Simulis Ch cula

fprintf("The Simuli alculator Object is savedf:rlﬂBDFCal ™t .\n");
e el mmwmm
fprlntf(fld

1/’p||:‘|ntf( \n")

% Fre

sm@?ﬁ’i ANTTTOI UM INYNA Y

fprintf("Have A Nlce D y'” \n")
txt = stCALSa ﬁ
fclose(fid);

end

Function B1. Code for loads, edit and save Simulis calculator in Matlab ® software

function [] = LoadSimulisCal
% Create a blank Simulis Calculator
BDFCalEd = stCALCreate;
fprintf("\n");
% Load the Simulis Calculator from a text file
fid = fopen("BDFCalEd.txt","r");
t>t = °°;
continueRead =
while (continueRead==0)
line = fgets(fid);
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if (line == -1)
continueRead =
else
txt=[txt line];

end
end
fclose(fid);
stCALLoadFromText(BDFCalEd, txt);
fprintf("The Simulis Compounds Object has been loaded from the file called
"compounds.txt".\n");
fprintf("\n");
% Edition of the parameters of the Simulis Calculator Object
modified = stCALEdit(BDFCalEd);
iT modified

fprintf("The Simulis Cal has been modified.\n");
else - \

fprintf("The Simuli A OT been modified.\n");
end j
fprintf("\n");
% Edition of the INP
modifiedlnput = stCALS
iT modifiedlnput

fprintf("The INPUT
modified.\n");
else

alculator Object

alculator Object has been

fprintf("The INPU
been modified.\n");
end
fprintf("\n");
% Edition of the OUTPUT
modifiedOutput = stCAL
ifT modifiedOutput
fprintf("The OUTPUT
been modified.\n");
else

Iculator Object has NOT

s Calculator Object

lis Calculator Object has

fprintf("The OUTPUT unLi:sﬁgiém ulis Calculator Object has NOT

been modified.\n" );ri

end

fprintf("\n");

% Save the Simulis 3
fprintf("The Simuliiﬁialc
txt = stCALSaveToTe BDFCalEd);
fid = fopen(” BDFCaIEd t' W) ;

fprintf(Fid, "%

fclose(fid);

fprintf("\n"

% Free the Si is Calculator
stCALFree(BDFCalEd);

=~ ARIAININ UM TN L

FunctionB3. Code for show the compound names Simulis calculator in Matlab ® software

d ir_m'BDFCaIEd.txt".\n');

function ShowCompName
%Create the blank Simulis Calculator
BDFCalEd = stCALCreate;
fprintf("\n");
% Load the Simulis Calculator from a text file
fid = fopen("BDFCalEd.txt","r");
t™>@t = "7;
continueRead =
while (continueRead==0)

line = fgets(fid);

if (line == -1)

continueRead = 1;
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else
txt=[txt line];
end
end
fclose(fid);
stCALLoadFromText(BDFCalEd, txt);
%Show Component Name
cmpdCount = stCALCompoundCount(BDFCalEd);
it (cmpdCount==0)
fprintf("Error: Where are your compounds? \n");
else
fprintf("- Number of compounds = %d\n",cmpdCount);
fprintf("\n");
displayName = "7;
for i=1:cmpdCount

stCALCompoundDisplayNam
fprintf("%d - %
end

end

function [zmO vmO] =
%Create the blank Sim
BDFCalEd = stCALCreate;
% Load the Simulis Calc at rufﬁﬁh‘ h
fid = fopen("BDFCalEd. i "
t™@t = °°;
continueRead =
while (continueRead==
line = fgets(fid);
if (line == -1);
continueRe

else
txt=[txt
end
end
fclose(fid);
stCALLoadFromText(BDFOl!flEI txt);

- B mmw YING

end

runcipd o AN NUIA Yt

functlon [zmL zmV CalT VapRat] = zCal(T,P,X,F0)
%Create the blank Simulis Calculator
BDFCalEd = stCALCreate;
% Load the Simulis Calculator from a text file
fid = fopen("BDFCalEd.txt","r");
t™>@t = "7;
continueRead =
while (continueRead==0);
line = fgets(fid);
if (line == -1);
continueRead =
else
txt=[txt line];
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end
end
fclose(fid);
stCALLoadFromText(BDFCalEd, txt);
% Generate mole fraction vector
FAO = FO(1);
FBO = FO(2);
FA FAO*(1 - X);
FB FAO*((FBO/FAQ) - 3*X);
FC FAO*((0/FAQ) + 3*X);
FD FAO*((0/FAD) + X);
F [FA FB FC FD];
X F/sum(F0);
% Calculate z from Simulis Cal
[zmL zmV CalT VapRat] = stCA P,x,0,0,0);
end e

Function B6. Code for m@é. |
% dX/dL = -k(T)*X(L)?/

function dXdL = KEPode

dXdL = KA*(1-X)"0.95654* ( : zCal (T,P,X,F0)))"2.0058;

Function B7. Code for s

function [MECont] =
% Reactor design

oD = 1/8; % [=] in
0.029; % [=]

8000; % Reactor
ating condition

=~
I

D
A
R
% Ope
T
R
%

=T + 273; %J=
= 8.314; %[ i
A = 0il, B
WAO = WAO0/60; %
WBO = WBO/60; % [=] 9

% FO = Mol flo
FAO = WA0/850; %
FBO

te

[=] mol/s

WBO/32; % [=] Mol/s o
FO = [FA %A 1
% vO = total | owdlr CTHIN 0 Tl
% V = mol volume of mixture and vO = V*FO
X0 = FO./sum(F0); & .

ARERNOTR AN AN LR L.

k .3376e8*exp(-1.0527e5/(R*T)); %[=] mL/mol.s
% Solve ODE
kA = (k*A*FA0”1.0058)/(v072.0058); % [=] 1/cm
Lspan = [0 RL];
IC =0; % X(t=0) = 0
[L X] = ode45(@(L,X) KEPode(X,kA,FAO,FB0O,z0,T,P,F0),Lspan,IC);
% Calculate Methyl ester content
theta = FO./F0(1);
F = [FAO*(1-X) FAO*(theta(2)-3*X) FAO0*(theta(3)+3*X) FAO0*(theta(4)+X)];
x = F/sum(F);
% Set xMeOH = xGlyOH = 0 (after MeOH and glycerol were separated)
x(2) = 0;
x(4) = 0;
MECont = 100*x(3)/sum(x);

o

X
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