CHAPTER YV
DISTILLATION OPTIMIZATION

5.1 Introduction

One of the most important tasks in the chemical industry is the
separation of multi-component liquid mixtures into one or more high-purity products.

Several technologies are feasible for this task, either alone or in combination, such as

distillation, extraction, crystallization, ' n. Among these, distillation is by far the
most widespread and has a lo | )hnology.

—

Distillation s ionate emically different species by
exploiting the fact that -_ \‘f g vapor and liquid phases are
generally different. The li vapor mixtures ﬁ\\u in distillation are at or very
near the boiling temperat ‘ @ coexisting vapor and liquid phases
rapidly approach equilibriugs rmecly c ovides a framework for describing
the composition differences. \

Y
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Contact betw e\ GpOF ant id phases can be achieved in many
ways. One of the most com,_éf" ection of successive stages in an
arrangement like the.one She schematic: ally in-Figure- 5.4/ for distillation. Vapor is

T — .\ |

generated in the reboil€ > ges of the column. The bottoms

emoved from the reboiler. A
J . Q. .
condenser at th ﬁﬁﬁﬁﬁﬂ?rﬂﬂm t flows down through
the stages. A duct st alled distill is' removed at the top of the
AR ANNTU UM INYNS
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The first designs of a distillation system are usually developed assuming

stream, enriched in one~“or more of the components, is

that vapor-liquid equilibrium (VLE) is achieved on the stages in the column. So, before
we implement the case of distillation, we will review the VLE models and the concept of

distillation column.
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5.2 Fundamentals -

-
Many segation devices including |stillati column exploit the fact that
the equilibrium composmcﬁmf chemical species across coexisting phases are not

cqual. Befoe b@]n%&le’.} o] &AW BET Frumn, we review e

essential parts of phase equilibrium thermodynamics,, since this plays a central role in

vemosdl WIANTIITUANIINE IR E

5.2.1 The Equilibrium-Stage Concept

The equilibrium (theoretical)-stage concept (Figure 5.2) is central in
distillation. Here we assume vapor-liquid equilibrium (VLE) on each stage and that the
liquid is sent to the stage below and the vapor to the stage above. For some trayed

columns this may be a reasonable description of the actual physics, but it is certainly
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not for a packed column. Nevertheless, it is established that calculations based on the
equilibrium-stage concept (with the number of stages adjusted appropriately) fits data

from most real columns very well, even packed columns.

One many refine the equilibrium stage concept, e.g. by introducing
back-mixing or a Murphee efficiency factor for the equilibrium, but these ‘fixes' often

have relatively little theoretical justification, and are not used in this work.

For practical ep is usually not the modeling of

ﬁ In this area there has been

e introduction of equations of

the stages, but to obtain :
significant advances in th(

state for VLE prediction. pler VLE models (constant

relative volatility) which apply

Saturated vapor leaving
equilibrium mole fraction y id entering the stage (xL,mahL,m)

enthalpy A, (T,x)

apor phase
iy

Liquid phase

ﬂum NTNYING

Saturated Ilqund leaving the stage with

Vapor entennﬁthe sta\ée ﬁ ﬁ%lj ll enmﬂﬂﬂ a Ernolar

Perfect mixing

in each phase

Figure 5.2 Equilibrium-stage concept
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5.2.2 Vapor-liquid Equilibrium

In a two-phase system (PH =2) with N, nonreacting components, the

state is completely determined by N, degrees of freedom( /'), according to Gibb's

phase rule:
f=N~PH+2 (5.1)
If the pressure " # id compositions or mole fractions
(x) are used as degree of f n the ir jons () in the vapor phase and
| e——
the temperature (T) are_deiermined, provided that_two phases are present. The

general VLE relation ca

[ylayz,... P ‘ — Vf-'

[y (5.2)
Here we hale ifitrod iced-th Jmole \es ons x and y in the liquid and
vapor phases respectively, and v.‘-,“-f:'ﬂ'.; ]y.' He :'=‘ =1 and Z; yi=1
== __ e '{:} >
In ideal ix car ofi Raoult's law which states

that the partial pressut:

vll nction of temperature only:

=p°(T)) arﬁthe liquid mole fraction ‘VS' ‘%"w E]\'] ﬂ ‘j

Pl=x, P" (T)

ARABINIAURAINGAS Lo

component is proportional to the mole fraction p, = y,P and since the total pressure

P=p 4D, +.t Py, = ZIP,_ = zixi}:"(T) we derive:

ase is proportional to the

vapor pressure (p,") € pure COmMpone ichis a

B xp’(T)

A=W p ARG
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The following empirical formula is frequently used to compute the pure

component vapor pressure:

Inp°(T)~a+ b +dIn(T)+eT’ (5.5)
c+T

The coefficients are listed in component property databases. The case

with d = e =0 is called the Antonie equation

5.2.3 K-values a /
nent iisdefinedas: K, =y, /k,. The K-value is

The K-value

sometimes called the equili \: ading as it depends strongly

on temperature and pres

For ideal mixtures th Raoult's law we have:

r Y B 6

U

Here p, (Q depends on tem&clarature so the K-values will actually be

constant only clﬂa uﬂd%'n%ng %éj’hWﬁﬁﬁ &j’elatwely constant. On

p'T)

A AT URIANENRL e

average of the relative volatilities for the highest and lowest temperature in the column

the other hand, the ratio is much less depepdent on temperature, which makes

usually gives sufficient accuracy in the computations: &, = /& .., X @y yoiom -

We usually select a common reference component r (usually the least

volatile or heavy component), and define:



Table 5.1 Antoine coefficients for selected substances
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Temperature

Substance A B C Range, °C
Acetone 7.63132 1566.69 273.419 57 to 205
Water 8.01767 1715.70 234.268 100 to 265
Benzene 6.87987 _1196.76 219.161 8 to 80
Toluene 219.187 -27 to 111
Ethylene glycol 203.454 50 to 150
Hexane 18 "ii 226.280 -30to 170
p-Xylene Kq?\ 215310 27 to 166
Ethanol ¥ ° \\ 6.184 20t0 93
Acetic acid " {“ | \\ 58.451 1810118
Acetaldehyde ‘ \ 233.945 -83 10 20
Methanol 39.726 15t0 84
Methy! ethyl ketone 221.969 43 to 88
Chloroform 226.232 -10 to 60
Ethylenediamine ., 45.676 11to 117
4-Methyl-2-pentanol ‘FﬁF 2510 133
Dichloromethane m7 0803C -44 to 59
1,3-Butadiene §8 364 933 6 239.511 -75to -2
Styrene ﬂ H g}% %@Bw ’]Zﬁb‘% -7 10 145
Ethyl acetate 7.10179 1244 950 i 217.881 16t0 76
o) | STB0Y 3910 ) VTR e
Acetic antydride 7.69301 1781.29 230.395 20 140
Dichlorosilane 7.18600 1224.50 273.16 -45 to 121
Trichlorosilane 6.95524 1102.900 238.865 -81to 32
Silicon tetrachloride 7.02404 1212.890 235.910 -63 to 57
Hydrogen chloride 7.44899 868.358 274.904 -85 to 36
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&, =0, = E’O(—Tl (5.8)

! r pro (T)

The VLE relationship (equation 5.4) becomes:

_ X,
Tax
i

For the binary mixtur mit the component index for the light

component, i.e. we write x =X d x,=1-x (heavy component).

Then the VLE relationship/
y= (5.10)
1+
\ nount of separation that can be
achieved on a stage. Large relative it arge differences in boiling points
and easy separation. Close boififg ' relative volatility closer to unity, as

shown below quantitativel

5.2.4 e dim “ ling Point Data
) J

The Clapeyron equation relates the vapor pressure temperature
val

dependency toﬂ ‘Hs&]n’}% EM&%W gﬁr‘ﬂgﬁj the volume change

between liquid and vapor phase (AV""" )}

q Waﬂﬁﬁﬂiﬂu AN Y

TAV"™(T)

(5.11)

If we assume an ideal gas phase, and that the gas volume is much
larger than the liquid volume, then AV ~RT /P, and integration of Clapeyron's
equation from temperature 7, (boiling point at pressure P, ) to temperature T (at

pressure p,°) gives, when AH,"” is assumed constant:



2
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1

AH (1 (_ R
Inp’~| 22| —|+InP,, |[+— 5.12

bi

AH " )

This gives us the Antonie coefficients:

vap
a = &l | L. +In
R \T, ;

--------

=g
2 _
& E .
s a
T

. I )
=) t in vapour phe

U INEAY

Mole fraction
of light component
in liquid phase

Figure 5.3 VLE for ideal binary mixture: y = arx/1+(a —1)x
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In most cases P, equal to 1 atm. For an ideal mixture that satisfies

Raoult's law we have ¢ .4 b ) and we derive:
p;(T)
AH™® 1 AH™ AH, ®-AH™
lna,.j = L 1 —+ (5.13)
R I, R T, RT
We see that the tempers dependency of the relative volatility arises

(5.14)

erage also for the heat of

Here we
vaporization:
AH™ (5.15)
This res _ ......... of the rels tive volatility a,, based on the
—_— Z
boiling points only . Y
-
|
BTy~ b,)/Tb (5.16)

ﬁuﬂqmﬂﬂswawni

re B=

ammn“%mmnwmaa

If we do not know AH , a typical value S ~13 can be used for many

cases.
5.2.5 Nonideal Mixtures

For nonideal mixtures, pressure cannot calculate from Raoult's law as
shown in equation 5.3. The correction factor called activity coefficient is added in the

equation. So, the equilibrium relation becomes
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Py, = 7:'Bsmxi (5.17)

Activity coefficients can be calculated from experimental data by
methods described in Denbign (1971, Chapter 9), and Smith and VanNess (1996,
Chapter 11). If P,T,y,,x, data are available together with an accurate saturated vapor
pressure for each component, then one way to calculate activity coefficients is to

rearrange equation (5.17) explicitly y;. Many models are proposed in order to

J (5.18)

Iny, D Ex . ) (5.19)
o ) 2% X

A =Wilson equation parameter

FUEANENANEND?

V" =pure component

A ARDILAA I REIEE
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Table 5.2 Wilson equation parameters for selecting binary mixtures under isobaric conditions at 1

atm pressure

Mixture Ay A
Component 1 Component 2 (cal/gmol) (cal/gmol)
Acetone Water 489.3727 1422.849
Hexane p-Xylene -164.7038 390.7738
Benzene Toluene v 377.976 -354.9859
Ethanol Ethylen (296 2043 1539.4142
Ethanol Water ‘ 336 926.2759
Water Et ‘ 742946 16553.5350
Methyl ethyl ketone | W. ‘ 5 2013.7175
Acetone Meifly! tore | 6 476.8721
Benzene Ethyénatliam g&ﬂ 3 560.0207
Acetaldehyde ategff Jad@c) 1045.5669
Methanol Water Jf 4o 47 554.0494
Acetone ChloroforT,_E_;""_ 116.117 -506.8519
Chioroform t 70, 1270.3897
Benzene v 304 363.9183
Dichloromethane E_Eyl aceta 174.54 -212.1071
1,3-Butadiene o’ 1100.1231 -417.8319

y

AN TUNNINGA Y




Table 5.3 Pure component liquid molar volumes

Substance vt (ecm’/gmol)
Acetone 74.05
Water 18.07
Benzene 89.41
Toluene 106.85
Ethylene glycol N\ 55.92
Ethylenediamine \‘ i__‘ 67.84
Hexane ' W1 61
7/ NN
SN A PONNT

Acetic acid I / r ’\\\\ 5754

Acetaldehyde l I A ‘\\\\ 62

Methanol l % u\"\ 40.73

Methy! ethyl keto 90.17

Chloroform

4-Methyl-Z

Dichloromithe

Ethyl acetaty

1.3-Butadiene = %“'wfl:l?ﬁ;
Styr 1o,

ARIAIN TS

®INYIA Y
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5.2.6 Material Balance on a Distillation Stage

Based on the equilibrium-stage concept, a distillation column section is

modeled as shown in Figure 5.4.

Note that we choose to number the stages starting from the bottom of the

column. We denote L, and ¥, as the total liquid and vapor molar flow rates leaving

stage n (and entering stages n—1. 41 srespectively). We assume perfect mixing
in both phases inside a stag The mole aclion offspecies i in the vapor leaving the
stage with 7, is y,,.a : m%

The v Q\f i at stage then becomes
(inmol s™):

dN,,

- (5.20)
dt

Where N is " C J s of component ion stage n. In the
following we will consider steady-st =0

It is] V flow (w,)of component
i upwards from stage ﬂto

AuBamehineIns

steady state, this Qet flow has to be the same through all stages in a

SRR Y UNIINYIA

The material flow equation is usually rewritten to relate the vapor

composition ( y,,) on one stage to the liquid composition on the stage above (xml ):

+Lw. (5.22)
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Stage n+1

Figure 5.4 Distillation @6lury : modeled a8 a'se -\. ected equilibrium stages.

The resulting ¢ he operating line. Combined with the

VLE relationship (equilibriu s compute all stage compositions

when we known the flows in the s§

5

lustrated in Figure 5.5, and forms the

basis of McCabe-Thi€lg 2

\Y
5.2.7 Am I‘I‘ S
In a coluMnmsection, we may very often use the assumption about

constont moter Pl ) e LV E 3 N &) DY Bore v =7, =¥ (mo

). This assumy?flon is reasonable fog'ideal mixtures,when the comgonents have similar

BT PRSI

w,
straight Ilne for a given section, i.e. y,, —(;jxw, = v . This makes computations

much simpler since the internal flows ( L and V') do not depend on compositions.
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e

(1) VLE: y= f(x)

(2) Material balance
operating line
y=(L/VIx+w/V

ol e g g o o

Figure 5.5 Combining the V e Cperatiny 0 compute mole fractions in a section of

"

5.3 The Continuous Dist m
5.3.1 Matﬁnal Balances '

ﬂ Mﬂ&ﬂ ﬂmﬂim&"lﬂ;se can be completely

described s one variable, which wé choose to besthe mole fractiom of the component

s bloob o bbbt 1 it bieloenes s x

the hqwd phase and y in the vapor. The mole fraction of the second component is just

1—x or 1-y. When the conditions of a stream can be either vapor or liquid, we denote
the mole fraction as z. There are two independent material balances for the column

shown in Figure 5.1, an overall balance.

F=D+B (5.23)
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And a balance for the light component
Fr=D,+B, (5.24)

From these material balances it is simple to find expressions for the

fraction of the total feed that appears in the distillate and bottoms as

Z=TF -8 ‘ (5.25)

F :

B —

a8 : (5.26)

These sim ‘ i oW specification of the feed
composition and flowrate al : produ t purities is sufficient to determine the
flowrate of each prod 4 Toe atio of the flowrates of the two products
streams is completely d

D o

73.= T (5.27)

Althaug results may s e, € 5 ecially for binary mixtures,

.ﬂﬁ > fractionation of mixtures

.
ﬂﬂﬂ @Wﬁﬁﬁﬂl | ﬁo the compositions; the

fraction of light @mponent in the feed stream that is presen in the distillate product is
¢

=9 o/
. | B(l-—zB)
= ; larl he'h =—T.
1 %q REANIRIRINRFTIAYIRE 7=,
The fractional recoveries can be related to the feed and product compositions by
Zp (ZF_ZB)

Zr (ZD "ZB)

f,. We will use compositions, fractional recoveries, or a combination of both as

their consequences.an

containing more than t@ COMPOnE

material balances. For example, f, = , and there is a similar expression for

convenient.



65

The primary task in the design of a column is to related the size and
energy requirements to the specifications on the feed and product streams. The related
performance calculation seeks to determine the flowrates and compositions of the
product streams for a given feed, from information about the size and operating
conditions of the column. In either case, a description of the internal flows and

compositions is required.

Figure 5.6 shows smatig column and a numbering scheme

for the stages. On each stage, we a: positions in the liquid and vapor

\ ith values given by the mole

fraction x, and y,, r u\- phases are perfectly mixed.

phases leaving the st

The steady-state materi in the top of the column are

(see envelope | in figur

Vo s AT (5.28)
v (5.29)
Yor Py el 7 (5.30
(7 | Y
For nﬂ +1, N, Je \otes the feed stage. In the
: Il

bottom section, a similar g,alance on envelope Il gives

@uaawﬂwswa1ﬂi .
MARATBIUNIINYIAY o=

n+ B
¥, =Tnlx"+l '7"25 (5.33)

For n=0,1,2,.. f =1
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------
- -
-
- S

Figure 5.6 St

Y |

The magrial balances for the condenser and reboiler are also needed. A

partial condenﬂ ﬁﬁﬁm nﬂ %JowaﬂmTﬁ?e because the vapors

are taken as a pfoduct, while a total condenser provides a saturated or subcooled liquid
¢ o/

produoﬂsw i alﬁlﬁ slit yracti neWE]mT ndenser when one
of the cmpon;rs has a low boiling m:; the product@ﬂired as a vapor.
However, the total condenser is a more common arrangement because it is less
expensive to transport liquids than vapors and because a saturated vapor may partially
condense in piping runs over any significant distance. In either case, we number the

condenser and its product stream as N +1. Figure 5.1 shows that part of the liquid

condensate is returned to the column to provide liquid on the stages in the rectifying
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section; this stream has a molar flowrate L,,, and is referred to as the reflux. The

external reflux ratio r is

(5.34)

This dimensionless number must be positive and the minimum value

needed depends on the difficulty of the ired separation. Columns must be designed

so that ris somewhat above mum ‘ erial balance for a total condenser
shows that the internal flow. flux ratio by
L
Nal = (5.35)
VN
A specific 3 external reflux ra xes the ratio of liquid to vapor
flowrates on the top stage luming /A g artial co \ er can be described with a
similar approach.
The rebolier Provides- vay 0 at' the bottom of the column. The

bottoms product is often remov may be taken as a vapor when the

purity requirements foryth of the vapor generated in the
b b e external reboil ratio s,

g
AUEINENTNEINT  ew
ARTRATHANIINEA Y

L s+l

e B.97
A (5.37)

reboiler is related to 'f"

defined as

There is also a minimum and an optimal value for s;» and s are related

through an energy balance by the condition of the feed and the separation that that is

desired, as discussed in the next section.
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The material balance for a total condenser can be combined with the

definition of » to show that
Vy=(r+1)D (5.38)

Similarly, for the reboiler,

L =(s+1)
5.3.2 Ener@

The simpl

(5.39)

abatic column is the overall

balance

Fh. +Q, (5.40)

Where O, represents the heat

supplied to the reboiler, moved in the condenser. The specific
enthalpy of the feed A, is uate: ' the press re on the feed stage, excluding
heating, cooling, or pressure C .-.,;a 2s, Defore olumn. We have ignored heat gain or
loss to the surround 5 0 th h f; d reboiler. We can relate
the difference betwev : it i s to the feed and product

specifications by elimirming D and B from equation Sm) With the mass balances in

ﬁeﬁ{]‘ﬁ‘w ﬁmwmn‘i

ZF ZB

Q“mﬁNﬂiﬂJ NW’T’W]EHG d

This means that a specification of the feed rate, as well as the feed and

(5.41)

product compositions, temperatures, and pressures, completely determines the
difference between the condenser and reboiler heat duties. It is important to recognize
this consequence of the overall balances in solving the model equations; e.g., care is
needed in using software for design calculations when the product purities and heat

duties are both specified, since these are not all independent.
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The individual heat duties can be determined from energy balances
around the appropriate units. For example, for a condenser, the energy balance can be
combined with equation 5.38 to show the dependence of the condenser heat duty on

the reflux ratio and the distillate flowrate.

O = [r(hNV _hN+1L ) +(hNV —hy, ):I D (5.42)

When the distill ' liquid, the enthalpy differences are

equal to the heat of vapori itions. The reboiler duty can be

QR = (5.43)
The type or reboiler influences only the terms 4, and .
An ener: : ] , excluding the condenser and the

reboiler can be combinedWi '_;_ : terial b e and equation 5.27, 5.34, and

5.36 to relate the external r to the product specifications and the

enthalpy of the feed.

)

.. 5.44
oy (5.44)

%[O

T,z

TR AIL b

and the conditién of the feed ( temperature pressure and composmon) completely

Y RTFIMTURAINA Y

The most detailed balances are, as always, at the level of the individual

stages; in the rectifying section we have
V. .h.  =Lh'+Dhy+0. (5.45)
And for the stripping section,

L

n+l1

h,"=V.h"+Bh, -0, (5.46)
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These energy balances must be solved simultaneously with the material
balances and the phase equilibrium relationship to determine the variation of
compositions and flowrates throughout the column. There are many cases, however,
where a good approximation to the actual flow can be determined in a simpler manner;

this approach is described next.

rates within each column section & stan s simplification is referred to as the
condition of constant molar overflow 1O). 1 | e might expect that a constant
uld lead to this condition in an
adiabatic column, si are required to condense or

vaporize a mole of th

the moment, we denote the
flowrates in the top or recti or ' ' , and in the bottom or stripping

sectionas L, and Vj. In become

(5.47)

VN7 (5.48)

Fornm’HNNl f+1and @
ﬂumwﬂmwmm (549)

q W"?’ﬁﬁ”ﬂm UANINRY

For n=0,1,2,..., f —1. It is convenient to rewrite these relationship in

terms of the reflux and reboil ratios to find equations for the top operating line

Zp

4D (5.51)
r+l1

yn-l =

x’l

r+1

And the bottom operating line
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s+1 z
Py =Ty~ (5.52)
s s
) - Ve
Where r=—— and s——E These relationships demonstrate that the

vapor composition at any point in the rectifying or stripping section is a liner function of

the liquid-phase composition on the stage above.

h. (5.53)
The feed duz an—be ’ Yo when the feed composition,
temperature, and pressureare r' ixtures of vapor and liquid,

ﬁ"
and for mixtures where the gon (

the molar fraction of the fe€d that IS‘%@_ .

Saturated liquid or

o

~ u ption is accurate, g is simply

orrespond to g values of 1 and 0,

respectively. When l._!é“ sub ooled liquid, g is <0 or >

1, respectively. Equation ‘ ' Y |

s y
f KA NSNS |

T s definition of q is not resgcted to consUt molar overflow.

o8 G T SR BT HBIAG B 0. o

Vsal

Al A, =4 so q is simply
A—h,
= 5.55
g=— (5.55)

The general relationships are much simpler for constant molar overflow.

For example, the heat duties become

Q. =[A(r+1)-h, |D (5.56)
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O =[As+hy]|B (5.57)

The relationship between the external reflux and reboil ratios in equation

5.44 becomes

D gy—g; stl-q

= (5.58)
B zy—2z ¥¥4qg

Specification of the fe d the compositions of the distillate and
bottoms completely determine rand s.

The behavi : d ta \ / different from that on the other
stages. At the feed sta . \}\

F+V,+ - e T\ \ (5.59)

And the e

Fh, +V, i n < vl (5.60)

These two equatio Pl \ e definition of g in equation 5.55, can

be combined to related Itk — 'the 'f.’-'"
')

L, I’rﬁq i (5.61)
ﬁ“ﬂﬂ”ﬁ”%ﬁﬂﬁwmm

-V =(g-1 (5.62)

q ma\m AR NLIRLL. e

vapor and liquid flowrates in the rectifying and stripping sections of the column. For
example, when the feed is a saturated liquid (g =1) the vapor flowrate is constant
throughout the column and the liquid flowrate in the bottom of the column is greater than
that in the top by precisely the feed flowrate. The internal flowrate differences that result

for other feed conditions are likewise easily found and in agreement with | ntuition.
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The locus of pints X and y where the top and bottom operating lines
intersect is called the g-line. This can be found by subtracting the material balance for
the light component in the top of the column (equation 5.48) from a similar balance in
the bottom section (equation 5.50) and replacing the differences between the vapor

rates and the liquid rates using equation 5.61 and equation 5.62 to find

g=—L g | (5.63)

energy consumption. m

distilation comﬁﬁgﬁnﬂW‘?’Wﬂ wTﬂdjp'ex configurations for

great promise of energy savings up to about 70%. In

additio i e ‘ v? i é’ impact and site
utility cg.ﬁgsiiﬁgmgdm\j in cmm: ﬁber of different
methods or designs can be applied to save energy in distillation, such as integration of
distillation columns with the background process, heat pumps, multi-effect distillation,
and complex arrangements such as prefractionators or thermally coupled columns
(Petlyuk columns). Deciding which heat-integrated arrangement to use is not a

straightforward task, given that the best arrangement is substantially dependent on the

given separation task and the background process.
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The study of so-called multi-effect distillation systems is described in this
work. Multi-effect integration is achieved for two or more distillation columns by running
one of the columns at a higher pressure and integrating the condenser of this high-
pressure (HP) column with the reboiler of the low-pressure (LP) column. In general,

multi-effect systems have two sequences of integration:

1. forward integration_seguence, where the heat integration is in the
direction of the mass flow; and ‘ If»

e

wce, where the integration is in

2. backwa

the opposite direction of th

In this v distillation of methanol/water

system. Our algorithms \, have been applied in order to
find the appropriate se ing condition. Moreover, the
performance of our algorit put arguments of this problem

are shown in the table 5.4.

ata

Feed rate 1 ol/h) ]ﬂ
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-
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Figure 5.8 Multi-effect distillation with backward integration

75
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5.4.2 Model Formulation

The formulation of a non-linear model for optimization can have as great
(or greater) effect on the success in optimization as the selection of the numerical
optimization method and its computer implementation. Model formulation of column

model and optimization model are described below.

alusius-Clapeyron equation,

equation, and

LALLM
- L’A“l'llll.

B:(V—lyi—l B i Yi+ 1L ) (5.64)

ﬂumammwmm
qmmﬁ‘”‘ e ey 7

Partial rebo;ler
0=Lx, —(Vly1 +Bx1) (5.66)
®  Total condenser

0=VyrYnra _(Lr + D) Xy (5.67)
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Energy balance:

0=Lyh, =Vihy + O (5.68)
0=Vyrahy yro "(Lr + D) hy nr —Qc (5.69)
VLE equation:

(5.70)
(6.71)
B \W (5.72)

AyX, +x, )

5
__/_\il__ (5.73)

Ay x +x, )

AUEIMEMHEINS
RN I ING 8 Y

For the integrated reboiler/condenser, the heat duty is calculated from:
Q=UA(T; yp — T3 1p) (5.74)
Where: T} ,, =the temperature at the top of the HP column

T, ,» =the temperature in the bottom of the LP column
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U =overall heat transfer coefficient (W/m2C)
This problem has several variables to optimize. These are
1. sequence of multi-effect distillation (forward or backward sequence),

2. feed location in HP and LP columns,

3.
4. boil-up
In the f ' ’;};,’:,. there are two conflicting

elements: we would like product as possible, but using as

PP W\
little energy as possible. i ed, 3 < ; ion

: (J )is defined as the amount

of distillate (0.99 mol% m A'..- Dy the B of methanol, minus the cost of
energy consumption. As w 3 i ,,_ ' \ the profit, we have to minimize (-J).
To simplify a relative cost S .- en used, so the object function to be
maximized is:
J=padh —yp NN { (5.75)
Where: E’”’ + D3 op prﬁucts (methanol),

ﬂuﬂﬁwﬁﬁwmﬂ*ﬁ

w=0.6488 mal MJ " is the relative cost of ener

ARASDIAN 1N R e -

specified. These are the model equations, material and energy balances for the
distillation process (equality constraints) and operational constraints (inequalities) that
have to be satisfied at the solution. The operational constraints have been defined for
the multi-effect system: (1) the product (distillate) from both columns must contain at
least 99% methanol, and (2) the bottom stream from the second column should contain

at least 99% water.
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The optimization problem can then be formulated as:
min[—-J (x,u)] objective function (5.76)
sit.

g,(x,u)=0 model equations

because it contains both several

This problem is very't 10, 0P \ 2

ete. variables (feed location of both
a t efficient to solve this problem
without special treatment, and get ri S the suitable approach to optimize this

difficulty.

g?‘

Hence,” i;'t is optimized by using our

algorithms and SGA. "Before algorithrg start, severd genetic operators and its

e DDA
qBAESA TR Ao

Step Operator
Chromosome representation Real-value chromosome
Selection Roulette wheel selection
Crossover Arithmetic crossover, P. =0.6
Mutation Uniform Mutation, P, =0.05
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The results of optimization are illustrated in the figure 5.9. The figure
plots between generation number and maximum value of J (equation 5.76). The graph
show that the solution obtaining form HSS-GA converge to the global optimum
point: J = 853.30 (mol s'1) at 17" generation, whereas the solution attaining form FSS-
GA, LHS-GA, and SGA converge to the others. However, although FSS-GA and LHS-GA

not converge to the global optimum, they still provide a better solution than SGA. These

mean that all of our algorithms ca i ' W/eter solutions than SGA.
E—
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.
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versus maximum value for multi-effect distillation problem

The optimal sequence and operating point providing this global value

(form optimized by HSS-GA) are demonstrated in the following table.
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Table 5.6 The optimal operating point of case study

Optimal sequence: Forward integration sequence

Element High pressure column Low pressure column
Pressure (bar) 5 1
Number of stage 16 26
Feed stage 12
Reflux flow (kmol/hr) \\l ’ ; / 1565.2
Boil-up flow (kmol/hr) o~ 48 5 S 3420.9
Bottom composition Z 0.01
Distillate composition ////‘ 0 '\R\ \ 0.99

5.5 Summary
Our algori as e'ﬂ' ed i & previous chapter, have been
applied to the optimization pfoblgim-of distill equence synthesis. From optimization

results, our algorithms, especially -GA, have higher efficiency than

SGA in terms of solulion Y ;a.;,»‘-r to the global optimum.

)
0b3 solution, it still provides a
!

than SGA. Hence our algorithms successfully apply to

Moreover, even though-LHS .

more acceptable res

optimization eﬁlu ﬂ tnawﬂw?w Erd] ﬂ j‘lgonthms succeed in

enhancing th performance.

AN TUNN NN Y
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