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APPENDIX A

Process Stream Data and Equipment Data

Table A1 Process stream data

Fresh etheylen? Fresh oxygen fresh acetic acid
Vapour / Phase Fraction 10000 |/ fi/} #1.0000 0.0000
Temperature [C] - 30.00 2 ,—3@.90 30.00
Pressure [psia] _.-:: 1?0 | 150.0 150.0
Molar Flow [gmole/min];ngo.oo \ 460.00 680.00
Oxygen / }?0}’0 2 1.0000 0.0000
CcO2 /f / [9&)(1 ‘_‘, 0.0000 0.0000
Ethylene / 990. {5, % 0.0000 0.0000
Ethane [ lp.po;m 4 0.0000 0.0000
VinylAcetate g [ o.(_)mb s, 00000 0.0000
H20 " 08000~ =% 0.0000 0.0000
AceticAcid 50000 1 70.0000 10000
T ‘ — iff
'j_ Reactor inlet Reactor oét‘fit FEHE hot outlet

Vapour / Phase Fraction“"} 1.0000 1.0006’ 1.0000
Temperature [C] 148:56 159.50 134.00
Pressure [psia] 123:0 90.0 89.0
Molar Flow [gmole/min] 1950710 19161,95 19161.95
Oxygen ' 010789 00572 0.0572
CO2 0.0051 0.0086 0.0086
Ethylene 0.5847 0.5575 0.5575
Ethane 0.2101 0.2139 0.2139
VinylAcetate 0.0042 0.0403 0.0403
H20 0.0088 0.0484 0.0484
AceticAcid 0.1082 0.0742 0.0742




Process stream data
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(continued)
Absorber vapor | Absorber vapor | Absorber liquid
in out out
Vapour / Phase Fraction 1.0000 1.0000 0.0000
Temperature [C] 74.23 53.04 66.67
Pressure [psia] 128.9 b, 128.0 128.8
Molar Flow [gmole/min] 16487.19 '_%61 92 981.19
Oxygen 00665 -fofgs_m 0.0001
CcOo2 _,_..:;02100 ' 0:0101 0.0002
Ethylene Py 0.6474 ‘\ 0.6559 0.0066
Ethane jWﬁ?4 = 102515 0.0027
VinylAcetate /?/b i 0.0050 0.1866
H20 /oﬁeéq ,} “7.0,0013 0.1474
AceticAcid / f._gqgjsﬁ b 4 0.0087 0.6562
HEEE b
AbsT?SIde ”%‘*’4 . Carbon dioxide

Lf. stream out thane Ergz Purge
Vapour / Phase Fraction 0.0000 1.0000 1.0000
Temperature [C] T 486 53.15 40.40
Pressure [psia] 128.4 124.5 125.5
Molar Flow [gmole/min] 14999.98 3.00 65.06
Oxygen 0.0001 0.0681 0.0000
CO2 0.0004 0.0600 1:0000
Ethylene 0.0118 0.6626 0.0000
Ethane 0.0049 0.2541 0.0000
VinylAcetate 0.3107 0.0051 0.0000
H20 0.0706 0.0013 0.0000
AceticAcid 0.6015 0.0088 0.0000




Process stream data
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(continued)

Carbon dioxide

removal in Column feed Column bottom

Vapour / Phase Fraction 1 0.0062 0.0000
Temperature [C] 53.04 50.18 124.95
Pressure [psia] 127.0, ) !; y 18.5 19.7
Molar Flow [gmole/min] 6411.00 /;/ js.% 2188.94
Oxygen 00674 : "“1_».9_091 0.0000
CO2 1@?}Ql | 0.0002 0.0000
Ethylene ;?0/71559 \ 0.0042. 0.0000
Ethane /yffys " 00019, 0.0000
VinylAcetate /( /?6?'50_‘ '_“ 101875 0.0000
H20 /b 13, .5 102631 0.0930
AceticAcid / i(),O&? b i.', 4 0.5431 1 0.9070

4 RACHEC TN

W{sl‘&'g@ feed E‘E ‘l

_ inrabsfg-ber. -_mnic product | Aqueous product

Vapour / Phase Fracti?% === 00000 é’j 0.0000
Temperature [C] - 25.00 T = 38.01
Pressure [psia] “} 128.0 18.0 = 18.0
Molar Flow [gmole/min] 156.00 826.00 729.56
Oxygen 0.0000 0:0000 0.0000
CO2 0.0000 0:0003 0.0000
Ethylene 9.0000 00052 10,0001
Ethane 0.0000 0.0026 0.0000
VinylAcetate 0.0000 0.9399 0.0042
H20 0.0710 0.0518 0.9957
AceticAcid 0.9290 0.0003 0.0000




Table A2 Process equipment data

Reactor

Length 10 m
Diameter 0.037 m
Number of Tubes 622
Wall Thickness
Reactor heat duty
Diameter
Height

working level volume
vaporizer temperature[

vaporizer heat duty

TE57 &
Feed effluent heat exchanger
e

FEHE UA 6621 k¢

FEHE hot outlet tem 'ﬁi‘
FEHE duty vii—,,,———-—_—. =

Separator argi g)mprcssor Y

-

Diameter

Height 3.503 m

Compressor size 394 Kw

Gas loop volume 170 m’

w N3
we b, N1 w0 i) (DT

104
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Process equipment data

(continued)

Absorber
Base volume 8.00 m’
Bottom section 2 theoretical stages
Top section 6 theoretical stages
recirculation cooler duty 3.326*10° kcal/h
Wash acid cooler duty

Column 2

Theoretical stages

Feed stage
Base working volume
Decanter base working vg
Reboiler duty

condenser duty

<

b |
|
W
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Figure A1 Vinyl Acetate Process flowsheet
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APPENDIX B

Sizing Equipment

The steady state simulation does not need information that has no effect on
steady state results. These items include column diameters, sizes of all surge vessels,
sizes of control valves, etc. However, ttlle dynamic simulation does need this
information because the dynamic response oifl‘é,p}pcess unit depends on the size of the
equipment. The capacitance of the system (1tsf§e’ constant) is dictated by its size
(volume or mass) relative to"the flux (ﬂo‘\i’/rate, heat-transfer rate, etc.). Therefore all

g—

equipment must be sized (at t approximately) before dynamic simulations can be

performed. |

Sizing equipment isfn eSsary SO ‘that the dynamic capacitance of the
equipment (tank sizes, «€olumn /liguid ho'Saups, heat-exchanger volumes, etc.) is
available to the simulator. Jt isno néceésaryfjgo' have all the details of the mechanical
design of the equipment. SQ e good %s'fimaigs‘}o? the gas volumes and liquid holdups

. Ad h: Lo Y " L s

in a system are all that are nec sar‘y-tq.predlctsea}}stlc dynamic responses.
é yuadkeg A o e g8
F L

B1. Distillation Columlis

S —
The volume of a-distillation column depends on ifs diameter D. and length L.

Both are easily calculated , . N,,
- Length: A ty;ﬂ)-ifcal tray spacing is about two fee;.a So if the column has Nt
trays, the height of the tray séction is 2 Ny (feet): However, the‘column requires some
additional height t@ accommodate reflux and feed entry locations and to provide surge
volume in«thesbase, particularly- if<themosiphon, rebeilers; arey used s Therefore we
normally increase thelength'of the column’by about 20%:
L .(ft)=24N;

This approximation assumes that we are using actual trays. If the simulation
uses theoretical trays, which is typically the case, an adjustment in the length should

be made so that the actual volume of the vessel with real trays is used

LC (ﬂ) = 24(1VT )lheurelical /Eﬂeciency
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This use of theoretical trays also requires an adjustment in the weir height of
the trays so that a realistic estimate of the total liquid holdup on the actual trays is
used. Weir heights are normally one to two inches on actual trays. So the writ height
specified in the simulation should be adjusted upwards by dividing by the efficiency.

Tray efficiency depends on several factors, but the most important is relative
volatility or ease of separation. Components with large differences in boiling points
(high relative volatilities) exhibit large changes in compositions from tray to tray in
the column. This results in low tray efﬁcxepmes (vapor and liquid are not in phase
equilibrium). Components with small dlfferﬁ;tﬁ;e's in boiling points produce small
changes in compositions from tray to tray, so effrC‘{Elnmes are high. In the absence of
better data, some heuristics _ggu.be used Jo estimate efﬁ_clency. Relative volatilities

around o = 1.1 give almos))ﬁﬁf

in the 80% range. Relati

efﬁcien y. Relative around a = 2 give efficiencies

Vo t' m¢s ar und o = 4 give efficiencies in the 80%
I

adjusr'column heights and tray weir heights.

range. These estimates can bé u

The liquid holdup (weir height) E_nussﬂaho be adjusted if packing is used. One
of the biggest differences‘betwe Packing'ﬁ'nd trays is the smaller liquid holdup in
packed towers. This makes the ynam'ic resgSﬁnse of a packed column faster than a
trayed column, which means that dlsturbanc'eaiej.éctlon is worse in packed columns
than in columns with trays. LT | H:J-f_::,,‘;;a—_

- Diameter: Tp_é;.’wﬁdiameter of a column is set by the éq’ximum vapor velocity.

This often occurs at tﬁejiqp of the column where the prei;iJre is the lowest, which
gives the lowest vapor density. However, if the feed is subcooled liquid, the
maximum vapor rate can occur just below thefeed tray because of the extra vapor
needed to bring the feed up to the temperature of the feed tray. Changes in molar
heats of vaporization, temperature and molecular weights can move the location of the
worst-case, tray’ locatien 1o otherpositions in the column. The steady-state simulator
vapor profilés should be checked to find the tray with the maximum vapor velocity.

A simple way to calculate the maximum allowable vapor velocity is to use

the “F-Factor” parameter.
F — Factor=V,__ Py

In English Engineering units, the velocity Vmax has units of ft/sec and the

vapor density  has units of Ib/ft’. In SI units ,velocity is in m/sec and density is u
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kg/m’. An F-Factor of 1 in English Engineering units or 1.22 in SI units can be
used to determine the diameter of the column.
From the steady-state column profiles, select the tray with maximum vapor

velocity from the given vapor flow rate and density.

B2. Separates (Flash Tanks)

Separates are tanks that have both liquid and vapor streams leaving the units.
Their function is to disengage the two phflses and provide liquid surge capacity.
Therefore the vapor velocity must be kept io’y/)n,/ough so that liquid entrainment is
small. The F-Factor can be used to calculate the maXimum diameter of the vessel. We
use a more conservative F—@Qg(O.S in Jnglish Engi}légring units) so that effective

separation If the two phases isachieved.

We also must che

heuristic is to provide at least fi inutes éf‘ﬁoldup. This mean the volume of liquid

in the tank (normally with thg'interface at 5%%.pf the tank height, assuming a vertical
g

cylindrical vessel) should be five imes?*the ‘volumetric flowrate of the liquid leaving

the tank.

—_—

To illustrate the calculations, we consideria flash tank operating at 48.9 °C

(120°F) and 31.7 bar (460 psia).__:l‘_h_@;,_yapor l,e?a&i-ilg,_the tank is 613 kg/hr (125 11b/hr)
with a vapor density of 46.3 kg/m® (2.891b/ft’). The liquidflcaving the tank is 1635
kg/hr (36041b/hr) with"-.;’(; liquid density of 460 kg/m3 (2§j Ib/ft}). The tank is a

vertical cylindrical vessel with an aspect ratio (length-to-diameter ratio) of two

First we will calculatethe required diameter based on the vapor velocity. The
maximum vapor velocity, using a 0.5 F-Factor, is
Vo o= F — Factor _ 0.5

¥y 0 08 J2:89

The volumétric flowrate i1s (1251 lb/hr)(ft3 /2.89 1b)(hr/3600sec) = 0.130 ft*/sec.

=0.294 frihsec

Therefore the cross-sectional area of the tank is

_0.294 1 /sec
0.13ft/sec

Area =0.442 ft*

Thus the tank diameter must be at least [(4)(0.442)/n]* = 0.75 feet.
Now we need to check the liquid holdup requirements. The volumetric

flowrate of liquid is (3604lb/hr)(ft3 /28.7 1b)(hr/60min) = 2.09 ft*/sec. To have 5
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minutes ho!dup of liquid with the tank half full, the volume of the tank should be
(2)(5 min)(2.09 ft3/min) = 20.9 ft’. With an aspect ratio of two, the relationship

between volume and diameter is
Volume =2 DL =" p*(2p)=" p*
4 4 2

Therefore the diameter is 2.37 ft. Since this is larger than that calculated from the
vapor F-Factor, we specify a tank with a diameter of 2.5 ft and a length of 5 ft. note
that we have used vertical tanks in all the examples above. If horizontal tanks are
used, the calculations must be modified to acaé)ﬂ odate this change.

The dynamics of heaters and coolers-(a@mn reboilers and condensers)

are usually assumed to be fast'compared 0 the composition and flow dynamics.
e -

B3. Surge Volumns
4
Tanks and surge red xyhenever liquid is to be pumped. The
reflux drum and the base %.’\__s!till_ation column are examples. From a
steady-state economic desi int pf vieﬂgf?“ éélpital investment is minimized by
making these vessels as small P "4 - Hufﬁgyfr from a dynamic point of view,

we want to have lots of surge capacity so‘;@fa}_t. disturbances in flowrates can be
i -.-*- . '.:_ ' 1‘_} -

attenuated and we don’t--llose liquid levels. -

4 —

Y - « .
The commonlynq Wﬁcunstlc for surge vessel s1z__r\rhi_g is to provide about 5

minutes of liquid holdup_»\‘{ith the vessel half full. This is based on the total flowrate
of liquid into the vessel. Ethe liquid level is at 50%for th:steady-state conditions, it
will take 5 minutés to cormpletely drain oy fill'the vessel if the iriflow or outflow go to
Zero.

For-example, suppose-the- total flowyfrom, a~distillation~columm jreflux drum
(distillate plus'reflux)‘is 5577 'Ib/hr-with“aliquid density of29 Ib/ft”. The size of the
reflux drum should be

(55771b/hr)(ft’ /29 1b)(hr/60min)(10min) = 32 ft’
To calculate drum diameter and length from the known volume, an aspect

ratio(L/D) must be known. Aspect ratios of various vessels vary from 1 to 4, but for

surge vessel a value of 2 is typical.

Volume=2D*L="2p*(2D)=Z p?
4 4 2
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Surge volume is also used in decanters, which are vesseis used to separate two
liquid phases. The settling velocity of the droplets of the discontinuous heavy liquid
phase in the continuous light phase depends on the density difference between the two
phases. Large holdup times (20 to 30 minutes) are typically used in decanters to make

sure there is good phase separation.

B4. Heat Exchangers

The volumes of both sides ¢ \Q&‘w Eger must be calculated if these

contribute sngmﬁcant dynam1 be -in-§$

xchanger, these volumes can
at has been calculated in the

.
1 heat-transfer coefficient

in either m” or ft*). let the tube

ential heat-transfer area of

T
L A

_ ol Arom‘f' i e

' {]
”D ? mIaI 7D
mbes =N tubes ‘= _4—
Thus the calculatx@ M e t & u e lg'J i ajwe know the heat-

Y ?iﬁﬁ *ﬁfﬂ"ﬁ% 1INY1AY

_A

1otal

A

total

lubex mlul

Typical tube diameters are 25 to 50 mm (1 to 2 inches).
For a numerical example, suppose the required heat-transfer area is 625 ft* and
a tube diameter of 1 inch is selected. Then the tube volume is

D 1/12
Vmbes = (Z)Amml ( 4 J625 = l3ﬁ
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Now we need to calculate the volume of process material in the shell side.
This is the total volume of the shell minus the volume of the tubes. The shell volume
depends on the layout and spacing of the tubes, but at the conceptual design stage we
do not need to go into all the nitty-gritty details. A simplifying approximation can be
made that works pretty well for most tube-in-shell designs. We assume that the shell

volume is equal to the tube volume.

Vshell = ‘/tube.\'

The approximate calculations ¢ ced above are applicable to tube-in-shell

heat exchangers. There are many ot ypes oihcat exchangers, and the appropriate

AULINENINYINS
AN TUNNINGAY



APPENDIX C
Choosing the Correct Controller

and Controller Tuning Parameters

C1. Choosing the Correct Controller

/
You should consider what type of perfo@nee criteria is required for the set

point variables, and what acceptable limits they must operate within. Generally, an

effective closed loop systeffi'is ¢ ed to& be stable and cause the process variable to

ultimately attain a value“€qual’to’the set\point. The performance of the controller

should be a reasonable €ompromi ,u‘hetween performance and robustness. A very

tightly tuned or aggressiveé controller gwes-'good performance but is not robust to
process changes. It could go an ablef it he process changes too much. A very
sluggishly tuned controller délivers poor pei’fﬂrrnance but will be very robust. It is
likely to become unstable. Th follong 1s_££ﬂowchan that outlines a method for

choosing a feedback controller in ﬁgux:e Cl. :-‘

In general, if offsbt can be tolerated, a propomonal Joptroller should be used.

If there is significant noudé or if there is significant dead tlme’I and/or a small capacity
in the process, the PI conjoller should be used If there isino significant noise in the
process, and the capacity of the system is latge and there is no dead time, a PID
controller may bg" appropriate. It is“apparent why the PI controller is the most
common controller*found in a plant. There are three possible conditions that a PI
controller ‘can‘fiandle, whereas| the PID controller requires a specificiset-of conditions

in order to bg used effectively.

C2. Choosing Controller Tuning Parameters

The following is a list of general tuning parameters appropriate for various
processes. The suggested controller settings are optimized for a quarter decay ratio

error criterion. Keep in mind that there is no single correct way of tuning a controller.
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The objective of control is to provide a reasonable compromise between performance
and robustness in the closed loop response. The following rules are approximate.
They will provide you very close to tight control. You can adjust the tuning
parameters further if the closed loop response is not satisfactory. Tighter control and
better performance can be achieved by increasing the gain. Decreasing the controller
gain results in a slower but more stable response. Generally, proportional control can
be considered the principal controller. Integral and derivative action should be used to
trim the proportional response. Therefore; the controller gain should be tuned first
with the integral and derivative actions set fo‘asminimum. If instability occurs, the
controller gain should be adjusted first. Ajjustments to the controller gain should be

made gradually.

Figure 11.16

CAMOFFSET BE
TOLTRATEN?

IS THERF WO15(
PRESENT >

ilv
v

15 UEAD TIME
EXCESSIVE?

HO
h A

1S CAPACTY Ye§
FXTREMILY SEAALL?

No

vsE P

Flowchart for Controller Selection

Figure C1 Flowchart that outlines a method for choosing a feedback controller
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Flow Control

Flow in a pipe is typically a very fast responding process. The dead time and
capacity associated with a length of pipe is generally very small. It is therefore not
unusual for the process to be limited by the final control element (valve) dynamics.
You can easily incorporate valve dynamics in the HYSYS model by modifying the
valve parameters in the Actuator page of the Dynamics tab. Tuning a flow loop for PI
control is a relatively easy task. In order for the flow measurement to track the
setpoint very closely, the gain, K., should be &c / between 0.4 and 0.65 and the integral
time, Tj, should be set between 0.05 and 0.25 m{u&es Since the flow control is fast
responding, it can be used effectively as the secondary-controller in a cascade control

structure. The non-linearity’ﬁr ‘ntrol!loop may cause the control loop to become

unstable at different operati onditions. Therefore, the highest process gain should

be used to tune the controllér. If a'l stabi—lity limit is reached, the gain should be

decreased, but the integral agtio ou{d not. Since flow measurement is naturally

'|‘ 7
noisy, derivative action is not recon mended ;
;1' %
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Like the flow loop process Th:e hqmdi_préssure loop is typically very fast. The

Liquid Pressure Contr,

e la._

process is essentially 1dentlca] to the liquid ffow process e}(cept that liquid pressure

instead of flow is contr i inal control e emcnt" ;l‘he liquid pressure loop

can be tuned for PI and Integral-only control, dependmg on your performance
requirements. Like flow control the highest process gain —should be used to tune the
controller. Typically ithefproCess gain |for \pressuré i8 smaller than the flow process
gain. The controller gain, K., should be set between 0.5 and 2 and the integral time,

T;, should.be set.between 0.1l.and.0.25 minutes:
Liquid Level Control

Liquid level control is essentially a single dominant capacity without dead
time. In some cases, level control is used on processes which are used to attenuate
disturbances in the process. In this case, liquid level control is not as important. Such
processes can be controlled with a loosely tuned P-only controller. If a liquid level
offset cannot be tolerated, PI level controllers should be used. There is some noise

associated with the measurement of level in liquid control. If this noise can be
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practically minimized, then derivative action can be applied to the controller. It is
recommended that K. be specified as 2 and the bias term, OPss, be specified as 50%
for P-only control. This ensures that the control valve is wide open for a level of 75%
and completely shut when the level is 25% for a setpoint level of 50%. If PI control is
desired, the liquid level controller is typically set to have a gain, K, between 2 and
10. The integral time, T;, should be set between 1 and 5 minutes. Common sense
dictates that the manipulated variable for level control should be the stream with the
most direct impact on the level. For exampllle, in a column with a reflux ratio of 100,
there are 101 units of vapor entering the conc{gf/s,ar nd 100 units of reflux leaving the
reflux drum for every unit of distillate leaving.-'It-*rTT’a_lgcs sense that the reflux flow or
vapor boilup be used to coﬁgl,,the levelJof the reflux drum. If the distillate flow is

used, it would only take a }haﬂ" o

vapor flow to cause

f slightly more than 1% in the either the reflux or

€ 'é,.ntroll ir to saturate the distillate valve.

Gas Pressure Contro : 5
Gas pressure control i ilar 10 th’étliquid level process in that it is capacity
‘_.l .r; i & j" j;

dominated without dead ti aryin‘g. the ﬂj?_,w into or out of a vessel controls the
i ol d

vessel pressure. Because of the g@'ac'itive nature: of ‘most vessels, the gas pressure

process usually has a small prog:g:_ss___{__g'.ain and?;aj\__s;l,g}_v response. Consequently, a high

controller gain can be'ifn_plemented with little chance of igsﬁépility. The pressure loop

can easily be tuned fotj’;l control. The controller gain, I{‘c;;éhould be set between 2
and 10 and the integral time, T;, should be set between 2 and 10 minutes. Like liquid
level control, it is necessary tesdetermine whataffects pressure the most. For instance,
on a column with'a partial condenser, youl ¢an determine whether removing the vapor
stream affects pressure more than condensing the reflux. If the_column contains
noncondensables, these, components can |affect ithe pressure ¢ongiderably. In this

situation, the vent flow, however small, should be used for pressure control.
Temperature Control

Temperature dynamic responses are generally slow, so PID control is used.
Typically, the controller gain, K, should be set between 2 and 10, the integral time,
Ti, should set between 2 and 10 minutes, and the derivative time Tg4, should be set

between 0 and 5 minutes.
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