CHAPTER IV

Vinyl Acetate Process and Control Structures

4.1 Vinyl Acetate Process

The industrial process for the vapor-phase manufacture of vinyl acetate
monomer is quite common and utilizes wi’dp/ly available raw materials. Vinyl acetate
is used chiefly as a monomer to make polyvin{}fggtate and other copolymers. Figure
4.1 shows the eleven basic unit operations iﬁ the process. Three raw materials,
ethylene (C;H,), oxygen(0), and acet*c acid (HAC), are converted into the vinyl
acetate (VAc) produc% and c§rbondioxide are by products. An inert
component, ethane, eniers with' It;hq ‘fresl'; gthylene feed stream. Two reactions are
considered the followin ) =

““_5 . CH,= CHOCOCH; + H,0

r’)‘:ﬁ L

JZZ 2C0O, + 2H,0

C,H4 + CH;COOH+
C2H4 + 302

The exothermic reactions eccur in a reactor and heat is removed from the

reactor by generating steam on ng,g_hell sidg{'gf;thc tubes. Water flows to the reactor

from steam drum, to g&lﬁ,ich makeup water (boiler feeder wiﬁe;; BFW) is supplied. The
steam leaves the drd;(;as saturated vapor. The reactiojf_ﬁ;s‘J are irreversible and the
reaction rates have an Arrhenius-type dependence on temperature.

The following rate expressions weré.derived from the experimental kinetic

data in Samanos et al4(1971);

popEpA(l+1'7pW) 4]

1= 0,1036 exp(=3674 LT)
[1+0:583p,(1+1.7 p;, )1A+ 6.8p) )

po(1+0.68py ) 42
+0.76 p,(1+0.68p,, )

r, =1.9365x10° exp(-10116/T)1

Where r, has units of moles of vinyl acetate produced per minute per gram of catalyst
and r, has units of moles of ethylene consumed per minute per gram of catalyst. T is

the absolute temperature in Kelvin and p; is the partial pressure of component i (O is

oxygen, E is ethylene, A is acetic acid, and W is water) in psia.
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The idea-gas standard state heat of reaction is —42.1 kcal/mol of vinyl acetate
for r, and -316 kcal/mol of vinyl acetate for r,. These values are calculated from

ideal-gas heats of formation. Thus the reactions are quite exothermic, particularly the
combustion reaction to carbon dioxide, which also is more sensitive to temperature
because of the higher activation energy.

The reactor effluent flows through a process-to-process heat exchanger, where
the cold stream is the gas recycle. The reactor effluent is then cooled with cooling
water, and the vapor (oxygen, ethylene, carbon dioxide, and ethane) and liquid (vinyl
acetate, water, and acetic acid) are separatf;ﬁif}_The vapor stream from the separator
goes to the compressor and the liquid streamn Tr{mhe separator becomes a part of the
feed to the azeotropic distillation column. The ga§ from the compressor enters the
bottom of an absorber, 'vilﬁe.re‘_jhe ren%aining vinyl acetate is recovered. A liquid
stream from the base is rge rcu]ated thl}jough a cooler and fed to the middle of the
absorber. Liquid acetiy/ hat has;been cooled is fed into the top of the absorber to
provide the final scrubbin e qumd toms product from the absorber combines
with the liquid from the separat r as the f d stream to the distillation column.

Part of the overhead gas exmng “the absorber enters the carbon dioxide
removal system. This cou be o‘he of- é?_eral standard industrial CO, removal
processes. This system is smpirﬁcd by treatmg it as a component separator with a
certain efficiency that i 1s a function of rate aﬂd c‘bmposmop The gas stream minus the

carbon dioxide is sﬁl -rgmoval of the ethane inert

from the process. The test combines with the large recyéle gas stream and goes to the
feed-effluent heat exchanger. The fresh ethylene feed stream is added. The gas recycle
stream, the fresh ateti¢ dcid)féed, @and the fecy¢le diquid acetic acid stream enter the
vaporizer, where, stream is used to vaporize the liquid. The gas stream from the
vaporizer, is further-heated. to-the. desired.reactor-inlet, temperaturein a trim heater
using stream. Fresh oxygen'is‘added to the gas stream from the vaporizer ju.Ost prior
to the reactor to keep the oxygen composition in the gas recycle loop outside the

explosivity region.
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The azeotropic distillation column separates the vinyl acetate and water from
the unconverted acetic acid. The overhead product is condensed with cooling water
and the liquid goes to a decanter, where the vinyl acetate and water phases separate.
The organic and aqueous products are sent for further refining to another distillation

section. The bottoms product from the distillation column contains acetic acid, which
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recycles back to the vaporizer along with fresh makeup acetic acid. Part of the

bottoms stream is the wash acid used in the absorber after being cooled.

4.2 Steady state Simulation

In the steady state simulation, a large amount of information is necessary. The
list of data and specifications includes:

1. Flowsheet topology (types and positioning of units)

2. Fluids package, two fluid packages are defined in the Vinyl Acetate
process flowsheet. One for the main ﬂowshé'et’ tis (Basis 1 with Wilson) and another
for the decanter sub-flowsheet (Basis 2 with V;n-Laar). In the decanter the best
property package is need _,fofestlmatmq the liquid-liquid equilibrium data but in the
column the best physwa,l—pl"/ ) packa ¢ for estimating the vapor-liquid equilibrium
data of the vinyl acetate}/r;etxc ac system 1s need. Usually two fluid packages

are not the same.

amounts, heat-transfer area, €ooling or heaging medium, etc.)
’ i v
; - =4
4. Reaction kinet ‘ b ‘;fa’:
5. Physical property data. - i

6. Number of stages inall ;téged op?";ations (distillation columns, absorbers,

liquid-liquid extractloril columns, etc.) and operating CODdléOﬁS

7. Heat- transfér rates, minimum approach temperaﬁilres overall heat-transfer
coefficients, flowrates of cooling or heating medium and areas in all heat exchangers.

8. Flowrates, temperatures, pressures.and compositions of all process
streams.

Some unit operation of Vinyl Acetate process from Luyben (1998) must be
modified,to simulatein HYSYS.

1." Vaporizer has only vapor outlet in these vessel but Hysys requires that a
vessel must have both vapor and liquid exit streams. So the liquid line must be
installed and place control valve that specify the valve opening to be 0%.

2. Reactor with boiler feeder water steam drum for cooling has not in Hysys
so the plug flow reactor with cooling system is used and the reactor temperature

profile is shown in Figure 4.2 (a).
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3. An absorber has down stream unit attached to the liquid product stream,
then a column sump will need to be simulated. There are several methods for
simulating the column sump. A simple solution is to use a reboiled absorber, with the
reboiler duty stream specified as zero in place of the absorber. Another option is to
feed the liquid product stream directly into a separator, and return the separator vapor
product to the bottom stage of the column.

4. Component splitter is chosen to simulate in Hysys instead CO, removal.

5. In azeotrope column, the reboiled absorber column is used and the three
phase separator is added for decanter. Temperature profile in column is shown in
Figure 4.2 (b) / ;

J

4.3 Plantwide Control Stra/tgy of Vinyll Acetate process

In this work, the ihreg control structures are designed and compared with the

reference control structej All of sch_emegar: generated from nine steps of planwide
control procedure. Th reﬁéreﬂce cbntrof‘structure I (CS1) that are presented by
Luyben et al. (1998). Inclddmg the de&gneﬁ;control structures CS2, CS3 and CS4 are
simulated by HYSYS simulation. After the cotitrol schemes are implemented, three

ed.n.,

setpoint disturbances are used to. lllustrate the: Qynamlc behavior of them.

:l j'r' "
Step 1: Estabﬁqh control objectives o

For this procesé_,) the objective must be able to set the production rate of vinyl
acetate while miinifizifigl yield'16sses to /carbori diokide.\The 6Xygen concentration in
the gas loop must remain outside the explosivity region for ethylene and the
azeotropic distillation column-must proeduce-an-overhead product-with, essentially no

acetic acid and a bottoms product-with no vinyl acetate.

Step 2: Determine control degrees of freedom

There are 25 control degrees of freedom in this process. They include: three
feed valves for oxygen, ethylene, and acetic acid; vaporizer and heater steam valves;

reactor cooling water valves; vaporizer overhead valve; two coolers and absorber
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cooling water valves; separator base and overhead valves; absorber overhead, base,
wash acid, and liquid recirculation valves; gas valve to CO, removal system; gas
purge valve; distillation column stream and cooling water valves; column base, reflux,

and vent valves; and decanter organic and aqueous product valves

Step3: Establish energy management system

Energy management is critically important because of the highly exothermic
reactions and potential for runaway. By design, heat is removed from the reactor via
cooling water in the reactor. All of structures-usé the cooler utility valve to control the
reactor exit temperature beeause of its direct effect-The reactor effluent stream is
cooled in a process-to-process<heat exchanger with the gas recycle stream. A bypass
line and control valve are r_lge’eSsary 1o coi}trol one of the exchanger exit temperatures.
If this exchanger is desiéhqd’ for only vaﬁorv flow, then the hot-side exit temperature
must be controlled to a vﬁlue ab0ve the,r deW’pomt temperature by manipulating bypass
valve around the exchanger on the cold snﬁp The bypass line would not have to be
added if the heat exchanger was desi gped to_{_handle two-phase flow.

; § &
=4 ol

Step 4: Set production rgif

For the CSl,_QSZ and CS3 structures, ethylene and oxygen makeup feeds

come from headers anrf the acetic acid feed is drawn from a supply tank. The vinyl
acetate and water produéts go to downstream units. As aresult, there are no design
constraints that_require préduction rate to“be set either on_supply or demand.
Therefore, look!at reactfor cenditions to determinelhow! to change production rate.
Because the reactor feed contains both excess ethylene and acetic acid, manipulating
the partial pressure Of eithér component would not be effective. The partial pressure
of oxygen'is constrained by the safety limit, and once this is reached no further
adjustments could be made. Pressure is limited by the process equipment design
maximum. Therefore the most direct handle for setting production rate is by changing
the reactor exit temperature.

In the CS4 structure, the flowrate of fresh ethylene feed is flow-controlled,
which set the production rate. The process must take whatever amount of fresh

ethylene feed because it is limiting reactant in reaction.
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Step 5: Control product quality and handle safety, operational, and

environmental constraints

Product quality

The azeotropic distillation column does not produce the final salable vinyl
acetate product. Its primary role is to recover and recycle unreacted acetic acid and to
remove from the process all of the vinyl acetate and water produced. So acetic acid in
the overhead should be a little amount because this represents a yield loss. Also, the
bottoms stream should contain no vinyl acetate. Water is an intermediate component
with a boiling point between vinyl acetate ét{dfﬁ};etic acid. It can be chosen to control
the product quality in this-column. Tl:? invenféij)l"of water in the process will be

automatically accounted if j.tstcomponen(( is controlled.,

In the CS1 an%4 structures, the composition of vinyl acetate is

controlled by changing n steam. The temperature profile in figure 4.2a has a

-

e 'fa‘nger in vinyl acetate composition near the bottom of
— —

the column. Hence Columa s aﬁl'.(bqilu@ is the appropriate choice for temperature
control because of its fast r 7@(; ._ébmpéjfgg with reflux. The reflux flow is used to

sharp break representing

control the water composi onin the bottom stream. The dynamics of the composition

/

loop are slow because the'reflux flow is far'from the bottom stream. Therefore

——————————

cascade control is used to achigyg_t_l_lgs quick%@gse.

Instead, in tb§§82 structure is changed to contré. -water composition in the

distillate by using reﬂ@( flow directly. Reflux has a dirfh;t) effect in changing water
composition in distillatg so it has a fast response with no cascade controlling.

The CS3 structure s, changed thetcontrol scheme that is appropriate the
process has high boilup, ratio(beilup ratio >4) in ¢olumn. For this scheme, the bottom
flow should be used to control bottom composition.and heat input should control base
level. One of the strengths of this system is that it is fast response in large column. For
the Vinyl"Acetate process, boilup ratio in azeotrope column is 4.97 so this scheme is
chosen. Hence the vinyl acetate composition or temperature profile in column is
controlled by changing the bottom flowrate and column base level is controlled by
heat input. The reflux flow is used to control water composition in distillate similar to

the CS2 structure.
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Safety
The overriding safety constraint in this process involves oxygen concentration

in the gas loop, which must contain below 0.1 mole to remain outside the explosivity
envelope for ethylene mixtures at process conditions. The most direct manipulated

variable to control oxygen composition at the reactor feed is fresh oxygen feed flow.

Step 6: Control Inventories (Pressures and Levels) and Fix a Flow in

Every Recycle Loop.

Two pressures must be controlled: inthe column and in the gas loop. The most
direct handle to control column pressure Jis controlled by manipulating the vent stream
from the decanter. In gas loop-préssure, fresh ethylene feed flow is chosen to control
gas recycle loop pressurg.because it has a large effect more than purge flow and flow
to CO, removal. ;

In the CS4 struct;n‘e fresh ethylene feed has been previously selected to set
production rate so it camxot be used to '\co'ntrol pressure. There are three vessels
(vaporizer, separator, absorber) w1thm the 8as loop. The overhead vapor stream
valves from vessels can be used t_o mamp}llate gas pressure loop instead of fresh
ethylene feed. The vapor stream from the segg';ator is selected because its flow is
largest. 7 e

- - ol

Six liquid levels are in the process: vaporizer, s;pjxrator absorber, column

base, and two decanter' layers. Control of the decanter ]eve'ls is straightforward. The
organic product flow controls the organic phase inventory and the aqueous product
flow controls the aqueous‘phase inventory.

The moSt diteCtWaygtojcontrol fthe gemainifig levels would be with the exit
valves. However, All of the flows around the liquid recycle loop would be set on the
basis of devels, which'wotild lTead to undesitable propagation of“disturbances. So a
flow somewhere in this loop should be controlled. Acetic acid is the main component
in the liquid recycle loop. Recycle and fresh acetic acid feed determine the
component’s composition is the reactor feed. A reasonable choice at this point is to
control the total acetic acid feed stream flow into the vaporizer. This means the fresh
acetic acid feed stream can be used to control column base level, since this is an

indication of the acetic acid inventory in the process. Vaporizer level is then
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controlled with the vaporizer steam flow and separator and absorber levels can be
controlled with the liquid exit valves from the units.

In the CS2 and the CS3 structures is changed the manipulator of column base
level. The liquid recycle loop has a HAc tank that can reduce an undesirable
propagation of disturbances and snowball effect. Thus column base level can be
controlled by column bottom exit valve and fresh acetic acid feed is used to

manipulate the total acetic acid feed stream flow into the vaporizer.

Step 7: Check Component Balances. | y
'/,

»

Table 4.1 summarize the component balaficg Control strate gy.

- Ethane is an inert compo t_that eniers with the ethylene feed. It can be removed
from the process onlym(he £as pu}ge stream, so purge flow is used to control

ethane composition. /

- Carbon dioxide is an tqﬂ by- proauct that leaves in the CO, removal system.
As long as the amount ¢ bon dlomglg removed is proportion in some way to

the CO, removal system feed, this vaél,xe is used to control carbon dioxide

. e J".‘:-.:.-l. ._""JJ(‘
composition. Je A,
A "_;ff"\":..““
- Oxygen mventory is accounted for 'via composition control with fresh oxygen
-
feed. \ j; : X

- Inventory of ethyléfie can be controlled to maintaifi gas loop pressure, since
ethylene compeses .the~bulk, of ,the, gas secycle.~In~CS4 structure, ethylene

inventory is'tegulated-by using flow ‘control of reactor feed.

- Acetic acid ‘inveiltery is regulated by using the fresh ‘aceti¢ acid feed to control
base level in the distillation column. In CS2 and CS3 structures, acetic acid
inventory is regulated by using the fresh acetic acid feed to control total acetic

feed in vaporizer.

- The temperature control loop in the distillation column achieves vinyl acetate

composition control.
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- The inventory of water in the process for via water composition control in

azeotrope column.

Table 4.1 Component Material Balance

Input  + Generation - Output - Consumption = Accumulation
Inventory
s controlled by
Composition
0, Ffresh 0 0 Vr(0.5r;+3r3) control of reactor
eed
feed
co’ Composition
CO, 0 2Vrr2 e 0 control of recycle
9 gas
Pressure control of
Fresh : recycle gas loop
CoH, feed - P Ii v Ug(ri+r2) CS4: Flow control
, of reactor feed
Y Composition
Fresh 4 “Purge
C,Hg feed 0 ifream 0 control of recycle
3 gas
; Temperature
VAc 0 VrE) -+ i l::t‘béi;;t 0 control in
f : *r ) distillation column
. = == Column
e Product: i
H,O 0 Vr(ri+212) TR 0 composition
by ST= control
W - £ Level control in
Fresh | 3 = column base
HAc S YR 0 Var, CS2,CS3: flow
feed :
control of

vaporizer feed

Where Vg is the reactor volume

Iy

I

1s vinyl acetate reaction rate

is side reaction rate

Step 8: Control Individual Unit Operations

Several control valves now remain unassigned. Steam flow to the trim heater

controls reactor inlet temperature. Cooling water flow to the trim cooler is used to

control the exit process temperature and provide the required condensation in the

reactor effluent stream. Liquid recirculation in the absorber is flow-controlled to
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achieve product recovery, while the cooling water flow to the absorber cooler controls
the recirculating liquid temperature. Acetic acid flow to the top of the absorber is
flow-controlled to meet recovery specifications on the overhead gas stream. Cooling
water flow to the cooler on this acetic acid feed to the absorber is regulated to control
the stream temperature. Cooling water flow in the column condenser controls decanter

temperature.

Step 9: Optimize Economics or Improve Dynamic Controllability

The basic regulatory h@“&ﬁbhsmd It has some remaining

degree of freedom to o ady sta mic process performance or to

improve dynamic resp ,up n u\estabhshed by Fisher et al.
(1988) that recycle : ‘maximize improve reactor yield. The

full opened and run the

separator, vaporizer, : €
compressor full out. Th lre e ﬁﬁﬁng control valves because the
separator overhead contr, (b control gas loop pressure in
step 7. To minimize roved organic recovery, the

column condenser cooli flow. Optimization of several

ﬂuEJ’WlEJ‘Vl‘ﬁWEJ’m'ﬁ
ammnmwnwmaa
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4.4 Control structure Alternatives

The four alternative control structures that are designed in this work are shown

in figure 4.3-4.6. In all of these schemes, the following loops are used:

1.

10.

11.

12,

13,

14,

154

16.

Ly 8

The reactor exit temperature is controlled by the reactor cooler utility
valve.

The oxygen composition at the reactor feed in controlled by the fresh
oxygen feed flow.

The column pressure is controlled by manipulating the vent stream from
the decanter.  /

The organic product flow is mah‘fpft;f&ed to control the organic level of

decanter. <
The aqueous @m W is ﬁmanipulated 1o control the aqueous level of

decanter.

The vaporiz Igzp(nrt.rolléd,py the vaporizer steam flow.
be-controlled with the liquid exit valves from its

leyel |
The separator'level ¢a
units. - ‘>, '
i J-

The absorber leyel eait be controlléd with the liquid exit valves from its

» |
A,

units. — 7

The purge flow is usedto control the €thane composition.
o o :,l. "IJ“ .

The feed flow_to the €O, removal system 1?.used to control the CO,

A £
compositioii. ~ j
- i o

The steam flow to the trim heater is used to control the reactor inlet

temperature.
The sepasatoricoolant flow isjused:taicontrol-separator teperature.

The liguid recirculation in'the absorber is flow-controlled.

The absorber scrub flowrate from the.bottom of column.is flow-controlled.
The circulation streaim temipérature is cofitrolled-by thelcooling water flow
to the absorber cooler.

The absorber scrub temperature is controlled by the cooling water flow to
the cooler.

The cooling water flow in the column condenser is used to control

decanter temperature.

The four alternative control structures had some different control loops. The

following loops are used:
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1. In the CS1, CS2 and CS3, the gas recycle loop pressure is controlled by
changing the fresh ethylene feed but in the CS4, the gas recycle loop

pressure is controlled by manipulating the separator overhead flow.

2. The CS1 and CS4 use the reboiler duty to control the column temperature
and use the reflow flow to control the water composition by cascade
control. In the CS2 the water composition control loop is changed. The
overhead water composition in column is controlled by reflux flow directly
instead of using the cascade coptro] The CS3 is modified from the CS2,
the reboiler duty is used to contro}’fhc column base level and the bottom is
used to control the tray temperature in column.

3. In the CSI1 andrCS4 the ﬁesh acetic aeid feed valve is used to control
column base'”l'/ and th total acetic acid flowrate is controlled by
manipulat1 otton} ﬂorw‘i from azeotrope column. However, in the

CS2 and C e;h acetic, acid feed is used to control the total acetic

feed to vaporizer butthe colun&n base level had the different manipulator.

¥ o

l !.ﬂ.'i' ‘f!].:.
) ot e
ot 222 h

The reference structure—oFmel —-gcetate process is presented by Luyben

4.5 Reference structure (C

-

(1998) in figure 4.3. ’I;hls structure is used fresh acetic fegd valve to control base level

of azeotrope columnjnd used fresh ethylene feed vava;b control gas recycle loop
pressure. In azeotrope _column, the water in bottoms is s controlled by using cascade

control to manipulate the.reflux flow.
4.5.1 Change in reactor temperature

“'decrease temperature

The starting conditions are the base-case design where reactor exit temperature
is 159.5 °C. The reactor temperature controller is tuned at this operating point. Step
changes of 8 °C decreasing at time 5 minutes and 60 minutes are made in the setpoint

of the reactor temperature controller.
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Figure 4.7 (a) gives simulation result for decreasing the temperature. The
reactor temperature decrease, the rate of production of vinyl acetate decrease because
of decreasing temperature can reduce the reaction rate. The temperature response is
oscillatory and it comes close to new setpoint value within 40 minute. When reaction
rate decrease, a large amount of ethylene, oxygen and acetic acid remain in reactor so

the fresh feed of them is decrease.

Figure 4.7(b) and (c) show the fresh feed of ethylene, oxygen and total acetic
acid feed in process and oxygen cOmpo;i}ion‘in gas loop responses. The fresh feed
ethylene and oxygen decease fairly qui@use the process has a gas-phase
reactor. The flow controller of total acetic feed has'a small changing and can recovers

in about 25 minutes. w?e inning oxygen composition reactor inlet increase
because but it remain n_abo LO 1 mol % of setpoint.

./
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Figure 4.7 (¢) Dynamic response of base case to 8°C decrease in reactor temperature

of CS1 structure

The separation section does not see the changing in temperature disturbance
load because the large time constant in liquid recycle loop and the structure has the

controlling of total acetic acid flow to the reactor.
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- Increase temperature

Step changes of 6 °C decreasing at time 5 minutes and 60 minutes are made in

the setpoint of the reactor temperature controller.

Figure 4.8 (a) and (b) give result for step increase in the reactor temperature

controller setpoint from 159.5 to 165.5 °C. The step increase in reactor temperature
response is slightly more oscillatory than the decrease because this reactor is highly
nonlinear. It comes close to new setpoint value within 30 minute. Increasing the

‘ tion rate of vinyl acetate, so there
, ‘ tant feed streams. Oxygen and
within a@inutes. Figure 4.8 (c) shows

the response of total ace gen col mmn. The total acetic acid is
slightly decrease and )

reactor temperature setpoint incre

must ultimately be net increa

ethylene flow respond fair

The response of oxygen

composition decrease a s and it stands the safety

constraint.

2. Temparature (O3

Minutes

f;’ i " e -u& 284 kgre

Figure 4.8 (a) Dynamic response of base case to 6°C increase in reactor temperature

of CS1 structure
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4.5.2 Change in acetic acid recycle flowrate

Step changes of 20 percent at time 5 minutes and 100 minutes are made in the

setpoint of the total acetic acid flow controller
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Figure 4.9 (b) Dynamic response of base case to 20 percent increase in acetic acid

recycle flow of CS1 structure

Figure 4.9 gives the dynamic responses of the process for a 20 percent

increase in the flowrate of total acetic acid to the vaporizer. The flow reaches new
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setpoint after 55 minutes in figure 4.9 (a). The large step increase in recycle flowrate
causes a drop in reactor exit temperature. Increasing recycle flow of acetic acid almost
instantaneous effect of decreasing reactor temperature because more material in
flowing and another reason is due to the unusual reaction kinetics in equation 4.2.
After temperature drop, the reactor temperature controller is changed duty to return
back to its initial condition. The increase reactor temperature results in a decrease in

the reaction rate so the production rate of vinyl acetate decreases in figure 4.9 (b).
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The increase of the total acetic flowrate causes the increase in the column
feed. When the feed flow of column increase, it will affect the decrease in tray
temperature because of more material inflowing. Therefore, the reboiler heat input

increase to manipulate the tray temperature return to the setpoint in figure 4.9 (c).

Figure 4.9 (d) show the response of acetic acid composition in organic
product. When the feed in column rises, the temperature in column drop so heavy key

component (acetic acid) in the overhead of column decrease. While the heat input

manipulate the tray temperature in cqun{g" /’f}rease to the setpoint, acetic acid
composition increases. /! {:,.r

B
< N

4.6 Designed Control structu CS2) ,
This scheme that 4§"s sﬁ_g"ul:e 4.4 is changed to control base column
level by manipulating botto osf c@:lmn and control total acetic feed in
e fresh

vaporizer by manipulating '*ﬁc;);ic _;tp'eﬁ. The dynamic response flow control
loop is faster than the réferenc s};ru;c:t:llre 6"%5 1). Including, the water composition
control loop is changed. The o rheﬁqfwatéi;ffgmpositidn in column is controlled by
reflux flow directly instead us'ﬁ;g'_‘ihe ca@*cor;trol. The cascade control, two
controllers are used: a primary cgn)rt_;jcr andkgéjldary controller. The setpoint of the

reflux flow controllegﬁ:omes from the water in bon.m{ composition controller.
’ .

Although the cascade "cé_nitro] gives the good dynamic reﬁpojnses, its tuning is more
difficult. An advantage 0} this scheme is the fast response in total acetic acid flow

controlled loop.
4.6.1 Charige in reactor temperature
- decrease temperature

The starting conditions are the base-case design where reactor exit temperature
is 159.5 °C. The reactor temperature controller is tuned at this operating point. Step
changes of 8 °C decreasing at time 5. minutes and 60 minutes are made in the setpoint

of the reactor temperature controller.
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Figure 4.10 give result foi step inere he reactor temperature controller

setpoint from 159.5 to* ¥51.5-°C. The response-of this_scheme is similar to CSI1. The

&

decreasing of reactor tempe of vinyl acetate decreases so

the fresh feed of oxygern and ethylene decrease. The resp se of oxygen composition

wssmme. ] 13 Zhon (13 11ph 12010 M
PRRINIUUMININY

The starting conditions are the base-case design where reactor exit temperature
is 159.5 °C. The reactor temperature controller is tuned at this operating point. Step
changes of 6 °C increasing at time 5 minutes and 60 minutes are made in the setpoint

of the reactor temperature controller.
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Flgure 4.11 glve result fﬂﬁ@” 1NCre 1 the reactor temperature controller
) uie-is more oscillatory than
decreasing temperature but it cz within 30 minute that is faster

than decreasing. The in sing of reactor temperature results the production of vinyl

acetate incre%eﬁeﬁﬂa ﬂﬁm glﬁﬁi rate occurs rapidly.
Therefore, the ethyl e. The response of
oxygen composmon loop remams the safety constraint.

ARIAND AR 1INET a8

Step changes of 20 percent at time 5 minutes and 100 minutes are made in the

setpoint of the total acetic acid flow controller.

Figure 4.12 gives the dynamic responses of the process for a 20 percent
increase in the flowrate of total acetic acid to the vaporizer. In figure 4.12 (a), the

flowrate reaches new setpoint after 15 minutes that is faster than CS1 because the
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fresh acetic feed valve is direct effect to control the total acetic feed more bottoms of
column valve. The increase in total flowrate of acetic acid decreases the reactor
temperature, and production rate of vinyl acetate. After total acetic acid flow

decreases in base case, the production rate increases rapidly because of unusual

reaction rate.
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Figure 4.12 (b) Dynamic response of base case to 20 percent increase in acetic acid

recycle flow of CS2 structure
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Figure 4.12 (b), (c) and (d) show the dynamic response in the column. When
the total acetic feed increase, it is more feed in column. The reboiler level rises so the
level controller changes the bottom flowrate increasing. Thus the tray 5 temperature
decreasés at first and then the temperature controller brings in more heat input. The
tray 5 temperature can increase to the setpoint. The acetic acid composition changing
of CS2 is less than CS1 because CS2 control composition in overhead of column.

Hence the composition in distillate is small changing.
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Figure 4.12 (d) Dynamic response of base case to 20 percent increase in acetic acid

recycle flow of CS2 structure
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4.7 Designed Control structure II (CS3)

In figure 4.5 shows the CS3 structure that is different from the CS2 in
composition loop and base level loop in azeotrope column. In this column, the boilup
ratio is high so the other structure that appropriate for this column is designed. The
bottoms flow should be used to control bottoms composition and heat input should
control base level. This scheme is direct material balance control structure that using

the bottom flowrate to control composition.

%4_

4.7.1 Change in reactor
- decrease temper

Step changes of .-. \ d 60 minutes are made in

;%\\

the setpoint of the reactor

T Temperature (C)

aﬁmmrw wm w?iwﬁiaﬂ

Figure 4.13(a) Dynamic response of base case to 8°C decrease in reactor temperature

of CS3 structure
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Figure 4.13 gives result for step increase in the reactor temperature controller
setpoint from 159.5 to 151.5 °C. The decreasing of reactor temperature results the
production of vinyl acetate decreases so the fresh feed of oxygen and ethylene
decrease. The reactor temperature reaches the new setpoint at 35 minute. The

response of oxygen composition loop remains the safety constraint.

@minutes and 60 minutes are made in

Z.
shown in figure 4.14. The

setpoint of temperature incre ' ’ ‘within 30 minutes and response is

more oscillatory. The prod tate es because of the high

- increase temperature

Step changes of 6 °C increasing 2

the setpoint of the reactor temperat

The results of incre

n and acetic acid so all of
remains less than 0.1%.

The response of separation uni s Eh 3 nergy disturbance is load
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Figure 4.14 (a) Dynamic response of base case to 6°C increase in reactor temperature
of CS3
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4.7.2 Change in acetic acid recycle flowrate

Step changes of 20 percent at time 5 minutes and 100 minutes are made in the

setpoint of the total acetic acid flow controller.
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Figure 4.15 (b) Dynamic response of base case to 20 percent increase in acetic acid

recycle flow of CS3 structure
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Figure 4.15 shows the dynamlc responses for changes in inlet flowrate of total
acetic acid feed. The flow controller of acetic acid gets the new setpoint within 15
minutes like the CS2 that is faster than CS1. The increase in total flowrate of acetic
acid decreases the reactor temperature, and production rate of vinyl acetate. In
column, the change in acetic acid recycle flow produces a large change in the column

temperature. The increase of feed in column brings the base level rising so the level
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controller increases the heat input to decrease base level. Thus, the temperature in
column is rise. For the composition controller, the bottoms flowrate decreases when
the base level decreases so the tray temperature increases. The control loop between
level and composition has an interaction so the controller gain must be small. The
acetic acid composition changing of CS2 is less than CS1 because CS2 control
composition in overhead of column. Hence the composition in distillate is small

changing.

1/
4.8 Designed Control structure III (CS4) //,:-:_,

~ s
In CS4 structure, __t,he, ﬂow rate of the fresh feed of ethylene is flow
controlled, which sets the W i

controlled by changing c

On rate. afhe heat from the exothermic reaction is
n gvatqr valve in reactor and the gas recycle loop

pressure is controlled by manip ""se-pa}aft'or overhead exit valve. This structure

—

has a low production rate of viny acetate 3vhcn compare with the other structures
because the fresh feed ethyleng'is 1xed ‘T hls"ﬁ(;heme might be used when the reactant

comes from upstream unit.

gy -
- -

-
o e gt
-

4.8.1 Change in reactor temfmratur :

l‘_

LS 7
- decrease tempg-iﬁature y
Y J

Step changes of 8 °C decreasing at time 5 minutes dnd 60 minutes are made in

( (VO

the setpoint of the reactorﬂ_tremperature controller. -

Figure 4.16 gives simulation fesults! for theréactor température decrease. The
decrease in reactor temperature, which tends to drep the production rate of vinyl
acetate and, fresh oxygen feed. The, fresh. ethylene feed does not change because its
flow controlled. This control structure, which has fixed flowrate of ethylene, responds
to this disturbance by producing fewer products. The total acetic acid is slightly

changing and the oxygen composition in gas loop in less than 0.1%. Temperature

controller reaches to the setpoint at 40 minute.
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fresh cth)ﬁ%ﬁlﬁgj 1ﬁ§lﬁ ﬁ ﬁiﬁo’:ﬁﬁmgﬁ lg.lucture. This

scheme can handled temperature changes and can operate in safety constraint. The

reactor temperature controller can achieve the new setpoint within 30 minutes.
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4.8.2 Change in acetic acid rei ga i i
Step changes of 20 perce r’ﬂ” e 5m

and 100 minutes are made in the

Figure 4.18 (a) Dynamic response of base case to 20 percent increase in acetic acid

recycle flow of CS4 structure
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The response of ¢ ecycle Mic acid is shown in Figure

4.18. The total acetic aci 3 nes the at 25 minute that is faster
than CS1 structure. Th pr rate of vinyl acetate do
not change. When the de te elﬁ‘m the setpoint at base case
The production rate incr stant because of unusual

acetic acid recycle flow. re and acetic acid composition in
J/ra N
overhead column drop. For the reas‘gh;;h at input manipulates the tray temperature in
o) 4 “ g #" = . . . .
column increase to the setponnfiﬁﬂ&?hl ‘acetie aci position increases. The

change of acetic acid ¢on itionin-overhea ) , 2 and CS3 structures.
i :

4.9 Plantwide Dynamicgmu_-l;tlon '

A little grndaﬁ (ﬁﬂaﬂmcﬂ?wrﬂwﬂﬁf plantwide systems

is as follows:

. st Shnkone bikad ﬂmmm’a NELVRLL o

tested for closed-loop stability and robustness. Then move on to the next unit and
repeat. Build up the entire plant one unit at a time until you get all recycles

connected.

2. Initially use proportional-only controllers in all loops except flow controllers,
where the normal tight tuning can be used (K¢ = 0.5 and t;=0.3 minutes). Set the
gains in all level controllers (except reactors) equal to 2. Adjust the temperature,

pressure, and composition controller gains by trial and error to see if you can line
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out the system with the proposed control structure. If P-only control cannot be
made to work, PI will not work either. When stable operation is achieved, add a
little reset action to each PI controller (one at a time) to pull the process into the
setpoint values.

Perform a relay-feedback test on each temperature, pressure, and composition
loop one at a time to determine the ultimate gains and frequencies. Remember to
place reasonable lags and deadtimes in these loops in your simulation program.

Temperature measurement lags are 0

tI 0.5 minutes in liquid streams and 0.6 to

1.5 minute in gas streams. The re test does not work unless the loop
has a phase angle less than &’o the éasfer function must be at least
third-order or contain deadti; ' ! ——

Use PI controllers M It

Derivative action can

ure,

1N SO

Y

oise free situations, but if

re .~ and composition loops.
in'sc

LY
%

\ "9 . ) o
n s}r{xulatlon environment, it is
LY

<

ntrol is desired and large

you cannot get good
doubtful that the co
Ziegler-Nichols setti
swings in the manipula Reactor temperature control

is a typical example:

Use Tyreus-Luybendsettings for most
where large swings Qvap:)r boilup © X are umﬁirable. These settings are

much more conservative (robust) than Ziegler-Nichols:

LEBINENINEINT

7, 922P, ¢ . "
Onceﬂx%@ﬁ@tﬂ ?Wg“%ﬂ@nvvﬁﬂlﬁs Hith different
magnitdides and in different directions to test the control structure. If large changes
in manipulated variables are required to get to the new steady state, the control
structure will perform poorly.

Table 4.2 shown the tuning parameters all of control structure.
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The same control loops of all control structures had the same tuning

parameters. The following loops are:

LOOP c81 cs2 cs3 Cs4

K. T K, T K, T K, T
Oxygem composition 143 | 0.71 1.43 | 0.71 143 | 0.71 1.43 | 0.71
Gas recycle stream 2 - 2 - 2 - 2 -
pressure |
Vaporizer level 2 - | f 4 - 2 - 2 -
Reactor inlet temperature 2 0.176 -/ : A@% 2 0.176 2 0.176
Reactor outlet temperature 0.5 2 |,05 -l 0.5 2 0.5 2
Separator temperature 0.09_{.0:147 [70.09-4.0.147 | 0.09 | 0.147 | 0.09 | 0.147
Separator level ,—y o/ 2 - 2 - 2 -
Absorber level ' /i 2 - 2 - 2 -
Absorber scrub flowrate }/ YIE 405 0.1 0.5 0.1 0.5 0.1
Circulation stream S j’3 SEOSYNBIN 05 | 03 | 05 | 03
flowrate —tg
Absorber scrub SIS VRSN s 0.5 5 0.5 5
temperature ‘ ":' i
Circulation stream f / 4 WOK )b g N0 2 10 z 10
temperature NN s
% CO; in the gas recycle | 0.05 | 161 005.] 10 | 005 [ 10 [ 005 [ 10
% C,Hg in the gas recycle 0.05 Yesre 0054 10 0.05 10 0.05 10
Decanter temperature 0.08 {0.119 | 0.08 0.119 | 0.08 [ 0.119] 0.08 | 0.119
Decanter organic level , | 2 - 2 : £ - 2 -
Decanter aqueous level 7 =42 -2 =572 - 2 -
Column pressure i T 0.23 6 0231 -6 | 0.23 6 0.23

J

A

The differéntd coritrol loops fof ®ach= stractirehadyséme different tuning

parameters.
LOOF CSl1 CS2 CS3 CS4

K. 7 K. G K. 4 K. g
% H20 in column 1 259 58 0327 S8 0.327 1 25.9
Fifth tray temperature 19.7 | 1.88 | 19.7 1.88 1 2 19.7 1.88

Column base level 2 = 2 = 2 = 2 -
Total acetic acid flowrate 0.5 0.1 0.5 0.1 0.5 0.1 0.5 0.1
Fresh ethylene feed - = - = - - 0.5 03
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4.10 Control structure Comparison

4.10.1 Change in reactor temperature
- Decrease temperature
The starting conditions are the base-case design where reactor exit temperature
is 159.5 °C. The reactor temperature controller is tuned at this operating point. Step

changes of 8 °C decreasing at time 5 minutes and 60 minutes are made in the setpoint

of the reactor temperature controller.

Figure 4.19-4.21 give results for increase in the reactor temperature

controller setpoint from 159.5 reactor temperature decreases,

Mhe reaction rate depends on

eactor so the fresh feed of

the production rate of vinyl a
the temperature. A large a
reactants decrease. The ause low temperature inlet

in separator.

CSl1

Z- Terrgerature {C)
z
E

1615

s sirs

X
A

2. Tampzature iC)
i
£

""""""" _ﬂu 63N ﬂw wens

s

Figure 4.19 Comparison reactor temperature responses when the temperature

decreases.
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Figure 4.20 Comparison reac e VAC 1¢ \ 1ses when the temperature

decreases.
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Figure 4.21 Comparison heat duty in separator cooler responses when the

temperature decreases.
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Step changes of 6 °C decreasing at time 5 minutes and 60 minutes are made in

the setpoint of the reactor temperature controller.
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Figure 4.23 Comparison heat duty in separator cooler responses when the

temperature increases.
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less change in CS3 but the column temperature large change in this scheme. The CS3
structure is used the bottom product to manipulate the VAc composition or the tray5
temperature that gives the large effect to control composition more than heat input.

However, all of control structure can achieve the product quality of Vinyl acetate

process.
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Figure 4.26 Comparision column tray 5 temperature responses
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