CHAPTER III

Theory of Plantwide Control

3.1 The main functions of control system
In general, the control system installed in process has three main function.

3.1.1 To reject dlsturbance It 1s/ﬂ/,}m objective in installing control

system. The external disturbanee is uncertain 0 the operator cannot monitor the

changing in process. z:/rﬁ”sfh
changing of the process an

disturbance from exter

e c«?ntrol system must be installed to follow the

ipulatﬁ the process variable to compensate for the

3.1.2. To mai

result the control system is Se 0 1mprové' the process stability for the guarantee of

..-‘J'-d L

quality of product, safety 1pm9m of pr!?cess and plant.

3.1.3. To keep the prode‘sfgperfom_npg hlghest efficiency Besides rejecting
disturbance and maintaining stablflty, the cﬁmrdl' System ?an achieve the great profit
A

because it losses leSs et g -.ﬁejoperatmg Moreover the

product will meet the requlred specification and have hi gh' production rate.
3.2 Integrated Processes

Three\basic features of integrated chemical pro¢esses lie at. the root of the need

to consider the entire plant’s control system:
(1) The effect of material recycle
(2) The effect of energy integration

(3) The need to account for chemical component inventories.
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If these issues were not had to worry about, then a complex plantwide control
problem was not had to deal with. However, there are fundamental reasons why each

these exists in virtually all real processes.

3.2.1. Material recycle
Material is recycle for six basic and important reasons.

P
- Increase conversion: For chemical ,ﬁf}sses involving reversible reactions,
conversion of reactants to products is"Hﬁtc‘d by thermodynamic equilibrium
constraints. Therefore the reactor effluent by necessity contains both reactants

and products. Sepw A

to be economically vi

| tecycle of reactants are essential if the process is

&l -JIIJ
actor or so‘mena] in series. A reactor followed by a

in series.

. Improve yields: In reaction éystems such as A—)E—f,(;, where B is the desired

product, the per-pass conversion of A must be keT)t._M to avoid producing too
much of the undesirable product C. Therefore the concentration of B is kept

fairly low in the reactor and a large recycle of A is required.

- Provide thermal sink: In"adiabatic reactors and in reactors where cooling is
difficult_and exothermic heat effects are. large, it is often necessary to feed
excess material'to'the reaCtor (an@xcess of lone reactant or ajproduct) so that the
reactor temperature increase will not be too large. High temperature can
potentially create several unpleasant events: it can lead to thermal runaways, it
can deactivate catalysts, it can cause undesirable side reactions, it can cause
mechanical failure of equipment, etc. So the heat of reaction is absorbed by the
sensible heat required to rise the temperature of the excess material in the

stream flowing through the reactor.
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- Prevent side reactions: A large excess of one of the reactants is often used so
that the concentration of the other reactant is kept low. If this limiting reactant
is not kept in low concentration, it could react to produce undesirable products.
Therefore the reactant that is in excess must be separated from the product

components in the reactor effluent stream and recycled back to the reactor.

- Control properties: In many polymerization rectors, conversion of monomer is
limited to achieve the desired polymer properties. These include average
molecular weight, molecular weight distribution, degree of branching, particle
size, etc. Another reason for limiting ’59ﬁ__ycrsion to polymer is to control the
increase in viscosity that is typicalJof polymér solutions. This facilitates reactor

agitation and heat remowval and allows the material to be further processed.

3.2.2. Energy intéylﬁ;n ‘1

-

The fundamental reason, f@ritlie ﬁ_sp of energy integration is to improve the
thermodynamic efficiency of ithe prqpess:)’l‘his translates into a reduction in utility

. 4 w i id, S i i
cost. For energy-intensiVe pfocesses; the savings can be quite significant.
’ . i )
F ¥ | y
3.2. 3. Chemical compong{iifinven‘foﬁ%)

A plant’s chemical species can be characterizes into three types: reactants,
- élé:SC components must be

products, and inerts.
satisfied. This is typ:i'c’;ally mot a problem for products mﬁiinens. However, the real
problem usually aris€s” when reactants are considered” (because of recycle) and
accounted for their.inventoties within the entire process. Every.molecule of reactants
fed into the plant must-€ither be' consumed via reaction or léave as an impurity or
purge. Because of their value, the“loss of reactamts exiting thé.process must be
minimized Since this represents a yield penalty. Sol reactants are (prevented from

leaving. Every mole of reactant fed to the process is consumed by the reactions.

This is an important concept and is generic to many chemical component
balancing is not a problem because exit streams from the unit automatically adjust
their flows and compositions. However, when units are connected together with
recycle streams, the entire system behaves almost like a pure integrator in terms of the

reactants. If additional reactant is fed into the system without changing reactor
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conditions to consume the reactant, this component will build up gradually within the

plant because it has no place to leave the system.

3.3 Plantwide process control

Control analysis and control system design for chemical and petroleum
processes have traditionally followed the “unit operations approach”. First, all of the
control loops were established individually for each unit or piece of equipment in the
plant. Then the pieces were combined togerh/efgﬁtg an entire plant. This meant that
any conflicts among the control loops §pmeh0v; had to be reconciled. The implicit
assumption of this approaehwas. ihat the sum of the individual parts could effectively

comprise the whole of the"";,

’s control system. Over the last few decades, process

control researchers andspra tleners haVe developed effective control schemes for

many of the traditional che u,mt ope _gtlons And for processes where these unit

ach ,dow&!sfream unit simply sees disturbances from

" dd

operations are arranged in Series,

its upstream neighbor.

g oF Kk f)';i r
"

a ‘ ‘J{I’
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Most industrial proc ses. contam a complex flowsheet with several recycle
streams, energy integration, and many dﬁ_ﬁient unit operation. Essentially, the

plantwide control probjem is how to devel(;p the control }bops needed to operate an

entire process and za:éﬁleve its design objectives. Reqyﬁle streams and energy
integration introduce a feedback of material and energy ‘among units upstream and
downstream. They also interconnect separate unit operations and create a pate for
disturbance propagation.-The presence of recycle streams profoundly alters that is not

localized to an isolated part of the process.

Despite thisy process complexity, the unitsoperations| appréach to control
system design has worked reasonably well. In the past, plants with recycle streams
contained many surge tanks to buffer disturbances, to minimize interaction, and to
isolate units in the sequence of material flow. This allowed each unit to be controlled
individually. Prior to the 1970s, low energy costs meant little economic incentive for
energy integration. However, there is growing pressure to reduce capital investment,
working capital, and operating cost and to respond to safety and environmental

concerns. This has prompted design engineers to start eliminating many surge tanks,
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increasing recycle streams, and introducing heat integration for both existing and new
plants. Often this is done without a complete understanding of their effects on plant

operability.

So economic forces within the chemical industry are compelling improved
capital productivity. Requirements for on-aim product quality control grow
increasingly tighter. More energy integration occurs. Improved product yields, which
reduce raw material costs, are achieved via lower reactant per-pass conversion and
higher material recycle rates through the process. Better product quality, energy
integration, and higher yields are all ecdﬁpﬁ)cally attractive in the steady-state
flowsheet by they present significant c_lballenges"fcj) smooth dynamic plant operation.
Hence an effective control system regulating the entire plant operation and a process

designed with good dynamii orman e play critical parts in achieving the business
objectives of reducing operating and cap al costs

Buckley (1964

problem that consisted of two s gesj ‘The first stage determined the material balance

ropos a contr de_sign procedure for the plantwide control
control structure to handle vessel ’;iﬁ‘ventgﬁ*es': for low-frequency disturbances. The
second established the prodﬂct quaixty coﬁ{rﬁifstructure to regulate high-frequency
disturbances. This procedure has becn w1de&;a;1d effectively utilized. It has served as
the conceptual framework in many subsequent 1deas for Jdevelopmg control systems

for complete plants. Wmm@ﬁrocedure provides little

guidance concerning three important aspects of a plantwide control strategy. First, it
does not explicitly dlSCllSS energy management. Secor;d it does not address the
specific issues of récycle systems. Third, it‘does mot deal with'component balances in
the context of inventory control. By placing the priority on material balance over
product~quality~controls,~the~precedure ;can~significantly Jimit, the flexibility in

choosing the latter.
The goals for an effective plantwide process control system include
(1) Safe and smooth process operation.
(2) Tight control of product quality in the face of disturbances.

(3) Avoidance of unsafe process conditions.
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(4) A control system runs in automatic, not manual, requiring minimal

operator attention.

(5) Rapid rate and product quality transitions.

(6) Zero unexpected environmental releases.

3.4 Basic Concepts of Plantwide Control

7,
3.4.1. Buckley basics /, s

Page Buckley (1964) was the first o suggest the idea of separating the
—

plantwide control problem inie two parts: material balance control and product quality

control. He suggested looki 'lust at the flow of material through the system. A

logical arrangement of nd pressure: control loops is established, using the

flowrates of the liqui ocE‘ss reams. No controller tuning or inventory

sizing is done at this step. The dea-Ls to,establlsh the inventory control system by

setting up this “hydraulic’ c nt’ror structur‘e as the first step. He then proposed

S dia
establishing the product-qu Y. comrol loop&zbly choosing appropriate manipulated

- o il

variables. The time constants of th—closed-h_op product-quality loops are estimated.

e '-d-

It is maked these as spall as possxble o) dlat good, ugbn control is achieved, but

stability constraints 1mgose limitations on the achievable pefﬁbrmance

Then the invenw%)' loops are revisited. The liquid holdups in surge volumes
are calculated so.that the ume constants, of the liquid level loops (using proportional-
only controllers) are'a'factor 0f 10 larger thafi the ‘preduct-quality tine constants. This
separation in time constants permits independent tuning of the matérial-balance loops
and the product-quality lgops, Note thatmost level controllers should be proportional-

only (P) to'achieve flow smoothing. .
3.4.2. Douglas doctrines

Jim Douglas(1988) has devised a hierarchical apprbach to the conceptual
design of process flowsheets. Although he primarily considers the steady-state aspects
of process design. He has developed several useful concepts that have control

structure implications.Douglas points out that in the typical chemical plant the costs
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of raw materials and the value of the products are usually much greater than the costs

of capital and energy. This leads to the two Douglas doctrines:
- Minimize losses of reactants and products.
- Maximize flowrates through gas recycle systems.

The first idea implies that need tight control of stream compositions exiting
the process to avoid losses of reactants and products. The second rests on the principle
that yield is worth more than energy. Recycles are used to improve yields in many
processes. The economics of improving yié(dsj ,@ogtaining more desired products from
the same raw materials) usually outweigh tlie Vé_—dditional energy cost of driving the

recycle gas compressor,. .. [

™ |
The control structur;i( cation islhat do not attempt to regulate the gas recycle

flow. It is simply maximized'its flow. 'I_Ihis removes one control degree of freedom

and simplifies the contfol problem, b T}: 4
_ .;" , ~.j:
3.4.3. Downs drill / 4 1 iy
¥ i
,.,.‘_'a' : ‘.i'l:f..

' — —_
Jim Downs (1992) ﬂas,;jp;ightfully:gﬁ_i}}ted out the importance of looking at
the chemical component balappeﬁround t?_ént_ife plant and checking to see that the

control structure handles these component balances effecq\'/_gl y..

Yy \¥
But somehow these basics are often forgotten or overlooked in the complex and

intricate project required to develop a steady-state design for a large chemical plant
and specify itscontrolistructute’) Often thedesign’jobis broken up into pieces. One
person will design the réactor and its control system and someone else will design the
separation section and its control.system, The task-Sometimes-falls through the cracks
to ensure that'these/two'sectioils ‘operate effectively when-eoupled together. Thus it is

important that perform the Downs drill.

All components (reactants, products, and inerts) must have a way to leave or
be consumed within the process. The consideration of inerts is seldom overlooked.
Heavy inerts can leave the system in the bottoms product from a distillation column.

Light inerts can be purged from a gas recycle stream or from a partial condenser on a



24

column. Intermediate inerts must also be removed in some way, for example in

sidestream purges or separate distillation columns.

Most of the problems occur in the consideration of reactants, particularly when
several chemical species are involved. All of the reactants fed into the system must
either be consumed via reaction or leave the plant as impurities in the exiting streams.
Since the plant usually want to minimize raw material costs and maintain high-purity
products, most of the reactants fed into the process must be chewed up in the

reactions. And the stoichiometry must be satisfied down to the last molecule.

'y
. . ; "f . . .
Chemical plants often act as pure integraters in terms of reactants. This is due

to the fact that prevents-reactants from leaving the process through composition
- ﬁ

controls in the separatio?/s;m'o Any ii|11balance m the number of moles of reactants
/Xm)

involved in the reactions aifer hoi& slight, will result in the process gradually

filling up with the reacpy)/ onent that is in excess.
y

3.4.4. Luyben la / k. ') “
’ & id
Three law have begen }(
"i

AR Al 4

J’
RILe ] .
eveloped. as jl result of a number of case studies of
Al L3

many types of systems: P il

- A stream somewhere in"ail'i'rﬂécycle l%:if;é*éhould be_flow controlled. This is to
' ¥,

prevent the snéjwhall effect. =
o \d y

- A fresh reactant feed stream cannot be flow-controlled unless there is
essentially complete~one-pass conversion of one of the reactants. This law
applies to systems with reaction types. In systems |with-consecutive reactions
such as A+B M+C and M+B D+C, the fresh feeds can be flow-controlled into
the system because anyimbalarnce in the ratios of reactants is-accommodated
bya shift in the amounts of the two products (M and D) that are generated. An
excess of A will result in the production of more M and less D. An excess of B

results in the production of more D and less M.

- If the final product from a process comes out the top of a distillation column,
the column feed should be liquid. If the final product comes out the bottom of
a column, the feed to the column should be vapor (Cantrell et al., 1995).

Changes in feed folwrate or feed composition have less of a dynamic effect on



25

distillate composition then they do on bottoms composition if the feed is
saturated liquid. The reverse is true if the feed is saturated vapor: bottoms is
less affected than distillate. If our primary goal is to achieve tight product
quality control, the basic column design should consider the dynamic
implications of feed thermal conditions. Even if steady-state economics favor
a liquid feed stream. The profitability of an operating plant with a product
leaving the bottom of a column may be much better if the feed to the column
is vaporized. This is another example of the potential conflict between steady-

state economic design and dynamic C9ntrollability.
'

o

"4

3.4.5. Richardson rule 2

Bob Richadson jgggest@d the heurlstxc that the largest stream should be
selected to control the I level jin %vessel This makes good sense because it

provides more muscle :?ﬁe% the desnred control objective. An analogy is that it is

much easier to maneuy. rgﬁ bargew1 a tugboat than with a life raft. The point is

that the bigger the hand have t0; af; pt a process, the better you can control it.

This is why there are oft fﬁndamental COnﬂncts between steady-state design and

dynamic controllability. ais -

: )

3.4.6. Shinskey schemes - o ;;_-_

M- 4
Greg Shinskey(1988) has proposed a number of “adyanced control” structures

that permit improvements in dynamic performance. These schemes are not only

effective, but they are simple to implement in basic control instrumentation. Liberal
use should be made of ratio control, ‘cascade control, override control, and valve-

position (optimiZing) control.
3.4 7. Tyreus tuning

One of the vital steps in developing a plantwide control system, once both the
process and the control structure have been specified, is to determine the algorithm to
be used for each controller (P, PI, or PID) and to tune each controller. The
recommendation is using of P-only controllers for liquid levels (even in some liquid
reactor applications). Tuning of a P controller is usually trivial: set the controller gain

equal to 1.67. This will have the valve wide open when the level is at 80 percent and
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the valve shut when the level is at 20 percent (assuming the stream flowing out of the
vessel is manipulated to control liquid level; if the level is controlled by the inflowing

stream the action of the controller is reverse instead of direct).

For other control loops, The PI controllers is suggested to use. The relay-
feedback test is a simple and fast way to obtain the ultimate gain (Ku) and ultimate
period (Pu). Them either the Ziegler-Nichols settings (for very tight control with a
closed-loop damping coefficient of about 0.1) or the Tyreus-Luyben (1992) settings
(for more conservative loops where a closed-loop damping coefficient of 0.4 is more

appropriate) can be used: \ 7,

-
-

The use of PID centreliers should be restrieted to those loops where two
w
criteria are both satisfied: the. controlled varlab]e should have a very large signal-to-

‘/
noise ratio and tight dynamic .€ontrol 1} really essential from 2 feedback control

#

stability perspective. / _ 4, 478 8

3.5 Step of Plantwide Pro

¥ = =7/,
The nine steps of the H@gn prd;f_c_ﬁdﬁ:re center around the fundamental
principles of p]anthde contro] energy manage‘mém productlon rate; product quality;

51 level and gas pressure

operatlona] env1ronm

j’ J
inventories; makeup Of-.reactants; component balances:- -and economic or process

optimization. -
Step 1: Establish-control objectives
Assess the steady-state design and dynamic control objectives for,the process.

This is probably the most important aspect of the problem because different
control objectives lead to different control structures. The “best” control structure for

a plant depends upon the design and control criteria established.

These objectives include reactor and separator and separation yields, product
quality specifications, product grades and demand determination, environmental

restrictions, and the range of safe operation conditions.
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Step 2: Determine control degrees of freedom
Count the number of control valves available.

This is the number of degrees of freedom for control, i.e., the number of
variables that can be controlled to setpoint. The valves must be legitimate (flow
through a liquid-filled line can be regulated by only one control valve). The placement
of these control valves can sometimes be made to improve dynamic performance, but

often there is no choice in their location.

1),
Most of these valves will be used (9/ afh}eve basic regulatory control of the

process; 2

g— I

(1) Set producticyaré“ : \

(4) Avoid safety and e vito'ﬁmenta’ljéﬂ'oﬁstraints.
picrec’'N
Any valves that remain/after these vital tasks have been accomplished can be
utilized to enhance steady-sta‘tc;_e(_;;__nomic @‘jegtiyes or dynamic controllability (e.g.,
minimize energy cogé_hmption, maximize yield, or reject c(isxurbances).
;j_ n_qu
Step3: Establish energy management system

Make sure that energy disturbances-do,not.propagate.throughout the process

by transferring the variability to the-plant ufility system.
Theé térmencrgy management is used to déseribe two funéiions:

(1) To provide a control system that removes exothermic heats of reaction
from the process. If heat is not removed to utilities directly at the reactor, then it can
be used elsewhere in the process by other unit operations. This heat, however, must

ultimately be dissipated to utilities.

(2) To provide a control system that prevents the propagation of thermal

disturbances and ensures the exothermic reactor heat is dissipated and not recycled.
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Process-to-process heat exchangers and heat-integrated unit operations must be

analyzed to determine that there are sufficient degrees of freedom for control.

Heat removal in exothermic reactors is crucial because of the potential for
thermal runaways. In endothermic reactions, failure to add enough heat simply results
in the reaction slowing up. If the exothermic reactor is running adiabatically, the
control system must prevent excessive temperature rise through the reactor (e.g., by
setting the ratio of the flowrate of the limiting fresh reactant to the flowrate of a
recycle stream acting as a thermal sink).

F'j lfj
Heat transfer between process streatns.€an.ereate significant interaction. In the

case of reactor feed/effluent-heat exchangers it can-lead to positive feedback and even
n

instability. Where there is pastial condensation or partial vaporization in a process-to-
o |

process heat exchanger, disiirbanges can&be amplified because of heat of vaporization

and temperature effects.

Step 4: set produ 0 rgte o 5

Establish the vari e,! fhat dommffzte the productivity of the reactor and

determine the most approprza'te mampulator ra'ﬁzontrol production rate.

-

— —
— —

Throughput changes eair-be achieidétfibnly by altering, either directly or

J
(-TLICUOH rates, The overall

indirectly, conditions'i
reaction rates must béimcreased This can be accomp];s\l‘{ed by raising temperature
(higher specific reaction rate), increasing reactant concefitrations, increasing reactor
holdup (in liquid,phase, reactors),, oF, increasing, reactor, pressure (in gas-phase

reactors).

Qur first chgice- for|setting production rate should be| to,alter one of these
variables in the reactor. The variable that is selected must be dominant for the reactor.
Dominant reactor variables always have significant effects on reactor performance.
For example, temperature is often a dominant reactor variable. In irreversible
reactions, specific rates increase exponentially with temperature. As long as reaction
rates are not limited by low reactant concentrations, temperature can be increased to
increase production rate in the plant. In reversible exothermic reactions, where the

equilibrium constant decreases with increasing temperature, reactor temperature may
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still be a dominant variable. If the reactor is large enough to reach chemical
equilibrium at the exit, the reactor temperature can be decreased to increase

production.

There are situations where reactor temperature is not a dominant variable or
cannot be changed for safety or yield reasons. In these cases, another dominant
variable must be found, such as the concentration of the limiting reactant, flowrate of
initiator or catalyst to the reactor, reactor residence time, reactor pressure, or agitation
rate.

..-",‘_,J’

Once the dominant wvariables must bé;identiﬁed, the manipulators (control
valves) must also be “identified t'héif arc _most suitable to control them. The
manipulators are used in_feedback cor?trol loops to hold the dominant variables at
setpoint. The setpoints then adjustéd to achieve the desired production rate, in

addition to satisfying Other€cononiie control objectives.

4
— !

Whatever variablg'is ¢hosen, it ca&; provide smooth and stable production rate
J &b id

transitions and to reject disturbances. A variable that has the least effect on the
/ ¥ .

separation section but also his a rapid and direct effect on reaction rate in the reactor

without hitting an operatlonal ddnstramt 1S o’fte:{ warted to selected.

P "f""“-'-i‘“

When the setpoint of a dominant variable is used Io establish plant production

Y

rate, the control str,a;cgy must ensure that the tight adents of fresh reactants are
brought into the process This is often accomplished through fresh reactant makeup

control based upon liquid-levels or gas pressures that reflect component inventories.

However, design constraints’ may limit our ability' to" exercise this strategy
concerning fresh reactant makeup. An upstream process. may establish the reactant
feed flow 'sent| to' the |plant. ‘A downstream @process..may Jreduire on-demand
production, which fixes the product flowrate from the plant. In these cases, the
development of the control strategy becomes more complex because the setpoint of
the dominant variable on the basis of the production rate that has been specified
externally must be somehow adjusted. The production rate with what has been
specified externally must be balanced. This cannot be done in an open-loop sense.
Feedback of information about actual internal plant conditions is required to

determine the accumulation or depletion of the reactant components.
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Step 5: Control product quality and handle safety, operational, and

environmental constraints

Select the “best” valves to control each of the product-quality, safety, and

environmental variables.

The tight control of these important quantities for economic and operational
reasons is wanted. Hence the manipulated variables such that the dynamic
relationships between the controlled and manipulated variables feature small time
constants and deadtimes and large steadyfs,m)g gains should be selected. The former
gives small closed-loop time constants and tﬁé,laft'ér_ prevents problems with the range

ability of the manipulated variable (coﬁfrol valve saturation).
—

It should be no?()jdgstablistﬁng the product-quality loops first. Before the
t

material balance contz cure, is a ﬁgndamental difference between our plantwide

control design procedur : B_uckbeys procedure. Since product quality

re 1mpo};artt is recent years, this shift in emphasis

&l

considerations have bec

follows naturally.

.. ',.? L ,}:‘4 ¢'
. '_l'
PGreT /N
The magnitudes ol vap'ous ﬂowr’abq, also come into consideration. For
example, temperature (or bottoms product ppmy) in a distillation column is typically

controlled by mampuhatmg stem flow to the reboiler (colu?nn boilup) and base level is

controlled with bott'.oms product flowrate. However, in columns with a large boilup
ratio and small bottoms flowrate, these loops should be ?eversed because boilup has a
larger effect on base leyel.than bottoms flow (Richardson rule). However, inverse
response probléms in seme ¢olumns may occur when base level is controlled by heat
input. High reflux ratios at the top of a column require similar analysis in selecting

reflux or\distillate O\control 6verhead produétpurity.

Step 6: Control Inventories (Pressures and Levels) and Fix a Flow in

Every Recycle Loop.

Determine the valve to control each inventory variable. These variables
include all liquid levels and gas pressures. An inventory variable should typically be
controlled with the manipulated variable that has the largest effect on it within that

unit.
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Proportional-only control should be used in nonreactive level loops for
cascaded units in series. Even in reactor-level control, proportional control should be
considered to help filter flow-rate disturbances to the downstream separation system.

There is nothing necessarily sacred about holding reactor level constant.

In most processes a flow controller should be present in all liquid recycle
loops. This is a simple and effective way to prevent potentially large changes in
recycle flow that can occur if all flows in the recycle loop are controlled by levels.
Two benefits result from this ﬂow-cox_;ntgol strategy. First, the plant’s separation
section is not subjected to large load disturﬁé/n{g,Second, consideration must be given
to alternative fresh reactant makeup cc:)ntrol ;ﬁ;f;gdgs rather than flow control. In a
dynamic sense, level controliing all ﬂPws in a recycle loop is a case of recycling
disturbances and should béa

circulation rate, as limit

1ded. 03 recycle loops are normally set at maximum

QMpressor capacity, to achieve maximum yields.

- 4
_‘ - E

Step 7: Check.€orapofent B’alalz'ceg.
Identify how chemiic -components jenter, leave, and are generated or

#

“of
< .‘.i' : ‘I‘i.j{r:.

F s - T
Ensure that the overall component @_énc_es for each chemical species can be

> i Ll S

satisfied either through reaction or exit streams by aceoufiting for the component’s
- -

consumed in the process.

composition or invéﬁtﬁy at some point in the process. L@Eh't, intermediate, and heavy
inert components must;h_'ave an exit path from the systemiReactant must be consumed
in the reaction section op leave as impurities, in the product streams. Fresh reactant
makeup feed stréams c¢an be manipulated to control reactor feed composition or a
recycle stream composition (or to hold pressure or level as noted in the previous step).
Purge streams <can_also <be «used) to fcontrdl the amouiit | of) Hizh® or low-boiling

impuritie§ in a recycle stream.

Component balances can often be quite subtle. They depend upon the specific
kinetics and reaction paths in the system. They often affect what variable can be used

to set production rate or rate in the reactor.
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Step 8: Control Individual Unit Operations &

Establish the control loops necessary to operate each of the individual unit
operations.  Many effective control schemes have been established over the years
for chemical units. For example, a tubular reactor usually requires control of inlet
temperature. High-temperature endothermic reactions typically have a control system
to adjust fuel flow rate to a furnace supplying energy to the reactor. Crystallizers
require manipulation in the stack gas from a furnace is controlled to prevent excess
fuel usage. Liquid solvent feed flow toan al;sorber is controlled as some ratio
Step 9: Optimize Economics or Impro’{@ynanﬁc Controllability

-’ -
Establish the best.wayto use the remaining control degrees of freedom.

/

After satisfying al

"'_basic relulatory requirements, An additional degrees

of freedom involving conifol walves'that Have not been used and setpoints in some
!

— il
controllers that can be"adjust hese cﬁn,‘be used either to optimize steady-state

economic process performange or to improve dynamic response.
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Additional considerations

Certain quantitative measures from E—u“'kear_.control theory may help at various
CaT by =%

steps to assess relationships between the controlled and nén}pulated variables. These

include steady-stateL:;S;rocess gains, open-loop time;_:‘.énstants, singular value
decomposition, condition numbers, eigenvalue analysis for stability, etc. These
techniques are described in,detail in most process control textbooks. The plantwide
control strategy~should- ultimately ‘be ‘tested on & nonlingar, dynamic model that

captures the essential process behavior

3.6 Plantwide control Problem

3.6.1.Units in Series
If process units are arranged in a purely series configuration, where the
products of each unit feed downstream units and there is no recycle of material or

energy, the plantwide control problem is greatly simplified. It is not had to worry
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about the issues discussed in the previous section and it can be simply configure the
control scheme on each individual unit operation to handle load disturbances.

If production rate is set at the front end of the process, each unit will only see
load disturbances coming from its upstream neighbor. If the plant is set up for “on-
demand” production, changes in throughput will propagate back through the process.
So any individual unit will see load disturbances coming from both its downstream
neighbor (flowrate changes to achieve different throughputs) and its upstream
neighbor (composition changes as the upstream units adjust to the load changes they
see). f
Figure 3.1 compares these two poss;%;’_jg.onﬁgurations for a simple plant. A

fresh feed stream containing-a mixture-of chemicai components A, B, and C is fed

into a two-column distillation irai

lhe rfelative volatilities are as > ag > oc, and the
\

“direct” (or “light-out-first’’)’Separation sk:quence is selected: A is taken out the top of

the first column and B-6ut th€ top,0f the second column.

" situatgn where the fresh feed stream is flow-

Figure 3.1 (a)_.sho

controlled into the process. invente )/ loops (liquid levels) in each unit are

controlled by manipulating flo leavmg that unit. All disturbances propagate from
unit to unit down the series onﬁgutatlon ;{E only disturbances that each unit sees
are changes in its feed condmons ; ':-'J:

Figure 3,1 (b) shows thc on- demand" ﬁltu'itlon wher f the flowrate of product C

leaving the bottom o'fﬁ'rrsecond—ccl'umms—set—by-the-mw irements of a downstream

unit. Now some of the‘Tnventory loops (the base of both“ columns) are controlled by

manipulating the feed mto each column.

When the uiits @re arranged in‘séries with fio récycles; the plantwide control
problem can be, effectively broken up into the control of each individual unit
operation, There.is no recycle.effect, no coupling,-and no.feedback of, material from
downstream' to upsiream units. The' plant’s’ dynamic behavior ‘is geverned by the
individual unit operations and the only path for disturbance propagation is linear

along the process.
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(a)

Figure 3.1 Un@,uﬂ eﬂ:{l ﬁ ﬂeﬁl ﬂ]j« (b) level control in
R RN T U INYA Y

3.%.2 Effects of Recycle

Most real processes contain recycle streams. In this case the plantwide control
problem becomes much more complex and its solution is not intuitively obvious. The
presence of recycle streams profoundly alters the plant’s dynamic and steady-state
behavior. To gain an understanding of these effects, some very simple recycle systems

are looked. The insight they are obtained from these idealized, simplistic systems can
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be extended to the complex flowsheets of typical chemical processes. First the
groundwork must be laid and had some feel for the complexities and phenomena that
recycle streams produce in a plant.

Two basic effects of recycle:

(1) Recycle has an impact on the dynamics of the process. The overall time
constant can be much different than the sum of the time constants of the individual
units.

(2) Recycle leads to the “snowball” effect. This has two manifestations, one
steady state and one dynamic. A small chaﬂ_ge )n throughput or feed composition can
lead to a large change in steady-state recycleSiréam flowrates. These disturbances can
lead to even larger dynamic.changes il flows, whieh propagate around the recycle

loop. Both effects have implications for the inventory control of components.

?___,,—’" vl |ll
Snowball ejfeaf A Y
Another interest )?s;rvanen that has been made about recycle systems is

their tendency to exhibit variations the magnitude of the recycle flows. Plant
operators report extended rlqﬂs of: operatx’dh when very small recycle flows occur. It
is often difficult to turn the egnpmem down__‘»t’i.such low flowrates. Then, during other
periods when feed conditions “are not veeyﬂ dlfferent recycle flowrates increase

drastically, usually oyer a considerable pcri'oa‘b'f'tlme. Cj),ften the equipment cannot

- .
handle such a large Ibagé. =1

S

This high sen-;iti;vity of the recycle flowrates to small disturbances is called the

snowball effect. It is irffﬁonant to note that this is not a d—glnamic effect; it is a steady-
state phenomenon. But it does haverdynamic implications for disturbance propagation
and for inventory, control. It "has nothing to do with closed-loop stability. However,
this does_not_imply. that it is.independent of .thé plant’s control “structure. On the
contrary, the extentof the snowball'efféct is very stiongly dependent upon the control
structure used.

The large swings in recycle flowrates are undesirable in a plant because they
can overload the capacity of the separation section or move the separation section into
a flow region below its minimum turndown. Therefore it is important to select a
plantwide control structure that avoids this effect. As the example below illustrates

and as more complex processes discussed in later chapters also show, a very plant
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wide control heuristic “A stream somewhere in each liquid recycle loop should be
flow controlled”.

Let us consider one of the simplest recycle processes imaginable: a continuous
stirred tank reactor (CSTR) and a distillation column. As shown in Figure 3.2, a fresh
reactant stream is fed into the reactor. Inside the reactor, a first-order isothermal
irreversible reaction of component A to produce component B occurs A— B. The
specific reaction rate is k (h") and the reactor holdup is Vi (moles). The fresh feed
flowrate is Fp (moles/h) and its composition is zo (mole fraction component A). The
system is binary with only two compbngpts: reactant A and product B. The
composition in the reactor is z (mole fractionv- A-)‘.”jlhe reactor effluent, with flowrate F
(moles/h) is fed into a distillation coluthat separatés unreacted A from product B.

The relative volatlhtle,s arg Such that A is more volatile than B, so the bottom

from the column is the pro

t stream. Itﬁ_‘ flowrate is B (moles/h) and its composition
is xg (mole fraction A. The amount-oﬁ f A impurity 1n this product stream is an
important control objec must be m-amtamed at some specified level to satisfy
the product quality requir f thecus mer

The overhead disti at stream frdm “the column contains almost all of
component A that leaves the I actox‘ Hecause:é'f_the purity specification on the bottoms
stream. It is recycled back to the ;éactor at:a:ﬁowrate D and with a composition xp
(mole fraction A). The column has “trays aﬂd e feed trajy is N (counting from the
bottom). The reflux ﬂ"oyratﬁsﬂand—thc-vaporbow?oles/h).

The two alternative control structures for this procéss:
Conventional control structure As shown in Fig. 3.2, the following control loops

are chosen:

1. Fresh feed flow is controlled.

2. Reactor level'is controlled by‘manipulating réactor effluent-flow

3. Bottoms product purity is controlled by manipulating heat input to the
reboiler.

4. Distillate purity is controlled by manipulating reflux flow. Note that dual
composition control (controlling both distillate and bottoms purities) have
been chosen to use in the distillation column, but there is no a priori reason for
holding the composition of the recycle stream constant since it does not leave

the process. It may be useful to control the composition of this recycle stream
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for reactor yield purposes or for improved dynamic response. The “best”
recycle purity levels in both the design and operation of the plant are been
often free to find.
Reflux drum level is held by distillate flow (recycle).

6. Base level is held by bottoms flow.

7. Column pressure is controlled by manipulating coolant flowrate to the

condenser.
o
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Figure 3.2 Conventional control structure with fixed reactor holdup

This control scheéme is probably what most engineers would devise if given
the problem of. designing a.control, structure for.this simple plant..Our tendency is to
start with setting the flow ‘of the freshireactant feed stream-as the ‘'means to regulate
plant production rate, and then work downstream from there as if looking at a steady-
state flowsheet and simply connect the recycle stream back to the reactor based upon
a standard control strategy for the column.

However, this strategy is no flow controller anywhere in the recycle loop. The
flows around the loop are set based upon level control in the reactor and reflux drum.
This control structure is expected to find that exhibiting the snowball effect. By

writing the various overall steady-state mass and component balances around the
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whole process and around the reactor and column, the flow of the recycle stream can
be calculated at steady state for any given fresh reactant feed flow and composition.
With the control structure in Fig. 3.2 and the base-case fresh feed flow and
composition, the recycle flowrate is normally 260.5 moles/h. However, the recycle
flow must decrease to 205 moles/h when the fresh feed composition is 0.80 mole
fraction A. It must increase to 330 moles/h when the fresh feed composition changes
to pure A. Thus a 25 percent change in the disturbance (fresh feed composition)
results in a 60 percent change in recycle flow. With this same control structure and the
base-case fresh reactant feed compesition, the recycle flow drops to 187 moles/h if the
fresh feed flow changes to 215 moles/h. it musL increase to 362 moles/h when the
fresh feed flowrate is changed o 265 meﬂes/h Thus-a 23 percent change in fresh feed
flowrate results in a 94 perceni cbange m recycle flowrate. These snowball effects are
typical for many recycle’;; ms' when c%ntrol structures such as that shown in Figure

3.2 are used and there i§ no ow controller somewhere in the recycle loop.

Variable reactor hold 9‘{mtture An =altemat1ve control structure is shown in
fey

Figure 3.3. This strategy f's front the ;)fev-lous one in two simple but important

ways. aly s
)

1. Reactor effluent ﬂow 1s eentrolled;—-

2. Reactor holdup is “contralled by" ‘m‘anlpulathg the fresh reactant feed

|

flowrate. = =1

S

All other control toops are the same. The production rate cannot change directly

by manipulating the fresh feed flow, because it is used to control reactor level.
However, The plant throughput can achieved indirectly,in this' scheme by changing
the setpoint of the reactor level controller. Using the same numerical case considered
previously, _the _recycle flowrate. does not change. at .all .when .the fresh feed
composition'changes. To alter production rate from215 moles/h t6/265 moles/h (a23
percent change), the reactor holdup must be changed from 1030 moles/h to 1520
moles/h (a 48 percent change), Recycle flow also changes, but only from 285 to 235
moles/h. This is an 18 percent change in recycle flow compared with 94 percent in the

alternative strategy.
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3.6.3 Reactio -,Set_ttioﬁ Interaction
e
é .-;. Y _,-";;!1 4:

For the process ered *in “the' J?revious section where the reaction is
=4 ]

i

A — B, the overall reaction r;a}_e'j-'depends_jﬁg_'gn reactor holdup, temperature (rate

constant), and reactant compgsj}i@;- (mole?f:@ign A) R = Vi kz. The two control

structures consideregc_i.':;-'gibove produce fimdamentally djﬁfér_;nt behavior in handling

disturbances. In the ﬁ;g_t, the separation section must athgrbf'l almost all of the changes.
For example, to increase production rate of component B by 20 percent, the overall
reaction rate must increaSesby 20 percent Sin¢e both reactor temperature and reactor
holdup Vi are held gofistant; reactor compgsition (zZ,must increase 20 percent. This
translates into a very significant change in the composition of the, feed stream to the
separation section This™ means | the load on the separation' Section changes
significantly, producing large variations in recycle flowrates.

In the second structure, both reactor holdup and reactor composition z can
change, so the separation section sees a smaller load disturbance. This reduces the
magnitude of the resulting change in recycle flow because the effects of the
disturbance can be distributed between the reaction and separation sections.

If the tuning of the reactor level controller in the conventional structure (Fig.

3.2) is modified from normal PI to P only, then changes in production rate also
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produce changes in reactor holdup. This tends to compensate somewhat for the
required changes in overall reaction rate and lessens the impact on the separation
section. So both control system structure and the algorithm used in the inventory
controller of the reactor affect the amount of this snowball phenomenon.

This example has a liquid-phase reactor, where volume can potentially be
varied. If the reactor were vapor phase, reactor volume would be fixed. However, an
additional degree of freedom are had and could vary reactor pressure to affect reaction
rate.

A very useful general conclusion from this simple binary system can be
depicted that is applicable to more complex proee’ss,es changes in production rate can
be achieved only by changing conditions in the reactor. This means something that
affects reaction rate in the reactor must yary: holdup in'liquid-phase reactor, pressure
in gas-phase reactors, r:/)drature, coflcentratxons of ‘reactants (and products in
reversible reactions), and catalysg actmLy or initiator addition rate. Some of these
variables affect the conditions m the reactor more than others. Variables with a large
effect are called dominan yccmtrollmg »ibhe dominant variables in a process, partial
control is achieved. The te;én part1a1 contro,l arises because it typically have fewer
available manipulators tha;r varlabl-es that W(")‘uld like to control. The setpoints of the

partial control loops are then mampulated to_tm{d the important economic objectives

rrE T R

in the desired ranges. _ <L YT——-

The plantwide gontx:ol_xmphcatwmohbmdea_ls_tgaq production rate changes
should preferentially bé{achleved by modifying the setpoint of a partial control loop in
the reaction section. This means that the separation section will not be significantly
disturbed. Using-the, control-struetuse; in Fig- 3:2,;changes«in production rate require
large changes in_reactor-composition, which disturb'the column. Using the control
structure_shown in Fig. 3.3, changes’in productiofi“rate are achieVed by altering the
setpoint of a controlled dominant variable, reactor holdup, ‘with only small changes in
reactor composition. This means that the column is not disturbed as much as with the
alternative control scheme.

Hence a goal of the plantwide control strategy is to handle variability in
production rate and in fresh reactant feed compositions while minimizing changes in
the feed stream to the separation section. This may not be physically possible or
economically feasible. But if it is, the separation section will perform better to

accommodate these changes and to maintain product quality, which is one of the vital
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objectives for plant operation. Reactor temperature, pressure, catalyst/initiator
activity, and holdup are preferred dominant variables to control compared to direct or
indirect manipulation of the recycle flows, which of course affect the separation

section.
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