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Design a process control structure for a complex process, such as the process
having material or energy recycle, is a complicate task. The design control loop would
effect the operation significantly.

The study is using plantwide control sirategies for designing controf
structure of isobutane process conirol. This struciure process design is to achieve the
efficiency in control and reduce disturbances in process by using the new process
structure design by Wongsri (2009} compare to the basic heuristic structure design by
Luben {2002). Disturbances are set up by two calegories; flow rate of subslances and
temperature changed in fresh feed. Tre result shows that control structure designs
pased on Wongsri heurislic are better performance than Luben in both sustain in quality

and minimize the power efficiency. Evaluate such simulation by HYSYS commercial

software.
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CHAPTER |
INTRODUCTIONS

This Chapter is an introduction describing the importance and raasons for
research, research objective, scope of research, contribution of research, procedure

otan and research framework for general point of view the this research.
1.1 Importance and Reasons for research

Nowadays, process plants have been designad in various ways and strategies
to capable handling the large changes in throughput, product specifications and
feedstock quality. The process should be capable to move between various operating
points with smooth and short transitions. These issues are critical also in the case of
plants with recycles where strong nonlinearities could manifest by unwanted dynamic
phencmena such as unstable sleady, side reaction, external disiurbances ar even
snowhall effect behavior. A good design should predict and avoid the occurrence off
unstable behavior when the process is faced with flexibility ang  switch-ability
requiraments,

Imporlant issues are feed policy and reactor design, with regard to desired
conversion and seiectivity. These should comply with the requirement of a stable
operating point faced to large disturpances.

Isobutane process is widely used because it is a realistically complex chemical
process and the compiicated system's dynamic behavior so, it have heen selecled to
he the model for new control structure design. This research witll design planiwide
control structures of lsobutane process using new plantwide controt structure design
procedure based on Fixture point theorermn (Wongsri, 2008) fo select alternative set of
controlied  variables comparative the performance  of plantwide to handle the
disturbance by both internal and external with controf structure based case of Luben,

The simulation was performed by HYSYS software.



1.2 Research Objective

The general research objective of this thesis has been 10 study the planiwide
dynamics and control behavior of the Isobutane process piant wide controt structure
design. Specific focus of this research has been 10 investigate the contreliability of the
ischutane process as given in Luyben and Tyreus {1998) for the research based case
comparative the plantwide control structure performance 10 a new alternatives plantwide
control strategy design apply from the Fixture point theorem of Wongsri, 2008. Detalls of
key unit operations and external disturbances are investigated to the extent that they
impact on he plantwide behavicur and control performance. The specific aims are as
follows:

1. To design the Isobutane planiwide control structure design simulale beth
steady slate and dynamics cendilion by using commercial HYSYS
software based on Fixture point theorem (Wongsii, 2008} To compare
the slructure with Luben and Tyreus (1998) control strategy as based
case.

2 Tp estavlish and test the altemalive control strategies by external

disturbances in an effort fo provide betier control performance and

comparative.

1.3Scopes of research

1+ Simulation of the lsobutance alkylation process is operated by HYSYS

commercial software.

2. Description and detailed understanding of the of Isobutane process

obtained from Douglas, J. M. (1998}, Willlam L. Luyben {2002).

3 To establish the 3 alternative control structure designs for isobutane
planiewide process using Fixiure point method of Wongsri, 2008 by
compare the performance to handle disturbances © the based case of

Luyben et al., (1988).



1.4 Contributions of research

The new lsobutane control struclure designs with heuristic and mathematic

strategy for an industrial alternative with effective operation and maximurn the profit.

1.5 Procedure Plan

i

7.

Steady state modeling and simulation of isobulane process
Dynamic modeling simulation and practice
Design of control structure of Ischutane

Establish the new controf structure design follow by Fixture point theorem

(Wongsri, 2008}
Assessment of performance of the control structure design
Analysis the design and simulation resuits.

Conclusion of the thesis.

1.6 Research Framework

This thesis Is classified info six chapters as follows:

Chapter | is an introducticn of the research, this chater consist of

research cbjective, scope of research, contribution of research,

and procedure plan,

Chapter I reviews the literature and previous work related to plantwide

control structure design procedure.

Chapter Il covers some background information of plantwide and theory

concerning with plantwide control fundamentals, plantwide

control design procedure, and control structure evajuation.



Chapter IV |spbutane Plantwide process description. resulls comparative
with the controt structures of Luyben based case.

Chapter V describes the new designed control structures and dynamic
simulation resulls comparaltive with the control structures of

Luyben based case.
Chapter VI presents the conclusion of this research and makes the

recommendations for fuiure work.

This is followed by:

Reference

Appendix A: Isobutane Process Stream and Equipment Data
Appendix B: Parameter Tuning and conirol structure
Appendix C: Data of Integrate Absoiute Error analysis



CHAPTER Hi
LITERATURE REVIEW

A. Plantwide controt design procedure
2. Design and Control of Integrated Plants

Wongsri and Amornchai (2008) were presented the 3 control structures with 3
differance energy integration illustrating a dynamic behavior of plantwide control
structures for Hydroalkylation, They were designed to change the disturbance of heat of
the coid stream and toluene recycle flow rate. Comparaiive the performance of those
three control structures, the 1° control structure was modified from control structure of
Luyben by manipulated the valve position to control the temperature of column. The 2"
control structure was modified from the 17 control structure by adding cooling for
controlling the outlet temperature replacing using the internal process flow. For the 3°
control structures, there was the ratio control adding {o the 2" control structure in order
to control the hydrogen and toluene ratio during the process. The results obtalned by
IAE vales have been shown that the 3 control structures gave a less setting time and
had ability to handle the disturbances much better than others. Comparative of utility
consumption for all control structures, the result were shown that the 1™ contral structure

was less consumption than the others. Moreover, the conlrol structure 3 was the slowest

response comparing to the other alternatives

Wongsri and Kietawarin (2002) presented a research of the comparalive of 3
control structure designs of Hydroalkylation plantwide by evaluated the performance o
nandie the disturbances of production flow rale changed. The load disturbances were
designhed by changing the feed flow rate and tsmperature of toluene fresh feed. There

was the toluene fresh feed change for control structure 1, the 2" control structure was



modified from the 1 structure by adding the cooling controlling the reactor outlet
temperature. The 3" control struclure was modified from the 2™ control structure by ratio
changed for controliing the toluene and hydrogen in process. Comparative all control
structures with the based case reference control structure of Luvben, the resulls
obtained from the |AE values were shown that those three conitrol structures achieved

the good performance better than the based case reference.

P. R. Lyman and C. Georgak {1993) studied the performance of 4 plantwide
control struclures by developing from the Tennessee Eastman probiem. Their control
structures have been developed {o a tiered fashion without using the quantitative steady
state or dynamic process. Their method was 1* chooses the production manipulated
located on the main process route. The inveniory control loops was an oulward
direction. Those production and inventory control have been ensured to self consistent
as mentionad by Georgakis (1993). The result was shown that the 2" control structure
was the best performance for this studied. One of their structure provides effective
control to handie all circumstances for 50 hours of production time which supporting the

strength of the tiered planlwide control methodology applied,

J.J. Castroa, F.J. Doyie (2004) presenis a heuristic design for plantwide control
applied to the pulp mill benchmark. Comparison of 2 control strategies {decentralized
control and model! prediction control for unit-based medel) evaluating by their capacity
io reduce ail total error and to maximize the production profits. The control strategies
were studied through several closed loop simulations included several disturbances and
the change of setpoint in the many unil operations. Simulations results showed that pulp
mill processes can be controlled with conventional decentralized control also with
a combination of decentralized control and unit-based MPC. MPC was able to show a
reduction in the tofal error more than the decenfralized control sirategy for most of the

outputs, also maximized the 30% profits above the decentralized strategy.




Gonzalo Molina and David Zumoffen (2008) present a new systematic
methodology Tor synthesizing the plant-wide control structure, evaluation the process by
test a reactor/separator with recycle plant. They were considered the optimum energy
consumption by avoiding any heuristic concepts. The approach consists of 3 sleps:
optimization, stabilization, and final pairing between manipulated and controlled
variables, evaluation on the performance to handle and reject the most critical
disturbances. Their result achieves a good decentralized structure considering the most
normal objectives of any plant, which are trying to optimum energy and good regulatory
pehavior. Even though their decision making technigue was based mainly on steady-
state information, the good results were achieved as they were demonstrated the
simulations performing by dynamic model. In addition, a systematic multivariable tuning
method, thought to be enough robust for handling well the most crucial disturbances,
was very useful . Furthermore, their approach was helpful for deciding whether an
equipment sizing suitabilily to assure the plant wide controllabiiity.

Busara Kunajitpimel (2006) presents the heat exchanger networks and new
plant wide control structure design for achieving a dynamic maximum energy recovery
for Butane lsomerization plani. The 2 control structure of heat exchanger network were
used the heat from the reactor stream providing the heat to the column reboiler. The
resuit have been shown that an energy was save 24.88% from the existing design
withoul the heat integration but the production cost was raised by 0.67% because of
exchange added to the process. Designed of 4 controf structure based on the control
structure of Luyben. Comparative all performance shown that the control structures

without heat integration were effective than the others.

Luyben and Vi (1995) provided a inilial evaluation of plant-wide conirol
structures comparative to some structures which gave a poor resull. Equation based
algebraic equation solvers were used {o find the change in steady state ocourring in ali
manipulated variables for a control struciure when the load has been changed. Some
variables were fixed for all control structure such as temperatures, flows, compositions

etc. Set no. of variables equal to DOF of the closed loop system. When the control



structure required the large changes in manipulated variables, such control structure
was a poor one since, a valve saturation and/or overloading equipment will occurred.
Thee effectiveness of the other structures were simulated by dynamic simulation. Some
control slructures were found that they had a multiple steady states and produced the

closed loop instahility,

Suchada Suntisrikomal (2008) presents the “Fixture point theorem” for the new
plantwide control structure design by selecting an appropriate set of controlled
variables. She was used the maximum {scaled) gain to select and pare the controtied
variables with manipulated variables. The control variables were set based on Luben
Luyben (1998) heuristic control structure, The controlled variables 3 sets were selecled
from the rank of fixture point. Those performance of all designed control structures were

evaluated by IAE value comparative with reference structure.

Shih-Wen Lina, Cheng-Ching Yu (2004) analyzed the tradeoff between steady-
state economics and dynamic controliabiiity for heat-integrated recycle plants. The
process consists of one reactor, wo disfiltation columns, and two recycle streams first
studied by Tyreus and Luyben which the two disliliation columns was heat integrated.
Resulis show thal the steady-state controilability delericrates gradually as the degree of
heat integration increases, However, if the recycie plant is optimally designed,
acceptable turndown ratio is cobserved and little tradeoff between steady slate
economics and dynamic operability may result. The resulls reveal that improved control
can be achieved for well-designed heat-inlegrated recycle plants (compared o
the plants without energy integration}. More importantly, better performance is achieved

with up to 40% energy saving and close to 20% saving in total annual cost.

Skogestad (2004) proposed the control struclure design dealing with the
decisions making of the control system, including what should be control and how fo
pair those variables forming the controf loops. The systemaiic procedure for conirol
structure design was presented for complete chemical plants by starting with defining

an operational and economic objectives, and the degrees of freedom avallable to fulfiil



them, The other include an inventory and production rale control, deceniralized versus
multivariable control, the loss in performance by bottom up designing, and a definition of

the “complexity number"” for control the system.

Busara Kunajitoimo!l (2006) presents the heat exchanger networks and new
plant wide control structure design for achieving a dynamic maximum energy recovery
for Butane Isomerization piant. The 2 control structure of heat exchanger network were
used the heal from the reacior stream providing the heat to the column reboiler. The
resull have been shown that an energy was save 24.88% from the existing design
withoul the heat integration but the production cost was raised by 0.67% because of
exchange added to the process. Designed of 4 control structure based on the control
structure of Luyben. Comparative all performance shown that the control structures

without heat integration were effective than the others.



CHAPTER 1
THEORY

3. Basic Knowledge for Plantwide Control

The key in chemical process economic realization, one is based on the design of
well established set objectives of control structure system, By this point, to select the set of
conlrolled variables by maintain the coperalion closing to an optimum steady state
performance during the transients caused by disturbances or cperational parameler
changes have decreased. A balance between design and operation is a crucial evaluation
in the success of & chemical process. Ancther matler (o achieve the successiul in process
operation is the understanding of process development. To obtained the clearly picture of
plantwide control is the best understanding of the process dynamics. It is very important for
engineer of chemical process plants to analyze an operating data in order to maintain and

improve the understanding of how was the actual plant action.

Present research is fast developing in plantwide control structure design, operation
and control since, it is identified an important criteria for improving the performance of
existing processes. The benefils of this studies including to improve an understanding of the
process dynamics and response with potentially leading to identify in design and contrct

configuration.

Without performing & plantwide dynamic study it is difficull for the engineer to fully
understand the compiex behavior of the pianiwide design possibly leading to suboptimal
control system, process and safety systems design. This analysis is a key
iter for manufacturers to use in achieving their gods of optimizing the dynamic behavior

and performance of 1he overall plantwide control configuration.



th

To meet the need of process design information, Luyben and Tyreus (1998)

oroposed an industrial design for the Isobutane process giving the research community an

integrated chemical process to study.

3.1 Multiple unit operations

-]

Interactions

Disturbances

Cverall time constants are altered
Mass recycle

Energy recycle

3.2 Plantwide Issues

Process plant is made up processing units in series, the interaction between
variables will be evaluated the equipment performances

If the plant is “once-through', process conlrol and operation Issues are guite
straightforward.

Recycle ofien required leading to serious interaction

Heal integration adds to the complexity

3.3 Integrated Process

3.1.1 Material Recycles

Materlal is recycied for six basic and important reasons.
1. Increase conversion.
Especially for reversible reaction where conversion is fimited by equilibrium.

2. Improve econcmics.

| ower convarsion reactor with recycle is cheaper compared to single or series of
reactors with the necessary conversion

3. Improve yields,



costs

6.

12

In reaction system such as A -> B -> C, where B is the desired preduct, the per
pass conversion of A must be kept low so that less C being preduced.

Provide thermal sink.

For highly exothermic reaction with difficuliies in providing sufficient cooling.
Need more material tc absorb the heat

Prevent side reactions.

Maintain excess of one reactant to suppress side reaction due lo other
reactants, this excess reactant must be separated al reactor effluent anc
recycled

Control properiies.

Important for polymer reactors, conversion of some monomers is limited on

nurpose to achieve the desired properties and 1o control the increase in viscosity

3.3.2 Effects of Recycle

1.
2.

Alters plant's dynamic and steady stale behavior

Time constants : Overall time constants can be very different than the sum of
time constants of individual units

“Snawball Effect” : Small change in throughput or feed composition can lead to
large change in sleady state recycle stream flow rates, it is beller to control the

flow of recycle stream

3.3.3 Energy integration

To improve thermedynamic efficiency of the process, leading to reduction of ulilily

Recovery of heat from exothermic reaction
Recovery of heat from overhead vapor of distillation column
Complex structure, leads to nentrivial control probtem.

Process to Process Heat Exchanger
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3.3.4 Chemical Component Inveniories

In chemical processes can characterize a plant's chemical species into three types:
reactants, products, and inert. The real problem usually arises when we consider reactants
{because of recycle) and account for their inventories within the enfire process, Every
molecute of reactants fed into the plant must either be consumed or leave as impurity or
ourge. Because of their value so we prevent reaclants from leaving. This means we must
ensure that every mole of reactant fed to the process is consumed by the reactions.

This is an important, from the viewpoint of individual unit; chemical component
balancing is not a problem because exit streams from the unit automatically adjust their
flows and composition. However, when we connect units together with recycle streams, the
entire system behaves almost like a pure integrator in terms of reactants. If additional
reactanl is fed into the system without changing reactor conditions to consume the
reactants, this component will build up gradually within the plant because it has no place 10

leave the system.

3.3.5 Effects of Recycle

This phenomena must be observe and evalualion since, its tendency of able to
exhibit the large variation in magnitude of recycle flow.

Moreover, the recycie leads to the "snowball” effect. A small change in throughput or
feed composition can lead to a large change in sleady-state recycle stream flow rates,

The large swings in recycle flow rates are undesirable in plant because they can
overload the capacily of separation section or move the separation section into a flow region
helow its minimum turndown. Therefore it is an necessary to select a plantwide control

structure and evaluate in recycle inventory in order to avoids such effect.
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3.4 Plantwide Conirol Design Procedures

Luyben et al. {1998) described the 9 steps of design procedure in details as follow

Step 1: Establish control objectives

Assess lhe steady-state design and dynamic control objectives for the process.
These objectives include reactor and separation ylelds, product quality specifications,
product grades and demand determination, environmental restrictions, and the range of

safe operating conditions.

Step 2: Determine control degrees of freedom

Count the guantity of an available conlrol valves.

There was number control variable of degrees of freedom, ie., the number of
variables that can be controlled to setpoint. The valves must be legitimate {flow though a
liguid-filled line can be regulated by only one control vaive). The placement of control valves
sometimes able to improve the dynamic performance, but often in no choice in their

tocation.

Step 3: Establish energy management system

They use the energy management to describe by two functions: (1) Provide a control
structure to removes an exothermic heats of reaction from the process. | heat disable to
remove directly at the reactor so, apply such heat to another process with also required
such heat. (2) If heal integration occurs between process streams, so, provide the control
system to prevent the propagation of thermal disturbances and ensures the excthermic

reactor heatl is dissipated and not recycled.

Step 4: Set production rate

Establish the variables that dominate the productivity of the reactor and determine
the most appropriate manipulator to control production rate.

Throughput changes can be achieved only by altering, either directly or indirectly,
conditions in the reacter. To obtain higher production rates must increase overall reaction
rates. For example, temperature is often a dominant reactor variable. if reactor temperature

is not a dominant variable or cannct be changed for safely or yield reasons, in these cases
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you must find another dominant variable, such as the concentration of the kmiting reactant,
flowrate of initiator or catalyst to the reactor, reactor residence time, reactor pressure, or

agitation rate.

Step 5: Control product guality and handle safety, operational, and environmental
constraints

Select the "best” valves lo control each of the product-guality, safety and
envircnmental variables.

They want light controt of these important gualities for economic and operaticnal
reasons, Hence they should select manipulated variables such that the dynamic
relationships between the controlled and manipulated variables feature small fime constants
and deadtmes and large steady-state gains. It should be noted that establishing the
oroduct guality loops first, befare the material halance control structure, is a fundamental

difference between their plantwide control design procedure and Bucklay's procedure.

Step 6: Fix a flow in every recycle loop and control inventory (pressure and levels)

Fix a flow In every recycle lcop and then select the best manipulated variables lo
control inventories.

In most processes a flow controller should De present in ail iquid recycle loops. This
is a simple and effeclive way to prevent potentially large changes in recycle flows that can
occur if all flows in the recycle ioop are controiled by levels. Gas recycle loops are normally
set circulation rate, as limited by compressor capacity, 1o achieve maximum vields (Douglas
doctring). An inventory variable should typically be controlied with the manipulated variables

that have the largest effect on it within that unit (Richardson rule).

Step 7: Check component balances

Identify how chemical components enter, leave, and generated or consumed in the
process.

What are the methods or loops to ensure that the overali compoenent balances for all
chemical species are salisfied at sleady-siate? They don't want reactant components o
leave in the product streams because of the vield loss and the desired product purity

specifications. Hence they are limited to the use of iwo methods: consuming the reactants
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by reaction or adjusting their fresh feed fiow. Product and inert component alt must have an
exit path from the system. In many systems inert are moved by purging off a small fraction of
the recycle stream. The purge rate is adjusted to control the inert composition in the recycle

stream so that an economic balance is maintained between capital and operating costs.

Step 8: Control individual unit operations

Establish the control loops necessary io operale ecach of the individual unit

operations,

Step 9: Optimize economics or improve dynamic controllability

Establish the best way to use the remaining conirel degree of freedom.

After satisfying all of the basic regulatory requirements, we usually have additional
degrees of freedom involving control vaives thal have not been used and setpoints in some
controllers that can be adjusted. These can be utiiized either to optimize steady-state
economic process performance (e.g., minimize energy, maximize selectivily} or lo improve

dynamic response.

3.5 Fixture point theorem

Fixiure points theorem anaiysis

1. Identify key material variables {KMV) and key energy variables (KEV) from nalure of
process variables (large magnitude, high frequency and no quickly exit o
surrounding).

2. Consideration at dynamic mode (open loop control} of Hysys simulation,

3. Sieps of fixture point

Stept1. Oulpul (key process variables) screening technique: The candidate output
(key process variables) can be considered by selecting the best in term of having
the most disturbances from the selected inputs, i.e. having the largest IAE value.
Change Input variables (MV and D} for ranking output

sensitivity (The most sensitivity = key process variables)
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Step2.Test load disturbance (Load disturbance = key process variables from stept)
Rank the key process variables.

Step3.Normalize the IAE value which different units by maximum variation of
each typical variable for bring it to summarize (Type of process variables are

temperature, pressure, flowrate and composition)

Stepd.Consider the first ranking of controlled variabtes: Considering  key
process variables that gives the most disturbance of other process variables (sum of

normalize |AE value is large) should be contrelled.
IAE = [le(]dr
[y}

As equation (3.1), e(r)= Ay, (f) is the change in i process variable on time t when

key process j change (( v, ), wheniand j=1,2,3 ..n)

J



CHAPTER IV
PROCESS DESCRIPTION AND CASE STUDY

This chapter presenls an overview of the plantwide control structure design
starting with a discussion of the reaction kinelics of Isobutene followed by a schematic
lustration of the process along with the key unit operation raling and process
parameters. In addition, the overall control objectives are presenied following by &

description of the plantwide conlrol proposed strategy given in Luyben et al,, (1999).

4.1 lsobutane process description

The alkylation of iscbutane with butane 1o form iso-octane is a widely used
method for preducing a high -octane blending component for gasoline,

The main reaction Is to combine of isobutene and butane to form iso-octane.

ic,+C, — iC

However, there s an undesirable conseculive reaction of butene with iso-octane
to formn dodecane.

ic,+Cc, — C,

The actual chemistry is more complex than these two simple reactions, bul for
our purpose, they capture the essence of the overall chemistry. The kinetic dala is taken
from a case study given by Mahajanam et al. {Ind. Eng. Chem. Ras. 2001, 40, 3208).
These axolhermic reactions are irreversible and occur in the liquid phase. Luyben and

Tyreus (1998)

The kinetic expressions assumed (o be valid for ihe system are
7 = 9.6x 10" exp(—28000/ RTNCi, HC ey
r, = 2.4x10" exp(=35000/ RT)(C XC )
Where reaction rates are lb-mol/hr-ft°, activation energies have units of Btu/lb-

mote and concentrations are Ib-mol/ i
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Note that the activation energy of the second reaction is larger than the first,
therefore low temperature favors the desired first reaction. This is why the reaction is
carried out at low temperature (50°F)

The second undesirable reaction is also suppressed by keeping the
concentration of butane low. This is achieved in two ways. First, there is a large excess
of isobutene {ten to one} fed to the reaction section. Second, the butane feed is not all
fed into the first reactor, but the stream is split between the first two reactors.

The reaction uses sulfuric acid as a catalyst is conducted in a heterogeneocus
two-phase liquid mixture of organic and acid phases. We will ignore the acid phase in

our simulations.

V2
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Figure 4.1 The Isobutane process  {L.uyben 1998)
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4.2 Process General view

The process design used in this study focuses on the central production units
and exciudes the feed storage and product purification stages. To provide an overall
view of the process design Figure 4.1 shows a block flow diagram that highlights the
major process sections and recycle streams. The design itself represents the classic
engineering case study as discussed in Douglas (1988) involving a feed mix area, a
reaction section, a liquid vapour separation section, a vapour reactants recovery
section, a liquid reactants recovery section (azeolropic distillation column), both a gas
and a liquid recycle stream and finally product streams. Figure 4.2 provides the eniire
process flowshest schematic showing the individual unit operations, flow lines and
control valves. Note, there are 22 degrees of freedom in the process design each
represented by the valves given in the diagram. To maximize conversion, the liquid
recycle flow is lo be maintained at as high a value as possible (Fisher et al., 1988). To
do this the valves on the gas exit streams of the vapourizer, separator and absorber are

either left filly open or are completely removed to save the cost of the vaive {Luyben et

ah
wBou

al., 1999).
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Figure 4.2 |sobutane Hysys process flow sheet.



CHAPTER V
CONTROL STRUCTURE ALTERNATIVES

The goal of controf sludies is to not only to analyze the performance of existing
schemes, but also {o investigate the ways lo improve them. Therefore, in this section
alternative control sitructure strategies are presented and compared {o the performance of

the hase conirol scheme,

5.1 Control Objective

For this study, the process has 45 measurements and 22 manipulated variables as
listed in Appendix A. prerequisite for most studies on this problem is a precess control
strategy for operating the plant. The conliol objectives for this process are typical for a

chemical process:
1, Maintain process variables at desired values and satisfactory.

2. Keeps smoocth process operating conditions within equipment conslraints.

5.1.1 Product variability

1. Minimize the varlability of product rale and product quality during
dislurbances

2. Minimize the movement of valves which able to affect to the other processes.

3. Recover quickly and smoothly from disturbances, production rate changes or

product mix changes.

5.1.2 Steady-State Modeling

First, & steady-state model is buill in HYSYS PLANT, using the flowsheel and

equipment design information, mainly taken from Luyben el al.(1988). The data and
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specifications for the equipment employed other than the three columns specified in
Appendix A, For this simulation, Chao Seader model is selected for fluld package property
hecause of its reliability in predicting the properties of most hydrocarbon-based fluids over
a various range of operating conditions. The reaction kinetics of both reactions is modeled
with standard Arrhenius kinetic expressions available in HYSYS,, and the kinetic dala are

taken from Luybenet al. (1998).

5.2 Plantwide control design procedure

Step 1. Establish Control Objectives.

For this process, the essential s to procuce pure lsobutane recycle back while

minimizing yield losses of Isobutane.
1. Production rate: 24.51 Ib-mole/n
2. Product quality: Isebutane purity = S0 %
3. Product quality; propane purity Z 90 %

Step 2. Determine Control Degree of Freedom.

There are 22 control degrees of freedom for Isobutane three alternatives struciure,

lists in Table 6.1,



Step 3. Determine Control Degree of Freedom

Tie control degrees of freedom for each control structures are shown in Table 6.1

Table 5.1 Degree of freedom of Isobutane production process

Unit Operation Position of Valves Qly
Reaction sections fresh feed valve for butane and recycle of B
lsobutane {V1, V2, V3), vapor valves (V12, V22, V32)
and liquid valves (V11, V31)
CIB column Eresh feed valve for DIB column (V4), bottom valve (V7), 4
Condenser duty DIB (ac1), Reboiler duty DIB (gri)
DP column Fresh feed valve to DP column (V5), distillate vale (V9), 3
hottomn vaive (V8), Condenser duty DP (qc2),
Reboier duty DP (gr2)
D8 column Bottom valve (V14), 4
Condenser duty DIB (qe3), Reboiler duly DIB (ar3)
Comprassor Wikcomp 1
power
, 2
Cooling duty Qcond
Degree of freedom 22
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Step 3. Establish Energy Management system

in this work, we have no designed the new heat exchanger network, since ihis
isobulane is required the low temperature for reactor operation. The exothermic heat of
reaction also must be removed, reactor feed must be heated o a high enough temperature

to initiate the reaction.

Step 4. Set Production Rate

There are not constrained fo set production either by supply or demand lo set
oroduction rate at a cerlain point in process, Will be determining which variables effect the
reactor productivity, Considering in lemperature, the relative change In reaction rale
depends on femperature through the activalicn energy, therefore we choose the reactor

inlat temperature set point as the production rate handie for irreversible case.

Step 5. Control Production Quality and Address Safety

The achievement of the research is the Isebutane product in distillate from the DIB
column must be moere than 80% purity and o keep normal butane impurity at 2%, propane

more than 90% of distillate

Step 6: Fix a flow in every recycle loop and control inventories (pressure and level)

selection of control configuration use heuristic process kxnowledge. The crileria for
selecting an adjustable varabie include: causal reiationship belween the valve and
controlled variable, automated valve to influence the selscted flow, fast speed of response,
ability to compensate for large disturbances and ability to adjusl the manipulated variable

rapid and with tittle upset to the reminder of the plant.

For reactor: There are three reaclors (CSTR). The reactors have no external heat

iransfer. They operate adiabatically, and the required low temperature. The Reactor 1 has
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cooling water {0 remove heat from reaction. The reactor level must be controlied; it can
level directly or via flow control. tevel control design in lsobutane production Process can
he conirolled by the drown siream of each vessel. The most direct way 10 control the
remalning levels would be with the exit valves. Recycle i00p control, all of the flows around
the liquid recycle wouid be set on ne hasis of level which would lead o undesirable

propagation of disturpances. 5o a flow somewhere in this loop should be controlled.

Consider distillation section, the controf schemes are stand-alone manipulated

variables are condenser duty, distillate valve, reboiler heat input and bottom product valve.

Step 7: Check component balance.

Isobutane process have a & composilicn such as oropane, isobutane, 1-bulene,
n-butane. The composition of two frech feed are lsobutane and 1-butene with lsobutane
recycle stream.

Component balances contral loops consists of;

. lsohutane is purged from the gas recycle loop to prevent it from accumulating and
its composition can be controlled with the purge flow,

. Normal-butane is removed in the bottom stream from the DiB colurnn, where
notiom stream controls base level. And contro!l temperature (or concentration) with the
reboiler steam.

. lsobulane inveniory is accounted for via leve! conlrol in the recycle column

gverhead receiver,

Step 8: Control Individual Unit Operations and Validation via rigorous dynamic

simulation.

The rest degrees of freedom are assigned for control loops within indivicdual units.
These include: cooling water fiow 1o the cooler controls process temperature 10 e

separator and refiuxs to the stabilizer, oroduct, and recycle columns are flow confrotied.
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Using software HYSYS to evaluate performance for isobutane process of all designed
control structures and compare with base case control siruciure (Luyben, 2002) al dynamic

simulation

5.3 Fixture Point Theorem

For new control structure design CS1 -C83, we follow the step of use the Fixture
point theorem (Wongsri, 2008), The fixture point theorem is provided by Wongsri, 2008 (o
determine the confrol varlable that the most sensitivity. Dead time control variable should
consider to controf and pairing with manipulate variable (MV) in the first.

Fixture peint theorem analysis

1. Consideration in dynamic mode of simulation until process set up 1o steady
state.

2. Control variable (CV) can be arranged to follow the most sensibility of the
process variable by step change the MV (change only one MV, the other
should be fixed then alternate 1o other until complete). Study the magnitude
of integral absolute error (IAE} of ail process variables lhat deviates from
steady siate.

3. Consider CV thal give the most deviation from steady slate (high IAE score)
to match with MV. CV and MV should be directing interactive together, after

that will consider the next CV to match with other MV,



Figure 5.1 IAE summation result of tray temperature deviation of DB column
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Figure 5.1 show the IAE summaticn results of Tray temperature of DB column. The

temperature at tray 3" had a high value of IAE which shown thal this fray is the most

sensitive in the column so, we use this tray for temperature control.

Figure 5.2 shows the temperature gradient for DB column from sieady state value




28

12

10

integral Absolute Error

i3 5 7 9 1% 13 15 17 1% 21 23 5 27 29

Figure 5.3 IAE summation results of Tray temperature deviation of DP column
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Figure 5.3 show the IAE summation resuits of Tray temperature of DP column. The
temperalure al tray 25" had a high value of IAE which shown thal this tray is the most
sensitive in the column so, we use this tray for temperature control.

Figure 5.4 shows the temperature gradient for DP column from steady state valueg
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Figure 5.6 Temperature Gradient for DIB column from steady state value

Figure 5.5 show the IAE summation resulls of Tray temperalure of DIB column. The
temperature at tray 19" had a high value of 1AE which shown that this tray is the most

sensitive in the column so, we use this tray for temperature control.
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In all of these control structures (CSO, CSI, €52, C83) the difference loops are use

as follows

Base case control structure (CS0)

For isobutane process new 3 alternalive structures, we present 3 conlrol structures
to reduce the effects of disturbances in order to achieve a desired production flow rate. The
first control scheme to flow control of butene flow rate o reactor 2 and control fevel of
reactor 3 reverl by manipulated valve 21by inlet siream, the second was modified from the
first scheme by change the level control of DIB distiliation by manipulated V 7 and
composition control by reboler duty {gr1). The lasl one keep the same structure as Luben
but change change the level control of DIB distiflation by manipulated V 7 and composition

controf by reboler duty (gr1) instead.

Design of control structure (CS1)

Considered 1AE summation for flow variation, we found that there were & high
disturbance in the reaction section which we will take in {o consider and determine the effect
of disturbance to the inlet and outlet of reactor effluent stream in order to prove the wording
of Luben about the “the relative change in reaction rate depend on temperature through the
activation energy”, therefore we choose the reactor inlel temperature setpoint as the

production rate handle for this case.

Therefore we have changed the vaive V21 to control level revert of reactor 3 in order
to maximize the produclion rate and valve V2 to control revert fevel of reactor 2 and to
control the flow of BB2 to not exceed than maximum required since, excess in BB2 might
lead the side reaction of dodecane which unsatisfied of process. and V7 to control Level of

DiB column



35
For de-isobutanner (DIB) ceolumn, the 19ih Tray iso-butane compositicn of de-
isobutanizer( DIB) column is control by manipulate of V7. The DIB column condenser level

's controlled by manipulating the DIB column reboller duty {qr1).

Design of control structure (CS2}

For conlrol structure ©S2, we always based on control structure design which would
ke to evaiuate the production rate of Isobutane but we have change a bit in fevel control of
DIB column to manipulated control by V7 instead and ccmpesition control by manipulated

conirol by reboiler duty (gr1),

Design of contro! structure (CS3)

For control struciure 3, we based on Luben control structure design but just
changed in level control of DIB column to manipulaled control by V7 instead and

composition centrol by manipulaled control by reboiler duty {qr1).

5.4 Dynamic Simulation Results

Comparison dynamic responses between this work with reference

The disturbance testing is used to compare the dynamic response of this simulation

(HYSYS) with with 3 new structure design control and Luyben based case (1998).

By step change in BB1 fresh feed which increase +10% of BBT fresh feed from
24 571 ib-mole/hr to 25.98 Ib-mole/nr at 50 min to 150 min and from 25.98 Ib-mole/hr to 23.03
(b-mole/hr at 150 min to 250 min and step change of fresh feed temperature £10% of BB
fresh feed from 90 °F to 94 °F at 50 min (o 150 min and from 94 °F to 86 °F at 150 min to 250

min.
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Temperature controliers are PIDs which are tuned using relay feedback. Two
temperature measurement lags of 0.5 minute are included in the two temperature loops
(25th and 3th tray temperature of DP and DB Column accordingly). Flow and pressure
controllar are Pls and their parameters are heuristic values. Proportional only level
controliers are used and their parameters are heuristics values. Isobutane mole composition
is measured and controlled using PID controiler. All control valves are half-open al nominal

operating condition.

Figure show the dynamic responses of the control systems of the lsobutane base
case to a change in the BB1 fresh feed molar flow. In order © make this disturbance, first
the BB fresh feed flow rate is increased from 24,51 Ib-mole/hr to 25.98 Ib-mole/hr al tme
equal to 50 min to 150 min and the flow decreaged from 25,98 Ib-moleftr to 23.03 ib-mole/hr
at time equal to 150 min to 250 min, then the feed flow rate is returned (o its nominal value of

24,51 tb-mole/hr
Dynamic response change in fresh feed molfar flow rate by step change of molar
flow rate+10% of BB fresh feed from 24.57 lo-mele/hr to 25.98 ib-mole/hr at 60 min to 150

min and from 25.98 ib-moie/nr to 23.03 Ib-mote/hr at 150 min to 250 min

Effluent melar of fresh feed BB1 step change in £10% of BB1 fresh feed

=]
&
o

?

1 24 51 iy

12 i)

BB1 - Malar Flew (Iomolemr)

o
B
&

peaicl] 10U & kil 3000 L)L
punutes

Figure 5.11 Dynamic responses of the Isobutane plant to a change in the BB1 fresh

fead rale.
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(+10% } between CSO of Luben based case compare to new control structure design 51,

CS2 and C53,
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Figure 5.12 (Continued) Dynamic response of control structure (CS0, ©S1,C582 and C83)
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Figure 5.10a gives simulation result for increasing and decreasing {(£10%) the BB1 fresh
feed . The molar flow rate response is oscillatory and it comes to new setpoint

within a few minutes. Effect from the step change In flow rate, the rate of reaction and mole
fraction of isobutane in reactor 1, 2, 3 and DIB distiilate increase from the base case but not

much difference in temperature change.

5.3.2 Figure show the dynamic responses of the control systems of the isobutane base case
to a change in the BB1 {£10%) fresh feed temperature. in order (o make this disturbance,
first the BBY fresh feed flow rate is increased from 90 °F to 94 °F at time eqgual to 50 min to
150 min and the flow decreased from 94 °F to 86 °F at time equa! to 150 min to 250 min,

then the feed flow rate is returned (o its nominal value of 80 °F

Step change of £10% of BB1 fresh feed temperature to all controt sfruciures :hase

case control structure (CS0), control structure | {CS1) to control structure 1 (CS3)

The result of dynamic response of the Step change of £10% of BB1 fresh feed
temperature from 90 °F to 94 °F at 50 min fo 150 min and from 94 °F to 86 °F at 1560 min {o

250 min

e
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o e ag
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Hinules

Figure 5.13 Dynamic responses of Iscbulane process by step change of x10% of

BB1 fresh feed lemperaiure
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Figure 5.14 Comparison dynamic responses for step change of £10% of BB1 fresh feed

temperature between CS0 of Luben based case compare to new control structure C51-CS83.
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Figure 5.14 (Continued) Comparison dynamic responses for step change of £10% of BB
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fresh feed temperature between CSC cof Luben based case compare to new control

structure CS1-CS3.
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Figure 5.14 {Continued) Comparison dynamic responses for step change of £10% of BB1
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Figure 5.14 (Continued) Comparison dynamic responses for step change of £10% of BB/

fresh feed temperature between CSO of Luben based case compare to new control
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Figure 5.14 simulafion resulls for increasing and decreasing by step change of £10% of BB1
fresh feed temperalure between CSO of Luben bhased case compare {o naw conirol

structure C51-C83,

The result of dynamic respenses of temperature is oscillatory and is come to the
new setpoint within a few minutes. Effect from the temperalure increase, the rale of reaction
of Isobutane increase because of an increasing temperature can raise the reaction rate. But
this control structure fix production rate, so this disturbance does not affect to the product
fiow,

The IAE summation results of controt structure, C81-CS83 compare to CS0 of Luyben
based cased about how to handle the disturbance when fresh feed flow rate and
ternperature have been changed by #10%, it shown that the contro! structure 2(C82) is the
best control structure to handie disturbance and €S2, also to maintain the product quality

and minimize energy consumption.
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Table 5.2 The IAE resulis of the 4 control structures to a change of +10%BB1 fresh feed

fiow rates
Walar fiow rate changes £10% of BB1 fresh feed
50 CS51 £s2 C83
LCH ¥.339737 5.97935651 8.10686043 6.85478924
LCz 1971125808 10183140678 12.305653245 1019268933
LC3 2189328723 2472751744 2.8642217 24.56441138
LC4 28,16481001 19.04538331 25.65637341 19.06375621
LCdp1 16.24507087 13.94496208 16.44566585 1372857054
LCdp?2 0.41924268 0.96346807 0.50240448 0.81831718
LCdib1 17.31079918 20.26097541 20.27488953 20.30738511
LCdib2 043416742 0.2988214 0.12070721 0.23623101
LCdb1 20,13525572 18.81310593 20.67862197 4093836707
LCdb2 2,14201383 1.1295107 0.88370167 0.84007466
PCR 10.05802582 2.86393671 1.07828865 257258315
TCH 15 555848624 1.56463775 2.00655345 1.4842041
TCZ2 1672252609 1.57522442 2.09183411 1.66462684
TC3 19.25484719 2.75823327 0.6981459 3.10893511
TC4 5.4062154 1632853072 31555757 153838403
TCdb 0.0342088 3087816651 0.001316644 0.0206599359
TCdib 0.026551889 3] 0.015329142 0
TCdp £.000188678 0.02963562 1.66069E-05 0.033095001
Total 198.8547923 141.6642637 117.0868458 141.7842861

Figure 5.15 The 1AE

response the change of +10 of fresh feed flow rale.
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Table 5.3 The IAE results of the 4 control structures to a change of +10%BB1 fresh feed

temperature
Temperaiure changes +10% of BB1 fresh feed
€so €52 st Cs3

L.C1 7.24841 5.86131G69 8.035212 6.7513314
Lcz 19.8457233 023173796 12.436978 10201311686
LC3 2.0659813 23.96261246 2.744869 24.0667307
LC4 27245678 18.66549399 23.06086142 1886672915
LCdp?1 14.3578 1280726329 14.24850864 13.11958574
LCdp2 0.9927 0.85496761 0.4338 0.88281646
L Cdib1 19.03878358 20.30901831 20.30658145 20.30878323
LCdib2 0.35798797 0.26839895 0.10031 0.24944873
LCdb1 20.3614 21.0017 147+ 20.80585824 20.97368296
LCdb2 2,2902 0.78919566 (.6784 078689177
PCR 10.254168 3.002492458 1.247896 2.756692251
1193 15.864212 1.97252251 2.478523 186983057
TC2 16924687 20632844 2574311 18689748
TC3 19.374847 3.43648677 0.9745022 3.3885632
TC4 2.6822607 15.79833299 3.041323 15.46679101
TCdb 00349052 0.017396752 0.001375314 0.018828697
TCaib 0.0305149 0 0.028825352 0
1Cdp (.001672607 0.032788227 0.000136003 0.032707618
Totai 179.685773 142.1320237 113.2872646 141.7107358

Figure 5.16 The IAE summalion resulls of 4 conlrol structures Isobutane  process o

response the change of +10 of fresh feed temperature
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Table 5.4 The IAE results of the 4 control structures to an energy consumption

Heat Flow (Btu/nr) CE0 C&1 s2 C53
Compressor duty 1.948+006 1.845+08 1.84E+08 1.94E+06
Cooler duty 1.82E+06 1.82E+06 1.82E+06 1.82E+06
Colurmn 1 Condenser Duty TABEHYY 1.18E+07 1.18E+07 1.18E+07
Column 1 Reboiler Duty 1.01E+07 1.01E+0Y 9.12E+06 9.12E+06
Column 2 Condenser Duly 3.12E+056 3.12E+05 3 12E+05 342E+05
Column 2 Reboiler Duty 8.55E+05 8.55E+05 §.55E+05 8.55E+05
Column 3 Condenser Duty 2.29E+05 2.29E+05 2.29E+05 2.29E+05
Column 3 Reboiler Duty 4.91E+05 4.91E+05 4.39E+05 4.39E+05
Total 2. 70E+07 2.76E+07 2.65E+07 2.65E+07

2760407
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2700407 S
2.685407 ¢
2668107 &
2.64E407 £
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2.600107 -
2.58£107

50

Eesl
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Integral Absolute Ervor

Control Structure

Figure 5.17 The IAE summation resuits of four controf structures lsobutange process showing

the vaiue of all energy use to change response to the change of all disturbances.



CHAFPTER VI
CONCLUSION AND SUGGESTION FOR FURTHER WORK

6.1 Conclusion

In this work an allernative iscbutane plantwide confrol struciure has been
designed to achieve the maximum desired yield and minimum energy consumption,
moreover, to handie the disturbance from an external comparalive o the reference

based cased of Luyben (2009).

Four plantwide control structure cenfiguration of Isobutane process have been
designed foliowing by Wongsti heuristic method comparative to the Luyben heuristic
existing plantwide process. The based case control structure (CS0} is the Luyben
isobutane process heuristic design, control structure 1 (CS1} is the modification from the
conirel structure based case by applied the Fixture point thecrem of Wongsri lo the
process, considered in the IAE summation value for flow variation, we found that there
were a high disturbance in the reaction section which we will take in to consider and
determine the effect of disturbance to the inlet and outiet of reactor effluent stream in
order to prove the wording of Luben about the “the relative change in reaction rate
depend on temperature through the activation energy”, therefore we choose the reactor
inlel temperature setpoint as the preduction rate handle for this case. Therefore we have
changed the valve controller to revert level control of reactor 3 in order tc maximize the
production rate and revert level level of reactor 2 in order to control the flow of BBZ to
not exceed than maximum required since, excess in BB2 might lead the side reaction of
dodecane which unsatisfied of precess. In the second control slructure (CS2), we
always based on control structure CS1, we have change a bit in level conirol of DIiB
column to manipulated control by bottom valve instead and composition control by
manipulaled control by reboiler duty. The third control struciure {C83), is modification a

il from Luben control structure design by changing the level controlier of DIB column
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to manipulated bottom valve control instead and composition control by manipuiated
contro! by reboller duty.

The dynamic simulation of this process tc handle the varicus disturbances is
made to evaluated the performance of all control structure; Increasing and decreasing
the fresh feed flow rate and temperaiure, the results were successiully performed (o

identify the key control aspects of the control siructure.

Figure from dynamic response have been shown the stability of the plantwide
control to handle the external disturbance during the process which can performed as

well,

The IAE results of temperature and molar flow rate change for disturbance test in
four control structures, These performance of these control struclure can be arranged
from the best to lowest performance (error of controllabllity point of view) as following

sequence; CS2, CS3, C80, CS1.

Moreover, the dynamic response obtained from graph has been shown that the
mole fraction of Iscbutene achieved the high yield at control structures two. The
simulation result for increasing and decreasing (£10%) the BB1 fresh feed . The molar
flow rate response is oscillatory and it comes to new setpoint within a few minutes. Effect
from the step change in flow rate by (+10%) shown that the rate of reaction and mole
fraction of isobutane in reactor 4, 2, 3 and DIB distillate increase from the base case but

not much difference in termperature change

Comparison dynamic responses of step change in BB1 flow rale temperature
(£10% ) between CSO of Luben based case compare to new control structure design
©S1, ©S2 and CS3., the simulation result of temperature response in oscillatory,
moreover the rate of reaction of Iscbutane aiso increase because of increasing

temperature can raise the reaction rate.



5.2 Recommendations

1.

2.

Siudy on the cther control structures of Isobutane Alklyation process,
Improve the strategy accelerating the dynamic performance of the
complex chemical plantwide process.

Study and improve the strategy of MPC plantwide control of Isobutane
Alklyation process.

Study and design the new control atructure of heat exchanger networks
applied io the Iscbutane plantwide process.

Study the self optimizing control struciure of the Isobutane Alklyation

Process.
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APPENDIX A

TaLE AT EQUIPMENT SIZES

UNIT SPECIFICATION
DIB CoLumn 1D 6FT
REFLUX DRUM 360 FT°
BASE 300 FT°
DP CoLUMN 1D 1.2F7
REFLUX DRUM 20FT
BASE 100 FT”
DB CoLUMNID 1FT
REFLUX DRUM 9FT
BASE 40 FT°
KO DRUM VOLUME 100 FT°
DRUM VOLUME 62 FT°
FEME SHELL VOLUME 11T
TUBE VOLUME THFT
REACTOR (3} TOTAL VOLUME (80% LIQUID FULL) 100 7
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Al MANIPULATED VARIABLES

NUMBER
1

& o o N o AW N

. . Y
W -

Y
ooBE NI o) BN S

NN RO NN
G B W N - O W

SYMBOL
V1
V2
V3
V4
Vh
V7

QCOND

WKCOMP
Va
Vo

V4T
V12
V13
V14
V16
Ve
V22
V31

V32
QR

Qct
QrRZ
Qc?
QR3
QC3

LIST OF OVERALL MANIPULABEL VARIABLES
BB1 FRESH FEED VALVE

BBE2 FRESK FEED VALVE
RECYCLE VALVE

SATCA FEED VALVE

TANK VALVE

DIB COLUMN BOTTOM VALVE
COOLER HEAT DUTY
COMPRESSOR POWER

DP BOTTOM WALVE

DP COLUMN OVERHEAD VALVE
R1 LIGUID VALVE

R1 VAPOR VALVE

TANK VAPOR VALVE

DB COLUMN BOTTOM VALVE
DB COLUMN OVERHEAD VALVE
R2ZLIQUID VALVE

RZ VAPOR VALVE

R3 LIQUID VALVE

R3 VAPCOR VALVE

DIB COLUMN REBGILER HEAT DUTY
DIB COLUMN CONDENSER HEAT DUTY
DP COLUMN REBOILER HEAT DUTY
DPF COLUMN CONDENSER HEAT DUTY
DB COLUMN REBOILER HEAT DUTY
DB COLUMN CONDENSER HEAT DUTY
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TUNING OF CONTROL STRUCTURES

A.2 Tuning Controliers

This work uses the several types of the controllers such as P, Pi, and PID which
depend on each control loop. In theory, the control performance able to improve by
using of the derivative aclion but in practice, there is some significant drawbacks for the
use of derivative as follow:

1. To specify the 3 tuning constants,

2. Signal noise is ampiified.

3. Using a several types of PID control aigorithms, therefore an important o

be careful that matching tuning methed of using the right algorithm.

4. An approximation simulation of the real plant. If aclditiona!  high

nerformance controllers are reguired to get beller dynamics of the

simulation, it is not not work well for the real piant.

A.3 Tuning Flow, Level and Pressure Loops

Since, the very fast of the dynamics of flow measurement and the time constants
for moving coniral valves are small, therefore, the controlier can be turned with a small
integrat or reset time constant. A value of r,= 0.3 minules weork in the most
consideration for controllers. Vaiue of controller gain always keep modest due to flow
measurement signal is sometime neisy due to the flow as turbulent throughout an orifice
plate. A value of controlier gain of K= 0.5 is recommended. Derivative action should

not be used.

The most level controllers should use proportional-onty action with a gain of 1 1o
2. Since, it provides the maximum amount of smooth flow. Proportional control means it

will be steady state offset (the level will be not returned to its setpoint value). However, (o
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maintain a liquid certain value level is not necessary when the liquid capacily is being
used as surge volume. So the recommended tuning of a level controlier is K = 2.

Most pressure controllers able to easily tune. The constant of process time is
estimated by dividing system volume of gas by gas volumetric flow raie flowing through
the system. Integral lime is setting equal to 2 10 4 times of process time constant and
using a reasonable controller gain which always gives satisfactory pressure contral.
Typical the tuning constants of pressure controller for columns and tanks are K. = 2

and r, =10 minutes,

A.4 Relay- Feedback Testing

The relay-feedback test is a tool which serves a quick and simple method to
identify the dynamic parameter which is important for feedback controller designing.
The results of the test are an utimale gain and an uitimate frequency. This information is
always sufficient for us the permission 1o calculate the reasonable controller funing

constants.

The method consists of an inserting on-off relay in the feedback loop. Parameter
which must be specified is the height of the relay, h. This height is typically 5 to 10 % of
the controller output scale. The loop is starting to oscillate around the setpoint with the

controller output switching every time the process variaple (PV) signal crosses the

setpoint.

The maximum amplitude (a) of the PV signal is used to calcuiate the ultimate

gain, K, frem the equation

4h
ar
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The period of the output PV curve is an ulimate pericd, B, from these two

narameters controlier uning constants able to calcutale the P and PID controllers, using

a varicus tuning methods proposed in fiterature that required only the ultimate gain and

the ultimate frequency, e.g. Ziegler-Nichols, Tyreus-Luyben.

The test has many positive features that have led its widespread use in real

plants as well in simulation studies:

1.
2.

Only one parameter has lo be specified (relay height).

The time to run the test is short, comparative to the extended periods
required for methods like PRBS.

The test is closed loop, o the process will be not run away from the
setpoint.

Information achievement is very accurate in the frequency range that
s important for the design of a feedback controller.

An impact of the change of load which occurred during the test able

lo detect by a change to asymmetric pulses in manipulated variable.

The sntire features make & useful identification of the relay-feedback testing. To

know an ultimaie gain, K, and an ultimate period, £, was permitted us to calculate

controiler settings, There are saveral methods thal require only for such two parameters.

The Ziegler-Nichols tuning equations for a Pl controller are:

K.=K, /22
7, =8,/12

These tuning constants are frequenily usage for many chemical engineeting

applications. The Tyreus-Luyben tuning method provides more conservative setiings

with increased robustness. The TL equations for a Pl controller are:
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K.=K,/32
T, =2.2F,

A.5 Inclusion of Lags

Any real physical system has many lags, Measurement and actuator lags always
exist. In simulations, however, these tags are not part of the unit models. Much more
tuning is often possible on the simulation than the real plant. Thus the pradictions of
dynamic performance able to overly optimistic.

Realistic dynamic simulations require that we explicitly include lags and/or dead
times in all the important loops. Usually this means controllers that affect Product guality
or process constraint.

Table A.2 summarizes some recomimended fags to include in several different

types of conirol toops.

Table A.2 Typical measurementlags

—— Tlme.constani Type
(minutes)
Temperalure Liquid 2 0.5 First-order fags
Gas 3 1 First-order lags
Composition Chromatograph 1 3to 10 Deadtime




APPENDIX B

PARAMETER TUNING

Table B.1 Tuning parameters for the reference control structure 1 {CS1)

Centroller Controlied variables Maniéuiate YRS Funing parameter Action controlier PV Range
d variable K. T, T,

FCA1 BB1 flow rate Vi Pt 0.5 0.3 - Reverse 0-50 Ibmole/hr
FC2 BE2 flow rate V2 l 0.5 0.3 - Reverse 0-50 tomele/fhr
FC3 Recycle flow rate V3 Pl 0.5 0.3 - Reverse 0-100bmoie/nr
PCR KO vessel pressure Wkcomp P 3 - - Direct 0-50 psia
TC Reactor 1 temperature 12 PID 0.5 10 - Direct 0-100 F
TC2 Reactor 2 temperature Vo PID 0.5 10 - Direct 0-t100F
RIOK) Reactor 3 vessel temperature V3D PID 0.5 - - Direct 0-100 F
TC4 Tank temperature qcond PID 0.5 0274 | 0.069 Direct 50-150 ©
LCT Reactor 1 level Vi1 P 3.23 - - Direct 0-10C %
LC2 Reactor 2 level V31 P 4 - - Direct 0-100 %
LC3 Reactor 3 level V10 F 4 - - Direct 0-100 %
LC4 Tank level V5 P 4 - - Direct 0-100 %




Table B.1 (Continuous) Tuning parameters for the reference control structure 1 (CS1)

Manipulated Type Tuning parameler Action
Controller Controlled variables PV Range
variable K. T, T controiler
TCdib Tray 25 iso-butane comp of DIB column \'¥ PID 25 10 - Reverse 0-100 %
PCdib Pressure condenser of DIB column qect Pl 2 - - Reverse 0-100 %
PCdp Pressure condenser of DP column qc2 Pl 2 - - Reverse 0-100 %
PCab Pressure condenser of DIB column qc3 Pl 2 - - Reverse 0-100 %
TCdp Tray 25 temperature of DP column qrz FID 4 2 - Reverse 100-200 F
TCdb Tray 3 temperature of DIB column qr3 PID 2 10 - Reverse 200-400 F
LCdib2 Level condenser of DIB column V4 P 2 - Reverse 0-100 %
LCdib1 Level rebaoiler of DIB column Qri = 2 - Reverse 0-100 %
LCdp2 Level condenser of DP column Vo P 2 - Direct 0-100 %
LCdpi L.evel reboiler of DP column Ve i 2 - Direct 0-100 %
LCdb2 Level condenser of DB column V15 P 2 - Direct 0-100 %
LCdb1 Level reboiler of DB column V14 P 12 - Direct 0-100 %

29



Table B.2 Tuning parameters for the reference control structure 2 (CS2)

Controiler Controlled variables ManiPuEaEed Type funing prameter hotion PV Range
variable KC T, T, controller
FC1 BB1 flow rate V7 Pi 0.5 0.3 - Reverse 0-50 tomole/hr
FC2 BEZ flow rate A P 0.5 0.3 - Reverse 0-50 Ibmole/hr
FC3 Recycle flow rate V3 Pl 0.5 0.3 - Reverss 0-1000 [bmole/hr
PCR KO vessel pressure Wkcomp Pl 3 - - Direct 0-50 psia
T Reactor 1 temperature V172 PI 0.5 10 - Direct 0-100F
TG Reactor 2 temperature Voo FID 0.5 10 - Diract 0-100F
TC3 Reactor 3 termperature V32 PID 0.5 - - Direct 0-100 F
TC4 Tank temperature qeond PID 0.5 0.274 0.069 Direct 50-150 F
LC1 Reactor 1 level Vi1 P By - - Direct 0-100 %
LC? Reactor 2 level V31 P 4 - - Direct 3-100 %
(o3 Reactor 3 level V10 P 4 - - Direct 0-100 %
LC4 Tank leveal V5 P 4 - - Direct 0-10C %

49




Table B.2 (Continuous) Tuning parameters for the control structure 2 (CS2)

Manipulated Type Tuning parameter Action
Controller | Controlied variables PV Ranga
variable T, controller
Tray 19 iso-butane comp of DIB PID Reverse
TCdib column V7 48 0-100 %
PCdib Pressure condenser of DIB column acl Pt 2 - Reverse 0-100 %
PCdp Pressure condenser of DP cofumn qac? Fi 2 - Reverse 0-100 %
PCdb Pressure condenser of DIB column qc3 Pl 2 - Reverse 0-100 %
TCdp Tray 25 temperature of DP column qrz PIC 4 2 Reverse 100-200 F
TCdb Tray 3 temperature of DIB column ar3 PID 2 10 Reverse 200-400F
LCdib2Z Level condenser of DIB column V4 P 2 Reverse 0-100 %
LCdib1 Levet reboeiler of DIB column Qr1 2 2 Reverse 0-100 %
LCdp?2 Level condenser of DP column VO P 2 Direct 0-100 %
LCdp1 Lavel reboiter of DP column V8 P 2 Direct 0-100 %
LCdb2 Level condenser of DB column V15 P 2 - Direct 0-100 %
L Cdb1 Levet reboiler of DB column V14 P 12 - Direct 0-100 %

69




Table B.3 Tuning parameters for the control structure 3 (CS3)

Controller | Controlled variables Man‘tpu!ated Tye Tuning paramster Action PV Range
variable KC T, T) controller
FC1 BE1 flow rate V1 Pl 0.5 0.3 - Reverse 0-5C lbmole/hr
FC2 BB2 flow rate V2 Pt 0.5 0.3 - Reverse 0-50 lomoleir
FC3 Racycle flow rate V3 P 0.5 03 - Reverse 0-1000 Ibmole/nr
FCR KO vessel pressure Wkcomp Pi 3 - - Direct 0-50 psia
TCA Reactor 1 temperature V12 PID 05 10 " Direct 0-100 F
TC2 Reactor 2 temperature V2D PID 05 10 - Direct 0-100 F
™3 Reactor 3 temperature V32 PID 0.5 - - Direct 0-100F
TC4 Tank lemperature qeond PID 0.5 0.274 0.069 Direct 50-150 F
LC1 Reactor 1 level V11 F 323 - - Birect 0-100 %
Lc2 Reactor 2 level V37T P 4 - - Direct 0-100 %
LC3 Reactor 3 level V10 P 4 - - Direct 0-100 %
LC4 Tank levei V5 P 4 - - Direct 0-100 %

04




Table B.3 (Continuous) Tuning parameters for the contro! structure 3 (CS3)

Manipulate Type Tuning parameter Action
Controller Controlled variables PV Range
d variable K(. T, controller
Tray 19 iso-butane comp of DIB PID Reverse
TCdib column VT 2.5 10 0-100 %
PCdib Pressure condenser of DIB column gc Pl 2 - Reverse 0-100 %
PCdp Pressure condenser of DP column qc? Pt 2 - Reverse 0-100 %
PCdb Pressure condenser of DIB column acd P 2 - Reverse 0-100 %
TCdp Tray 25 temperature of DP column qre PID 4 Z Reverse 100-200 F
TCdb Tray 3 temperature of DIB column ar3 PID 2 10 Reverse 200-400 F
LCdib2 Level condenser of DIB column V4 P 2 Reverse 0-100 %
LCdib1 Level reboiler of DIB column Qr1 = 2 Reverse 0-100 %
LCdp2 Level condenser of DP column Vo P 2 Direct 3-100 %
L Cdpt Level reboiler of DP column V& P 2 Diirect 0-100 %
LCdbZ Level condenser of DB column V15 P 2 Direct 3-100 %
LCdb1 Level reboiler of DB column V14 P 12 Direct 0-100 %

LL




Table C.1 1AE resuilt of temperature of Isocbutane

APPENDIX C

DATA OF FIXTURE POINT ANALYSIS

PV V1 V2 V3 V4 V5 V7 va Vg V11 V12 Vi4
BB1 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
BB2 0.0000 0.0000 0.0000 0.0000 0.0000 00000 0.0000 0.0000 0.0000 0.0000 0.0000

=¥ 0.0433 0.0440 0.1376 0.2194 0.1871 0.1424 0.1046 0.2322 0.5282 0.1201 0.1201
B2 0.0743 0.0771 0.0243 0.0810 0.0873 0.1914 0.0927 0.0815 0.0644 01114 0.1114
B3 0.0529 0.0479 0.6204 0.0536 0.0503 0.3633 0.1180 0.0578 0.0953 0.1308 0.1308
D1 0.0094 0.0099 0.0147 0.0691 0.0683 0.0924 0.0532 0.0714 0.0921 0.0673 0.0673
D2 0.0778 0.0859 0.0262 0.0915 0.0969 0.1937 0.1020 0.0920 0.0785 0.1196 0.1196
D3 0.0208 0.0220 0.0002 0.0718 0.0635 0.1075 0.0515 0.0768 0.3323 0.0641 0.0641
disch 0.1277 0.1052 0.1277 0.0687 0.0635 0.0653 0.0519 0.0660 0.0779 0.0592 0.0592

dondout 0.1295 0.1009 0.1295 0.0779 0.0749 0.0713 0.0604 0.0779 0.0935 0.0691 0.0691

hxcount 0.1503 0.1011 0.1503 0.1250 0.1243 0.0977 0.0931 0.1294 0.1637 0.1105 0.1105
nxhin 0.1488 0.1316 0.1488 0.1311 0.1322 0.1625 0.1205 0.1319 0.1515 0.1393 0.1392

hxhout 0.1298 0.1087 0.1298 0.0907 0.0987 0.3402 0.1154 0.0922 0.0682 0.1372 0.1372




Table C.1 (Continue) | AE result of temperature of Isobutane

PV Vi V2 V3 V4 V5 V7 Va3 V9 V11 V12 V14
L1 (L0573 0.0512 0.0573 0.0391 (.0388 (.1028 0.0409 0.0390 0.0460 0.04086 0.0406
L2 0.1230 0.0099 0.1742 0.0801 0.0898 0.3410 01177 0.0924 0.0701 0.1385 0.1385
L3 0.1530 0.1422 0.1406 0.1413 0.1330 0.0865 0.0996 0.1403 0.2037 0.1159 0.1159
Lko 0.0122 0.0165 0.0122 0.0474 0.0476 0.0908 0.0395 0.0488 0.0579 0.0484 0.0494
Ltk 0.0874 0.0768 0.0874 0.0621 0.0614 0.1076 0.057% 0.0617 0.0630 (.0608 0.0608
ot 0.1376 0.1103 0.1376 0.1393 0.12433 0.0885 0.1000 01371 0.1732 0.1181 0.1181
tol2 0.0085 0.0099 0.0095 0.0691 0.0883 0.0924 0.0532 0.0713 0.05818 0.0672 0.0672
total 0.1302 0.1102 0.1302 (.0852 0.0945 0.3272 0.1109 0.0874 0.0645 0.1322 0.1322
SatC4 0.0a74 0.6768 0.0874 0.0821 0.0614 01078 0.0579 0.0617 0.0630 0.0608 0.0608
piout 0.0000 0.0000 0.0000 0.0000 0.0000 (3.0000 0.0000 0.C000 0.0000 0.0000 0.0000
pZout 0.1211 0.0987 0.1211 0.0644 0.0817 0.0643 0.0507 0.0642 0.0760 0.0578 0.0576
p3out 0.128% 0.1051 0.1289 0.0733 0.0705 0.06581 0.0571 0.0732 0.0872 0.0853 0.0653
viout 0.0874 0.0123 0.0874 0.0474 0.0478 0.0808 0.0325 (.0488 0.0579 0.0494 0.0494
v2out 0.1154 0.0857 0.1154 0.0816 0.0592 0.0618 0.0485 0.0000 0.0722 0.0553 0.0553
v3out 0.1196 0.0968 0.1196 0.0686 0.0659 0.0647 0.0537 0.0000 0.0811 0.0612 0.0612

el




Table C.1 (Continue) | AE result of temperature of Isobutane

5%

V1 V2 V3 V4 V5 V7 Vg V9 V11 Vie V14

vdout 0.12086 0.0993 0.0968 0.0644 0.0617 0.0844 0.0507 (3.00C0 0.0000 0.0576 0.0576
vBout £.0000 0.0000 0.0000 0.0002 0.0002 0.Co0z 0.0001 0.0000 0.0057 0.0002 0.0002
viout 0.1293 0.1084 0.0248 0.0851 0.0844 0.3270 0.1107 0.0000 0.0844 01321 0.1321
vBout 0.0000 0.00C0 0.0000 0.2089 01742 0.1160 0.0897 0.0000 0.5305 0.1046 0.1046
v1iout 0.0136 0.0139 0.0144 0.0469 0.0475 0.0753 0.0396 0.0000 0.0561 0.0488 0.0488
vi1Zout 0.1202 0.1050 0.1060 0.0731 0.0703 0.0682 0.0570 0.0000 0.0869 0.0852 0.0652
vZ2lout 0.1790 0.1632 0.0695 0.1280 0.1274 0.16323 0.1158 0.6000 0.1466 0.1332 0.1332
vZ2out 0.1448 0.0886 0.1560 0.126% 0.1234 0.0953 0.0931 0.0000 0.1818 0.1105 0.1108
v3lout 0.1340 0.1066 (.0884 0.1126 0.1181 0.1535 0.1148 £.0000 0.0996 0.1306 0.1306
v3Zout 3.1376 0.1103 0.1011 0.1391 0.1311 0.0884 0.09%8 0.0000 0.1729 0.117¢ 0.117¢
vapl 0.1527 0.1145 ¢.0C00 0.11086 0.1079 .10%1 0.0805 0.0600 0.1420 £.0875 0.0875
vapz 01277 01052 0.0713 0.0000 0.0635 0.000C 0.0000 0.0000 0.0000 0.0000 0.0000
vap3 0.1296 01010 0.0959 0.0780 0.0750 0.0713 0.0603 0.0000 0.0936 0.0692 0.0692
vaptot 0.15186 0.1009 0.1625 0.1250 0.1231 0.0859 0.0925 (.0000 0.1616 0.1100 0.1100

vik 0.1488 0.1316 0.3402 0.1312 0.1323 0.1625 0.1205 0.0000 0.1515 0.1394 0.1394

1




Table C.1 (Continug) | AE result of temperature of Isobutane

PV

VZ22

V31 V32 QCH Qc2 QC3 QAR1 GR2 QR3 WHKCOMP QCOND

BB1 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
BB2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 G.0000 ¢.0000 0.0000 (.0000 0.0000
B1 0.3732 0.3087 0.1260 0.1108 0.0874 0.0645 0.1322 0.3272 0.0857 0.0728 0.1246
B2 0.0698 0.0711 0.1105 0.0579 0.0617 0.0830 0.0608 0.1077 £.0585 0.0627 0.0592
B3 0.0766 0.0643 0.1342 0.0000 0.00C0 0.0000 0.0000 0.06C0 0.0000 0.0000 0.0000
1 0.0782 £.0745 0.0679 0.0507 0.0642 0.0760 0.0576 0.0643 0.0701 0.0883 0.057%
b2 0.082¢ 0.0828 0.1190 0.0571 0.0732 0.0872 0.0653 0.0681 0.0708 0.0781 0.0655
03 0.1735 0.1203 0.0655 0.0385 0.048¢ 0.0579 0.0494 0.09C8 0.0514 0.0494 0.04986
disch 0.0713 0.0701 0.0594 0.0486 0.0000 0.0722 0.0553 0.0618 0.0668 0.0652 0.055¢6
dondout 0.0848 0.0836 0.0698 0.0537 0.0000 0.0811 (0.0612 0.0847 0.0744 0.0730 g.0817
hxcount 0.1230 0.1423 0.1071 0.0507 ¢.0000 0.0000 0.0576 0.0644 0.0701 0.0683 0.0578
hxhin 0.1431 0.1313 0.1501 0.0001 0.0000 0.0057 0.000z 0.0002 0.0015 0.00C7 0.0002
hxhouwt (.0683 0.0772 0.1289 0.1107 0.0000 0.0644 0.1321 £0.3270 0.0856 0.0727 0.1245
L1 0.0407 0.0404 0.0391 0.0897 0.0000 0.5305 0.1046 0.1160 0.3715 0.2037 0.1110
L2 0.0694 0.0765 0.1318 0.0396 0.0000 0.0561 0.0498 0.0753 0.0501 0.0488 0.0498
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Table C.1 {Continue) | AE result of temperaiure of lsobutane

PV

V22

V31 V32 QC1 Qcz QC3 QR1 QR2 QR3 WKCOMP QCOND
Lko 0.0514 0.0483 0.0496 0.1158 0.0000 0.1466 0.1332 01833 0.1385 0.1066 0.1444
Lik 0.0595 0.0827 0.0592 0.0831 0.0000 0.1618 0.1106 0.0953 01278 0.1406 0.1084
tot1 0.1488 0.1482 0.1173 0.1148 0.00C0 0.02%6 0.1306 0.1535 0.1023 0.1032 0.1282
tot2 0.0781 0.0744 0.0678 0.0998 0.0000 0.1728 0.1179 0.0884 0.1486 0.1480 01171
otal 0.0656 0.0728 0.1246 0.0805 0.0000 01420 0.0975 0.1011 01117 0.1233 0.0848
SatC4 0.0585 0.0627 0.0582 0.0000 0.00C0 0.0000 0.0000 0.0000 0.0000 0.0000 0.0594
plout 0.0000 0.0000 0.0000 0.0603 0.0000 0.0938 0.0692 0.0713 0.0851 0.0835 0.0698
p2out 0.0701 0.0683 0.0579 0.0925 0.0000 01816 0.1100 0.0958 0.1255 0.1405 0.1073
p3out 0.0798 0.0781 0.0655 0.1206 0.0000 0.1515 0.1394 0.1625 0.1431 0.1314 0.1502
viout 0.0514 0.0493 0.0496 0.1154 0.0000 0.0684 0.1372 0.3402 0.0693 0.07/9 0.128G
v2out 0.0668 0.0652 0.0556 0.0002 0.0003 0.0003 0.0004 0.0000 0.0007 0.0010 0.0007
v3out 0.0744 0.0730 0.0617 0.0916 0.0531 0.0678 0.0919 0.0696 0.0764 0.0723 0.0635
vdout 0.0701 0.0683 0.0578 0.0907 0.0528 0.0673 0.0209 0.0691 0.0757 D.0717 0.0633
vhout 0.0615 0.0007 0.0002 0.0899 0.0524 0.0668 0.0898 0.0685 0.0750 0.0711 0.0630
v/out 0.0656 0.0727 0.1245 0.0897 0.0521 0.0663 0.0887 0.0679 0.0742 0.0705 0.0628




Table C.1 (Continue} | AE resuit of temperature of Isobutane

PV V22 V31 V32 QCT Qc2 QC3 QR QR2 QR3 WKCOMP ¢+ QCOND
viTout 0.0501 0.0485 0.0499 0.0877 0.0513 0.0652 0.0864 0.0656 0.0726 0.0692 0.0624
viZout 0.0796 0.0779 0.0654 0.0871 0.0509 0.0647 0.0852 0.0660 0.0717 0.0685 0.0622
v2Tout 0.1385 0.1066 0.1444 0.0000 0.0000 0.0000 0.0000 0.0000 0.0060 0.0000 0.0000
v220ut 0.1279 0.1406 0.1084 0.0857 (.0501 0.0635 0.0829 0.0647 0.0701 0.0671 0.0618
v3iout 0.1023 0.1032 0.1282 0.0850 0.0487 0.0630 0.0817 0.0640 0.0692 0.0664 0.0616
v3Z2out 0.1485 0.1480 0.1171 0.0843 0.0493 0.0624 0.0805 0.0633 0.0684 0.0857 0.0614

vap 01117 0.1233 0.0948 0.0837 0.04588 0.0618 0.0793 0.0626 0.0675 0.0650 0.0812
Va2 0.0000 0.0000 0.0594 0.0830 0.0485 0.0612 0.0780 0.0619 0.0666 0.0843 0.0610
vap3 0.0851 0.0835 0.0697 0.0824 0.0480 0.0607 0.0768 0.0612 0.0857 0.06386 0.0608
vaptot 0.1255 0.1405 0.1073 0.0818 0.0477 0.0601 0.0756 0.0605 0.0648 0.0629 0.080¢6

vtk 0.1431 0.1214 0.1502 0.083& 0.0491 0.0616 0.07e4 0.0618 0.0659 0.0643 0.0604

L3 01771 0.1561 0.1307 0.0570 0.0000 0.0869 0.0652 0.0682 0.0796 0.077% 0.0654
vBout 0.3715 0.3037 0.1110 0.0885 D.0517 0.0657 0.0875 0.0673 0.0734 0.0688 0.0826

L1




Table C.2 1AE result of Molar flow of Isobutane

Py

Al

V2

V4

V5 V7 V8 V9 V11 V12 Vid

BB1 0.0584 0.0285 0.C0G0 0.C00C 0.0000 0.0000 (.0000 {.0000 0.0000 0.0000 0.0000
BB2 G.0450 0.0354 0.6000 0.0000 0.0000 0.0000 0.0000C 0.0000 0.0000 0.0000 0.0000
B1 0.0155 0.0160 0.0447 0.0z282 0.0218 0.0562 0.0260 0.0281 0.0288 0.0538 (.0288
B2 0.0584 0.0561 0.0651 0.0618 0.0658 0.1431 0.0626 0.0816 0.0621 0.0548 0.0821
B3 0.0134 0.0138 0.0338 0.0256 0.0240 0.0460 0.0245 0.0274 0.0265 0.0388 0.0265
D1 0.0732 0.0677 0.1159 0.0740 0.0667 0.0185 0.0288 0.0421 0.0776 0.1344 0.0776
Dz 0.0007 0.0008 0.0008 0.0avs 0.0091 0.0144 0.0089 0.0131 0.0079 0.0060 0.0079
L3 0.0020 0.0C021 0.0173 0.0093 0.0081 0.0103 0.0045 0.0062 0.0088 0.0218 0.0088%
disch 0.2341 0.2954 0.6025 0.4552 0.4346 0.1815 1.2934 0.3541 0.4813 0.5823 0.4813
dondout 0.1337 0.3063 1.0000 (.8082 0.7361 0.4246 0.58732 0.6611 0.7423 0.8408 0.7423
hxcount 0.1153 0.0585 0.7358 0.6098 0.5855 0.3497 0.4484 0.5211 06176 0.7556 0.8176
hxhin 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 (.00C0 0.0000 0.0000 0.0000 0.0000
hxhout 0.0531 0.034% 0.1536 0.1077 0.1016 0.1466 0.0729 0.0925 0.1090 0.1604 0.1080
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Table C.2 (Continue) 1AE result of Molar flow of Isobutane

Py

Al

V2 V3 V4 V5 V7 V8 Ve V11 V12 V14
L1 0.1153 0.0574 0.7123 0.5885 0.5657 0.3483 0.4406 0.5101 0.5955 0.7326 0.5855
Lz 0.0550 0.0373 0.2084 01377 0.1164 0.1456 0.075¢ 0.0943 0.1345 0.2332 0.1345
L3 0.0552 0.0376 0.2049 0.1359 0.1152 0.14490 0.0748 0.0879 0.1322 0.2278 0.1322
Lko 0.0210 0.0000 0.1810 0.1330 0.1286 0.1374 0.0937 0.1175 0.1349 0.1840 0.1348
Lk 0.0218 0.0115 01773 0.1319 0.1272 0.1366 0.0924 0.1185 0.1360 0.1833 0.1360
tot1 0.1153 0.0585 0.7256 0.6026 0.5855 0.3497 (.4484 0.5211 0.8176 (0.7556 3.6178
tot2 0.07¢2 0.0677 0.1159 0.0740 0.0667 0.0195 0.0288 0.0421 0.0778 0.1344 0.0775
total 0.1983 0.0345 0.1536 01077 0.1016 0.14866 0.0758 0.0925 0.1080 0.1604 0.10%90
SatC4 0.0218 0.0115 01773 0.1319 01272 0.1366 0.0924 0.1165 0.1360 0.1832 0.1360
plout 0.0035 0.0038 0.0145 0.0143 0.0140 0.0173 0.0113 0.0138 0.0146 0.0152 0.0148
p2out 0.0232 0.0185 01773 0.1318 01272 0.1366 0.0824 0.1165 0.1360 0.1833 0.1360
p3out 0.2531 | 0.3181 0.6025 0.4552 0.4346 0.1815 0.2934 0.3541 0.4613 0.5823 0.4513
viout 0.0212 0.0118 0.1810 0.1330 0.1286 0.1374 0.0937 0.1175 0.1348 (.1840 0.13489
vZout .0384 0.0295 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
v3aout 0.0450 0.0354 £.0000 0.0000 0.0000 £.0000 0.000C (.0000 0.0000 0.0000 £.0000
vaout 0.0219 0.0115 01773 0.1319 0.1272 0.1366 0.0824 0.1165 0.1360 0.0000 0.1380
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Table C.2 {Continue) [AE result of Molar flow of Iscbutane

PV V1 V2 V3 V4 V5 V7 V3 VS Vil V12 V14
vhout 0.0035 0.0036 0.0145 0.0143 (.0140 0.0173 0.0113 0.0138 0.0146 0.0152 0.0146
viout 0.0531 0.0345 0.1536 0.1077 0.10186 .1466 0.0758 0.0925 0.1080 0.1604 0.1090
vBout 0.0277 0.0423 (.0441 0.0262 0.0218 0.0562 0.0260 0.0281 0.0288 0.0538 0.0288
v1tout 0.0584 0.0561 0.0861 0.0618 0.0656 0.1431 0.0696 0.0816 0.0621 0.0548 0.0821
v1Zout 0.2341 0.2954 0.6025 0.4552 0.4346 0.1815 0.2934 0.3541 0.4513 0.5823 0.4813
vZ2 out 0.1242 0.1923 0.3353 0.2694 0.2535 0.1514 0.1982 0.2302 02688 0.5487 0.2668
v2Zout 0.1337 0.3063 1.0000 0.8082 0.7361 0.4246 05873 0.6611 0.7423 (.8408 0.7423
v31lout 0.0404 0.0572 0.1230 0.1166 C.11417 0.0680 0.1015 0.1014 0.1159 0.1288 0.1159
v320ut 0.1153 0.0585 0.4613 0.6086 0.5855 (0.3497 0.4484 0.5211 0.4813 0.7556 0.4813
vap 0.0036 0.0261 0.0027 0.0018 0.0015 0.0008 0.0013 0.0014 0.0017 0.0022 0.00%7
vap? 0.1242 0.1923 0.3353 0.0474 0.0026 0.0468 0.0372 0.2302 0.0473 0.0558 0.0473
vap3 0.0404 0.0572 0.1230 0.1186 01117 0.0680 0.1015 01014 0.1159 0.1288 0.1159
vaptot 0.0036 0.0261 0.0021 6.0018 0.0016 0.0008 0.0013 0.0014 0.0017 0.0022 0.0017

vik 0.0552 0.03786 0.204% 0.1359 0.1152 0.1490 0.0748 0.0879 0.1322 0.2278 0.1322
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Table C.2 (Continue) IAE result of Molar flow of Isobutane

Y

V22 V31 V32 Qc1 Qc2 QC3 QR1 QR2 QR3 WKCOMP GCOND

BBE1 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
BB2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
B1 0.0277 0.0423 0.0363 0.0281 0.02e0 0.0281 0.0288 0.0538 0.0000 0.0277 0.0423
B2 0.0822 0.0560 0.0558 0.0816 0.0696 0.0816 0.0621 0.0548 0.0000 D.0822 0.0560
B3 0.0270 0.0323 0.0297 .0274 0.0245 0.0274 0.0265 0.0388 0.0000 0.0270 0.0323
01 0.0417 0.0922 0.0034 0.0421 0.0288 0.0421 0.0776 0.1344 0.0000 0.0417 0.0898
D2 0.0130 0.0058 0.0062 0.0131 0.008% 2.0131 0.007¢ 0.0060 0.0000 0.0130 0.0058
D3 0.0059 0.01586 0.0131 0.0062 0.0045 0.0062 0.0099 0.0218 0.00C0 0.0058 0.0156
disch 0.3752 0.5134 0.4711 0.3541 0.2934 0.3541 0.4613 0.5823 0.0000 0.3729 0.5134
dendout 0.6680 0.8137 0.8296 (0.6611 0.5973 0.6611 0.7423 0.9408 0.0000 0.6680 0.8137
nxcount 0.5096 0.6846 0.6543 0.5211 0.4484 0.5211 06176 0.7556 0.0000 0.5096 0.6846
hxhin .0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.C000 0.C00C 0.0000 0.0000
hxhout 0.0833 0.1288 0.1208 0.0025 0.0759 0.0925 0.1090 0.1604 0.6000 0.0833 0.1288
L1 0.4880 0.6622 0.6321 0.5101 0.4406 0.5101 0.5955 0.7326 0.0000 0.4930 0.6622
L2 0.0839 0.1808 0.1663 0.0843 0.078¢ 0.0843 0.1345 0.2332 0.0000 0.0839 0.1908
L3 0.0913 0.1877 0.1644 0.0879 0.0748 0.0879 0.1322 02278 0.0000 0.091¢9 0.1877
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Table C.2 (Continue) 1AE result of Molar flow of Isobutane

PV

V22

V31 V32 Qct Qc2 QC3 QR1 QR2 QR3 WKCOMP QCOND

Lko 0.1152 0.1547 0.1480 0.1175 0.0937 0.1175 0.1349 0.1840 0.0000 0.1152 0.1547
Ltk 0.1143 0.1558 0.1470 0.1165 0.0924 0.1165 0.1360 0.1833 0.0000 0.1143 0.1558
ot 0.6086 0.6e48 0.6543 0.5211 0.4484 0.5211 0.6176 0.7556 0.0000 0.5096 0.6846
tot2 0.0417 0.08882 0.0934 0.0421 0.0288 0.0421 0.0776 0.1344 0.0000 0.0417 0.0889
total 0.0933 0.1288 0.1206 0.0825 0.0759 0.0825 0.1080 0.1604 0.00C0 0.0833 0.1288
SatC4 0.1143 0.1558 0.1470 0.1185 0.0824 011865 0.1360 0.1833 {.00C0 0.1143 0.1558
plout 0.0137 0.0152 0.0149 0.0138 0.0113 0.0138 0.0146 0.0152 0.0000 0.0137 0.0152
p2out 0.1143 0.1558 0.1470 (0.1165 0.0924 01165 0.1380 0.1833 0.0000 0.1143 0.1558
p3out 0.3798 0.5134 0.4711 0.3541 0.2934 0.3541 0.4813 0.5823 0.0000 0.3799 0.5134
viout 0.1182 0.1547 0.1480 01175 0.0937 0.1175 0.1349 0.1840 0.0000 0.1152 0.1547
v2out 0.0000 0.0000 0.0000 0.0000 0.0000 (.0000 0.0000 0.0000 0.0000 0.0000 0.0000
v3out 0.0600 ¢.0000C 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
vdout 0.1143 0.1558 0.1470 01185 0.0924 0.1165 0.1360 0.0000 0.0000 0.1143 G.1558
vhout 0.0137 0.0152 0.0149 0.0138 0.0113 0.0138 0.0146 0.0152 0.0000 0.0137 0.0152
v7out 0.0933 0.1288 0.1206 0.0825 0.075¢ 0.0825 0.1080 0.1604 0.0000 0.0933 0.1288
vBout 0.0277 0.0423 0.0363 0.0281 0.0260 0.0281 0.0288 0.0538 0.0000 0.0277 0.0423

g




Table C.2 (Continue) TAE result of Molar flow of Isobutane

PV

V22

V31 V32 Qci QCc? QC3 QR1 QRZ QR3 WKCOMP | QCOND

vitout 0.0822 0.0560 0.0558 0.0816 0.0686 0.0816 0.0621 0.0548 £.0000 (.0822 0.0560
vizZout 0.3789 0.5134 04711 0.3541 0.2934 0.3541 0.4613 0.5823 0.0000 0.3799 0.5134
vZ2lou 0.2173 0.3115 0.0131 £.2302 0.1959 0.2302 0.2668 0.3487 0.0000 0.2173 0.3115
vZ2Zout 0.6680 0.8137 0.8256 0.6611 0.5973 0.66811 0.7423 0.9408 0.000C 0.6680 0.8137
v3lout 0.1033 0.1268 0.1216 0.1014 0.1015 0.1014 0.1159 0.1288 0.0000 0.1033 0.1268
v32out 0.5086 0.6846 0.6543 0.5211 0.4484 0.5211 0.4613 0.7556 0.0000 0.5086 0.6846
vap 0.0014 0.0019 0.0018 0.0014 0.0013 D.0014 0.0017 0.0022 {.0000 0.0014 0.0018

vap2 0.0425 0.0515 0.0502 0.2302 0.0372 0.2302 0.0473 0.0558 0.0000 0.0425 0.0515

vap3 0.1033 0.1268 0.1216 0.1014 01015 0.1014 0.1159 0.1288 0.0000 0.1033 0.1286

vaptol 0.0014 0.0019 0.6019 0.0014 0.0013 0.0014 0.0017 0.0022 0.0000 0.0014 0.001G
vik 0.0818 01877 0.1644 0.08789 0.0748 0.0879 0.1322 0.2278 0.0000 0.0919 0.1877
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Table C.3 IAE result of DIB Column

V1

V2

Tray V4 V5 V7 Vg Va V11 V2 Vi4
(50_MainTS) | 0.0334 0.0121 0.0922 D.ce8Y 0.0679 0.0621 0.0907 0.0528 0.0673 0.0209 0.0502
(49 Main TS) | 0.0334 0.0121 0.0822 0.0887 0.0679 (.0681 0.6807 0.0528 0.0673 0.0809 0.0802
{48__Main TS) | 0.0337 0.0120 0.0912 0.0661 0.0673 0.0685 0.0899 0.0524 0.0668 0.0898 0.0898
(47__Main TS) | 0.0338 0.0120 0.0901 0.0675 0.0668 0.0679 0.0892 0.0520 0.0663 0.0887 0.0887
{46__Main TS) | 0.033% 0.0120 0.0881 0.0668 0.0662 0.0873 0.0885 0.0517 0.0857 0.0875 0.0875
{45__Main T8} | 0.0340 0.0119 0.0880 0.0662 0.0658 0.0e566 0.0877 0.0513 0.0652 0.C884 00864
(44__Main TS) | 0.0341 0.0119 0.0870 0.0658 0.0650 0.0660 0.0870 0.0509 0.0647 0.0852 0.0852
{(43_Main TS) | 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
(42_Main TS) | 0.0343 0.0115 0.0848 0.0642 0.0637 0.0647 0.0857 0.0501 0.0635 0.0829 0.0828
(41 _MainTS) | 0.0344 0.0117 0.0837 0.0636 0.0631 0.0640 0.0850 0.0497 0.0630 0.0817 0.0817
(40 _Main TS} | 0.0345 0.0117 0.0826 0.062¢ 0.0625 0.0633 0.0843 (.0493 (.0624 0.0805 0.0805
(39_Main TS) | 0.0348 0.0116 0.0815 0.0622 0.0618 0.0626 0.0837 0.048¢ 0.0818 0.0793 0.07¢3
(38__Main T8) | 0.0347 0.0116 0.0804 0.0615 0.0611 0.0618 0.0830 0.0485 0.0612 0.0780 0.0780
(37_Main TS} | 0.0347 0.0115 0.0793 0.0608 0.0605 0.0612 D.0g24 0.0480 0.0606 0.0768 0.0768
(36_ MainT8) | 0.0347 0.0115 0.0782 0.0801 0.0599 0.0605 0.0818 0.0476 0.0601 0.0756 0.0756
{35 _Main TS} | 0.03086 0.0116 0.0782 0.0614 0.0612 0.0618 0.0839 0.0491 0.0618 0.0764 0.0764
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Table C.3 (Continua) 1AE result of DIB Column

Vi

Tray VZ V3 V4 V5 V7 V8 V9 V11 V12 V14
{34__Main TS) § 0.0314 | 0.0117 0.0766 0.0601 0.0802 0.0605 0.0835 0.0487 0.0809 0.0731 0.0731
(33__MainTS)  0.0322 | 0.0117 0.0735 0.0585 0.0588 0.0589 0.0833 0.0483 0.0601 0.0692 (.0692
(32_Main TS} | 0.0330 | 0.0119 0.0698 0.0566 0.0572 0.0677 0.0831 0.0477 0.0581 0.0649 0.0645
(31_MainTS) | 0.0337 | C.0120 0.0858 0.0544 0.0554 0.0549 0.0830 0.0471 0.0580 0.0601 0.0601
{30__Main TS) | 0.0346 | 0.0121 0.0615 0.0520 0.0533 0.0525 0.0821 0.0464 0.0567 0.0551 0.0551
(29__Main TS} | 00354, 0.0123 0.0570 0.0424 0.0511 0.0499 0.0833 0.0457 0.0554 0.0500 0.0500
(28_MainTS) | 0.0363 ] 00125 0.052% 0.0487 0.0488 0.0473 0.0837 0.0450 0.0540 0.0451 0.0451
(27__Main T8} | 0.0371 0.0128 0.0483 0.0441 0.0466 0.0447 0.0843 0.0443 0.0527 0.0405 0.0405
(26__MainT3) ]0.0380 1 0.0131 0.0445 0.0416 0.0445 0.0423 0.0851 0.0438 0.0514 0.0366 0.0366
(25 _MainTS) | 0.0380 | 0.0134 0.0400 0.0389 0.0422 0.0386 0.0865 0.0433 0.6501 0.031% 0.0318
(24 _MainTS) | 00398 00138 0.0363 0.0386 0.0402 0.0373 0.0884 0.0430 0.0491 0.0282 0.0282
(23_MainTS) | 0.0408 | 0.0 0.0334 0.0347 0.0386 0.0355 0.0907 0.0429 0.0484 0.0254 0.0254
(22_MainTS) [ 0.0416 1 0.0143 0.0315 0.0336 0.0376 0.0343 0.0934 0.0432 0.0481 0.0238 0.0235
(21_MainTS) | 0.0422 | 0.0145 0.0307 0.0331 0.0374 0.0340 0.0864 0.0438 0.0483 0.0243 0.0243
(20_Main TSy | 0.0428 | 0.0146 0.0311 0.0336 0.0378 0.0344 0.0897 0.0448 0.0481 0.0257 0.0257
(19_Main TS) | 0.0428 | 0.0145 €.0326 0.0347 0.0380 0.0356 0.1031 0.0461 0.0503 0.C276 0.0278
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Table C.3 (Continue)} tAE rasult of DIB Column

Tray Vi Ve V3 V4 V5 V7 V8 Vg V11 V12 V14
{(18__Main TS} | 0.0428 0.0143 0.0352 0.0366 0.0407 0.0375 0.1064 0.0478 0.0520 0.0302 0.0302
(17 _Main TS) | 0.0426 0.0141 0.0386 0.0320 0.0430 0.0399 0.1093 0.0482 0.0539 0.0338 (.0336
{(16_MainTS) | 0.0423 0.0138 0.0426 0.0418 0.0454 0.0426 0.1115 0.0506 (0.0558 0.0382 0.0382
(15_Main73) | 0.04719 0.0135 0.0470 0.0446 0.0479 0.0434 0.1128 0.0518 0.0576 0.0431 0.0431
(14_Main TSy | 0.0414 0.0132 0.0515 0.0473 0.0503 0.0481 0.1131 0.0527 0.0581 0.0481 0.0481
(13_Main TS) | 0.0409 0.0128 0.0557 0.0498 0.0523 0.0505 0.1123 0.0537 0.0602 (.0525 0.0522
(12__Main TS) | 0.0405 0.0126 0.0597 0.0520 0.0541 0.0526 0.1104 0.0531 0.0609 0.0573 0.0573
(11_MainTS) | 0.0401 0.0123 0.0632 0.0538 0.0554 0.0544 0.1078 0.0528 0.0612 0.0612 0.0812
(10_Main TS} | 0.0398 0.0121 0.0882 0.05852 0.0564 0.0657 0.1041 0.0522 0.0612 0.0648 0.0646
(9. MainTS) 0.0386 0.0119 0.0688 0.0563 0.0572 0.0568 0.1002 0.0514 0.060¢ 0.0675 0.0875

(8_MainTS) | 0.03%4 0.0117 0.0709 0.0571 0.0576 0.0576 0.09861 0.0506 0.0605 0.0899 0.0688
(7 _MainTS) 0.0382 0.0116 0.0726 0.0578 0.0580 0.0582 0.0820 0.0497 0.0600 0.0718 0.0719
(6__MainTS) 0.0391 0.0115 0.0739 0.0582 0.0581 0.0586 0.0881 0.0489 0.0584 0.0735 0.0735
(5_MainTS) | 0.0391 0.0114 0.0750 0.0585 0.0582 0.0589 0.0845 0.0481 0.0588 0.0747 0.0747
(4__Main TS) 0.0391 00113 0.0758 0.0587 0.0582 0.0580 0.0813 0.0474 0.0583 0.0756 0.0756
(3_Main TS) 0.0388 0.0112 0.0761 0.0587 0.0581 0.05¢1 0.0783 0.0467 0.0577 0.0723 0.0723
(2__Main TS) 0.0516 0.0115 0.0693 0.0569 0.0565 0.0573 0.0697 0.0443 0.0551 0.0820 0.0820
(1..MainTS) | 01534 0.0179 0.0851 0.0367 0.0373 0.036¢ 0.1111 0.0547 0.0597 0.2385 0.2385
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Table C.3 (Continue) [AE result of DIB Celumn

Tray V22 V31 V3z2 QC1 Qcz QC3 QR QARZ QR3 WKCOMP QCOND
(50__Main TS} 0.0757 0.0717 0.0633 00775 0.0738 0.0745 0.0861 0.0582 0.0727 0.0963 0.0963
{49_ Main TS) 0.0757 0.0717 0.0833 0.0775 0.07328 0.0745 0.0861 0.0582 0.0727 0.0883 0.0963
{48__Main TS) 0.0749 0.0711 0.0630 g.0767 0.0732 0.0739 0.0953 0.0578 0.0722 0.0952 0.0952
(47 _Main TS) 0.0742 0.0705 0.0628 0.0758 0.0724 0.0733 0.0946 0.0575 0.0717 0.0941 C.0841
(46__Main TS) 0.0734 0.0688 0.0626 0.0750 0.0717 0.0727 0.0939 0.0671 0.0712 0.0930 0.0830
(45__Main TS} 0.0726 0.0681 0.0624 0.0742 0.070¢ 0.0721 0.0932 0.0567 0.0706 0.0818 0.0918
(44__Main 7S) 0.0717 0.0685 0.08622 0.0733 .0702 0.0714 0.0825 0.0584 0.0701 0.0906 0.0808
{43_Main TS) 0.0000 0.0000 0.0000 0.0000 0.0c00 0.0054 0.00%4 0.0054 0.0054 0.0054 £.0054
(42_Main TS) 0.0701 0.0671 0.0617 0.0716 0.0686 0.0701 0.0811 0.0556 0.0680 0.0883 0.0883
{41_Main TS) 0.0682 0.0684 0.0615 0.0707 0.0678 0.0684 0.0204 0.0551 0.0684 0.0871 0.0871
{40__Main T3) 0.0684 0.0657 0.0614 0.0698 0.0670 0.0688 0.0898 0.0547 0.0678 0.0859 0.0859
(39_MainTS) 0.0675 0.0650 0.0612 0.05689 0.0662 0.0681 0.0891 0.0543 0.0673 0.0847 0.0847
{38__Main TS) 0.0666 0.0643 0.0610 0.0e7¢ 0.0853 0.0874 0.0884 0.053¢ 0.0667 0.0835 0.0835
{37 _Main TS} 0.0657 0.0636 0.0e08 0.0670 0.0644 0.0666 0.0878 0.0534 0.0661 0.0822 0.0822
{36__Main TS) 0.0648 0.0629 0.0606 0.06861 0.0637 0.0680 0.0873 0.0531 0.0858 0.0811 0.0811
{35__Main TS) 0.0859 0.0643 0.6604 0.0672 0.0648 0.0672 0.0883 0.0546 0.0671 0.0818 0.0818
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Table C.3 (Continue) 1AE result of DIB Column

V22

Tray V31 V32 QC1 Qcz QC3 QR1 QR2 QR3 WKCOMP QCOND
(34__Main TS) 0.0638 0.0630 0.0603 0.08489 0.0830 0.0660 0.0880 0.0542 0.0664 0.0785 0.0785
{33_MainTS) 0.0613 0.0614 0.0602 0.0823 0.0607 0.0844 0.ce87 0.0537 0.0655 0.0747 0.0747
(32_Main T3} 0.0564 0.0585 0.0600 0.05682 (0.0587 0.0625 0.0885 0.0531 0.0645 0.0703 0.0705
(31__Main T3) 0.0551 0.0574 0.0589 0.0557 0.0551 0.0603 0.0884 0.0525 0.0634 0.0655 0.0655
{30_Main 1S8) 0.0515 0.0550C 0.0598 0.0519 0.0518 0.0579 0.0885 0.0518 0.0821 0.0605 0.0605
(29 Main TS) 0.0478 0.0524 0.0587 0.0481 0.0483 0.0553 0.0887 0.0511 .0808 0.0554 0.0554
(28_MainTS) 0.0440 0.0498 (.0586 0.0442 0.0448 0.0527 0.0891 0.0504 0.0594 0.0505 0.0505
(27_Main TS) 0.0404 0.0472 0.0595 0.0405 0.0415 0.0501 0.0827 0.0498 0.0581 0.045% 0.0459
(26__Main TS) 0.0372 0.0448 0.0594 0.0373 0.0384 0.0477 0.0805 0.0492 0.0568 0.0420 0.042¢
(25_Main 1S} 0.0335 0.0421 0.0593 0.0335 0.0348 0.0450 (.0920 0.0487 0.0556 0.0374 0.0374
{24 __Main 1S) 0.0303 0.0388 0.0592 0.0304 0.0319 0.0427 0.0938 0.0484 0.0545 0.0336 0.0336
(23_Mzain TS) 0.0279 0.0380 0.0591 0.0280 0.6297 0.0409 0.0961 0.0483 0.0538 0.0308 0.0309
{22__Main TS) 0.0264 0.0368 0.05680 0.0266 0.0282 0.0398 0.0988 0.0486 0.0535 0.0293 0.0293
(21__Main TS) 0.0259 0.0364 0.0589 0.0262 0.0277 0.0394 0.1018 0.0493 0.0538 0.0287 0.0297
(20 Main TS) 0.0z64 0.0368 0.0588 0.0269 0.0261 £.0398 0.1052 0.0502 0.0545 0.0311 0.0311
(19__Main T8) 0.0279 0.0379 0.0587 0.0286 0.0295 0.0410 0.1086 0.0515 0.0558 0.0331 0.0331
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Table C.3 (Continue) tAE result of DIB Column

Tray Vez V31 V3z QCH Qcz QC3 QR1 QR2 QR3 WKCOMP | QCOND
{(18__Main TS) | 0.0303 0.0398 0.0586 0.0311 C.0318 0.0429 01118 0.0530 0.0574 0.0357 0.0357
{(17_Main TS} | 0.0335 0.0422 0.0586 0.0344 0.0347 0.0453 0.1147 0.0546 0.0583 0.0320 0.0380
(16__Main TS) 0.0370 0.0449 0.0585 0.0380 0.0381 0.0481 0.1170 0.0561 0.0812 0.0436 0.0436
{(15_Main TS} 0.0408 0.0477 0.0584 0.0418 0D.0416 0.0508 0.1183 0.0573 0.0830 0.0486 0.0486
{(14_Main TS} | 0.0448 0.0503 0.0583 0.0458 0.0451 0.0535 0.1185 0.0581 0.0645 0.0535 0.0535
{(13_Main TS} | 0.0482 0.0527 0.0582 0.0424 0.0484 0.0580 01177 0.0585 0.0656 0.0583 0.0583
(12__Main TSy | 0.0515 0.0548 0.0582 0.0527 0.0514 0.0581 0.1158 0.0585 0.0663 0.0627 0.0827
{(11_Main TS) | 0.0543 0.0565 0.0581 0.0556 0.0540 0.05286 0.1130 0.0582 0.0666 0.0668 0.0666
(10_Main TS) 0.0567 0.0579 0.0580 0.0581 0.0562 0.0812 0.1095 0.0576 0.0666 0.0701 6.0701
{9_Main T5) 0.0587 0.0589 0.0579 0.0601 0.0580 0.0622 0.1056 0.0569 0.0683 0.0722 0.0729
(8 _Main TS} 0.0804 0.0597 0.057¢ 0.0618 0.0595 0.0630 0.1015 0.0560 0.065% 0.0754 0.0754
(7__Main 78) 0.0617 0.0803 0.0578 0.0631 0.0806 0.0636 0.0274 0.0052 0.0854 0.0773 0.0773
{(6__Main TS) 0.0627 0.0608 0.0577 0.0642 0.0615 0.0840 0.0935 0.0543 0.0648 0.0789 0.0789
{5__Main 7S) 0.0635 0.0808 0.0577 0.0650 0.0622 0.0643 0.0800 0.0535 0.0842 0.0802 0.0802
{4__MainTS) 0.0642 0.0810 0.0576 0.0656 0.0627 0.0645 0.0867 0.0528 0.0837 0.0810 0.0810

(3_MainTS) 0.0644 0.0811 0.0576 0.0658 0.0629 0.0645 0.0837 0.0521 0.0831 0.0778 0.0778
(2__MainTS) 0.0586 0.0584 0.0575 0.0577 0.0590 0.0627 0.0751 0.0497 0.0605 0.0875 0.0875
(1. MainTS) 0.0759 0.0376 0.0575 0.0837 0.0587 0.0423 0.1165 0.0801 0.0682 0.243¢ 0.2438
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Table C.4 |AE result of DP Column

V1

Tray V2 V3 V4 V5 V7 V8 V9 V11 V12 V14
(30_Main T7S) 0.0399 0.0461 0.1062 0.1026 0.1081 0.1037 0.204% 0.1139 0.1308 0.0891 0.0891
(29__MannTS) 0.0396 0.0538 0.1248 0.1221 01277 0.1233 0.2244 0.1343 0.1513 0.1076 01076
(28__Main TS} 0.0397 0.0808 01563 0.1541 0.1598 0.1583 0.2567 0.1668 03.1848 0.1380 .1380
(27 __Main TS) 0.0405 0.0641 0.2037 0.2008 0.2068 0.2021 0.3041 0.2118 0.2333 0.1823 0.1823
(26__Main TS) 0.0418 0.0621 0.2649 0.2580 0.2647 0.2585 0.3630 0.2632 0.2924 0.2358 0.2358
{25_ Main TS) 0.042¢ 0.0565 0.3289 0.3132 03273 0.3151 0.4217 0.3082 0.3496 0.2848 0.284%
{24__MainTS) 0.0431 0.0503 0.3800 0.3521 0.3624 0.3543 0.4665 0.3349 0.3915 0.3128 0.3126
(23_Main TS) 0.6000 0.0000 0.0000 (3.00C0 0.0C80 0.0000 0.0000 0.6000 0.0000 0.0000 0.0000
(22__Main TS) 0.0422 0.0418 0.4088 0.3550 0.3748 0.3502 0.4960 0.3252 0.4131 02773 0.2773
{21__Main TS) 0.0418 0.0385 0.3884 0.3245 0.3516 0.3301 (0.4883 0.2978 0.4001 0.2296 0.2296
{20__Main TS} 0.0416 0.0382 0.3512 0.2807 0.3157 0.2877 04736 0.2628 0.3780 0.1803 0.1805
{19_Main TS) 0.0415 0.0374 0.3034 0.2315 0.2716 0.2391 0.4557 0.2245 0.3496 0.1382 0.1392
(18__Main TS} 0.0415 0.0369 0.2514 (.1851 0.2249 0.1922 0.4368 0.1878 0.3162 0.1096 0.1096
(17__Main TS) 0.0416 0.0363 0.1610 0.1211 0.1475 01254 0.3960 0.1330 0.2379 0.0784 0.0784
{16__MainTS) 0.0415 0.0365 0.2022 0.1476 0.1819 0.1535 0.4177 0.1563 0.2783 0.0903 (.0903
(15__Main T3) 0.0417 0.0362 0.1304 0.1040 0.1233 0.1071 0.3760 0.1175 0.1993 0.0715 0.0715
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Table C.4 (Continug) 1AE result of DP Column

Tray V1 V2 V3 V4 \%] V7 V8 V9 V11 V12 V14
(14__MainTS) | 00418 | 0.0360 0.1098 0.0936 0.1077 0.085¢ 0.3483 0.1080 G.1671 0.0675 0.0875
(13_Main TS) | 0.0412¢ | 0.0353 0.0969 0.0875 0.0883 0.0892 0.31=28 0.1023 0.1438 0.0651 0.0651
(12_Main TS} | 0.0421 | 0.0358 0.0893 0.0840 0.0928 0.0854 0.2776 0.0991 0.1287 0.0637 0.0637
{(11__MainTS) | 0.0418 | 0.0357 0.0848 0.0819 0.0895 0.0831 0.2420 0.0972 0.1196 0.0628 0.0628
{10_.MainTS) | 0.03671 | 0.0356 0.0807 0.0800 0.0873 0.0812 0.2124 0.0960 0.1142 0.0604 0.0804
(9 _MainTs) 0.0360 | 0.0355 0.0806 0.0799 0.0871 0.081C 0.2141 0.0957 0.1138 0.0604 0.0804
8_MainTS) 0.0358 ) 0.0355 0.0805 0.0798 0.6870 0.0809 0.2127 0.0954 0.1135 0.C603 0.0603

{7__Main T8) 0.0357 § 0.0355 0.0805 0.0797 0.085% 0.0808 02111 0.0957 0.1132 0.0803 0.0803
(6__Main TS} | 0.0355 | 0.0355 0.0805 0.0796 0.0868 0.0808 0.2094 0.0948 0.1129 0.0604 0.0604
(5 _Main TS) 0.0350 | 0.0354 0.0807 0.0796 0.0867 0.0808 0.2075 0.0845 0.1125 0.0608 0.0608
(4__Main TS) 0.0343 | 0.0354 0.0809 0.0797 D.C867 0.0808 0.2052 0.0841 0.1122 0.0612 0.0612
(3_Main TS) 0.0330 | 0.0353 0.05814 0.0798 0.08¢7 0.0810 0.2025 0.0937 01118 0.0618 0.0818
{(2__Main TS) 0.0300 | 0.0352 0.0820 0.0800 0.0868 0.0812 0.1993 0.0933 0.1114 0.0626 0.06286
(1. Main TS} | 0.0330 ] 9.0353 0.0814 0.0798 0.0867 0.0810 0.2025 0.0837 0.1118 0.06818 0.0618

L6




Table C 4 (Continue) IAE result of DP Column

Tray V22 V31 V32 QLT QC2 Qc3 QRA1 QRrRZ QR3 WKCOMP GCOND
(30_ Main TS) 0.0911 0.1088 0.1311 0.0945 {.0000 0.0000 0.0000 0.0000 0.0000 £.0000 0.0911
(29 __Man T8) 0.1101 0.1282 0.1511 0.1144 0.1221 0.1277 0.1233 0.2245 0.1344 0.1514 0.1131
{28__Main TS) 0.1412 01803 0.1839 0.1466 0.1541 0.1589 0.1554 0.2567 0.1668 0.1849 0.1412
(27__Main T3) 0.1862 0.2075 0.2317 0.1919 0.2008 0.2069 0.2022 0.3042 0.2118 0.2334 0.1862
(26 _Main TS) 0.2402 0.2663 0.2801 0.2446 0.2580 0.2648 0.2596 0.3631 0.2632 0.2924 0.2402
(25__Mzin TS) 0.2899 0.3247 0.3474 0.2901 0.3134 0.3214 0.3152 0.4217 0.3082 0.3456 0.2889
{24_Main TS) 0.3194 0.3683 0.3800 0.3132 0.3521 0.3624 0.3543 0.4665 0.335C 0.3876 0.3104
(23_Main T3) 0.0000 0.0000 (.00C0 0.0000 0.0001 0.0001 0.0001 0.0001 0.0007 0.0001 0.0000
(22 _Main TS) 0.2922 0.3868 0.4137 0.2735 0.3551 0.5748 0.3592 0.4960 0.3252 0.4131 0.2922
(21_Main TS) 0.246¢ 0.3865% 0.4015 0.2263 0.3245 0.35617 0.3301 0.4884 0.2979 0.4002 0.246%
(20__Main T5) 01867 0.3217 0.3799 0.1785 0.2808 0.3157 0.2877 0.4738 0.2629 0.3780 0.1967
{18_Main TS) 0.1526 02884 0.3519 0.1392 0.2315 0.2717 0.2382 0.4557 0.2246 0.3497 01526
(18_Main TS) 0.1188 0.2409 0.3192 0.1114 0.1851 0.2250 0.1923 0.4369 0.1876 (3.3163 0.1198
(17__Main I3) 0.0845 0.1575 0.2431 0.0828 0.1211 0.1475 0.1255 0.3980 0.1330 0.2320 (3.0845
{16__Main TS) 0.0980 0.1953 0.2825 (.0936 0.1477 0.181% 0.1535 0.4178 0.1563 0.2784 0.0980
(15__Main T3) 0.0766 0.1300 0.2048 0.0765 0.104¢C 0.1233 01071 0.3761 0.1176 0.1893 0.0766
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Table C.4 (Cominue) |AE result of DP Column

Tray vz2e V31 V32 QC1 Qcz QC3 QR1 QR2 QR3 WKCOMP QCCND
(14__MainTS) | 0.0720 0.1119 0.1718 (0.0728 0.0937 0.1078 0.0959 0.3493 0.1080 0.1671 0.0720
{13_Main TS) | 0.0883 (.1008 0.1476 0.0707 0.0876 0.0883 0.0883 0.3158 0.1024 0.1439 0.0693
(12__Main TS} | 0.0677 0.0943 0.1315 0.0684 0.0840 0.0028 0.0854 0.2777 0.0991 0.1288 0.0877
{11 MainTS} | 0.0667 0.0805 0.1218 0.0686 0.0820 0.0896 0.0832 0.2421 0.0972 0.1196 0.0867
{(10_MainTS) 0.0648 0.0879 0.1160 0.0667 0.0801 0.0873 0.0812 0.2154 0.0360 0.1142 0.0649
(9_MainTS) 0.0648 0.0877 0.1157 0.0666 0.079% 0.0872 0.0811 0.2141 0.0957 0.1139 0.0648
(8__MainTSs) 0.0847 | 0.0876 0.1183 0.0665 0.0798 0.0871 0.0810 0.2127 0.0855 0.1136 0.0647
(7 __MainT3) 0.0647 0.0875 0.1149 0.0665 0.0797 0.0869 {.0809 0.2112 0.0852 0.1133 0.0647
(6__Main T5) 0.0648 | 00874 0.1145 0.0666 0.0797 0.0&6t 0.0808 0.2085 0.0848 0.1129 0.0643
(5_Main TS} 0.0650 0.0873 0.1141 0.0667 0.07g7 0.0867 0.0808 0.2075 0.0845 0.1128 0.0650
(4_MainTS) 0.0852 0.0873 0.1137 0.0670 0.0797 0.0867 0.0809 0.20562 0.0942 0.1122 0.0852
(3_MainTS) 0.0656 | 0.0873 0.1132 0.0674 0.0799 0.0867 0.0810 0.2025 0.0938 0.1119 0.0656
(2__Main TS) 0.0662 0.0874 0.1126 0.0880 0.0801 0.0888 0.0812 0.1883 0.0934 01115 0.0682
{1_MainTS) 0.0656 0.0873 0.1132 0.0674 0.079% 0.0867 0.0810 0.2025 0.0938 01118 0.0656
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Table C.5 IAE result of DB Column

V1

V2

V3

Tray V4 \%s] V7 V8 Vg V11 V12 V14
{15__Main 73) 0.2366 0.1413 0.3459 0.0672 0.3176 0.3302 0.4665 0.3176 0.1413 0.5838 0.3938
{14 _Main TS) 0.2025 0.2241 0.8124 0.0672 0.6299 0.6616 0.2308 0.3811 0.2241 0.8429 0.5425
{13__Main TS} 0.1669 01501 0.2701 0.0672 0.6799 0.7209 0.0707 (.3347 0.1501 1.0000 1.0000
(12_Main TS} 0.1574 0.0828 0.9426 0.0672 0.6315 0.6730 0.0953 0.2855 0.0828 0.2800 0.9800
{11_Main TS) 0.1560 0.0818 0.8779 0.0672 0.5543 0.6015 0.1007 0.2390 0.0618 0.9301 0.8301
{10_Main TS} 0.1564 0.0576 0.8204 0.0672 0.5003 0.5526 0.1014 0.2073 0.0576 0.8235 .8835
{9__Main TS) 0.1572 0.0573 0.7776 0.0672 0.4815 0.5168 0.1015 0.1840 0.0573 (.8651 0.86851

(8__Main T5) 0.0000 0.0000 0.0000 (.0000 0.0000 0.0CC0 0.0000 0.0000 0.0000 0.0000 0.0000
{(7_Main T3) 0.1585 0.0584 0.6306 0.0664 1.3268 0.384¢ 0.1015 0.1286 0.0584 0.7489 0.7488
(6__Main TS} 0.1067 0.1408 0.7386 0.0658 0.3778 0.4488 0.1142 0.1266 0.1408 (.8860 0.8860
(5. Main TS} 0.0433 0.2221 0.7552 0.0850 0.3743 0.4483 0.1078 0.0981 0.2221 0.9017 0.8017
(4 _MainTs) 0.0318 0.0956 0.7508 0.0642 0.3685 0.4436 0.1061 0.0927 0.0956 0.9003 0.9003
{3_ Main TS) 0.0320 0.012¢ 0.7387 0.0632 0.3568 0.4322 0.1061 0.0849 0.0128 0.5895 0.8895
(2_Main T8) 0.0321 0.0103 0.7087 0.0621 0.3313 0.4057 0.1065 0.0748 0.0103 0.8635 0.8635
{1_MainTS) 0.0321 0.0116 0.5743 0.0607 0.2267 0.2905 0.1070 0.0569 D.0116 0.737% 0.7376
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Table C.5 (Continue} IAE result of DB Column

Tray V22 V31 V32 QC1 Qcz QC3 QR1 QR2 OR3 WKCOMP | GCOND
{(15_ManT8) 0.3584 0.3507 0.3573 0.3785 0.1260 0.1109 0.0874 0.0645 0.1322 0.3272 0.3594
{(14_ Main TS) 0.7347 0.6677 0.4821 0.757C 0.1105 0.0579 0.0617 0.0630 0.0608 01077 0.7347
(13_Main TS) 0.8414 0.7126 0.4341 0.8571 0.1342 0.0000 0.C000 0.0000 0.0000 0.0000 08414
(12_Main TS} 0.8020 0.6638 0.3840 0.8217 0.0679 0.0507 0.0642 0.0760 0.0576 0.0643 {8020
(11__Main TS} 0.7478 0.5846 0.3390 0.7692 0.1180 0.0571 0.0732 0.0872 0.0653 0.0681 0.7478
{(10__Main 78} 0.7109 0.5470 0.2975 0.7329 0.0655 0.0395 0.0489 0.0579 0.0494 0.0808 0.710¢
(9_Main T5) 0.6823 0.5119 0.2655 0.7048 0.0594 0.0486 0.0000 0.0722 0.0553 0.0618 0.6823

{8_MainTS) 0.0000 0.G000 0.0000 0.0000 0.0698 0.0537 0.0000 0.0811 0.0612 0.0647 0.6000
{(7_MainTS) 0.5608 0.3799 0.1734 0.5861 0.1071 0.0507 0.0000 0.0000 0.0576 0.0644 0.5608
(6__MainTS) 0.6617 0.4426 0.1833 0.6939 0.1501 0.0001 0.0000 0.0057 0.0002 0.0002 (.6817
(5__Main T5) 0.6683 0.4435 0.1694 0.7018 0.128% 0.1107 0.0000 0.0644 0.1321 0.3270 0.6683
4_MainT9) 0.6657 0.4389 0.1629 0.6997 0.0391 0.0897 0.0000 0.5305 0.1046 0.1180 0.6881
(3_MainT8) 0.6555 0.4277 0.1531 (.6891 0.1318 0.0396 0.0000 0.0561 0.0498 0.0753 0.6555
(2_MainTS) 0.6288 0.4014 0.1372 0.6623 0.1307 0.0570 0.0000 0.0869 0.0652 0.0682 0.6288
(1_Main TS} 0.5020 0.2872 0.0913 0.5372 0.0486 0.1158 0.0000 0.1465 0.1332 0.1633 0.5020
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