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Membrane reactor was one of the multifunctional reactors used to simultaneously
synthesize and purify a desirable chemical product. It could also be used for hydrogen
generation via steam methane reforming reaction. In the conventional membrane reactor,
membrane and catalyst were uniformly distributed along the reactor length. This
configuration could not actually offer optimum performance since membrane area near
the fuel gas entrance was not fully utilized due to low hydrogen partial pressure at the
retentate chamber near the gas entrance. By the reason above, the membrane reactor with
the distribution of membrane allocation and catalyst distribution were proposed to resolve
these issues. In this work, membrane reactor was divided into two sections. Each reactor
section contained different catalyst density and membrane area; however, to standardize
this study, the total amount of catalyst density and membrane area were kept at constant
values. Methane conversion and hydrogen yield were considered as the performance
indicators. The results from this study indicated that, as the hydrogen permeability
through the membrane was low, non-uniform membrane distribution membrane reactor
could offer significantly higher performance compared to uniform distribution membrane
reactor. However, the effect of catalyst packing distribution did not significantly affect

the performance of non-uniform distribution membrane reactor.
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CHAPTER I

INTRODUCTION

Due to the continuous growth in world economic, the global fuel consumption,
especially fossil fuel, has extremely increased. Inversely, amount of global fossil fuel
reservation seems to be decreased due to lower amount of the exploration of the new fuel
sources. Owing to the reasons above, the price of fossil fuel has dramatically raised and
caused the cost of living to increase. Moreover, the use of the fossil fuel, which is not the
renewable source, as the energy source is currently the major cause of the climate change
issue owing to the emission of the large amount of greenhouse gas. Unfortunately,
traditional energy systems (power plants or vehicles) are characterized as low-efficiency
technologies since over 60% of input energy of fossil fuel is lost in these processes [1].
Therefore, to relieve the fuel price crisis and climate change issue, new energy source and
more efficient devices would be developed.

Hydrogen is the important raw material for chemical and petrochemical industry,
such as ammonia process, processing petroleum, reducing process in metallurgy,
hydrogenation of fuels etc.[2] Moreover, Hydrogen is respected as the attractive
alternative fuel because of its higher heating value (14.234 kJ/m®) compared to other
types of fuel [3]. Using fuel cell technology, hydrogen could be used as the feedstock for
the electricity production via the electrochemical reaction with oxygen. This technology

is currently given closely attention due to its high efficiency and environmental friendly.

Unlike fossil fuel, hydrogen cannot be naturally generated and its contents in the
atmosphere (0.07%) and surface of the world (0.14%) are very low. At present, 96% of
global hydrogen production is from the transformation of fossil fuel feedstock, while the
remaining 4% is produced from water splitting process [4, 5]. For the water spitting
process, electricity is used to separate water into hydrogen and oxygen. Even though it is
easy and clean process, its efficiency is very low due to its high electricity consumption.
The widely-used process for hydrogen production is steam methane reforming process.
This process is highly endothermic and becomes favored at high temperatures. This
process could be divided into three sub-processes. Methane is firstly reformed in the fixed
bed reactor at temperature about 973-1173 K to produce hydrogen and carbon monoxide.
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To overcome the limitation of thermodynamic equilibrium; large amount of steam is
required as the reforming agent to achieve desirable methane conversion and avoid
deactivation of the catalyst, because of the coke formation. Suitable steam to carbon ratio
for steam reforming reaction is typically between 2 and 4.1. Secondly, the high and low
temperature water gas shift reactors are equipped to convert carbon monoxide generated
in steam methane reforming reaction to hydrogen to improve hydrogen selectivity.
Finally, pressure swing adsorption is used for carbon dioxide separation from hydrogen
rich-gas product.

As described in the previous paragraph, since the conventional steam methane
reforming process consists of a lot of unit operations, energy loss in the process is also
very high. One of the alternative ways to minimize the energy loss in this process is the
use of membrane reactor. This reactor is equipped with membrane in order to separate
hydrogen from the retentate chamber (reaction zone) in which steam methane reforming
reaction takes place. With this bi-functional operation, thermodynamic limitation can be
overcame and complete methane conversion with extremely high hydrogen purity can

therefore be achieved.

There are two categories of membrane which can be used to separate hydrogen
from reformed gas, i.e. the dense membrane such as Palladium membrane, and the porous
membrane such as ceramic membrane. The advantage of dense membrane is its higher
hydrogen selectivity but the disadvantage is its low hydrogen permeability and high cost.
Inversely, the advantage of porous membrane is its high hydrogen permeability, high
stability under high-temperature and poisoned operation, and low fabricating cost.
However, its hydrogen selectivity is very low. Due to the fact that extremely high purity
of hydrogen with very low carbon monoxide content (lower than 10 ppm) is desired for
the fuel cell application, palladium membrane which can offer high purity hydrogen
production would be the suitable alternative for this application. The conventional
membrane reactor is shell and tube type which the tube is made from membrane. The
heater is equipped around the shell side in order to supply heat for the endothermic steam
methane reforming reaction. Catalyst is uniformly packed inside the tube. The space
inside the tube is called “Retentate chamber”, while the space between shell and tube is

called “Permeation chamber”. With this configuration, the membrane area and catalyst
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cannot be fully utilized. The utilization of catalyst inside the retentate chamber becomes
low as the reaction equilibrium is reached while the membrane is not utilized in the zone
which the hydrogen partial pressure inside the tube is lower than that outside the tube [6].
Moreover, for highly endothermic or exothermic reaction, the hot spot or cold spot
always occurs as the catalyst packing density remains excessively high [1]. Additionally,
in case of courter current operation of membrane reactor, back permeation of hydrogen
can occur near the entrance of methane gas [7]. Therefore, prior to be used in the large-
scale hydrogen production, membrane reactor should be initially studied to optimize its
catalyst and membrane utilizations and alleviate the thermal severity of methane steam
reforming reaction. In this study, the concept of non-uniform distribution of catalyst

weight and membrane area was proposed and evaluated.

1.1 Research objective

In this work, the new configuration of shell and tube membrane reactor was
proposed and evaluated using mathematical model. For the newly proposed
configuration, the membrane reactor was divided into two sections. Each section was
equipped with different membrane area and catalyst packing density, but the values of
total membrane area and catalyst weight were controlled to be equal to conventional
membrane reactor (uniform membrane area and catalyst packing). The goal of this work
was to optimize the membrane area and catalyst packing density of each section in the
newly-proposed membrane reactor, and compare its performance with the conventional
membrane reactor. In this study, hydrogen yield was used as the performance indicator

for benchmarking.

1.2 Scopes of this research

1.2.1. Study the effect of the change in catalyst packing density and membrane area

in each section of the newly-proposed membrane reactor on the hydrogen yield

1.2.2. Find the optimum values of the catalyst packing density and membrane area
in each section of the newly-proposed membrane reactor
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1.2.3. Compare the performance (hydrogen yield) of the newly-proposed membrane

reactor with the conventional membrane reactor

1.2.4. Study the effect of two dimensionless numbers (Damkohler number and

Peclet number) in order to make the guideline for membrane reactor design.



CHAPTER I

THEORY

2.1 Hydrogen production process

Hydrogen production can be mainly divided into two processes, thermal
decomposition of fossil fuel and the decomposition of water. The main products of the
thermal decomposition of fossil fuel are hydrogen, carbon monoxide and carbon dioxide,
while products of the water decomposition are hydrogen and oxygen.

2.1.1. Thermal decomposition processes

Thermal decomposition process is one of the hydrogen production processes,
which uses heat and catalyst to break C-H bonds into hydrogen. Therefore, it must be
performed at high temperature. Natural gas, coal, and biomass are generally used as the
starting material in this process.

2.1.1.1 Steam reforming.

A steam methane reforming is widely-used for hydrogen production process. This
process utilizes high-temperature steam (973-1273 K) as a reactant to produce hydrogen
from methane-rich resources, such as natural gas and biogas. Methane firstly reacts with
steam under 300-2,500 kPa pressure in the presence of a catalyst to produce hydrogen,
carbon monoxide, and a relatively small amount of carbon dioxide (Eg. 2.1). Since steam
reforming is endothermic reaction, heat must be supplied to the process for the reaction to
proceed. Subsequently, the carbon monoxide and steam are reacted using a catalyst to
produce carbon dioxide and additional hydrogen. This reaction is called water-gas shift
reaction (Eq. 2.6). Finally, carbon dioxide and other impurities are removed from the gas
stream via pressure-swing adsorption process, leaving essentially pure hydrogen. Steam
reforming can also be used to produce hydrogen from other fuels like ethanol (Eqg. 2.3),

propane (Eg. 2.2), and even gasoline (Eq. 2.4-2.5).



Steam-Reforming Reactions

Methane:

CH4 + H,0 (+heat) — CO + 3H; (2.1)
Propane:

CsHg + 3H,0 (+heat) — 3CO + 7H; (2.2)
Ethanol:

C2Hs0H + H,0 (theat) — 2CO + 4H; (2.3)

Gasoline (using iso-octane and toluene as example compounds from the hundred or more

compounds present in gasoline):

CgHig + 8H,0 (+heat) — 8CO + 17H; (2.4)

C7Hg + 7TH,0 (+heat) — 7CO + 11H; (2.5)

Water-Gas Shift Reaction

CO + H,0O — CO; + H, (+small amount of heat) (2.6)
CH,+H,0 Water gas shift H, rich gas

reactor

Reforming
reactor

Figure 2.1 Conventional methane steam methane reforming process [2]
2.1.1.2. Partial oxidation.

For the partial oxidation reaction, methane and other hydrocarbons react with a
limited amount of oxygen in the reactor chamber (typically, from air). Therefore, it is

difficult to produce a complete oxidation of hydrocarbons to carbon dioxide and water.
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Operating at this condition, major products derived from partial oxidation reaction
contain primarily hydrogen and carbon monoxide (Eg. 2.7-2.11), and a relatively small
amount of carbon dioxide and other compounds (Eq. 2.12). There are two types of partial
oxidation process, catalytic partial oxidation and thermal partial oxidation [8]. For
thermal partial oxidation, it must be operated at temperature of 1573-1773 K to ensure
complete conversion [9]. For catalytic partial oxidation, catalyst is used to reduce
operating temperature. However, it is difficult for this process to control temperature
because of coke generation and hot spot formation [10, 11]. For this process, water gas
shift reactor is also included in order to additionally generate hydrogen from carbon

monoxide, which is similar to steam reforming process.

Partial oxidation is an exothermic process which large amount of heat is released.
Its reaction rate is extremely faster than steam reforming and smaller reactor vessel can
therefore be used. As seen in the chemical reaction pathways of partial oxidation (Eq. 2.7
— 2.11), this process offers less hydrogen per unit of the input fuel compared to steam

reforming reaction.

Partial Oxidation Reactions

Methane:

CHy4 + %20, — CO + 2H; (+heat) (2.7)
Propane:

C3Hsg + 120, — 3CO + 4H; (+heat) (2.8)
Ethanol:

C,Hs0H + %20, — 2CO + 3H; (+heat) (2.9)

Gasoline (using iso-octane and toluene as example compounds from the hundred or more
compounds present in gasoline):

CgHis + 40, — 8CO + 9H, (+heat) (2.10)

C;Hg + 320, — 7CO + 4H; (+heat) (2.12)

Water-Gas Shift Reaction

CO + H,0 — CO; + H; (+small amount of heat) (2.12)



2.1.2. Water decomposition

Using the water decomposition process, which is so-called electrolysis
process, electricity is supplied so as to split water into hydrogen and oxygen. This process
takes place in an electrolyzer which consists of an anode and a cathode separated from
each other by an electrolyte or a membrane like fuel cell. Production of Hydrogen via this
process can result in zero greenhouse gas emissions, depending on the source of the
electricity used. To evaluate the benefits of hydrogen production via electrolysis, the
electricity cost, the electricity generation efficiency and also greenhouse gas emission

resulting from electricity generation must be considered.

2.1.2.1. PEM electrolyzer
In a polymer electrolyte membrane (PEM) electrolyzer, the electrolyte is a solid
specialty plastic material. Water reacts at the anode to form oxygen and positively
charged hydrogen ions (protons) (Eq. 2.13) [9]. The electrons flow through an external
circuit and the hydrogen ions selectively move across the PEM to the cathode [9]. At the
cathode, hydrogen ions react with electrons from the external circuit to form hydrogen
gas (Eq. 2.14).

Anode + Cathode -
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Electrocatalysts
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Figure 2.2 Polymer electrolyte membrane electroyzer [12]



Anode Reaction: 2H,0 — O, + 4H" + 4¢” (2.13)
Cathode Reaction: 4H" + 4" — 2H, (2.14)

2.1.2.2. Alkaline Electrolyzers

Alkaline electrolyzers are similar to PEM electrolyzers; however, an alkaline
solution (sodium or potassium hydroxide) is used as the electrolyte [13]. These

electrolyzers have been commercially applied for many years.
2.1.2.3. Solid Oxide Electrolyzers

Solid oxide electrolyzers, which use a solid ceramic material that selectively
transmits negative-charge oxygen ions at elevated temperatures as the electrolyte,
generate hydrogen in a slightly different way compared to other electrolyzers. Water at
the cathode reacts with electrons from the external circuit to form hydrogen gas and
oxygen ions [9]. The oxygen ions permeate through the membrane and react at the anode
to form oxygen gas and release the electrons to the external circuit [9]. Solid oxide
electrolyzers must be operated at extremely higher temperature 773 K — 1073 K
compared to PEM electrolyzers which are operated at 353 K — 373 K, and alkaline
electrolyzers which are operated at 373 K — 423 K. The solid oxide electrolyzers can
effectively utilize available heat at these elevated temperatures (from various sources,
including nuclear energy) to decrease the amount of electrical energy required to produce
hydrogen from water.

2.2 Membrane reactor for hydrogen production

From the previous section, there are many pathways to produce hydrogen.
Although steam reforming of natural gas is the most popular pathway to produce
hydrogen, there are some disadvantages for this process. For example, high operating
temperature and pressure are provided to achieve completely methane conversion.
Membrane reactor is the alternative technology which can enhance the performance of
steam methane reforming process. This reactor is equipped by hydrogen selective

membrane which is used to separate hydrogen from the retentate chamber. With its
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operation, the reaction equilibrium of steam methane reforming and water-gas shift
reactions are shifted forward due to the removal of H, gas, which are product of these

reactions.
2.2.1. Membrane for hydrogen production

Most of hydrogen selective membranes operate based on the principle that only
hydrogen can penetrate through the membrane because of the inherent properties of the
material. The permeability of hydrogen through the membrane depends on the type of
membrane. The operation of H,-selective membrane relies on the difference of hydrogen
partial pressure between retentate and permeation chambers as the driving force for H,

permeation.

CH,+H,0 CO,
v . rich gas

Figure 2.3 Membrane reactor [14]

2.2.2. Palladium membrane

Palladium is the material which can absorb large amount of hydrogen at room
temperature and atmospheric pressure. H, absorption takes place in the octahedral side in
face center cubic lattice [15]. Palladium would be in hydride form in the ambient
temperature [16]. High hydrogen selectivity, fast sorption kinetic and reversibility
properties of hydride structure offers the advantage to palladium as the suitable material
for Hyp-selective membrane. Only hydrogen can diffuse through the palladium membrane

as there is the difference in H, partial pressure between each membrane side. The
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palladium membrane is typically a metallic tube comprising a palladium and silver alloy
material possessing the unique property of allowing only monoatomic hydrogen to pass
through its crystal lattice when it is heated above 573 K. The hydrogen gas molecule
coming into contact with the palladium membrane surface dissociates into monatomic
hydrogen and passes through the membrane. On the other surface of the palladium

membrane, the monatomic hydrogen is recombined into molecular hydrogen.

@) @1 (2:84 cm)

L-- 2.5” (6.35 cm) +|

Figure 2.4 Palladium membrane [17]

2.2.3 Limitation of Palladium membrane
2.2.3.1. The adsorption of H; below its critical point

The critical point of palladium membrane is 571 K and 2 MPa. If it is operated
under a critical point, two palladium phases (a, ) will be occurring [18]. Both of them
keep palladium membrane in the form of face center cubic; however, the unit cell
parameter increase from 0.3890 nm (pure Pd) to 0.895 nm (a phase) and 0.410 nm (f
phase) at room temperature [18, 19]. The a- phase will be occurred as H/Pd ratio is low
and the B phase will be occurred as H/Pd ratio is high. The change of volume of Pd due to

the phase transformation is the cause of bulk and grain boundary defects.
2.2.3.2. Hydrogen embrittlement

Hydrogen embrittlement can occur as Pd losses its ductility because of H;

exposure and causes metal cracking [20].
2.2.3.3. Deactivation form carbon and poison

The surface deactivation of Pd membrane can occur as it is exposed to unsaturated
hydrocarbon and poisoned gas, e.g. sulfur, CO [21].
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2.2.4. The solution to alleviate these limitations
Use Pd-alloy instead of pure Pd

When Pd-alloy is used, its critical temperature increases and the occurrence of Pd-
state with different lattice sizes of a and p become more difficult for Pd-alloy compared
to pure Pd [19]. Moreover, Pd-alloy membrane could be operated at lower operating
temperature compared to pure Pd due to its higher H, permeation rate due to the increase
in the bond distance for the alloy form. Also, Pd-membrane is not prone to sulfur as it is

in the alloy form.

2.3 The Mechanism of Hydrogen Diffusion

The hydrogen permeation mechanism through composite palladium membranes
can be explained by two theories: (a) a traditional solution—diffusion mechanism for
dense membranes, and (b) a Knudsen diffusion mechanism or combined mechanism of
Knudsen diffusion and surface diffusion for porous membranes. For the solution—
diffusion mechanism, the hydrogen transportation through a palladium layer is composed
of the 7 following sub-steps [22]:

1) Adsorption of hydrogen molecules on the high hydrogen partial pressure side
of the membrane surface.

2) Dissociation of hydrogen molecules on the same surface. Its super dissociative
property is similar to catalyst.

3) The chemisorbed molecule dissociates into atomic, consisting of a proton and
an electron. Unlike other metal, Palladium does not have activation barrier. Therefore,
energy input is not required for hydrogen transfer process.

4) The dissociated hydrogen atoms dissolve into the lattice of the metal. It is
adsorbed in the octahedral side in face center cubic lattice to form metal Hydride.

5) The dissociated hydrogen atoms diffuse through the lattice from the membrane
surface side with higher hydrogen partial pressure to the membrane surface side with

lower hydrogen partial pressure.
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6) At the membrane surface side with lower hydrogen partial pressure, the proton
and electron recombine into hydrogen molecules.

7) The hydrogen molecule desorbs from the membrane surface side with lower
hydrogen partial pressure to the bulk gas.

High Pressure Pd- Low Pressure
Membrane

Figure 2.5 Mechanism for hydrogen transport in palladium membrane [23]



CHAPTER 3

LITERATURE REVIEW

Nowadays, a lot of researches have focused on membrane reactor design and
optimization. Because membrane reactor used lower energy and offered higher
conversion compared to the conventional reactor, it is an alternative way for several
chemical production processes. Many researches on membrane reactor were aimed at the
optimization of the operating conditions (temperature, pressure, reactant concentration,

etc.), reactor size and production cost, especially for small mobile applications [24] .

There are many researches demonstrating the simulation of steam methane
reforming in membrane reactor. Most of the models would use kinetic equations given in
Xu and Froment’s work [25]. Isothermal and isobaric models were the simple models
used to explain the process behavior. However, the accuracy achieved from the modeling
using these assumptions is not adequate because of highly endothermic behavior of steam
methane reforming reaction. Nowadays, there are several developments of non-isothermal

model for the study of the operation of steam methane reforming membrane reactor.

Marigliano, et al. [14] investigated the effect of heat transfer of membrane reactor.
Because membrane reactor was the shell and tube type, the position of catalyst was in the
membrane or in the annulus. One-dimensional analysis with material and energy balance
calculations was performed to describe the behavior of membrane reactor. Sievert’s law
was used to describe the behavior of Pd-based membrane. The results showed that the
temperature drop of membrane reactor which the catalyst was packed inside the
membrane tube was more than that catalyst packing is in annular zone of membrane due
to higher thermal resistance of the former. Therefore, the annular catalyst-packed
membrane reactor was expected to offer higher efficiency.

Yu [26] studied the simulation of porous ceramic membrane reactor. Also, one-
dimensional mass and energy calculations were used for the simulation. The goal of this
research was to compare the efficiency of the membrane steam reforming reaction as the
different types of sweep gas were used. The results showed that, as steam was used as

sweep gas, the steam partial pressure at the reaction side slightly decreases compared
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with the case that nitrogen was used as sweep gas. It could be concluded that the
performance of membrane reactor, which steam was used as the sweep gas, was higher
than that of membrane reactor, which N, was used as the sweep gas since reactant
consumption of the former was slightly higher.

Many recent researches focused on the effect of catalyst weight, reactant feed rate
and membrane area on the membrane reactor performance. The cost of catalyst and
membrane module was the major cost of membrane reactor production. In many works,
the reaction rate was represented by Damkohler’s number (Da) and permeation rate was
represented in term of permeation number (Pe). These two dimensionless numbers will be
used to design membrane reactor. Moon and Park [27] studied the effect of the change in
the permeation rate, reaction rate and selectivity in porous membrane reactor and
provided the guideline for membrane reactor design. Two dimensionless groups, Pe and
Da, were used to represent the magnitude of permeation rate and reaction rate. The results
showed that four distinctive regions, where the conversion was controlled by different
mechanisms, were identified. The maximum methane conversion of a membrane reactor,
which is the equilibrium conversion based on the assumption that H, partial pressure in
permeate side was equal to that in reaction side, could be achieved as Pe was equal to 0
and Da was greater than 10. The permeation rate was the rate-limiting mechanism when

Pe was between 0.1 and 10.

Boutikos and Nikolakis [28] investigated the performance of a water gas shift
membrane reactor in term of CO conversion and hydrogen recovery. The effects of
membrane permselectivity, permeation flux and reaction rate were investigated. The
reactor configuration used in this work was isothermal shell and tube reactor. The result
showed that CO conversion increased when the permselectivity increased. Maximum CO
conversion was achieved as Damkholer number (Da) was equal to the permeation number
(Pe).

Gomez-Garcia et al. [29] investigated the performance of ammonia decomposition
membrane reactor. One dimensional isothermal model would be used for shell and tube
configuration. Performance chart was constructed in order to explain the effect of

permeation rate and reaction rate on the reactor perfomance. The maximum conversion
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was achieved as the value of log(Pe) was between 1.5 and 2 and the value of log(Da) was
between -0.5 and 0.

Chiappetta et al. [30] evaluated the performance of membrane reactor. The design
parameters considered in this evaluation were membrane surface area (An), catalyst
volume (Vca), methane load in feed (Ls) and gas hourly space velocity (GHSV). The
results showed that two-time increase of the methane conversion has been obtained by
enhancing the ratio of Ay, to Ve from 0.42 to 2.1 cm?cm . Ultimate methane conversion
of the 68% and hydrogen recovery approximately of 43% were achieved as Ap t0 Veat
ratio was 2.1 cm’cm ™ and L, to A, ratio was 8.4 cm*(STP) cm ?min* as operating

pressure was equal to 800 kPa.

Lin et al. [31] studied the displacement of methane conversion in the steam
methane reforming. They studied the effect of weight hourly space velocity (WHSV) and
load-to-surface ratio on the performance of membrane reactor. The results showed that
the lower load-to-surface ratio or WHSV was, the higher the conversion of methane. The
recovery yield of hydrogen decreased with the increase in load-to-surface ratio. As
WHSV was below 3 h™, the conversion reached its equilibrium status (58%) and could
not be further enhanced via the reduction of WHSV. In case that the conversion
approached the equilibrium, load-to-surface ratio was less than 0.2 m/h.

Mender et al. [32] performed experimental and modeling researches of water-gas
shift reaction at low operating temperature. The finger-like configuration was used to
evaluate the performance which was investigated in term of Damkohler’s number and
contact time. One-dimentional isothermal model considering pressure drop in the reactor
was developed in this research. The effects of the change in temperature, space velocity,
feed pressure and permeate side mode (vacuum or sweep gas) were studied. The results
showed that high performance should be got from this configuration for some operating

conditions.

The distribution of the catalyst packing and membrane density were also the
critical issue for the design of the membrane reactor. In some reactor zone, the dense
catalyst packing or membrane area was not required due to low reaction rate or low H,

permeation. Therefore, new membrane reactor configuration should be developed to
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achieve suitable catalyst packing and membrane area which offer optimum reactor

efficiency.

For courter-current operation of membrane reactor, there were some problems
near methane feeding position inside the membrane reactor. The hydrogen partial
pressure at this position of reaction side was at minimum value because the reaction did
not start occurring. So, the back permeation was found in this position. By the reason
above, membrane area was not necessary for this position. There were many researches
focusing in the courter-current configuration of membrane reactor. Piemonte et al. [7]
studied the courter-current configuration membrane reactor for water-gas shift reaction.
Because the conversion of carbon monoxide was low at the first part of the membrane
reactor, the installation of the membrane module into the first part of the reactor was not
required. It was demonstrated that the permeated H, flow rate per membrane surface
(average membrane flux) strongly improved when selective membrane was placed only in

the second part of the reactor.

Lima et al. [33] studied the performance of membrane reactor in co-current and
courter-current operating modes. The results showed that counter-current configuration
offered better performance compared to co-current configuration. An optimization
problem was formulated and solved to find the optimal membrane reactor design for
water gas shift reaction. The optimization results showed that the optimal solution of
reactor design should consist of the first section of catalytic reactor without membrane
installation followed by the second reactor installed with membrane module. With this

configuration, 25% cost saving in the membrane module cost was achieved.

Barbieri et al. [34] studied the performance of membrane reactor without the feed
of sweep gas into the permeation side. Using this configuration, back permeation was
found in the initial part of the membrane reactor. So they proposed the installation of the
membrane only in the second path of the catalytic bed so as to achieve full exploitation of

membrane.

Some recent researches also focused on the optimization of the distribution of
membrane and catalyst in axial direction of membrane reactor. Unless the system reached

thermodynamic equilibrium, its performance will depend on kinetic of reaction rate and
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permeation rate. Li et al. [35] used the concept of the staged-separation membrane reactor
to improve the performance of membrane reactor. The advantage of new configuration
was its super-equilibrium conversion when reaction zone and separation zone was
separated. In this work, steam methane reforming for hydrogen production was used as
the example to prove the concept of the staged-separation membrane reactor. Normally,
due to the fact that the steam methane reforming is an endothermic reaction, it is favored
to be operated at high temperature. Even though hydrogen flux increases when
temperature increases, the stability of membrane decreases. If it was operated at low
temperature, its stability was high and membrane thickness can therefore be reduced.
Therefore, the suitable condition for stage-separation membrane reactor for steam
methane reforming was high temperature at reaction zone and low temperature at
membrane zone. It could be also concluded from this work that the performance of the
staged-separation membrane reactor was higher compared with those of a conventional
membrane reactor and a traditional reformer together with an ex-situ membrane purifier.
Compared with the conventional membrane reactor, the metal cost of palladium-based
membranes decreases by 86.5% and the membrane area decreases by more than 70% for

stage-separation membrane reactor to achieve equal hydrogen production capacity.

Moreover, Li et al. [36] investigated the staged separation membrane reactor
configuration for the steam methane reforming reaction using oxygen as a reforming
agent. In the reactor, catalyst and membrane section were separated from each other in
order to operate at suitable condition to get better overall performance. In catalyst section,
thermodynamic equilibrium approach was assumed and oxygen was fed into the reaction
section. The modeling results also showed that super-equilibrium conversion of methane
could be achieved in this reactor combination. The performance of the reactor was
affected by the allocation of membrane module in each reactor section. About 55% of the
total membrane module should be located in the first section for all conditions studied.

Caravella et al. [6] studied the optimization of catalyst and membrane area axial
distributions using Matlab. A configuration of a permeative-stage membrane reactor
(PSMR) consisting of the series of traditional reactive and membrane permeative stages
was used. The calculation was based on one-dimensional mass, momentum and energy
balances considering thermal effects on all the system properties. Firstly, an equisized-

nine-stage PSMR was analyzed at various temperature and membrane thicknesses, in
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comparison with a conventional membrane reactor. The results showed that the
conversion could be improved from 0.93 to 0.97, while the recovery factor increased
from 0.60 to 0.73. Then, two optimization problems would be solved so as to get the
stage lengths as design variables. Two objective functions for optimization problems
were to maximize the methane conversion and the hydrogen recovery. The results showed
that PSMR offered higher conversion and lower recovery factor for the case of maximum
methane conversion, while the opposite situation occurred when the recovery factor was
maximized. In the case of adiabatic operation in the permeative state, the recovery factor
of PSMR factor was about 21% higher than that of conventional membrane reactor for
the optimization using maximum hydrogen recovery factor as objective function.
Therefore, the conclusion for this paper showed that the reactive/permeative stage
distribution had to be considered as an important reactor design parameter.

The catalyst packing distribution in the catalytic reactor was also widely studied
in the recent researches. When the reaction occurred, the issue about hot and cold spot
would be considered. Their disadvantages were the cracking of reactor wall or membrane
and coking. The decrease in catalyst packing density could relieve the issue of hot or cold
spot; however, the yield of reaction also decreased. Therefore, the density catalyst
packing should be also carefully considered for both conventional and membrane

reactors.

Hwang and Smith [37] used inert pellets and side-stream feeding to decrease
temperature profile of conventional reactor. Nitrobenzene hydrogenation and ethylene
oxidation in non-isothermal and non-adiabatic reactors were considered in this study. The
results showed that higher reactor performance, characterized by conversion, yield or
selectivity, could be achieved with optimal temperature profiles manipulated by side-
streams and inert pellets. In the case of nitrobenzene hydrogenation, the concept of
catalyst dilution with inert material could control temperature profile effectively.
Complete conversion was achieved with temperature range 475-725 K. For side stream
feeding, complete conversion was achieved with temperature range 475-733 K. For
ethylene oxidation reaction, the reaction yield increased from 16.5% to 47.5%, using the
concept of catalyst dilution.

Chiappetta et al. [1] used the concept of non-uniform catalyst distribution for

exothermic reaction. Two-dimensional model was used to describe the behavior of
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membrane reactor. Water gas shift reaction was the example of endothermic reaction for
this consideration. Three cases of non-uniform catalyst weight distribution (uniform,
linear increasing and exponential increasing) were used for finding the optimal
configuration. The results showed that linearly-increase catalyst distribution along the
membrane reactor offered higher capability in controlling the temperature profile
compared to an exponential catalyst distribution. However, at high pressures (2000 kPa)
the advantage of a linear catalyst distribution was not observed, it showed superior
performance to an exponential catalyst distribution at 500 and 110 kPa.

Caravella et al. [38] also proposed the new configuration of membrane reactor. In
their previous work, they found the permeative-stage membrane reactor (PSMR) which
offered higher performance than conventional membrane reactor. But its disadvantage
was its inflexibility operating since it was suitable for particular condition. So, the reactor
configuration with reactive/permeative stages in series with inert/permeative stages was
proposed. The optimum length of each reactor stage was found and two performance
indicators, methane conversion and hydrogen recovery yield, were selected. The system
was studied considering co- and counter-current flow conditions. The results showed that
the counter-current flow always offered better performances than the co-current flow
operation. An almost equi-sized distribution was achieved by maximizing the hydrogen
recovery factor in both flow configurations, whereas, when methane conversion was
maximized, the optimization procedure provided a negligible last inert stage. The
performances of the ten-stage membrane reactor were significantly higher than the one of
the reference membrane reactor (two-stage one) in terms of methane conversion and
hydrogen recovery. It could be concluded that the number of stages were the most
important variable affecting the worthwhile utilization of catalyst.

Caravella et al. [39] also studied about the influence of the number of stages, and
the amount of catalyst on the performance of membrane reactor. The membrane reactor
with reactive and inert stages in series would be compared with a conventional membrane
reactor in term of a methane conversion, hydrogen yield and hydrogen recovery yield.
The results showed that steam methane reforming membrane reactor which contained
high number of stages offered equal performance compared to a reactor with uniformly
catalyst packing diluted with inert particles. The proposed configuration with a

sufficiently high number of stages and significantly smaller catalyst amounts (up to 70%
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lower) could achieve comparable performance to the conventional catalytic steam

reforming in all considered operating conditions.



CHAPTER IV

MATHEMATICAL MODEL

4.1 Configuration of membrane reactor

Shell and tube membrane reactor was used in this work. The wall of reactor was
covered with furnace to heat the system. Two kinds of tube, Pd-based membrane and
stainless steel, were packed inside the reactor. The catalyst and inert particles were
installed in annulus side, which was called retentate chamber. Methane and steam were
fed into the retentate chamber as the reactants. In the membrane tube which was called
permeation chamber, the vacuum operation mode was performed to achieve high

hydrogen permeation rate through the membrane.

Permeate

Figure 4.1 Uniform membrane and catalyst distribution membrane reactor
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4.1.1. Non-uniform membrane area and catalyst weight distribution

For this configuration, membrane reactor was divided into 2 sections. Each
section contains different amount of catalyst and membrane areas. However, the total
amount of catalyst and membrane area was controlled to be similar for every scenario. In
this study, membrane area would be diluted with stainless steel tube and catalyst would
be diluted with inert particle to control the catalyst density and membrane area in each
section. To evaluate the performance of the new proposed membrane reactor, the
conventional membrane reactor with uniform distribution configuration was considered

as a base case.
4.1.2. Guideline for membrane reactor design

Since two design parameters, methane feed flow rate to catalyst weight ratio and
methane feed flow rate to membrane area were very important factors affecting
performance of the new proposed configuration of membrane reactor, the guideline for
the new membrane reactor design was proposed in this study to find out the optimum
values of these two parameters. Damkohler number and Peclet number were calculated to
be a representative of the ratio of methane feed flow rate to catalyst weight and the ratio
of reactant feed flow rate to membrane area, respectively. The methane conversion and
hydrogen yield were calculated using Egs. 4.1-4.2 and considered as performance

indicators in this study.

(Fc:H4 ’initiaI_FCHA)

Xen, = x100% (4.1)
I:CH4 Yinitial
F i
Yield , = (*”P—”“) x100% (4.2)
4 CH, rinitial

4.2 Mathematical model for calculation

4.2.1 Reaction rate expressions
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Three chemical reactions, steam methane reforming reaction (Eq. (4.3)), water-gas
shift reaction (Eq. (4.4)) and carbon dioxide methanation reaction (Eg. (4.5)) were

considered to occur in the membrane steam reforming reactor.

CH, +H,0 < CO+3H, AHZ, =260k/mol (4.3)
CO+H,0<CO,+H,  AHZ%y =-41k)/mol (4.4)
CH, +2H,0 < CO, +4H, AHS, =165kJ/mol (4.5)

The rate expressions for these reactions (Egs. (4.3)—(4.5)) were obtained from Xu
and Froment’s work [25] as given in Egs. (4.6)-(4.9). The unit of reaction rate was
mol(hkgca)™. The equations used to calculate adsorption equilibrium constants, reaction
rate constants, chemical equilibrium constants and dimensionless reaction rate were given
in Egs. (4.10)-(4.13), Egs. (4.14)-(4.16), Egs. (4.17)-(4.19) and Eqgs. (4.20)-(4.22),
respectively.

P3 Peo
(Pcm PHZO - K e ]
k, equilibriun(L)

ERl = P2.5 DEN 2 (46)
HZ
P, P
(Pco PH o] _KHZCOZJ
k ’ equilibrim(2)
Y DEN? @7)
Hy
PP
(Pcm Pio — KHZCOZJ
k equilibrim(3)
W = s DEN’? “9
Ha
P
DEN =1+ KcoPeo + Ky P, + Ky, Py, + Ky o =2 (4.9)
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4.2.2 The permeation rate
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Hydrogen flux through the Pd/Ag membrane was described by the Sievert’s law

(Eq. (4.23)).
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b2 - ) o2

The Arrhenius expression for Hydrogen Flux was reported by F. Gallucci et al.
[40] as shown in Eq. (4.24).

—29160

T+T o
8.314{2"}

B, =1.27503x exp mol.m/(h.m? kPa"?) (4.24)

To be easily compared to other works, dimensionless Hydrogen flux was

calculated as shown in Eq. (4.25).

. J, xo
. R (4.25)
By x+/P

4.2.3 Overall mathematical model used in this work

In this work, material and energy balances were performed and the conversion and

productivity terms of each chemical substance are calculated using Egs. (4.26)-(4.31).

Xeu, =1- 25 (4.26)
CH,
F
Xio=M- F”(;O (4.27)
CH,
F
Xeo = F§° (4.28)
CH,
F
Xco, = F% (4.29)
CH,
Fu
X,, = —o (4.30)
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Y, =2 (4.31)

Also, partial pressure of each species was calculated as the input for the reaction

rate calculation:

Pew, = (1_ Xen, )X g (4.32)
Pio=(Mm=X,o)xo (4.33)
Peo = Xeo X0 (434)
Peo, = Xco, XO (4.35)
P, =Xy, xo (4.36)
o= P (4.37)
Lrm+ Xy, —Xen, = Xno + Xeo + Xeo,)
4.2.3.1 Summary of dimensionless terms used in this work.
4.2.3.1.1 Damkohler number
Da — TotalCatalystWeight x k; (4.38)
Feu, % JP
4.2.3.1.2 Peclet number
, TotalMembraneAreax By /P
o
— = (4.39)
Pe Fu,

4.2.3.2. The assumptions for calculation in this model were given below;

1. Steady state operation,

2. Plug flow behavior both in reaction and permeation zone,
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3. No axial mass and energy dispersions

4. Pseudo-homogeneous catalyst bed,

5. Infinite hydrogen selectivity of the membrane,
6. Ideal gas,

7. Isobaric condition for both reaction zone and permeation zone

4.2.3.3. Mathematical model for membrane reactor
4.2.3.3.1 Mass balance equations

4.2.3.3.1.1 Retentate chamber (reaction zone)

dx

—% —Dax(R +R,) (4.40)
dg

dX

—"° _ Dax(R,+R,+2-R,) (4.41)
dg

dX

d—?’ = Dax(R,~R,) (4.42)

dx

—d:fz = Dax(R, +R,) (4.43)

1 NoMembrane
*

Hy .k

X
— 2 =Dax(3-R, +R, +2-R,) - x
dg Pe - NoMembrane vy

(4.44)
4.2.3.3.1.2 Permeation chamber
dy
Hak L x5 (4.45)
dg Pe - NoMembrane »

4.2.3.3.2 Energy balance

4.2.3.3.2.1 Retentate chamber
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When
R, =X, ) (4.47)
N, =(M=X,0) (4.48)
N; = Xeo (4.49)
N, = Xcoz (4.50)
Ns = X, (4.51)
4.2.3.3.2.2 Permeation chamber
2xwxRyexLxU 1 x
e n (TR 35 olhy (M) =h,, (T
dr,”" Fen, ( ” ) Pe - NoMembrane HZ"‘[ v, (M) =N, (T )]
dg CPu YA

(4.52)



CHAPTER V

RESULTS AND DISCUSSION
5.1 Model validation

In order to verify the accuracy of mathematical model which has been used in this
work, the comparison between the results from the simulation and the experimental
results of Gallucci et al. [40] was performed as shown in Figure 5.1. R-square calculated
from the fitting between the simulation and experimental results were equal to 0.91 and
0.97 for the conventional and membrane reactors, respectively. The results from Figure
5.1 indicated that the simulation results for both the conventional reactor and membrane

reactor matched well with the experimental results.
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Figure 5.1 Verification of simulation model of membrane reactor between experimental

and simulation results
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5.2 The conventional fixed-bed and membrane reactors

In order to study the performance improvement methodology for the membrane
reactor, it was necessary to well understand all working mechanisms inside the reactor
and also the key operating parameters which strongly affected the reactor performance.
Process modeling was the theoretical tool that could be used to demonstrate the
phenomena inside the membrane reactor and visualize the effect of each operating
parameters on the reactor performance. In this study, the process simulation was
performed so as to identify the combined behavior of chemical reaction and membrane
permeation taking place inside the membrane reactor. Effect of partial pressure of each
gas components and reactor temperature on these behaviors was investigated. The
dimension of membrane reactor used in this work was given in Table 5.1, while the
operating conditions were given in Table 5.2. The value of log(Da) and log(Pe) of

membrane reactor were determined at 4.489 and -3.699, respectively.

Table 5.1 Reactor dimensions

Parameters Values Units
Outside diameter 9 cm
Membrane tube diameter 1.2 cm
Void fraction 0.5 -
Reactor length 50 cm

Table 5.2 Operating condition used in the simulation of membrane reactor

Parameters Values Units
Methane feed flow rate 150 Mol/h
Steam to carbon ratio 3 -
Initial temperature 953 K
Pressure in reaction side 100 kPa
Pressure in permeation side 0 kPa
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Figure 5.2 Temperature profile of uniform catalyst packing membrane reactor

Temperature profile along the length of membrane reactor was the first parameter
investigated in this study due to its strong effect on both chemical reaction and H,
permeation. As shown in Figure 5.2 in which the temperature profile at the retentate
section was given, temperature extremely decreased near the reactor entrance since
endothermic steam methane reforming reaction was dominated at this position. Near the
center of the membrane reactor, temperature slightly increased along the reactor length
because the endothermic reaction rate became lower compared to the reactor entrance,
and transferred heat from heater around the reactor overcame the effect from heat of
reaction. This operation recipe could be the unsafe operation since the generation of the
cold spot near the reactor entrance caused the cracking of the reactor wall or membrane.
These reasons inspired this research to find out the methodology to maximize the

performance the membrane reactor under thermal-safe operation.
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Figure 5.3 Distribution of partial pressure of each gas component along the reactor length

for uniform catalyst packing membrane reactor

The partial pressure of each component was also important process parameters for
the operation of membrane reactor due to its highly influence on reaction rate and H;
permeation rate similar to temperature. The partial pressure distribution along the reactor
of each gas component was illustrated in Figure 5.3. In this figure, for methane and steam
which were the reactants for steam methane reforming reaction, their partial pressure
extremely decreased in the starting path because of high reaction rate and moderately
decreased thereafter due to lower reaction rate. Inversely, for carbon monoxide and
carbon dioxide, the products from steam methane reforming and water gas shift reactions,
their partial pressure increased along the reactor. However, the carbon monoxide partial
pressure at the exit of reactor was lower than carbon dioxide partial pressure owing to the
participation of water gas shift reaction. Also, partial pressure of hydrogen extremely

increased near the reactor entrance; however it decreased afterward since H, generated at
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the retentate (reaction) chamber permeated through the membrane to the permeation

section due to the difference of H, partial pressure of each section of membrane reactor.
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Figure 5.4 Distribution of hydrogen permeation rate along the reactor length for uniform

catalyst packing membrane reactor

The permeation rate of hydrogen through membrane plays an important role in
controlling H; yield of the membrane reactor. Pure H, was obtained at the permeation
section of membrane reactor because Pd-based membrane allowed only hydrogen to
permeate through. The distribution of permeation rate of hydrogen to initial methane flow
rate along the reactor length was shown in Figure 5.4. This figure showed that the
hydrogen permeation rate was high near the reactor entrance; however, the permeation
rate decreased with the reactor length thereafter due to lower in the H, partial pressure
difference between retentate chamber and permeation chamber which was the driving

force for the permeation of H..
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Figure 5.5 Distribution of the methane conversion along the reactor length for uniform

catalyst packing membrane reactor
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The methane conversion and hydrogen yield distributions along the reactor length
of membrane reactor were shown in Figures 5.5 and 5.6, respectively. Both methane
conversion and hydrogen vyield increased along the reactor length; however, the
increasing rate of methane conversion near the reactor entrance was extremely higher
than that of hydrogen yield because the rate of steam methane reforming reaction taking
place at the retentate chamber was far higher than H, permeation rate at this position. The
reason was that H, partial pressure at the retentate chamber near the reactor entrance was
quite small causing low driving force of H, permeation at this position. Subsequently, the
increasing rate of methane conversion and hydrogen yield became constant along the

membrane reactor.

5.3 The correlation of the Da and Pe of conventional membrane reactor

Kikuchi [41] suggested that hydrogen permeation rate should be well related with
hydrogen formation rate in retentate chamber to achieve high performance of membrane
reactor. According to Dixon [42], three operating parameters of membrane reactor, i.e.
the reaction rate, H, permeation rate and reactant feed rate strongly related to one another.
The Damkohler number (Da) and Peclet number (Pe) are the dimensionless numbers used
to explain the correlation between maximum reaction rate and maximum convection rate,
and between maximum permeation rate and maximum convection rate, respectively.
These two numbers were key dimensionless parameters used to design membrane reactor

and evaluate its performance.
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Figure 5.8 Relationship between methane conversion and Damkohler number at different
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The methane conversion at the reactor exit at different Peclet number and
Damkohler number was shown in Figures 5.7 and 5.8. These results indicated that
methane conversion increased as Damkohler number increased at constant Peclet number.
Inversely, methane conversion increased as Peclet number decreased for constant
Damkohler number. Operating at high Peclet number (> 0), the methane conversion did
not change as Peclet number increased because the membrane permeability became very
low and membrane could not properly work in the reaction rate acceleration. The reason
above caused the performance membrane reactor operating at high Peclet number offered
to be almost identical to the conventional reactor. For the operation at low Damkohler
number (< -10), methane conversion was almost zero. For the operation at high
Damkohler number, methane conversion strongly depended on Peclet number because the
reaction rate became faster compared to H, permeation rate.
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Figure 5.9 Relationship between H, yield and Damkohler number at different Peclet

number
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Figure 5.10 Relationship between H, yield and Peclet number at different Damkohler

number

The relationships between hydrogen yield at the reactor exit of membrane reactor
with Peclet number and Damkohler Number were shown in Figures 5.9 and 5.10. The
results demonstrated that the hydrogen yield increased with Damkohler number for
constant Peclet number, while the hydrogen yield increased as Peclet number decreased
for constant Damkohler number. Operating at high Peclet number, the behavior
membrane reactor was almost similar to that of conventional reactor at any Damkohler
number. Therefore, the hydrogen yield of membrane reactor was nearly equal to zero.
Operating at high Damkohler number, the membrane reactor reached hydrogen
permeation limitation and the hydrogen yield therefore solely depended on Peclet

number.

5.4 Non-uniform membrane area and catalyst distribution for membrane reactor

For the non-uniform membrane reactor, the reactor was divided into two sections

with different catalyst packing density and amount of membrane area. However, the total
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catalyst weight and amount of membrane area were determined to be similar for all

scenarios in this study.

To make easier understanding, the abbreviation used in this work was @car = A,
@Dvem = B. @car stood for the catalyst fraction of the first section of reactor, while the
value of catalyst fraction of the first section was given instead of “A”. @ygwm stood for the
membrane area fraction of the first section as its value was given instead of “B”. For
example, @car = 0.5, @yvem = 0.2 represented the membrane reactor with the catalyst
fraction of 0.5 at the 1% section and the membrane area of 0.2 at the 1% section. The
operating temperature, total pressure of reaction side and steam to carbon ratio were
determined at 953 K, 100 kPa and 3, respectively. Vacuum operation was used in the
permeation side to conduct hydrogen permeation through membrane. The log(Da) and

log(Pe) of membrane reactor were set to be equal to 4.489 and -3.699, respectively.

Reaction temperature was judged to be critical parameter due to its influence on
both reaction rate and permeation rate of membrane reactor. The temperature profiles of
non-uniform distribution of membrane allocation and catalyst density were shown in
Figure 5.11. In this figure, @cat = 0.5, @vem = 0.5 represented uniform distribution
membrane reactor. @cat = 0.5, @yem = 0.2 and Deat = 0.5, Dyem = 0.8 were non-uniform
distribution membrane reactor with the variation of membrane allocation. @car =
0.2, &yem = 0.5 and @car = 0.8, Dyem = 0.5 were non-uniform distribution membrane

reactor with the variation of catalyst density.
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Figure 5.11 Distribution of temperature along the reactor length of uniform distribution

and non-uniform distribution membrane reactors

For @car = 0.2, &vem = 0.5, 1ts temperature in the first section was higher than
that of uniform distribution membrane reactor because of lower reaction rate.
Nevertheless, in the second section, the inverse trend in temperature was found. In case of
@car = 0.8, dyvem = 0.5, the trend in temperature was opposite to that observed in @car =
0.2, @yvem = 0.5. For the membrane reactor with @car = 0.5, @yem = 0.2 configuration,
the temperature at the first section was higher than uniform distribution case due to its
lower endothermic steam methane reforming reaction rate and also H, permeation rate.
However, the temperature at the second section was lower than at the first section because
of its higher steam reforming reaction rate induced by high H, permeation rate. In case of
@cat = 0.5, dyem = 0.8, the temperature trend was opposite to that observed in @car =
0.5, Dyem = 0.2.
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Figure 5.12 Distribution of methane partial pressure along the reactor length of uniform

distribution and non-uniform distribution membrane reactors
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Figure 5.13 Distribution of steam partial pressure along the reactor length of uniform

distribution and non-uniform distribution membrane reactors



43

The partial pressure of each gas reactant also played an important role in
controlling chemical reaction rate inside the membrane reactor. The profiles of partial
pressure of methane and steam, which were the reactant for steam methane reforming
reaction, were illustrated in Figures 5.12 and 5.13, respectively. These results showed that
the partial pressure of reactant observed in @car = 0.5, @yem = 0.2 was lower than the
uniform distribution membrane reactor in the first section because of higher partial
pressure of H, product. Lower membrane area at the first section caused lower H,
permeation; hence, most of hydrogen generated in the retentate side could not permeate to
the permeation side. However, in the second section, the opposite trend in reactant partial
pressure to the first section was observed. For @car = 0.2, @vem = 0.5, its partial pressure
of reactant was higher than uniform distribution in the first section because of lower
reaction rate of the former. Conclusively, the trends in reactant partial pressure observed
in @cat = 0.8, Dyem = 0.5 and @car = 0.5, Dyem = 0.8 was opposite to those observed in
Dcpar = 0.2, Dyvem = 0.5 and Dcar = 0.5, Dyem = 0.2.

High hydrogen partial pressure in the retentate side was expected in order to
enhance the hydrogen permeation rate and also hydrogen yield of membrane reactor.
Figure 5.14 showed the partial pressure of hydrogen inside the uniform distribution and
non-uniform distribution membrane reactor. In this figure, the membrane reactor with
@car = 0.2, Dyem = 0.5 configuration offered lower hydrogen partial pressure at the first
section than uniform distribution membrane reactor because of lower reaction rate.
However, H, partial pressure of @car = 0.2, @yem = 0.5 became higher than that of
uniform distribution membrane reactor at the second section. For @cat = 0.8, @yem = 0.5,
its trend in hydrogen partial pressure profile was opposite to0 @car = 0.2, @yem = 0.5. In
case of @car = 0.5, Dyem = 0.2, the partial pressure of hydrogen in the first section was
higher than uniform distribution membrane reactor due to lower membrane permeability
of the former, while hydrogen partial pressure of the former became lower than uniform
distribution membrane reactor at the 2" section. Also, the opposite trend in H, partial

pressure was found for @cat = 0.5, @yem = 0.8 compared to @car = 0.5, Dy =0.2.
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Figure 5.14 Distribution of hydrogen partial pressure along the reactor length of uniform

distribution and non-uniform distribution membrane reactors

The methane conversion profiles of non-uniform distribution and uniform
distribution membrane reactors were illustrated in Figure 5.15. This results showed that
methane conversion of @car = 0.5, Qyem = 0.2 was lower than that of uniform
distribution membrane reactor at the first section; however, methane conversion became
higher at the 2" section. This implied that higher membrane area could offer H,
permeation rate and the steam methane reforming reaction was then shifted forward.
Similar relationship between membrane area and methane conversion was also observed
in the membrane reactor with @car = 0.5, @yem = 0.8 configuration. For @car = 0.2,
Dyvem = 0.5, because its catalyst weight in the first section was lower than uniform
distribution membrane reactor, the lower reaction rate and also methane conversion was
obtained. It could be concluded that the methane conversion could be improved as

membrane reactor was equipped with large membrane area and also high catalyst density.
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Figure 5.15 Distribution of methane conversion along the reactor length of uniform

distribution and non-uniform distribution membrane reactors

The hydrogen yield profile was shown in the Figure 5.16. The results showed that
the hydrogen yield at the first section of @car = 0.5, @yem = 0.2 was lower than uniform
distribution membrane reactor, but it became higher at the second section. With larger
membrane area, membrane reactor could offer higher H, yield due to higher H,
permeation rate. The same membrane area-H; yield relationship was also found in @car =
0.5, @&yem = 0.8. Considering the effect of catalyst distribution, the hydrogen yield of
Dcpt = 0.2, Dyem = 0.5 was lower than uniform distribution membrane reactor at the first
section but it became higher at the second section. However, for @cat = 0.8, @yem = 0.5,
its hydrogen yield was higher than uniform distribution membrane reactor at the first
section. This indicated that the increase in catalyst density could promote hydrogen yield

in the membrane reactor.
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Figure 5.16 Distribution of hydrogen yield along the reactor length of uniform

distribution and non-uniform membrane reactors

5.5 The performance of non-uniform distribution membrane reactor in term of Da

and Pe

Although non-uniform catalyst distribution and membrane allocation could be
used for increasing the performance of membrane reactor, the suitable distributions of
catalyst density and membrane area should be also considered. The reaction rate,
permeation rate and convection rate were very important factors controlling the
performance of membrane reactor. All of these three variables were correlated to one
another via two dimensionless numbers, Damkohler number (Da) and Peclet number

(Pe), in order to find the optimum distributions of catalyst density and membrane area.
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Figure 5.17 Methane conversion at the reactor exit of non-uniform distribution

membrane reactor at different Da and constant Pe
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Figure 5.17 showed methane conversion at the exit of uniform and non-uniform
distribution of membrane reactors with different Da number. Peclet number for every
scenario given in Fig. 5.17 was kept to be -3.006. When the catalyst density (Da number)
was very high, the suitable fraction of membrane area at the 1% section, which offered
maximum methane conversion, approached to 0. The adjustment of catalyst fraction of

each reactor section could not significantly improve the methane conversion because of

the limitation in H, permeation capacity.
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Figure 5.18 H, yield at the reactor exit of non-uniform distribution membrane reactor at
different Da and constant Pe

Figure 5.18 showed hydrogen yield at the exit of non-uniform distribution and
uniform distribution membrane reactors with different Da number. Peclet number was
kept to be constant at -3.006. The results showed that, for the reactor configuration with
high total catalyst density (high Da number), H, yield became its maximum value as
membrane fraction at the 1% section was equal to 0. Also, the adjustment of catalyst
distribution could not improve the hydrogen yield for the membrane reactor configuration
with high Da number since H, permeation became the slow step which controlled overall
mechanism inside the membrane reactor. As log(Da) = 9.787, log(Pe) = -3.006, the
optimum catalyst and membrane fraction at the 1% reactor section that offered optimum
methane conversion and H; yield were equal to 0.55 and 0, respectively.
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Figure 5.19 Methane conversion at the reactor exit of non-uniform distribution
membrane reactor at different Pe and constant Da
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Figure 5.19 showed methane conversion at the exit of non-uniform distribution
and uniform distribution membrane reactors with different Pe number. For the non-
uniform distribution considered in Fig. 5.19, Damkohler number was kept to be constant
at 4.489. The results showed that, at high Pe number (low H, permeation rate), maximum
methane conversion was achieved as membrane fraction at the 1% section of membrane
reactor was equal to 1. Also, membrane reactor with lower catalyst fraction at the 1°
reactor section always offered higher methane conversion compared to the uniform
distribution membrane reactor and reactor configuration with higher catalyst fraction at
the 1% reactor section because of higher achieved temperature of the former one compared

to the two latter ones at the 1 reactor section.
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Figure 5.20 H, yield at the reactor exit of non-uniform distribution membrane reactor at

different Pe and constant Da

Figure 5.20 showed hydrogen yield at the exit of non-uniform distribution and
uniform distribution membrane reactors with different Pe number. For the consideration
in Fig. 5.20, Damkohler number was kept to be constant at 4.489. The results showed
that, for low H, permeability (high Pe number), the maximum of hydrogen yield would
be obtained when the fraction of membrane area at the 1% section approached to 0. For
non-uniform distribution membrane reactor with high Pe number (low H, permeability),
higher catalyst fraction at the 1% section could offer maximum hydrogen yield because of

higher retention time for generated H, to permeate through membrane.

To evaluate and optimize the configuration of non-uniform distribution membrane
reactor, the conventional membrane reactor was considered as a base case. In this study,
the conventional membrane reactor at different total catalyst density (Da number) and H,
permeation rate (Pe number) which offered 97% of methane conversion was considered

as a base case for performance benchmarking as shown in Figs. 5.21. The fractions of
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catalyst packing and membrane area at the 1% section were varied to investigate the
improvement of methane conversion.
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Figure 5.21 Methane conversion at the reactor exit of non-uniform distribution
membrane reactor that total catalyst density and membrane area were adjusted until

methane conversion of conventional membrane reactor was equal to 97%
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As shown in Figs. 5.21, it could be concluded that maximum methane conversion
of non-uniform distribution membrane reactor was achieved, when the catalyst density
and membrane area at the 1% reactor section were lower than those at the 2" reactor
section. The membrane reactor which log(Da) = 12.090, log(Pe) = -2.784, offered the
largest difference of methane conversion between non-uniform distribution membrane
reactor with optimum configuration and uniform distribution membrane reactor. With this
Da and Pe numbers, over 99% methane conversion could be achieved as the catalyst and
membrane fraction at the 1% reactor section was equal to 0.5 and 0, respectively. The
performance evaluation of non-uniform membrane reactor considering the conventional
membrane reactor operating at different Da number and Pe number which offered H,

yield of 85% was also performed as shown in Figs. 5.22.
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Figure 5.22 H, yield at the reactor exit of non-uniform distribution membrane reactor
that total catalyst density and membrane area were adjusted until H; yield of conventional

membrane reactor was equal to 85%

The results from Figs. 5.22 indicated that non-uniform distribution membrane
reactor could also offer maximum hydrogen yield when the catalyst density and
membrane area at the 1% reactor section were lower than those at the 2" reactor section.
Non-uniform distribution membrane reactor could significantly offer higher H, yield
compared to uniform distribution membrane reactor at high values of Da and Pe numbers
(log(Da) = 12.090, log(Pe) = -2.878). More than 95% of H, yield could be achieved for
the non-uniform distribution membrane reactor as the fractions of catalyst packing and

membrane area were in the 1% reactor section was equal to 0.55 and 0, respectively.

According to the simulation results, it could be concluded that to the optimum
performance of membrane reactor, with the reactor dimensions considered in this study,
was achieved as the catalyst weight was more than 0.9146 kg, and the value of membrane

area to membrane thickness ratio was between 7,543 and 9,425 m.



CHAPTER VI

CONCLUSION AND RECOMMENDATION

6.1 Conclusion

The membrane reactor was one of the multifunctional reactors which combined
the reaction and separation functions into the same unit. This reactor type could be
applied in H; generation via steam methane reforming reaction in order to improve higher
methane conversion and hydrogen yield. Moreover, high-purity hydrogen could be
achieved for steam methane reforming in membrane reactor. Normally, a conventional
membrane reactor contained catalyst and membrane which was uniform distributed along
the reactor length. The disadvantage of this configuration was useless membrane reactor
in the starting path because of low concentration of hydrogen and extreme temperature

drop due to the endothermic steam reforming reaction at that reactor position.

In this study, to resolve the issue above, the membrane reactor was divided into
two sections with different amount of catalyst packing and membrane area. For every
scenario considered in this study, the total catalyst density and membrane area were
controlled at the constant values. Hydrogen yield and methane conversion were
considered as the performance indicator in this work. The results showed that as the
membrane fraction of non-uniform distribution membrane reactor at the 1% reactor section
was more than the 2" reactor section, its temperature and hydrogen partial pressure at the
retentate chamber were lower than uniform distribution membrane reactor in the 1%
reactor section, but the inverse trend was observed at the 2" reactor section. If the
catalyst fraction in the 1% reactor section was higher than the 2" section, temperature of
non-uniform distribution membrane reactor was lower than uniform distribution
membrane reactor at the 1% reactor section; however, hydrogen partial pressure of the
former became higher than the latter in the 1% reactor section. Also, these behaviors were

in the opposite direction at the 2™ reactor section.

In order to evaluate the performance of non-uniform distribution membrane
reactor and also optimize the its configuration, the effect of Damkohler (Da) number,

Peclet (Pe) number, fraction of catalyst packing and membrane area at the 1% reactor
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section on the reactor performance were studied. Da number represented the extent of
reaction rate, as Da number increases, the contribution of reaction increase. Pe number
represented the extent of H, permeation rate. H, permeation is enhanced as Pe number
decreased. For conventional membrane reactor, at high Pe number (low H, permeation
rate), the behavior of membrane reactor was almost similar to conventional reactor.
Inversely, if Da number was high, the membrane reactor will be controlled by H;
permeation rate since the reaction rate became relatively high. This phenomenon was

called “Permeation limitation”.

For the evaluation of non-uniform distribution membrane reactor, methane
conversion and hydrogen vyield at the reactor exit were considered as the performance
indicators to determine the best configuration of membrane reactor. The results from this
study indicated that, the operation near the permeation limitation, non-uniform
distribution membrane reactor could offer significantly higher performance compared to
uniform distribution membrane reactor. In cases that Pe number (H, permeability) was
controlled to be constant, as the total amount of catalyst used in the reactor increased, the
fraction of membrane area at the 1% reactor section should be decreased in order to
maximize the reactor performance. In cases that Da number (total amount of catalyst)
was kept constant, as Pe number increased (H, permeability decreased), the value of
fraction of membrane area should be low to achieve high reactor performance. For the
operation near the permeation limitation zone, the change in catalyst packing distribution

did not significantly affect the reactor performance.

In summary, the membrane reactor could effectively perform as it was operated at
the permeation limitation zone. At this operation zone, the membrane area to membrane
thickness should be determined between 7,543 and 9,425 m, while the catalyst weight
should be more than 0.9146 kg.

6.2 Recommendations

Because this work is the conceptual study, it is difficult to apply in the industry
scale. Therefore, more complicated simulation should be performed to evaluate the actual
performance of non-uniform distribution membrane reactor prior to be used in the

industry scale. Two-dimensional or three-dimensional simulations were also high
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performance tools used to envision all phenomena inside the membrane reactor, for
example the generation of hot spot or cold spot, the hydrodynamics, etc. Moreover, the
study of the distribution of catalyst packing might be not required since it did not
significantly affect the reactor performance. Also, since the number of section of non-
uniform distribution membrane reactor considered in this study is two, the optimum

section number of non-uniform distribution membrane reactor should be further studied.
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APPENDIX A

Specific heat capacity: the dependence of specific heat of a single component on

temperature was;

CPgy,, =4.18(5.34+0.0115-T) ki/kmol K

Cpy, o =4.18(8.22+0.000115-T +1.34x10° - T?) ki/kmol K
Cpgo =4.18(6.6+0.0012-T) ki/kmol K

CPeo, = 4.18(10.34+0.00274 - T ~195500-T ) ki/kmol K

Cp,,, =4.18(6.62+0.00081-T) KJ/kmol K

Heat of reaction

AH, =206310+ | (3Cp, +CPes ~Chas, ~CPyyo)dT kifkmol

AH,, =1651100+ [ (4Cp,,, +CPeg, —CPeyy, =~ 2Cpy,0)dT Kdtkmol

AH,, =AH,, —AH, kJ/kmol
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