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## 5970160421 : MAJOR CHEMICAL ENGINEERING

KEYWORDS: CHEMICAL LOOPING PROCESS / SORPTION-ENHANCED
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NATTHAPORN SAITHONG: Hydrogen production from biogas by the
combined process of chemical looping water splitting and sorption enhanced
reforming process: process analysis and design. ADVISOR: ASST. PROF.
AMORNCHAI ARPORNWICHANORP, D.Eng., 144 pp.

The integrated sorption-enhanced chemical looping reforming and water
splitting (SECLR-WS) process was proposed for hydrogen (H2) production from biogas
using iron oxide as the oxygen carrier and calcium oxide (CaO) as a carbon dioxide
(CO2) adsorbent. The simulation of the SECLR-WS process was based on a
thermodynamic approach and was performed using an Aspen Plus simulator. The
sensitivity results showed that the H» yield (mole of Ho/mole of CH4), Hz purity in the
fuel reactor (FR), and CH4 conversion could be improved by increasing the steam feed
to the FR to CH4 (Srr/CH4) and CaO to CHs (CaO/CHs) molar ratios. The molar
concentration of carbon monoxide (CO) in the high-purity Hz stream could be reduced
by increasing the pressure in the steam reactor (SR). The Hz yield in FR of 3.11 and in
SR of 0.66 were obtained at the optimal operating condition at Trr 0f 606.9 °C, Srr/CHa,
Ssr/CH4, Fe304/CHs, and CaO/CHs molar ratio of 2.35, 2.33, 0.92, and 1.94,
respectively. The performance of the optimal designed SECLR-WS process was
compared with a sorption-enhanced chemical looping reforming (SECLR) and a
chemical looping water splitting (CLWS) processes. The thermal efficiency of the
optimal designed SECLR-WS process was further improved by heat exchanger network
design based on a pinch analysis. In addition, the energy and exergy analyses of the
optimal designed SECLR-WS process were conducted to identify the part of the
inefficient energy usage of SECLR-WS process. The results indicated that the highest
exergy destruction was occurred in the FR and SR due to the occurrence of several
reactions in these units. The exergy efficiency of 76.83 % and 75152.8 kW exergy

destruction can be obtained from the SECLR-WS process.
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CHAPTER I
INTRODUCTION

1.1 Background and motivation

Hydrogen (H2) has been regarded as an important alternative fuel which has
high energy density and a heating value approximately three to four times higher than
natural gas and coal (Phuluanglue, 2015). In addition, Hz is considered as a clean and
environmentally friendly fuel, it can be used as feedstock for synthesizing ammonia
and methanol, in petrochemical processes, and it can also be used as a fuel in fuel cells
to generate electricity (Balat and Kirtay, 2010). Typically, H> is produced from fossil
fuels such as coal and natural gas, which are non-renewable energy sources, thus
resulting in more greenhouse gas emissions (Muellerlanger et al., 2007). Biogas is an
attractive type of renewable fuel composed of 60-80 vol.% methane (CHa4), 40-20 vol.%
carbon dioxide (CO.), and a small amount of hydrogen sulfide (H2S) (1-3 vol.%). Using
of biogas as a feedstock in reforming process for hydrogen production has several
advantages, such as reducing greenhouse gas emissions, easy producing from local
crops and being compatible to the existing natural gas plant (Effendi et al., 2005;
Pipatmanomai et al., 2009; Yang et al., 2014).

Conventionally, H> is produced from the steam reforming process using natural
gas as feedstock (Boyano et al., 2011; Tugnoli et al., 2008; Zeppieri et al., 2010). In
this process, CHj4 firstly reacts with steam to produce synthesis gas (syngas) which
mainly consists of Hz and carbon monoxide (CO), the produced syngas is later sent to
the cleaning and purifying processes to produce high purity H2. Although the steam-
methane reforming (SMR) process is widely used, it is a high energy-consumed
process, requiring several downstream units for H purification. The catalyst
deactivation due to coking is also found (Martinez et al., 2014; Song et al., 2015). As
the high energy demand is a major problem of the SMR process, the chemical looping
combustion (CLC) process has been developed. In the CLC process, two separate
reactors: an air reactor (AR) and a fuel reactor (FR), are required. The metal oxygen

carriers (OCs) transfer oxygen between the two reactors and react with the fuel in the



FR and with oxygen in the AR. This process generates heat from the oxidation reaction
in the AR. Since in this process air and fuel come in contact indirectly, the combustion
gas is not diluted by nitrogen (N2). Therefore, the gas separation unit or the air
separation unit, which consumes high amount of energy, is eliminated (Fan et al., 2017;
Ishida and Jin, 1996; Rydén et al., 2008).

Presently, the concept of chemical looping, similar to the CLC process, has been
introduced for Hz production in several ways such as chemical looping H2 generation
(CLHG) (sometimes called chemical looping water splitting (CLWS)) and sorption-
enhanced chemical looping reforming (SECLR). The CLWS process was developed
from the CLC process to produce Hz, CO2, and N2 using iron oxides (FexOy) as OCs.
The CLWS process, well-known as the steam-iron process, which was developed by
Howard Lane and his co-workers was the oldest method used to produce high-purity
H> in the industry (Lane, 1913; Messerschmitt, 1910; Thursfield et al., 2012; Voitic and
Hacker, 2016). The CLWS composed of three parts as shown in Figure. 1.1. First,
hematite iron (1) oxide (Fe203), was reduced to wustite (Feo9470) by complete
oxidation with fuel in the FR to obtain H,O and CO2. Subsequently, Feo0470 was
oxidized by H»O in the steam reactor (SR) to form magnetite iron (I1, 111) oxide (Fez0a)
and produce H». In the AR, FesOs was fully oxidized by the oxygen in the air and
generated Fe>Os. The highly exothermic reaction in the AR produced the heat needed
for the reduction reactions in the FR, therefore the system could be operated under
autothermal conditions (Chiesa et al., 2008; Edrisi et al., 2014; Kathe et al., 2016; Khan
and Shamim, 2016; Xiang et al., 2010). The H> generated in this process was
sufficiently pure for utilization in fuel cell systems. Moreover, a gas separation unit was
not required. Chiesa et al. (2008) analyzed the three-reactor chemical looping process
for Hz production. The results showed that the efficiency of the chemical looping
process was the same as that of the steam reforming process. However, chemical
looping was more environmentally friendly because the generated CO. could be
completely captured. Edrisi et al. (2014) simulated and optimized the chemical looping
process using iron-oxide-based OCs for Hz, N2, and COz production. The simulation
showed that the high flow rate of the OCs can be used instead of the inert support to
improve the heat transfer. However, the produced gas from FR usually contaminated



with Hz and CO due to the effect of partial oxidation reaction, therefore, a gas separation
unit was needed. In addition, the H> obtained from the SR was contaminated by CO-
and CO because of carbon deposition on iron oxide in the reduction step (Chen et al.,
2012; Rydén and Arjmand, 2012; Karel Svoboda et al., 2008; K. Svoboda et al., 2007).
Rydén and Arjmand (2012) conducted an experimental study on a steam-iron reaction
using a two-compartment fluidized-bed reactor. The experiment showed that the natural
gas reacting with iron oxide could produce syngas and CO». Chen et al. (2012) proposed
an integrating steam-iron and CLC process to produce H> and electrical energy. The
CLC process involved the combustion of the gas stream generated from the reduction

of iron oxide using syngas.

Oxygen depleted air H,HO
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Figure 1.1 Schematic of the three reactors chemical looping water splitting for

hydrogen generation (Xiang et al., 2010).

Another Hz production method based on the use of the chemical looping concept
is the SECLR process which was developed from chemical looping reforming (CLR)
to improve the steam reforming process using calcium oxide (CaO) as CO> adsorbent
and metal oxides (MeO), such as nickel oxide (NiO), as OCs. The SECLR process

requires three reactors as shown in Figure 1.2. Firstly, the NiO and CaO solid mixture



is fed to the FR to produce H»-rich syngas. Syngas is produced when CHjy reacts with
H>0 and NiO during the steam reforming and partial oxidation reactions, respectively,
while CaO adsorbs CO> simultaneously; thus, the water-gas shift reaction is shifted
forward to provide higher yield of Ho. Afterward, the generated calcium carbonate
(CaCO0:a3) is regenerated in the calcinator during an endothermic calcination reaction,
while Ni from the FR is re-oxidized in the AR via the exothermic oxidation reaction.
Therefore, the high temperature solid in the AR is used to maintain the operating
temperature of three reactors under adiabatic operating conditions (Rydén and Ramos,
2012). A gas separation unit is not needed for this process because the generated CO;
from steam reforming is captured by CaO. Hence, this process is less complex when
compared with conventional steam reforming. Antzara et al. (2015) conducted the
thermodynamic analysis of H production using the SECLR process. They found that
the sorption-enhanced process offered higher CH4 conversion rates, Hz purity, and yield
at low temperature. Udomchoke et al. (2016) proposed a modified SECLR process
involving the direct supply of the solid from the AR to FR to provide the heat for the
reduction reaction. The modified process presented a significant impact on process
control due to the broadened operating windows. However, the Ha stream was still not
pure enough to be used as a fuel for low-temperature polymer electrolyte membrane
fuel cells (LT-PEMFC) (Phuluanglue et al., 2017; Tippawan et al., 2016; Udomchoke
et al., 2016; Yahom et al., 2014). It should be noted that LT-PEMFC requires an
extremely high purity Hz stream which the CO concentration should be less than 20
ppm (Bhatia and Wang, 2004; Zamel and Li, 2011). Kasemanand et al. (2017)
performed the exergy analysis of the SECLR integrated with high-temperature polymer
electrolyte membrane fuel cells (HT-PEMFC). The results revealed that the main
exergy destruction of SECLR and HT-PEMFC is found at the AR and the cathode of

the fuel cell, respectively.
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Figure 1.2 Schematic of sorption-enhanced chemical looping reforming (Yahom et
al., 2014).

The integration of the SECLR and CLWS processes is interesting and can be
advantageous as it does not require a gas separation unit for the produced gas leaving
the steam reforming reaction. Moreover, Hz-rich syngas and high purity H; are obtained
from sorption-enhanced reforming and water-splitting reaction. The integrated of the
SECLR and CLWS (SECLR-WS) process uses iron oxides, CaO, and H,0 as OC, CO;
adsorbent, and oxidizing agent, respectively. The SECLR-WS process consists of three
reactors i.e., FR, SR, and calcinator, as shown in Figure 1.3. Initially, Fe3O4 and CaO
are fed into the FR to react with H>O and fuel to produce Ho-rich syngas. Afterward,
FesO4 and CaO are transformed into Feoo470 and CaCOsg, respectively, and then the
solid mixture is sent to the SR. In the SR, Feo.9470 is oxidized to Fe3O4 by H20 and
gaseous products Hz and H-O, are obtained. Subsequently, the solids from the SR, i.e.,
Fe304 and CaCOs, are fed into the calcinator to regenerate and then supplied to the FR
for the completion of the process cycle. Since CO: is captured by CaO in the FR, the
separation of CO» from the gaseous product does not require a gas separation unit, and
Ho-rich syngas is obtained. In addition, the purity of H> from the SR is high enough, so

the Ha thus obtained can be used in fuel cell systems to generate electricity.
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Figure 1.3 Schematic of the sorption-enhanced chemical looping reforming and water

splitting process.

The objective of this study is to investigate the performance of the SECLR-WS
process for Ho production. Biogas as a renewable fuel was considered as feedstock.
First, a thermodynamic approach is used to analyze the effects of operating parameters
on the SECLR-WS regarding the H> yield and purity under steady-state condition. The
key operating parameters considered are the temperature of FR and SR, steam feed to
FR to CH4 molar ratio, steam feed to SR to CH4 malar ratio, FesO4 to CH4 molar ratio,
Ca0 to CH4 molar ratio and CO> concentration in biogas feed stream. Then, the optimal
operating conditions is determined based on two different objective functions, i.e., the
maximization of H, production and the maximization of thermal efficiency.
Performance of the optimal designed SECLR-WS process is compared to the SECLR
and CLWS processes in terms of hydrogen purity and thermal efficiency of the process.
Next, an energy-efficient SECLR-WS process including the optimum structure of heat
exchanger is designed based on the pinch analysis to achieve the maximum heat
recovery at the optimal operating conditions. Finally, the energy and exergy analysis of
SECLR-WS are performed to identify the part of the SECLR-WS process with

inefficient energy usage.



1.2 Objectives

To analyze and design the sorption-enhanced chemical looping reforming and

water splitting integrated process for hydrogen production from biogas.

1.3 Scopes of work

1.3.1 The sorption-enhanced chemical looping reforming and water splitting
integrated process (SECLR-WS) was simulated by using Aspen Plus program based
on a thermodynamic approach.

1.3.2 Biogas with 60 mol% CH4 and 40 mol% CO: is used as the main
feedstock to produce hydrogen. The co-feed is H2O, and iron oxide and CaO was used
as an oxygen carrier and CO2 adsorbent, respectively, for hydrogen production
through SECLR-WS process.

1.3.3 Effects of operating parameters, i.e., operating temperatures of fuel
reactor (Trr) and that of steam reactor (Tsr), Fe3O4 to CH4 (Fe304/CH4) molar ratio,
CaO to CH4 (CaO/CH4) molar ratio, steam feed to fuel reactor to CHs (Srr/CHa)
molar ratio, steam feed to steam reactor to CH4 (Ssr/CH4) molar ratio and CO2 molar
concentration (%CO3) of feed stream, on the hydrogen purity and yield from fuel
reactor and steam reactor and CH4 conversion in the SECLR-WS process were
investigated.

1.3.4 Optimization is performed to determine the optimum condition of the
SECLR-WS process offering the maximum yield of H, from both fuel and steam

reactors, and maximum thermal efficiency.

1.3.5 The performance of SECLR-WS process i.e., hydrogen purity, hydrogen
yield and thermal efficiency is compared with those of the conventional SECLR and
the CLWS processes.

1.3.6 Heat exchanger network of the SECLR-WS process is designed based on
pinch analysis method to achieve the maximum heat recovery at the optimal operating

condition.



1.3.7 The energy and exergy analysis of the SECLR-WS process are

performed to determine the part of the process with inefficient energy usage.



CHAPTER Il
LITERATURE REVIEWS

At present, hydrogen is a clean fuel that has been increased attention because it
does not emit greenhouse gases after burning and it has a high energy density compared
to other fuels. In this chapter, the literatures related to the H. production are
summarized. The topic of the interested literatures are divided in two major parts i.e.,
the conventional hydrogen production process and the chemical looping concept for

hydrogen production process.

2.1 Conventional hydrogen production

Hydrogen production process has been studied and developed extensively.
However, there are only a few processes used in the industry such as steam-methane
reforming process, partial oxidation process, autothermal reforming process, and
steam-iron process. Hydrogen can be produced from the various feedstock. However,
the most favored feedstock for hydrogen production is natural gas because it is
available. (Rakib et al., 2010).

2.1.1 Steam-methane reforming process

The Steam-methane reforming process is the most widely used for hydrogen
production in the industry. At present, around 40-50 % of the world's hydrogen is
produced by the steam-methane reforming process (Dou et al., 2014). The basic steps
in the steam-methane reforming process consists of the pretreatment process, the steam-
methane reforming (SMR) process which CHy is converted to syngas, water-gas shift
process and hydrogen purification process. In general, SMR reaction take places in the
range of temperature and pressure around 750-900 °C and 50-600 psig, respectively,
over the reforming catalysts. The steam to methane molar ratio of the feed is maintained
around 2.5-6.0. The product gas from the reformer is cooled before it is fed to adjust

the H> to CO ratio at the water-gas shift (WGS) reactor which normally operated at
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300-400 °C. The exhaust gas is then fed into the hydrogen purification process to
separate CO. by pressure swing adsorption (PSA). The product gas from PSA process
contains 98-99.99 mol% hydrogen (Hufton et al., 1999). The process efficiency can
increase by introducing recycle stream and flue gas to the furnace to supply heat to the
reformer (Ogden, 2001).

However, the steam-methane reforming process has many drawbacks, such as
highly energy demand and greenhouse gas emissions because the steam-methane
reforming reaction is an endothermic thus the fuel is burned to supply heat to the
reformer. In addition, the process is complicated from being comprised of multi-step
reactions and separation to obtain high purity hydrogen (Martavaltzi et al., 2010).

2.1.2 Partial oxidation process

Partial oxidation process includes reacting natural gas or hydrocarbons with a
restricted O». If the amount of supplied oxygen is too high, the product will be water
and carbon dioxide. Generally, a non-catalytic reactor for partial oxidation operates
under a temperature of 1150-1500 °C and a pressure of 25-80 bar (Ritter and Ebner,
2007). Partial oxidation process has several advantages such as the reaction is
exothermic, which does not require external heat source, the rate of reaction is faster
than the SMR reaction, the size of the process is compact, and several feedstocks can
be used (Steinberg and Cheng, 1989). However, the main drawback of this process is

the requiring of pure oxygen from air separation unit, which is the expensive unit.

2.1.3 Autothermal reforming process

The autothermal reforming process is a combination of a steam-methane
reforming process and a partial oxidation process within a single reactor. The advantage
of this process is the SMR reaction can be heated directly through partial oxidation
reaction thus the external heat source can be eliminated. To achieve an autothermal
condition, the operating parameters must be appropriate. The molar ratio of oxygen to

fuel and steam to carbon must be manipulated to control the temperature, a product gas
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composition, and the side reaction in this system (Flytzani-Stephanopoulos and VVoecks,
1983). However, the autothermal reforming process still requires an air separation unit
to produce high purity Oz, which is expensive, and the process also produces less
hydrogen than the steam-methane reforming process.

2.1.4 Steam-iron process

Steam-iron is an old process used to produce hydrogen in the industry which
normally operates at temperatures between 750-850 °C (Messerschmitt, 1910). The
advantage of this process compared to other reforming processes is the ability to
produce pure hydrogen using the two-steps redox cycle without another purification
process, such as a water-gas shift process and PSA process (Takenaka et al., 2005).
Although the process is less complicated, the gas separation unit is still required.
Because of the contaminating of syngas in the gas product stream, which composes
CO- and H20, from reduction step and the large consumption of energy for producing

more high-pressure steam as feedstock (Bleeker et al., 2010).

2.2 Chemical looping method for hydrogen production

Chemical looping is a process that has the concept of dividing a reaction into
subreactions and using the reaction medium, which reacts and was regenerated through

such subreactions (Fan et al., 2016).

The well-known chemical looping process is chemical looping combustion
(CLC) process. The CLC process operates by using oxygen carriers (OC) instead of air
in the combustion reaction to avoid direct contact between air and fuel. The combustion
gases are not contaminated with N2 and the air separation unit is not required. The CLC
process operated by using two reactors, which are fuel reactor (FR) and air reactor (AR).
The oxygen carriers react with the fuel in FR. The product gases are CO, and H-O.
Then, the oxygen carriers are re-oxidized by air in the AR before they are fed back to
the FR. The reaction occurred in AR is an oxidation reaction of oxygen carriers, which

in which the heat is released.
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The CLC process has been applied to the electricity and hydrogen generation as
a source of heat. Lyngfelt et al. (2001) proposed a circulating fluidized bed boiler
design. The system consists of two connected fluidized beds i.e., a high-velocity riser
and a low-velocity bubbling fluidized bed using a metal oxide as a bed material. Design
based on the limited experimental of oxygen carriers, it was found that the rate of the
reduction and oxidation are fast enough. The design of the reactor size is reasonable
and feasible. In addition, yield and conversion are appropriate. Oxygen carriers have a
sufficient amount of oxygen and the transfer rate of the oxygen carriers is also

appropriate.

Fan et al. (2017) investigated the ex-situ coal gasification chemical looping
combustion integrated with combined cooling, heating and power generation (CCHP-
CLC). Syngas from the coal gasification process entered the chemical looping
combustion process to produce heat and CO: can be separated without extra energy
consumed. The parameters that affect the system, such as steam-to-coal mass ratio
(S/C), the oxygen-to-coal mass ratio (O/C) and operating pressure and temperature of
chemical looping combustion process, were analyzed to find out an optimal operating
condition by using the Aspen Plus program. From the parameteric analysis, the optimal
condition was achieved at the S/C of 0.05, O/C of 0.75, the pressure of 5 bar and the
temperature of 1200 °C. The energy efficiency in terms of useful energy output to the

required energy input was 58.20 % and 60.34 % in summer and winter respectively.

The CLC is also applied in a steam-methane reforming process. This concept
was proposed by Ryden and Lyngfelt (2006), who studied the hydrogen production
through the integrated steam reforming process and CLC process using natural gas as a
feedstock. The endothermic reforming reactions take place in a bubbling fluidized bed
reactor. The heat-contained oxygen carriers are used as a heating media for steam

reforming reaction.

Fan et al. (2016) studied and compared the performance of the steam-methane
reforming (SMR) process with that of the integrated of CLC and steam-methane
reforming process (CLC-SMR) by performing exergy analysis. Modeling of the
considered processes was done in Aspen Plus program. The SMR and CLC-SMR
process models can be shown in Figure 2.1. The result showed that the overall exergy
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efficiency of the CLC-SMR process was 9.5 % higher than that of SMR. Moreover, the
exergy of combustion of the CLC-SMR process was found to be 1.47 % higher than
that of the latter. Regarding economic analysis, the CLC-SMR was found to be

economically feasible.

Although the integrated CLC and steam-methane reforming process can
enhance the H» production performance, it requires a complex Ha purification process,
which composes of the high-temperature water-gas shift (HT-WGS) reactor, low-
temperature water-gas shift (LT-WGS) reactor, and the PSA process. In addition, the
design requires the reformer in the fluidized environment which it has a serious

corrosion problem.
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Figure 2.1 Schematic diagram of SMR and CLC-SMR process. (Fan et al. (2016))
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2.2.1 Sorption-enhanced chemical looping reforming process

Chemical looping reforming (CLR) process differs from the CLC process in
terms of the product. The main product of CLC process is heat while that of CLR
process is syngas. In CLR process, restricted amount of oxygen carrier is fed to react
with fuel to form syngas via partial oxidation reaction. The product gas leaving FR is

fed to WGS reactor and PSA unit in order to produce high purity Ho.

Ryden et al. (2006) studied a continuous chemical looping reforming reactor.
The reactor consists of two inter-connected fluidized reactors, as shown in Figure 2.2.
The natural gas and NiO were used as a feedstock and oxygen carrier, respectively. The
NiO is mixed with inert solids of 60 % by weight. The oxygen carriers were reduced
by the natural gas within FR and then re-oxidized by air within AR. The product gas
from FR consisted of CO, CO2, H20, and Hz. The various parameters were investigated,
such as the composition of product gas leaving FR, the carbon formation in FR, the
leakage between FR and AR, and the Oz ratio. Based on the experiment in the various
condition, it was found that the natural gas conversion of 100 % could be achieved and
the product gas with high yield of H> and CO was obtained. In addition, the combined
feed of natural gas and steam could increase the Hz production while decrease the

carbon formation on oxygen carrier.
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Figure 2.2 Schematic description of chemical looping reforming reactor (Ryden et
al., 2006).
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Ortiz et al. (2010) investigated the production of hydrogen by autothermal
chemical looping reforming process using pressurized fluidized bed reactor. NiO was
used as an oxygen carrier. The effect of pressure, the reduction temperature, and the
oxygen carrier-to-fuel (NiO/CHs) molar ratio on CHas conversion, product gas
composition, and carbon formation, were studied. The experiment was divided into two
parts: reduction test and oxidation test using a semi-continuous fluidized bed reactor. It
was found that the pressure did not affect the gas outlet composition. More than 98 %

of methane conversion could be achieve in all considered conditions.

Lima da Silva et al. (2012) analyzed the efficiency of the polymer electrolyte
membrane fuel cells (PEMFC) system integrated with the CLR system using biogas as
a feedstock. The performance of PEMFC system integrated with different reforming
processes, such as steam reforming process (SR), autothermal reforming process
(ATR), and partial oxidation process (POX) was investigated and compared. The
thermodynamic analysis was carried out by using minimize Gibbs free energy method.
It was found that the PEMFC system integrated with the SR required the highest energy,
whereas the PEMFC system integrated with CLR, POX, and ATR could be operate
under the autothermal condition. The PEMFC systems integrated with the CLR process
provided equal voltage and energy as the PEMFC system integrated with the SR process
and can also reduce CO, emissions. The optimal operating condition of PEMFC system

integrated with reforming process was determined.

The CLR process has advantages over the CLC-SMR process due to it is not
necessary to design the reformer in the fluidized environment, which it has a serious
corrosion problem, but there are still required the hydrogen purification process, which
composes WGS and PSA process. Thus, the CLR process has been improved by using
the concept of integrating the separation and regeneration into the single reactor, which
is called sorption-enhanced process.

Ding and Alpay (2000) investigated the steam-methane reforming reaction with
the addition of a hydrotalcite-based CO. adsorbent and Ni-based catalyst. From the
experiment and theoretical studies, it was found that the CO2 adsorbent enhanced the
steam-methane reforming reaction by shifting the reaction equilibrium of reforming and

water-gas shift reactions. The conversion was found to increase when the operating
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pressure and reactor space time increase. However, the opposite trend was found when

steam to methane ratio increase.

Hydrogen production through sorption-enhanced chemical looping reforming
process (SECLR) using waste cooking oil as a feedstock within a packed bed reactor
was investigated by Pimenidou et al. (2010). An experiment was conducted in packed
bed reactor using a Ni catalyst with in-situ CO> capture by using dolomite, which was
fully carbonated and had a composition of 21.3 wt.% MgO, 30.7 wt.% CaO, 0.3 wt.%
SiO2, 0.27 wt.% Fe»03, 0.1 wt.% Al>O3z, and 47.33 wt.% CO». The feed is alternated
between fuel-steam and air. It was found that 98 % purity of hydrogen was obtained at
600 °C and 1 atm. The system with CO adsorbent has a higher conversion than the one
without CO2 adsorbent. The result also showed that CO2 could completely captured by

dolomite.

Rydén and Ramos (2012) studied hydrogen production with CO> capture by a
SECLR process using NiO as an oxygen carrier and CaO as a CO_ adsorbent. The
process consisted of three reactors: reforming reactor, calcination reactor and air
reactor. In the reforming reactor, fuel was partially oxidized by the oxygen carrier while
CO2 was captured by the CaO. This process can produce the high purity Hz, N2 and
CO- without the need for gas separation unit. The study indicated that, the SECLR
system could operate under the autothermal conditions and the Hx with purity higher

than 98 % was achieved at the operating pressure of 1 bar.

Yahom et al. (2014) simulated the SECLR process by Aspen Plus program. The
product gas composition was calculated based on the Gibbs free energy minimization
method. It was found that the involved CO- capture could enhance the yield and purity
of H2. Moreover, it allowed the reaction to take place at lower temperature. The optimal
operating conditions offered high purity H2 (> 90 %) of the SECLR process was
achieved at temperature ranging of 500-600 °C, NiO/CHa4, and CaO/CH4 molar ratios
greater than 1, and H.O/CH4 molar ratio greater than 2, while that of the CLR process
was found at 800 °C, H20/CH4 molar ratio is 3, and NiO/CH4 molar ratio is 1, at these
condition, approximately 75 % yield of high purity H> was achieved.
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Although the SECLR process has the advantage of in-situ CO> capture without
extra energy demand and it also does not require WGS and PSA process to purify
hydrogen. However, hydrogen produced by the process is not pure enough to use in

some systems, such as PEMFC.

2.2.2 Chemical looping water splitting process

Messerschmitt (1910) and Lane (1913) proposed the steam-iron process using
iron oxide as an oxygen carrier. This is an old process used for hydrogen production in
industry. At present, the steam-iron process is known as chemical looping water
splitting process (CLWS). The traditional steam-iron process is divided into two parts.
The first part, iron oxide in magnetite state (FezO4) is reduced to wistite state (Feo.0470)
by hydrocarbon fuel, and generates H,O and CO,. Then, the iron oxide in wistite state
enters the second part, where the iron oxide in wistite state is oxidized by H20 to form
the iron oxide in magnetite state. The product is H> and H>O and the iron oxide in

magnetite state is then recycled.

Bleeker et al. (2007) studied hydrogen production by a steam-iron process using
pyrolysis oil as a feed. The experiments were divided into two cases, once-through and
the continuous process. The redox reaction was carried out over ammonia catalyst. The
results showed that the hydrogen obtained from the oxidation reaction was 0.84 Nm®/kg
dry pyrolysis oil and the gases obtained during the reduction process had a heating value

around 38 % of the feed stream.

Cormos (2010) studied the IGCC power generation and hydrogen production
by chemical looping hydrogen production using iron oxide as an oxygen carrier. The
syngas from gasification process was used to reduce the iron oxide in Fe304 to Feo.9470,
which it is re-oxidized by H>O to produce hydrogen, as shown in Figure 2.3. This
process could generate 400 MW of electricity and produce 0 to 200 MW of hydrogen.
The effect of operating parameters i.e., gasifier feeding condition (slurry feed vs. dry
feed) and type of gasification reactor, on process efficiency was investigated. The
process integration and product distribution analysis were also performed. The study

found that the chemical looping process could be used in CO> captured better than
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classical technologies like gas-liquid absorption because it had less effect on the process

efficiency.
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Figure 2.3 Layout of IGCC scheme for co-generation of hydrogen and electricity
with carbon capture and storage using an iron-based chemical looping system
(Cormos, 2010).

Chen et al. (2012) simulated an integrated steam-iron and chemical looping
combustion process for hydrogen and electricity production using Aspen Plus program.
The concept of the process was shown in Figure 2.4. The role of the CLC process in
integrated process is combustion of the gas stream, which is a mixture of Hz, CO, COs,
and H0O, from Fe-FR. In this study, the effect of iron oxide recycle rate, steam flow
rate to Fe-SR, and reactor temperature were examined. The results showed that net
power efficiency of 14.15 % and the hydrogen efficiency of 33.61 % could be achieved
at the Fe-SR, Fe-FR, Ni-FR, and Ni-AR temperature of 815 °C, 815 °C, 900 °C, and
1050 °C respectively. At this condition, the external heat source was not required, and
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the generated CO. was completely capture. It also found that the ratio of hydrogen to

electricity could be controlled by adjusting the iron oxide recycle rate.
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Figure 2.4 Conceptual scheme of the Fe looping and the Ni looping for hydrogen

generation with inherent separation of CO, (Chen et al., 2012).

Although the chemical looping water splitting process has the advantage of
producing high purity hydrogen simultaneously with CO; capture, however, the process
also has the disadvantage in thermodynamic limitation leading to low hydrogen
production and the gas product stream from FR is contaminated by H> and CO.
Therefore, the three-reactors chemical looping water splitting process was later
developed. This process consists of FR, the steam reactor (SR), and AR. Additional the
AR can be eliminated the thermodynamic limitation by using the iron oxide in hematite
state (F203) instead of iron oxide in magnetite state to react with CHa. The iron oxide
in hematite state can be obtained from complete oxidation of iron oxide in magnetite
state with air. The complete oxidation reaction is an exothermic reaction, which can

provide heat to the system for an autothermal operation (Abad, 2015).

Chiesa et al. (2008) studied the three-reactors chemical looping process for
hydrogen production. The process consists of three reactors, as shown in Figure 2.5.

The chemical looping system was integrated with electricity and steam generation
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processes. The study compares this process with the conventional process used in the
industry, such as steam reforming process. It was found that the three-reactors chemical
looping process offered the same efficiency as the steam reforming process, however,
it offered better environmental benefit. Regarding the CO> capture performance, the
generated CO, was completely captured in chemical looping process, whereas less than

80 % of CO> was captured in conventional process.

oxygen
depleted air

H,0, CO,

Fe, 04 natural
gas

Figure 2.5 Concept scheme of the chemical looping (Chiesa et al., 2008).

The production of Hz, N2, and CO2 by chemical looping using iron-based
oxygen carrier and methane as a feed was studied by Edrisi et al. (2014). The optimal
operating conditions offering maximum yield of H, was investigated. The study found
that, at the optimal operating conditions, the production of Hz, N2, and CO- of 2.65,
2.533 and 0.99 mol/mol CHg, respectively, could be achieved. At this condition, the
process efficiency is 80.2 % was obtained. The use of iron oxide instead if inert support
could improve the energy utilization of the system. Moreover, the authors suggested

that the re-oxidation stage should be divided into two steps to get the pure No.

Kathe et al. (2016) analyzed and simulated a chemical looping for hydrogen

production process from natural gas using iron oxide as an oxygen carrier. The study
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began by analyzing the oxidizer and the reducer thermodynamic phase diagrams to find
the optimal operating conditions in an autothermal operation for complete loop
simulation. The simulation carried out by using the Aspen Plus program for calculating
a cooling load, a water requirement and net parasitic energy consumption (such as pump
and compressor), and the other parameters for analyzing the thermal efficiency of the
process. The study found that the chemical looping process could increase a cold gas
efficiency and a thermal efficiency by 5 % and 6 %, respectively, higher than the SMR.
Moreover, 90 % of generated CO> could be captured. In addition, Kathe et al. (2016)
also proposed a model for increasing the efficiency of hydrogen production by
separating two solid stream, leaving from the reducer, as shown in Figure 2.6, to reduce
the amount of iron oxide in the oxidizer, so the H.O/Fe molar ratio is increased,

resulting in an increase in the rate of reaction.

Oxidizer

aQ=0

Combustor
Ambient Air

T=T,

Figure 2.6 Split stream reactor loop variation for the chemical looping system (Kathe
etal., 2016).
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Although the three-reactors CLWS process can overcome the thermodynamic
limitation of the steam-iron process, it still has the disadvantage. The problem is the
carbon formation on iron oxide in reduction state resulting in the CO and CO:
contaminate in hydrogen product stream. The three-reactors CLWS process requires
syngas, which mainly contained Hz and CO, as a feed to produce the CO, and H20. The
use of other hydrocarbon feedstocks lead to produce the product gas containing Hz, CO,
CO:2 and H20O, therefore the gas separation unit is required. Therefore, the system is
usually integrated with the syngas production process, such as gasification (Abad et al.,
2007; K. Svoboda et al., 2007). Thus, the hydrogen and syngas production using iron

oxide as an oxygen carrier was studied.

Rydeén and Ramos (2012) conducted an experiment on a steam-iron reaction
experiment using a two-compartment fluidized-bed reactor at 800 — 900 °C and
atmospheric pressure by using three types of feedstocks i.e., CO, syngas, and natural
gas, in reduction step and using steam for oxidation step. The experiments showed that
the CO and syngas reacted rapidly with oxygen carriers and the composition of gas
product was close to the thermodynamic equilibrium. Iron oxide could react with steam
completely. It also found that using natural gas as a feed offered syngas and CO;

products.

Go et al. (2009) studied the production of hydrogen and syngas by chemical
looping concept using methane as a feedstock. H> was produce from the SR without
purification unit, while the syngas was produce from the FR. Then the produced gas
was used to produce the liquid hydrocarbon via Fisher-Tropsch process. The parameters
such as the reaction temperature, gas velocity, and reactant concentration, which
affected to the iron oxide reactivity in fluidized bed reactor, were studied. The study
found that the optimal operating conditions for the FR was achieved at the CH4
concentration (Ccha) > 25% and superficial gas velocity (Ug) of 0.0287 m/s and the SR
is CcHa > 50% and Ug of 0.0402 m/s. The average molar ratio of H2/(2CO+3CO.) was
0.65 and pure hydrogen without CO contamination could be achieved when SR operates
under 1173 K.
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From the literature review mentioned above, the CLWS process can be applied
to the hydrogen and syngas production. However, CO2 must be separated to obtain a

syngas with downstream process specification.



CHAPTER 11
THEORY

3.1 Biogas

Biogas is a combustible gas produced by an anaerobic digestion process. A
composition of biogas is similar to natural gas as shown in Table 3.1. It can be produced
from a variety of feedstock such as animal waste, household wastes, crops residue,
waste water, etc. Therefore, the biogas production is low cost and it can be used as
alternative fuels. In recently, biogas is used in many applications, such as combustion
to produce electricity and heat, improve quality for natural gas process, and it can be
improved to be compressed biogas (CBG) or liquid biogas (LBG) for used instead of
other fuels. The heat from direct combustion of biogas is low efficiency. While the use
of biogas as a feedstock in reforming process for hydrogen production has several
advantages, such as reducing greenhouse gas emissions, biogas can be easily produced
from local crops can be used in existing natural gas plants (Authayanun et al., 2014;
Pipatmanomai et al., 2009; Yang et al., 2014).

3.2 Hydrogen production process from biogas

Hydrogen production by methane through the reforming process generally
consists of five types: 1. Steam-methane reforming (SMR) 2. Partial oxidation (POX)
3. Autothermal reforming (ATR) 4. Dry reforming (DR) and 5. Dry oxidation reforming
(DOR). Currently, SR, POX, and ATR process are mostly used for hydrogen production
by using natural gas as a feedstock. The appropriate reforming process should be
selected by considering the natural gas composition. Normally, the production of

hydrogen by biogas or methane usually operates at 600-1,000 °C with a catalyst.
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Table 3.1 Composition of biogas from an anaerobic digestion-plant and natural gas in
the Netherlands. (Schomaker et al. (2000))

Component Dimension Natural Gas Biogas
CHas vol.% 85 55-70
CO2 vol.% 0.89 30-45
CaHs vol.% 2.85 -
CsHs vol.% 0.37 -
CsH1o vol.% 0.14 -

N2 vol.% 14.35 -
02 vol.% <05 -
H.S mg/m? <5 0-15
NH3 mg/m® - 0-450

3.3 Sorption-enhanced chemical looping reforming and water splitting process.

The sorption enhanced chemical looping reforming and water splitting process
(SECLR-WS) is a combination of the SECLR process and the CLWS process, using
iron oxide as an oxygen carrier and CaO as the CO2 adsorbent. The SECLR-WS process
consists of three reactors: a fuel reactor, steam reactor, and the calcinator, as shown in
Figure 1.3, and the main reactions occurring are shown in Egs. (3.1)—(3.8) (Fraser et
al., 2006; Go et al., 2009; Yahom et al., 2014). The fuel such as CH4 and steam are fed
to the fuel reactor for steam-methane reforming and partial oxidation reactions, Eq.
(3.1) and (3.4), respectively. The gas product is CO and Hz. An iron oxide in Fe3Oa
form is reduced to Feo.9470 by the endothermic reaction. At the same time, the CO>
produced by the complete oxidation of methane, Eg. (3.5), is adsorbed by CaO
according to carbonation, Eq. (3.3), resulting the equilibrium of water-gas shift
reaction, Eq. (3.2), shift to the product side. Then the Feo9470 and CaCOs enter the

steam reactor to re-oxidize Feo 0470 to FesO4 by using the steam as an oxidant according
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to Eq. (3.6). The product gas from the steam reactor is H2O and H,. After that, FesO4
and CaCO:s are fed to the calcinator. This will produce CO; from calcining the CaCOg,

and then Fe3O4 and CaO are returned to the fuel reactor for the complete loop.

Fuel reactor

Steam-methane reforming (SMR)

CH,+H,0 —» CO+3H, AHR® = +206.2 kJ/mol (3.1)
Water-gas shift

CO+H,0 & CO,+H, AHR®=-41.1 kJ/mol (3.2)
Carbonation

CaO+CO, «» CaCO, AHR® =-178.7 kJ/mol (3.3)
Partial oxidation of methane

1.202Fe,0,+CH, <> 3.807Fg,,,,0+CO+2H, AHR® = +294.6 ki/mol (3.4)
Complete oxidation of methane

4.807Fe,0,+CH, <>15.228F¢, ,,,0+CO,+2H,0 AHR’ = +518.5 ki/mol (3.5)

Steam reactor

Steam-iron (or water-splitting)
3.808F¢,,,,0+H,0 <> 1.202F¢,0,+H, AHR® =-88.1 kJ/mol (3.6)
Oxidation of CO

3.8071Fe, ,,,0+CO, <>1.2018Fe,0,+CO AHR® = -47.34 Ki/mol (3.7)
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Calcinator

Calcination

CaCO, <> Ca0+CO, AHR®=178.7 kJ/mol (3.8)

3.4 Minimization of Gibbs free energy method

The Gibbs free energy is the thermodynamic property which usually used to
identify the equilibrium state. The Gibbs free energy is the value which defined by the
enthalpy (H) minus the multiple of temperature and entropy (S) as shown in Eq. (3.9)

G=H-TS (3.9)

where G is the Gibbs free energy, H is the enthalpy, S is the entropy, and T is the

temperature of the system.

The thermodynamic analysis of the process under an equilibrium condition can
be performed by minimization of Gibbs free energy method. The total Gibbs free
energy (G') of N species of the system at a temperature and pressure is determined by
Eq. (3.10):

N N N
G'=>nG =) nu=> (NG +nRTIn fl) atT, P (3.10)
i=1 i=1 i=1 i
where Gi° is the Gibbs free energy of species i at standard condition, n; is the mole of
species i, N is the number of species, R is the universal gas constant, fi is the fugacity
of species i, fi° is the fugacity of species i at standard condition, i is the chemical
potential of species i, and Gi is the Gibbs free energy of species i. T and P are the

temperatures and the pressure of the system.

The Gi° is set equal to zero for all the element at standard state, and the Gi®is set
to equal the Gibbs free energy change of formation for species i at standard condition
(AG+°), which determined by Eq. (3.11). For the gas phase, fi defined by Eg. (3.12) and

fi%is equal to standard state pressure of 1 bar.
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AG; AG?, —AH?, AH?. p o P 0

fi _ fOi foi n foi +1J’ ACp, dT _J‘ ACp. d_T (311)
RT RT, RT Ti R IROT
fi=y.4P (3.12)

where y; is the mole fraction of species i, which determined by Eq. (13) and ¢ is the

fugacity coefficient of species i. To is the reference temperature. AGjy, and AHg; is the

Gibbs free energy and enthalpy change of formation for species i at reference standard
condition, respectively. AC3, is the heat capacity change of reaction to form species i.

As the process proceeds, the total Gibbs free energy decreases until the
equilibrium condition is reached when the total Gibbs free energy is minimum. So, the
equilibrium composition and the other thermodynamic value can be calculated by
solving the optimization problem, Eqg. (3.13).

min(G'), , (3.13)

For the conservation of atomic species, the ni must be satisfied the constraints
following Eq. (3.14):

N
D agn=b, forl<j<M (3.14)

i=1

where aji is the number of atoms of element j in component i, bj is the total number of

atoms of element j, and M is the total number of elements.

From the substitution of Eqg. (3.11) and (3.12) to (3.10), the optimization can

be performed as follows:

N
min(GY), » = > (NAGS +nRT In %)

i=1
N
subjectto D> a;n, —b, =0
i=1

The problem is to find the set of nj which minimizes G for specified T and P,

and satisfy the constraints. In general, the method to solve this problem is Lagrange
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multiplier method. For an example problem, the single-phase ideal gas reaction at 1

bar and high temperature, the ¢ and P/P° is unity. Thus the problem can be reduced

to the following form;

N N
min(G'), » =Y (NAGS +nRT Iny,) =" (NAGS +nRT In——)
i i-1 i-1 Zn_

N
subjectto > a;n, —b, =0
i=1

By defining a quantity A, called the Lagrange multiplier and applied to the
constraints in the example problem to get the Lagrange function (L) as shown in Eq.
(3.15)

L(nl,nz,...,nN,Al,/IZ,...,/lM):ZN:(niAG?i +nRT In—" )Jri(;tj(iajini ~b,))
i=1 n 1 i=1

(3.15)

To find the set of nj and A; which minimize the problem, the necessary

conditions are generated following;

oL _goL_, oL

O
AL ok
o4, oA, YN

The solution of n; and A; of the example problem can be solved from the system
equations above. But the method to solve the optimization problem, Lagrange
multiplier, is very complicated when applied in Gibbs minimization method for a

complicated process due to the complex step for calculating the value of AG, and ¢

for real gas (Bonilla-Petriciolet et al., 2011). Thus, the simulation software such as
Aspen Plus is very useful to perform the thermodynamic analysis in complicated
process. Aspen Plus can calculate the composition and the other thermodynamic value

by Gibbs minimization method through an RGibbs module.
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3.5 Pinch analysis

Energy consumption is a major problem for chemical processes. Generally, in
the chemical process design, it is important to concern about how the maximum energy
recovery can be obtained. Pinch technology is one of the widely used approaches to
design the process to maximize energy recovery. The concept, pinch analysis, was first
introduced by Linnhoff et al. and Umeda based on Hohmann’s work (Linnhoff and
Hindmarsh, 1983; Yoon et al., 2007). The pinch analysis (or pinch technology) is the
method to design heat exchanger networks of the process base on the thermodynamic
which that guarantee the maximum heat recovery (Sahdev, 2012). The advantage of
pinch analysis is that it can improve the efficiency of the process without the need for
advance or complex operating units but to generate the heat integration system. The
concept of the pinch analysis is to find the minimum energy target (also called energy
target, which that the maximum energy recovery can be obtained at this point) by
matching hot streams and cold streams (Peters et al., 2003). The finding minimum
energy target by pinch analysis can be achieved in 2 methods, graphical method and
problem table algorithm.

3.5.1 Graphical method for minimum energy target

One of the methods used to perform pinch analysis to determine the energy
target is the graphical method. A graphical method is a basic method for pinch analysis.
The first step of this method is to identify of the process stream of interest, the all
process streams need to heat up are called cold streams, in contrast, the all process
streams need to be cooled are called hot streams. The data of all process streams in the
process of interest must be identified including flow rate, thermal properties, phase
changes, the temperature ranges, and also enthalpy change. The example of 4 process
streams data is shown in Table 3.2.

The important information of the process streams for pinch analysis is the
enthalpy change of the streams, the initial (or supply) and final (or target) temperature

of the streams, and the flow rate of the streams. Those data can be obtained by the mass
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and energy balance from the process simulation or the measurement of the real existing

process. The enthalpy change of the streams can be calculated by Eq. (3.16)

Table 3.2 The data of 4 process streams example (Kemp, 2011).

Process Heat Initial (supply) Final (target) Stream heat load
stream capacity temperature temperature (kW) (positive for
number flow rate (°C) (°C) heat release)

and type (KW/°C)

(1) cold 2.0 20 135 2.0(20-135) = -230

(2) hot 3.0 170 60 3.0(170-60) = 330

(3) cold 4.0 80 140 4.0(80-140) = -240

(4) hot 15 150 30 1.5(150-30) = 180

AH =mC, (T, -T,) =CP(T, -T,) (3.16)

where AH is the enthalpy change rate (or the amount of heat of the hot and cold
streams can be exchanged), m is the mass flow rate, Cp is the heat capacity. Ts and T

are the supply and target temperature and CP is the heat capacity flow rate define as the

mC, product. In this study, the value of CP in the stream is assuming constant, and the

value of AH is the amount of heat for changing the temperature (sensible heat) and
phase (latent heat) of the streams.

When the data of the process streams are obtained, the next step is to construct
a composite curve. The example of a construct of the hot composite curve, which is
representing all hot streams, is shown in Figure 3.1. Consider the temperature and
enthalpy diagram shown in Figure 3.1(a), which consists of 3 hot separated streams in
temperature range T1 to Ts. In the temperature range T1 to T2, only the stream B exits.
Therefore, the enthalpy change in this range can be calculated from CPg(T1-T2).
However, during temperature range of T to Ts, the enthalpy changes within this range
is equal to (CPa + CPg + CPc) (T2-T3). In the temperature range of T3 to T4 and T4 to

Ts, the enthalpy change can be calculated by using this same method. When the
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calculations are done in all temperature ranges, the hot composite curve is completed
as shown in Figure 3.1(b). In the same way, the enthalpy changes in the temperature
range of cold streams and the construction of the cold composite curve, which is
representing all clod streams, can be done by this method.

AHlnterval

(T; — TL)B)
(T,- T)(A +B +C)

(T3 — TLHA + C)

(Ty— Te)A)

(a)

(b) H

Figure 3.1 Example of the construction of hot composite curve (Kemp, 2011).

The hot and cold composite curve of the example according to the Table 3.2 is
shown in Figure 3.2. The overlap of hot and cold composite curve represents the
maximum heat can be exchanged within the process. The excess point (or overshoot)
from the bottom of the hot composite represents the minimum cold utility required for
cooling the hot streams, and the excess point from the top of the cold composite curve
represents the minimum hot utility required for heating the cold streams. For the pinch
analysis, the hot composite curve is fixed on the left side. And then, the cold composite

curve is moved to the right, away from hot composite curve by fixing the temperature
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and enthalpy change of the curves. This process proceeds until the specified of the
minimum temperature different (AT, ) is obtained. The AT, is the point that the
different temperature of hot and cold composite curve is minimum in vertical distance
or the point that the hot and cold composite curve is closest. The AT, of the curve
which represent the minimum cold and hot utility is called “pinch point”. For example
shown in Figure 3.2, there is a AT, of 10 °C. From the pinch analysis using the
composite curve, the energy target or the minimum hot and cold utility can be obtained
at the specific of the AT, value. When AT, is changed, the minimum energy
required in the process is changed. The minimum energy required in the process is
increased by increasing the AT, . But the capital cost is reduced because of the

increase in the driving force.

Hot and cold composite curves
180

J
160 — Cooling Heat recovery ,x'i Heating

duty 60 kW 450 kW .07 duty 20 kW
140 — | P

120 —
100 —

80 —

Actual temperature (°C)

-
60 — Pt
37 4
Pl

.
.
40 —
L

20 —

0 T T T I
0 100 200 300 400 500 600
Heat flow (kW)

Figure 3.2 Composite curve of the four streams example according to the Table 3.2
(Kemp, 2011).
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3.5.2 Problem table algorithm for minimum energy target

Although the graphical method can be used to find the minimum energy target
when specifying AT .. , however, this method is difficult and inaccurate because the
composite curve must be drawn. Another way to find the minimum energy target base

on the pinch analysis is to use a problem table algorithm approach. It is a step-by-step

calculation. It was introduced by Linnhoff and Flower in 1978.

The first step for the problem table algorithm is the setting of AT, value. For
the four process streams example according to the data are as shown in Table 3.2, the

AT, . is set at 10 °C. Then, the supply and target temperature are shifted. For the hot

streams, the temperature is shifted by half the AT, .. (5 °C for this example) below and

above for the cold streams as shown in Table 3.3. The schematic of the temperature in
vertical scale of normal and shifted temperature change of each stream can be shown
in Figure 3.3. By shifting the temperature in this way ensures that the heat exchangers
between the hot and cold streams are possible in the interval temperature. For example,
In the temperature interval 2 within the shifted temperature range between 145 °C and
140 °C, it can be seen that stream 2 and 4, which are hot streams, have a temperature
change from 150 °C to 145 °C while stream 3, which is cold stream, has the temperature
change from 135 °C to 140 °C. Thus, in this temperature interval, the hot stream
temperature is higher than the cold stream throughout the interval. Therefore, we can
calculate the net energy in each temperature interval according to Eq. (3.17). The results
of the calculation can be shown in Table 3.4.

AH; = (5, _Si+1)(ZCPH _ZCPc)i (3.17)

where S and Si+1 are the shifted temperature of interval i and i+1. ZCPH and

ZCPC are the summation of the heat capacity flow rate in hot and cold streams in the

interval i.
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Table 3.3 The data of 4 process streams example with shifted temperature according
to the data in Table 3.2 (Kemp, 2011).

Stream number and CP Actual temperature Shifted temperature
type (KW/K) Ts (°C) Tt (°C) Ss (°C) St (°C)
1. cold 2 20 135 25 140
2. hot 3 170 60 165 55
3. cold 4 80 140 85 145
4. hot 1.5 150 30 145 25

Figure 3.3 Stream and interval temperature according to the data in Table 3.2 (Kemp,

2011).

Table 3.4 The net enthalpy change in the temperature interval from the data according
to Table 3.2 (Kemp, 2011).

Shifted temperature  Interval number S - Sixa D> CP,-> CP.  AH,
(°C) (°C) (KW/°C) (KW)
S1=165

1 20 +3.0 +60
Sz =145

2 5 +0.5 +2.5
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S3 =140

3 55 -1.5 -82.5
S4=85

4 30 +2.5 +75
Ss =55

5 30 -0.5 -15
Se =25

The positive sign of the net enthalpy change means the surplus energy and the
minus sign represents the deficit energy. Then, the next step is the cascade calculations.
The assumption use for calculations is the temperature of net enthalpy change in each
temperature interval i higher than interval i+1. Thus, the heat can be transfer from the
interval i to i+1. The example of calculation between the temperature interval 1 and 2
can be performed, as shown in Figure 3.4. A surplus heat of 60 kW in interval 1 will be
transfer to the interval 2 which has a surplus heat of 2.5 kW. Therefore, the net heat in
the temperature interval 2 is the surplus of 62.5 kW. The heat is then transferred to the
temperature interval 3. In the temperature interval 3, the heat deficit is 82.5 kW. The
surplus heat of 62.5 kW from the temperature interval 2 range results in a net heat deficit
of 20 kW, which will be transferred to the temperature interval 4. When this step is
follow to the final, in the temperature interval 5, the net heat is the surplus heat of 40
kW which is transferred to the cold utility. The cascade calculation procedure can be
shown in Figure 3.5(a). In the temperature interval of 3 and 4, the net heat transfer
between interval 3 and 4 is a negative value of 20 kW which is not possible in
thermodynamics. In order for the system to be thermodynamically feasible, 20 kW of
heat must be sent from the hot utility unit, as shown in Figure 3.5(b). Finally, when the
procedure end, the minimum of hot and cold utility for the system can be obtained at
the given AT, . As shown in the example, the minimum hot utility is 20 kW and the
minimum cold utility is 60 kW. In addition, the pinch temperature can be found at a
point where the heat transfer is zero. The pinch temperature is 85 °C or and 90°C for
hot stream and 80 °C for cold stream. When compared with the graphical method

described above, the answer and information is the same. But the problem table



37

algorithm is more convenient for large systems with high complexity. This is a

numerical procedure which can be applied to computer-based calculations.

1

T=145°C + AT,;,/2
For all hot streams

BB o = == e = = BOKW | — - -

2

T=<145°C — AT in/2
For all cold streams

Figure 3.4 Transfer of the surplus heat from interval 1 to 2 (Kemp, 2011).
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From hot utility From hot utility
165°C _ _ _ _ _ Okw _ _ _ _ _ _ _ __ 20kW _ _ _ _ _ _
¥
1| AH = +60 kW 1| AH= +60kW
145°C _ _ _ _ _ 60kwW _ 80kW _ _ _ _ _ _
A,
2| AH= +25kW 2| AH= +2.5kW
140°C _ 625kw _ B2EIW-
¥
3| AH = —-82.5kW 3 | AH= —82.5kW
85°C _ B okw
ki
4| AH= +75kW 4| AH=+75kW
e BRI i ovssnizrmn s TBKW o arz g
i \
5| AH=-15kW 5| AH=-15kW
25°C _ _ _ _ _ 40kW _ _ _ _ _ _ _ __ 60kW _ _ _ _ _ _
\
To cold utility To cold utility
(a) Infeasible (b) Feasible

Figure 3.5 The cascade calculation of the example according to Table 3.2 (Kemp,
2011).

3.5.3 Heat exchanger network design

After the energy target is obtained, the heat exchange network design can be
performed to meet the target energy. It starts by drawing a grid diagram of the process
stream. The grid diagram of the example 4 process stream according to Table 3.2 is
shown in Figure 3.6, this diagram was proposed by Linnhoff and Flower (1978).
Initially, the table is divided into two parts: the above pinch and the below pinch. When
considered above the pinch, only the hot utility is needed. Another meaning, above
pinch, all hot streams can be cooled sufficiently by heat exchange with cold streams.
Therefore, it is possible to find a match to cool the hot streams to a pinch temperature

by using a heat exchanger with the cold streams and only the hot utility is needed for
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the remaining cold streams. Thus, the design of heat exchanger network at above the

pinch temperature must find matches to fulfill this condition.

CP (kW/°C

170°C 60°C ( )

[2] . 30
150°C 30°C

E >~ 1.5

135°C 20°C

- E 2.0

140°C 80°C

- (3] 40

Figure 3.6 Grid diagram of the data according to Table 3.2 (Kemp, 2011).

The example for heat exchanger network design is presented by using the data

of example in Table 3.2. The energy target from the graphical method and problem
table algorithm of example process streams at AT, of 10 °C is 80 kW, which are 20

kW hot utility and 60 kW cold utility. The design for matching hot and cold streams at
above pinch temperature starts from the pinch temperature, according to the
requirement criterion that the heat capacity flow rate of the hot stream is less than or

equal to the cold stream as shown in Eq. (3.18). This criterion is used to avoiding the
temperature different in exchange of hot and cold stream greater than AT, . Consider

hot stream 2 and cold stream 3 because of CP2 <CP3, so both of these streams can be
matched. Above the pinch temperature, the hot stream 2 must discharge the heat of 240
kW while the cold stream 3 needs the heat to be heated of 240 kW. Therefore, the
matching between stream 2 and 3 will provide the satisfy heat of both streams. Then
consider hot stream 4 and cold stream 1, it found that CP4 <CP1 which can be matched.
For heat exchange between stream 4 and stream 1, only stream 4 has been satisfy with
90 kW of cooling. But stream 1 is not satisfy heating load. By the 90 kW heat from
stream 4, the temperature of stream 1 is change from 80 °C to 125 °C, while the target

temperature of stream 1 is 135 °C. So, the stream 1 must be heated from external hot
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utility with the amount of 20 kW to change the temperature from 125 °C to 135 °C. The
hot and cold streams matching scheme is shown in Figure 3.7. It can be seen that the

20 kW heat from the hot utility is the same as the value from the energy target

calculation.
CPHOT < CPCOLD (3.18)
. CP (kW/°C)
170°C 90°C
2 (OrF—=r------ 3.0

150°C

e 15

20 kW 90 kW

2 e E
135°C G 125°CI e -
u E__ 1 .

140°C 80°C
- O -3 4.0
240 kW

Figure 3.7 Above pinch heat exchanger network design for example data in Table 3.2
(Kemp, 2011).

Next, consider below pinch temperature, the heat exchanger network design is
performed separately from the above pinch temperature design. The design starting
from the pinch temperature by the requirement criterion that the heat capacity flow rate
of the hot stream must be greater than or equal to the cold stream, as shown in Eq.
(3.19). The design below pinch temperature is the same as the design of the above pinch
temperature. The design is aimed to ensure that the cold stream is adequately heated to
the pinch temperature and that the only cold utility is used with the hot stream. In this
example, the matching starts from the cold stream 1 (the only cold stream below the
pinch temperature), which must be matched to hot stream 2 because CP1 <CP». Due to
the only 90 kW of heat in the hot stream 2 can be exchange with cold stream 1, which
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not satisfy the target temperature. The remaining of 30 kW must be discharge from the
hot stream to cold stream 1 and the only hot stream is stream 4. Although, the CP
criterion of cold stream 1 and hot stream 4 did not pass for this match, but this match is
feasible because it is away from pinch. The cold stream 1 has been heated to 90 kW,
the point is far from the pinch temperature, so it can be heated from hot stream 4. The
feasible of this match can be checked using the balance of the heat exchange, as shown
in Figure 3.8. When the match is complete, only hot stream 2 is not reach the target
temperature. It must be cooling by using the external cold utility of 60 kW to be at 30

°C. The value of the cold utility requiring corresponds to the energy target calculation.
CPor 2 CPeoin (3.19)

To complete the heat exchanger network design, putting the design of above

and below the pinch temperature together, as shown in Figure 3.9. The design achieves

the best heat transfer efficiency at AT, of 10 °C. There are 6 heat exchangers

(including heater and cooler unit).
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(a)

CP (kW/°C)

60°C 3.0

1.5

(b)

Figure 3.8 Below pinch heat exchanger network design for example data in Table 3.2
(Kemp, 2011).

CP (kW/°C)

70° 90°C 60°C

E150C /é\ 90°C /4\ 70°C @ 30°C . 15
135°C 125°C I 80°C J\SS CI i 20°C

» o /_\ 0, {e] (e} O,

~ H) ), I s (1] 20
— 20 kW 90 kW 90kW  30kW

- O 80 C{EI 4.0

240 kW

Figure 3.9 Complete heat exchanger network design for example data in Table 3.2
(Kemp, 2011).
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3.6 Energy and exergy analysis

Energy analysis can be performed by using the thermal efficiency of the process
based on the first law of thermodynamics. The thermal efficiency can be obtained by
calculating the heat demand and the heat release through the energy balance, which is
by the first law of thermodynamics. The energy analysis treats all the form of energy
are an equivalence. It only analyzes the quantity of energy. For energy analysis of
hydrogen production with the SECLR-WS process, thermal efficiency (or energy
efficiency) can be calculated from the energy produced by the hydrogen product
divided by the all energy input to the process (Dincer and Rosen, 2013). The total
energy input to the system is the summation of the heat for the reactor, the heat for
heating all feed streams, and the energy in the feed stream. The thermal efficiency of
the system can be calculated following the Eq. (3.20).

Enerng2 productstream I\IH2 < I‘H\/H2

M (%0) = %100 (3.20)

Total energyto system % Quotar + (NCH4,feed x LHVCHA)

where NH2 and NCWfeed are the molar flow rate of Hz in the product stream and CH4
in biogas feed stream, respectively. LHV,, and LHV,, are the lower heating value of

H2 and CHa. Q,,, is the total energy input to the process (including the duty of heater

and duty of the reactor).

Energy analysis, based on the first law of thermodynamics, does not provide
sufficient information on how much work is being lost to transform energy (Mukherjee
etal., 2015). Therefore, to evaluate the efficiency of the process, taking into account
the irreversibility of the system, the exergy analysis is conducted. The exergy analysis
is based on the first and second laws of thermodynamics. Exergy is the maximum useful
work can be obtained when the system is operated under one initial state (T, P) to the
equilibrium with the reference environment sate (To, Po) (Zhu et al., 2018). In this
study, the reference environment state is To = 25 °C and Po = 1 atm. The exergy analysis
of the process can determine which parts of the process are inefficient in energy usage,

resulting from the irreversibility of the system.
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Energy is conserved and cannot be lost but can transform from one to another,
which is based on the first law of thermodynamics, and from this point, the energy
balance can be performed. The entropy and exergy balances are different from the
energy; the system must always have to generate entropy. While the system is always
destroyed the exergy. This is due to the irreversibility of the system as shown in
Figure 3.10.

Medium 1 Medium 2

T,

Heat
transfer
Entropy
generated
Entropy
transfer
Exergy
destroyed
Exergy

transfer

Figure 3.10 Energy, entropy, and exergy transfer through the wall (Boles and Yunus
A. Cengel, 2014).

The exergy destruction can be calculated by exergy balance around the control
volume at steady state operation with several input and output streams according to
Eg. (3.21) (Kasemanand et al., 2017).
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O EX)y = O EX)yy, + EXg (3.21)

where (Z Ex),, and (Z EX),, are the summation of exergy in and exergy out,

respectively, and EX, is the exergy destruction.

The transfer of the exergy is divided into three types: the exergy transfer by
heat, exergy transfer by work, and the exergy transfer by mass (or flow exergy). The
exergy transfer by kinetic and potential energy is neglect in this study because there are
small when compared with the exergy transfer by heat and flow exergy in the thermal
chemical process (Kasemanand et al., 2017). The total exergy transfer can be

calculated according to Eq. (3.22).
D Ex=D Ex + ) Exy+ ) EX, (3.22)

where Y Ex., > Ex,,and ) Ex, are the total exergy transfer by mass, heat, and
work, respectively.

The exergy transfer by heat and work can be calculated following the Eq.
(3.23) and (3.24).

Ex, = (1- -1|:—°)QS (3.23)

Ex, =W (3.24)

where Ex, and EXx,, are the exergy transfer by heat and work, respectively. T; is the

reference environment temperature, T is the system temperature.Q, and W are the

heat and work transfer through the process. When the heat and work transfer into the
process, the exergy transfer by heat and work are included in the term of exergy transfer
into the process. In contrast, when the heat and work release from the process, the
exergy transfer by heat and work are included in the term of exergy transfer out of the
process. In this study, the heat source to supply the process is not consideration, thus,
when the unit operates by consuming the heat of Qs at Ts, the heat source assuming

supply the heat at level of Ts.
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The flow exergy can be calculated from the Eqg. (3.25)

Exs ;= F; xexs (3.25)

where Exsj is the flow exergy of stream j, F; is the molar flow rate of stream j, and

exs,j IS the specific molar flow exergy of stream j.

The flow exergy consists of two component, physical exergy and chemical
exergy, according to Eq. (3.26). The physical exergy of stream j (eXpn,) is the useful
work obtained by passing a stream in the general state (T, P) to the reference
environment state (To, Po), which can be determined by Eq.(3.27) (Querol et al., 2013).
The chemical exergy of stream j (eXcnj) is the useful work obtained by passing the
substance from the reference environment state to the equilibrium with the reference
environment state. The chemical exergy can be calculated from Eq. (3.28) (J.Y. et al.,
2004).

€Xs.i = o j T Xen (3.26)
X, ; = (N =1 }) =To(S; =Sy ;) (3.27)

X = 1} yi:je_xch,i FRT, D Yy Iy )+ Q% e_Xch,i)+ Q2 e_Xch,i)
(3.28)
where hj and s;j are the specific molar enthalpy and entropy of stream j at T and P. ho;
and soj are the specific molar enthalpy and entropy of stream j at To and Po. f;¥, fi, and

f;> are the mole fraction of gas, liquid, and solid, respectively, in stream j. yij, Xij, and
zij are the mole fraction of component i in gas, liquid, and solid phase, respectively, in

stream j. eXai is the standard specific molar chemical exergy of component i at To and

Po. €Xeni Of the all components in the SECLR-WS process are shown in Table 3.5.

The exergy analysis is performed by using the exergy efficiency of the process
(M) and exergy of a single unit in the process (n,,;) and also the exergy destruction
of the single unit in the process to explode the nearly real efficiency of the process. The

definition of the exergy efficiency of the SECLR-WS process for the hydrogen
production is the exergy of hydrogen product output divided by the total exergy input,
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according to Eq. (3.29), which analogous to the thermal efficiency of the process

(Dincer and Rosen, 2013). The exergy efficiency of the single unit in the process can

be calculated by Eq. (3.30).

EXH2 product stream

0/f) = o Productstream
Mex (%0) S B,

_ QB _

EX,

nex,i (%)_ (Z EX)in -

O Ex),

Table 3.5 Standard chemical exergy (Szargut, 2005).

Standard chemical exergy

Substance Phase (kJ/kmol)

CH4 g 831600
H20 g 9500
(6{0) g 275100
CO2 g 19870
H: g 236090
FesOa4 S 116300
Feo.0470 S 111300
CaOo S 110200
CaCO3 s (aragonite) 1000
H20 I 900

(3.29)

(3.30)



CHAPTER IV
MODELING OF THE SORPTION-ENHANCED CHEMICAL
LOOPING REFORMING AND WATER SPLITTING PROCESS

Process model is a useful tool for understanding the behavior of chemical
processes. In this chapter, the modeling and simulation of the sorption-enhanced
chemical looping reforming and water splitting (SECLR-WS) process are explained.
The SECLR-WS process is simulated by using Aspen Plus program. The Aspen Plus is
a flowsheeting based model using a sequential modular approach. Basically, the
sequential modular is a computational strategy which perform the simulation of the
process by performing the calculation sequence (unit-by-unit). Detailed flowsheet
development for the SECLR-WS process are given in this chapter, including major
assumptions, a module of a unit, and stream information. In addition, the validation of
SECLR-WS simulation against the experimental data reported in the literature is
presented.

4.1 Model of the SECLR-WS

Modeling of the sorption-enhanced chemical looping reforming and water
splitting process (SECLR-WS) was performed by using Aspen Plus simulator. In the
process, the equilibrium reactor is simulated using the equilibrium RGibbs reactor. The
gaseous equilibrium composition in the reactor can be calculated using the
minimization of Gibbs free energy method which does not require specific information
of the reaction in the system. However, the input composition for the calculation must
be appropriated. In this study, the biogas feed, which mainly composes of CH4 and CO»,
and steam were considered reactants. Magnetite iron oxide and CaO were used as
oxygen carrier and CO2 adsorbent, respectively. Therefore, the possible gaseous
components were Hz, CHs, CO2, and CO, and the solid components were CaCO3, CaO,
Fe304, and Feg9470 (Go et al., 2009; Rydén and Ramos, 2012). The summarize
specification of components in this system is summarized in Table 4.1. The system was

operated under isothermal and isobaric conditions. The thermodynamic properties were
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determined based on the SOLIDS property method using the vapor phase in the
Redlich-Kwong-Soave equation of state with Boston-Mathias modification (ESRKS).
The assumptions of the simulation were as follows: (1) the Kinetic effects were not
taken into consideration, (2) the shape and properties of the solids were disregarded,

(3) the pressure drops and heat lost between units during the operation were neglected.

Table 4.1 Specification of components in SECLR-WS process.

Components Type
H 2O Conventional
H 5 Conventional
CO Conventional
CO s Conventional
CaO Solid
CaCO3 Solid
Fe304 Solid
Fe O Solid

0.947

The flow diagram of the SECLR-WS process for H> production from biogas is
shown in Figure 4.1. The process involved three reactors: FR, SR, and calcinator and
three cyclones. Biogas (BIOGAS), steam (STEAM-FR), and the mixture of FezO4 and
Ca0 in the SOLID-RE stream were fed into the FR to produce H-rich syngas. The FR
was operated under isothermal conditions at 500-800 °C and atmospheric pressure. The
oxidation reaction, which included the partial (Eq. (3.4)) and complete (Eq. (3.5))
oxidation reactions, and the SMR reaction (Eqg. (3.1)) took place in the FR. Magnetite
iron oxide was reduced to wstite during the oxidation reaction. At the same time, CO>
produced during the complete oxidation reaction (Eq. (3.5)), was adsorbed by CaO
during the carbonation reaction (Eq. (3.3)), resulting in the equilibrium of the water-
gas shift reaction (Eq. (3.2)) shifting toward the product side. The gaseous products and
solids from the FR (FR-CYC) were fed to the first cyclone (CYC1) to separate gases
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from solids. The main product of the FR was Hz-rich syngas (SYNGAS). The solids
stream from the FR (FEOCACO3): Fe304, Feo.0470, CaO, and CaCOs, were fed to the
second reactor, the SR. The SR was operated under isothermal conditions at 400-800
°C and atmospheric pressure. In the SR, wiistite iron oxide was re-oxidized to magnetite
iron oxide using steam as oxidizing agent during the steam-iron reaction (Eg. (3.6)).
The main gaseous product from the SR was high-purity H> (H2). The mixed gaseous
and solid products that streamed from the SR (SR-CYC) were sent to the second
cyclone (CYC2) for separation. Subsequently, the solids that streamed from the SR
(CACOS3FEJ): Fe304, Ca0, and CaCOz were fed to the calcinator (CAL) to regenerate
CaCOs by calcinating (Eg. (3.8)) CaCOs into CaO. The calcinator was operated at TcaL
= 860 °C. The mixture of gases and solids that streamed from the calcinator (CLC-
CYC3) was fed to the last cyclone (CYC3) to separate CO2 gas from the solid FezO4
and CaO. The solids that streamed from CY C3 were fed back to the FR to complete the
cycle of the process. The based case and the range of operating conditions considered
in this study are shown in Table 4.2. The main reactions occurring in the combined
process, SECLR-WS, are shown in chapter 3 (section 3.3) which according to Eqgs.
(3.1)-(3.8) (Fraser et al., 2006; Go et al., 2009; Yahom et al., 2014).

Table 4.2 Base case simulation and studied range of the SECLR-WS process.

Value
Parameter
Base case condition Range of study
Biogas feed stream
CO2 molar concentration (%) 40 0-90
Temperature (°C) 400 -
Pressure (atm) 1 -

Steam feed to FR

Temperature (°C) 400 -



Pressure (atm)

Steam feed to SR
Temperature (°C)

Pressure (atm)
Steam in FR to CH4 molar ratio
FesO4 to CH4 molar ratio
CaO to CH4 molar ratio
Steam in SR to CH4 molar ratio
FR temperature (°C)
SR temperature (°C)

Calcinator temperature (°C)

400

2.2

1.66

2.87

600

500

860

51

0-8

0-8

500-800

400-800

« coz

cAL

SOLID-RE

Figure 4.1 Simulation flow diagram of the combined process of sorption-enhanced

chemical looping reforming and water splitting process (SECLR-WS).



52

The key operating parameters in the SECLR-WS process were the fuel and
steam reactor temperatures (Trr and Tsg, respectively) and the Fe3Os4 to CHs
(Fe304/CH4) molar ratio, CaO to CH4 (CaO/CHa4) molar ratio, steam feed to FR to CH4
(Srr/CH4) molar ratio, and steam feed to SR (Ssr/CH4) molar ratio (Eqgs. (4.1)—(4.4),
respectively), and CO2 molar concentration (%CO3) in the biogas feed stream. The
performance of the process was expressed in terms of H» yield in the FR and SR, total
H> yield, Hz purity in the FR and SR, and CH4 conversion, which were calculated using
Egs. (4.5)-(4.10), respectively.

mol Fe,O, feed

Fe,O,/CH, molar ratio (mol/mol) = 4.1
e ( ) mol CH, feed (“1)
CaOICH, molar ratio (mol/mol) = 121 CaO feed 4.2)
mol CH, feed
S.../CH, molar ratio (mol/mol) = Mol steam feed to FR (4.3)
mol CH, feed
S,./CH, molar ratio (mol/mol) = Mol steam feed to SR (4.4)
mol CH, feed
H, yield in FR (mol/mol) = MM Producedin FR (4.5)
mol CH, feed
H, yield in SR (mol/mol) = M2 H; produced in SR (4.6)
mol CH, feed
Total H, yield (mol/mol) = mol H, produced in FR + mol H, produced in SR @7)
mol CH, feed
H, purity in FR (%) = mol H, produc.ed in FR . 4.8)
mol gaseous products in FR (dry basis)
H, purity in SR (%) = mol H, produc_ed In SR — X (4.9
mol gaseous products in SR (dry basis)
CH, conversion (%) = mol CH, in - mol CH, out _, o, (4.10)

mol CH, in
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4.2 Model validation

As the integrated SECLR-WS process presents a new concept, experimental
data of the proposed process is quite limited. However, the model of the proposed
process developed in this study is derived from two basic chemical looping processes:
SECLR and CLWS. Thus, the parts of the SECLR-WS process were individually
validated. The first part of the SECLR-WS model, which involves the SECLR process,
was validated using the experimental data reported by Rydén and Ramos (2012). Pure
CHg was used as feedstock and chemical looping reforming took place in a fluidized
bed reactor. The temperature of the FR was varied in the 600750 °C range, and the
input parameters: Skr/CH4, NiO/CH4, and CaO/CH4 molar ratios were 1.8, 1, and 1,
respectively. Table 4.3 shows the resulting H> and CO2 concentrations from the
experimental results and simulation data of the SECLR process. It was found that the
model predictions were in good agreement with the experimentally obtained H:
concentrations. The over-estimation of the CO> concentration at high temperatures
occurred from the incomplete conversion of CHs in the experimental process. CHs
conversion can be improved using higher Ser/CH4 molar ratios than indicated by the
equilibrium conditions (Rydén and Ramos, 2012). The CLWS process was validated
using the work done by Edrisi et al. (2014) under the same conditions (Table 4.4). It
was found that the predictive results of the CLWS model were in good agreement with
the value reported in that literature (Table 4.5). From the validation results presented
here, the developed model of the SECLR-WS process consisting of the SECLR and

CLWS models will be used to analyze the performance of the process.



Table 4.3 Comparison of the simulation results and experimental data (Rydén and
Ramos, 2012) of the SECLR process.

Concentration (% mol/mol dry basis)

Temperature  Simulation Experimental Relative error (%)
H2 CO2 H2 CO2 H2 CO2
600 0.9812 0.0058 0.9876 0.0058 0.6596  0.3506
650 0.9388 0.0200 0.9488 0.0216 1.0627  8.0937
700 0.8725 0.0568 0.8308 0.0707 4.7801 24.4665
750 0.7282 0.0988 0.7080 0.1255 2.7759  27.0957

Table 4.4 Operating conditions for validation of the CLWS process.

Feed stream

Fuel

Stream

Air

Component
Temperature

Pressure

Component
Temperature

Pressure

Component

Temperature

CHa 1 kmol s?
450 °C

20 bar

H>0 6.55 kmol st
400 °C

22 bar

N 2.533 kmol stand O, 0.673 kmol st

470 °C
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Pressure 20 bar
Reactor
Fuel reactor temperature 723 °C
Steam reactor temperature 727 °C
Air reactor temperature 880 °C
Pressure 20 bar
Solid circulation

Component Fe203 4 kmol s™tand MgAl204 6 kmol s

Table 4.5 Comparison of the simulation results and experimental data (Edrisi et al.,
2014) of the CLWS process.

Molar fraction

Simulation Reference Absolute error

Gaseous product from

fuel reactor

CHa 0.00025 0.0002 0.00005
CO2 0.33324 0.3333 5.06x10°%
H20 0.66649 0.6665 1.1x10
Gaseous product from
steam reactor
H20 0.59333 0.5938 0.0004637

H2 0.40666 0.4062 0.0004637




CHAPTER V
THERMODYNAMIC ANALYSIS AND OPTIMIZATION

This chapter presents the effect of the operating parameters on the performance
of the SECLR-WS process. The effect of key operating parameters such as a
temperature of FR, a temperature of SR, steam to methane molar ratio in FR, iron oxide
to methane molar ratio, and calcium oxide to methane molar ratio on the process
performance in terms of hydrogen yield and purity are analyzed using a thermodynamic
approach. Additionally, the optimization is performed to find the suitable operating

condition offering maximum yield of H.> while consumes lowest energy.

5.1 Sensitivity analysis

The sensitivity analysis in simulation is performed to investigate the effect of
the operating parameters on the process performance. The key operating parameters in
the SECLR-WS process are FR and SR temperature, and Fes04/CHa, CaO/CHya,
Srr/ICH4, Ssr/CH4 molar ratios. The performance of the process is expressed in terms
of Hy yield in FR, Hz yield in SR, total H. yield, H2 purity in FR, Hz purity in SR, and
CHa conversion. In addition, the effect of the operating pressure of SR on CO molar
concentration in SR is investigated. The low CO concentration in high purity H2 stream

is importance for such application, i.e. LT-PEMFC.

5.1.1 Effect of the steam feed FR to methane molar ratio

Figures 5.1-5.4 show the effect of the Srr/CH4 molar ratio in the 0-8 range on
the H, yield in the FR and SR, total H» yield, Hz purity in the FR, and CH4 conversion,
respectively given an FR operating temperature of 500-800 °C, SR temperature of 500
°C, and Fe304/CH4, CaO/CH4, and Ssr/CH4 molar ratios of 1, 1.66, and 2.87
respectively. The results showed that the maximum Ha yield in the FR decreased when
the temperature of the FR was increased. This could be explained by the CaO capturing

CO- and generating CaCOs in the carbonation reaction (Eq. (3.3)), which was favored
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at low temperatures, and shifting of the equilibrium of the SMR (Eg. (3.1)) and water
gas shift (Eq. (3.2)) reactions toward the product side according to the Le Chatelier’s
principle (Medrano et al., 2018; Shokrollahi Yancheshmeh et al., 2016). Le Chatelier’s
principle is used to predict changes in equilibrium when conditions such as temperature,
concentration, or pressure are changed in chemical equilibrium reactions. The chemical

equilibrium will shift to counteract the stress.

Figure 5.1 shows the H yield in the FR and SR as a function of the Srr/CH4
molar ratio for each tested temperature. The process was composed of three phases. The
first phase was the partial oxidation reaction (Eq. (3.4)) of CH4 by Fe304 into Feo.9470,
water-gas shift (Eqg. (3.2)), and SMR (Eqg. (3.1)), resulting in more H product in the
FR. As Srr/CHa kept increasing, the process advanced to the second phase where
Feo.0470 was partially re-oxidized to FesO4 using steam in an enriched H2O environment
because the rates of the forward and backward steam-iron reaction (Eqg. (3.6)) were very
similar (K. Svoboda et al., 2007). Due to decreasing the amount of Feg.9470, the Ha
yield in the SR was gradually reduced due to the absence of Feo.9470 as a reactant in the
steam-iron reaction (Eq. (3.6)). Moreover, it was found that the total H. yield decreased
as shown in Figure 5.2. Subsequently, when the Srr/CH4 molar ratio was increased, the
slope of the graph in Figure 5.2 advanced to the final phase. The main reaction in the
final phase was the SMR reaction (Eg. (3.1)), which produced H>, due to Feo.9470

completely reacting with steam to form FezOa.

Figure 5.3 shows the change in Hz purity with the Srr/CH4 molar ratio at
different temperatures. It was found that when the FR temperature was increased, the
maximum Ha purity in the FR decreased. In addition, at FR temperatures of 500, 600,
and 700 °C, when the Srr/CH4 molar ratio was increased in the first stage, Hz purity in
the FR significantly increased until it reached the point where re-oxidation occurred.
At that point, the purity of Hz in the FR became constant even though the H> yield in
the FR increased, because the amounts of CH4 and CO were increased. When the entire
amount of Feog470 was re-oxidized, increasing the Srgr/CHs molar ratio had an
insignificant effect on the purity of Ho. When the FR temperature was 800 °C, the purity
of Ha increased with increasing the Srr/CH4 molar ratio.
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Figure 5.4 shows the change in CH4 conversion by varying the Srr/CH4 molar
ratio at different temperatures. It was found that at low temperatures, when the Srr/CHa
molar ratio was increased, the CH4 conversion increased in the earliest stage of the
process. This was due to the partial (Eq. (3.4)) and complete (Eqg. (3.5)) oxidation
reactions between CH4 and Fe3O4 and the SMR reaction (Eqg. (3.1)) occurring. When
the Srr/CH4 molar ratio further increased, CH4 conversion decreased due to the re-
oxidation of Feo.0470 to FesO4 by steam, leading to the lack of reactant for the oxidation
(Eq. (3.4) and (3.5)) and SMR (Eq. (3.1)) reactions. After the Srr/CH4 molar ratio
increased until Feo.9470 was completely re-oxidized, CH4 conversion increased due to
the SMR reaction (Eq. (3.1)). At high temperatures, CH4 conversion was very high
because the complete oxidation (Eg. (3.5)) and SMR reaction (Eq. (3.1)) were favored
(Go et al., 2009). However, at high temperatures, the water-gas shift (Eq. (3.2)) and
carbonation (Eg. (3.3)) reactions were not favored leading to high amounts of CO, and

CO, and low maximum H yield and purity in the FR.

To achieve a high operational efficiency, the Srr/CH4 molar ratio should be
appropriate for obtaining a high Ha yield (total H> yield and H; yield in the FR) and
high Ha purity in the FR, while Feo.9470 must not be re-oxidized in the FR. Although
increasing the Srr/CH4 molar ratio can increase the Hz yield and purity in the FR and
the total H> yield, the decreased amount of Feo 0470 led to the generation of a lower
amount of high-purity Ho from the SR due to the lack of reactant for the steam-iron
reaction (Eq. (3.6)). When the appropriate operating value of 2.2 for the S,rr/CHa molar
ratio in the FR at 610 °C and 1 atm was reached, the H yield in the FR, total H> yield,
and Hz purity in the FR of 2.98, 3.8, and 97.01 %, respectively, are achieved.
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Figure 5.1 The H; yield in FR and SR as a function of Srr/CHsand Ter at Tsg = 500

°C, Fes04/CH4 =1, CaO/CH4 = 1.66, and Ssg/CH4 = 2.87.
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Figure 5.2 The total Hz yield as a function of Srr/CHsand Trr at Tsr = 500 °C,
Fe304/CH4 = 1, CaO/CH4 = 1.66, and Ssr/CH4 = 2.87.
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Figure 5.3 The H; purity as a function of Srr/CHaand Trr at Tsr = 500 °C,
Fe304/CH4 = 1, CaO/CH4 = 1.66, and Ssr/CH4 = 2.87.
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Figure 5.4 The CHa conversion as a function of Srr/CHsand Ter at Tsr = 500 °C,
Fe304/CH4 = 1, CaO/CH4 = 1.66, and Ssr/CH4 = 2.87.
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5.1.2 Effect of the FezO4 to methane molar ratio

Figures 5.5-5.8 show the effect of the FesO4/CH4 molar ratio in the 0-8 range
on the H: yield in the FR and SR, total Hz yield, H. purity in the FR, and CH4
conversion, respectively, for operating FR temperatures in the 500-800 °C range, SR
temperature of 500 °C, and Sgr/CH4, CaO/CHa, and Ssr/CH4 molar ratios of 2.2, 1.66,
and 2.87 respectively. The results showed that when the FR temperature was 500 °C,
increasing the FesO4CH4 molar ratio did not affect the system. For FR temperatures of
600 °C and higher, increasing the Fes04/CH4 molar ratio increased the H> yield in the
SR but decreased the H yield in the FR as shown in Figure 5.5. This could be explained
by the amount of FezOs which completely reacted with CH4 to form Feg.9470 in the
complete oxidation reaction (Eq. (3.5)) resulting in increasing CH4 conversion, as
shown in Figure 5.8, and increasing H yield in the SR due to the high amount of
Feo.0470, which is a reactant for the steam-iron reaction (Eq. (3.6)). The decreasing of
the H: yield in the FR was the result of Hz from the SMR reaction (Eq. (3.1)) reacts
with FesO4 by the reverse steam-iron reaction (Eg. (3.6)). A CHas conversion of 100%
could not be achieved at low operating temperatures. Although increasing the
Fe304/CH4 molar ratio resulted in decreasing the H; yield in the FR, its effect on the
total H> yield was the opposite, as shown in Figure 5.6. The total H; yield could be
increased by increasing the Fe3O4/CH4 molar ratio since more Feo.9470 reacted with
steam to produce high-purity Hz in the SR. In addition, increasing the FR temperature
could decrease the H> yield in the FR since the carbonation reaction (Eg. (3.3)) was
favored at low temperatures as mentioned in section 5.1.1. Although the maximum total
H> yield of 3.79 could be obtained at a FR temperature of 700 °C and Fe3s04/CH4 molar
ratio of 1.75, Ho purity at that FR temperature, which was 84.77%, was lower than that
at a FR temperature of 600 °C, where H> purity was maximum: 97.01%, while the Hx
yield in the FR and total H> yield were 3.04 and 3.75, respectively, for a FesO4/CH4
molar ratio of 0.92.

The purity of H in the FR could be increased by increasing the FezO4/CH4
molar ratio for FR temperatures of 600 and 700 °C, and could be decreased by
increasing the FesO4/CH4 molar ratio when the FR temperature was 800 °C, as shown
in Figure 5.7. That was the result of the carbonation reaction (Eq. (3.3)). When the
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amount of FesOs was increased, CH4 could react with the excess OC to generate CO
and CO>. At low temperatures, CO> could be adsorbed by CaO and CO could react with
steam in the water-gas shift reaction (Eq. (3.2)), resulting in lower amounts of CHg,
CO, and COz. The suitable FesO4/CH4 molar ratio when the FR temperature was 610
°C and the pressure 1 atm was the one allowing to obtain a H; yield in the FR, total H>
yield, and Ha purity in the FR of 2.98, 3.8, and 97.01%, respectively.
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Figure 5.5 The H; yield in FR and SR as a function of Fe304/CHs and Trr at Tsr =
500 °C, Srr/CH4 = 2.2, CaO/CH4 = 1.66, and Ssr/CH4 = 2.87.
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Figure 5.6 The total H> yield as a function of Fe304/CH4 and Trr at Tsr = 500 °C,
Srr/ICH4 = 2.2, CaO/CH4 = 1.66, and Ssr/CH4 = 2.87.
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Figure 5.7 The H; purity as a function of Fe304/CHas and Trr at Tsr = 500 °C,
Srr/ICH4 = 2.2, CaO/CHa4 = 1.66, and Ssr/CH4 = 2.87.
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Figure 5.8 The CHa conversion as a function of Fe304/CH4 and Trr at Tsr = 500 °C,
Srr/ICH4 = 2.2, CaO/CH4 = 1.66, and Ssr/CH4 = 2.87.

5.1.3 Effect of the CaO to methane molar ratio

Figures 5.9-5.12 show the effect of the CaO/CH4 molar ratio in the 0-8 range
on the Hz yield in the FR and SR, total H. yield, Hz purity in FR, and CH4 conversion,
respectively, when the operating FR temperatures were in the 500-800 °C range, the
SR temperature was 500 °C, and the Srr/CHa, Fe304/CHa, and Ssr/CH4 molar ratios
were 2.2, 1, and 2.87 respectively. The results showed that when the FR temperature
was 800 °C, increasing the CaO/CH4 molar ratio had no effect on the system, as seen
in Figures 5.9-5.12. At high FR temperatures, the carbonation reaction (Eq. (3.3)) was
not favored; thus CO2 was not captured by CaO and the system was not affected by
adding CaO to it. At the FR temperature is in the range of 500-700 °C, increasing the
CaO/CH4 molar ratio increased the Hy yield in the FR, as shown in Figure 5.9. By
increasing the CaO/CH4 molar ratio at low temperatures, CO- could be captured by CaO
via the carbonation reaction (Eq. (3.3)) resulting in enhancing the production of H» via
the water-gas shift (Eg. (3.2)) and SMR (Eq. (3.1)) reactions. When the FR temperature
was increased, the Hz yield in the FR decreased. However, the maximum total H. yield

could be obtained when the FR temperature was 600 °C, as shown in Figure 5.10. This
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was due to Fe3O4 not being able to react with CHa to form Feo.9470 by partial (Eq. (3.4))
or complete oxidation (Eq. (3.5)) for a FR temperature of 500 °C and in a steam-
enriched environment, since Feo.9470 could react with H2O to form H: at low
temperature via the steam-iron reaction (Eq. (6)). The oxidizing and reducing
reactivities of iron oxide are average (K. Svoboda et al., 2007). Metal oxides such as
manganese oxide (MnO) are very difficult to reduce but oxidizing metallic Mn is an
easy process, while NiO can be very easily reduced and oxidizing Ni is very difficult.
The oxidizing and reducing reactivities of iron oxide are intermediate between MnO
and NiO; therefore iron oxide is sensitive to both oxidizing agents (such as H.O and
COz) and reducing agents (such as CHa, Hz2, and CO). Thus, at a FR temperature of 500
°C, Feo.0470 cannot form in the FR, because of the absence of a reactant which could
react with steam in the SR to generate high-purity H.. Therefore, the total H. yield was
lower at the FR temperature of 500 °C than at 600 °C.

The Hz purity is found to increase as CaO/CH4 molar ratio increases when the
FR temperature is raised from 500-700 °C, as shown in Figure 5.11. The maximum H:
purity in the FR, which was 97.01%, while the H> yield in the FR and total H> yield of
3.04 and 3.75, respectively, could be obtained at the FR temperature of 600 °C and
CaO/CH4 molar ratio of 1.58. Although, the maximum H; yield in the FR could be
obtained when the FR temperature was 500 °C. At this condition the CH4 conversion is
lower than that at FR temperature of 600 °C, as shown in Figure 5.12, resulting in the
highest amount of CH4 in the gaseous product stream. Even though high CHs
conversion could be obtained at high FR temperatures (above 600 °C), the H. yield in
the FR and amount of CO- captured were lower than when the FR temperature was 600
°C resulting in the highest amount of CO2 and lowest H> purity in the FR in the gaseous

product stream.

The suitable FR operating temperature and CaO/CHs molar ratio were
determined by considering the highest H: yield in the FR and total H> yield with the
highest Hz purity in the FR. Capturing CO2 by CaO in the carbonation reaction (Eq.
(3.3)) was favored at low temperature and high CaO/CH4 molar ratio, but the reaction
rate at low temperature was lower than at high temperature, thus requiring large

equipment size. The suitable CaO/CH4 molar ratio when the FR temperature was 610
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°C at 1 atm was 1.66. At this condition, H yield in the FR, total H yield, and H> purity
in the FR of 2.98, 3.8, and 97.01%, respectively, could be obtained.
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Figure 5.9 The H; yield in FR and SR as a function of CaO/CH4 and Trr at Tsr = 500
°C, Srr/CH4 = 2.2, Fe304/CH4 = 1, and Ssr/CH4 = 2.87.
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Figure 5.10 The total H; yield as a function of CaO/CH4 and Trr at Tsr = 500 °C,
SrrICH4 = 2.2, Fe3s04/CH4 = 1, and Ssr/CH4 = 2.87.
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Figure 5.11 The H; purity as a function of CaO/CHs and Trr at Tsr = 500 °C,
Skr/CH4 = 2.2, Fe304/CH4 = 1, and Ssr/CH4 = 2.87.
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Figure 5.12 The CH4 conversion as a function of CaO/CH4 and Ter at Tsr = 500 °C,
Skr/ICH4 = 2.2, Fe304/CH4 = 1, and Ssr/CH4 = 2.87.
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5.1.4 Effects of the steam feed SR to methane molar ratio and SR temperature

Figures 5.13-5.16 show the effect of the Srr/CH4 molar ratio in the 0-8 range
on the Hy yield in the SR, H>O conversion, Hz purity in the SR, and CO concentration,
respectively, in the 400-800 °C operating SR temperature range, for a FR temperature
of 600 °C, and Srr/CHa, Fe3s04/CH4, and CaO/CH4 molar ratios of 2.2, 1, and 1.66
respectively. The results showed that increasing the Ssr/CH4 molar ratio increased the
H> yield in the SR significantly in the earliest stage, then the H> yield in the SR only
slightly increased, as shown in Figure 5.13. At the SR temperatures of 400, 500, 600,
and 700 °C, increasing the Ssr/CH4 molar ratio affected the H. yield in the SR in two
stages. During the first stage, the rapid increase in the H, amount produced by the
reaction between Feg.9470 and steam via the steam-iron reaction (Eq. (3.6)) resulted in
the highest conversion of H20O, as shown in Figure 5.14. When Feg.9470 was completely
formed from FesOa, the process advanced to the second stage. In the second stage,
steam reacted with CO via the water-gas shift reaction (Eq. (3.2)) resulting in increasing
the amount of CO> while the Hy yield in the SR was slightly increased. H>O conversion
gradually decreased. At the SR temperature of 800 °C, increasing the Ssr/CH4 molar
ratio affected the Hz yield in SR in three stages. The first stage was the reaction between
Feo.0470 and steam similar to the reaction at low SR temperatures. During the second
stage, the water-gas shift (Eg. (3.2)) and calcination (Eq. (3.8)) reactions occurred. The
amount of CO. was higher at higher temperatures due to the calcination reaction
occurring during this stage. Subsequently, the system progressed to the last stage where
only the water-gas shift reaction (Eq. (3.2)) occurred. In addition, it was found that
increasing the SR temperature decreased the H; yield in the SR due to the steam-iron
(Eq. (3.6)) and water-gas shift (Eq. (3.2)) reaction being unfavored and resulting in low

H>O conversion.

At the SR temperatures of 400, 500, 600, and 700 °C, Hz purity in the SR was
constant in the earliest stage, and then decreased as the Ssr/CH4 molar ratio increased,
as shown in Figure 5.15. In the earliest stage, the composition of the gaseous product
was determined by the equilibrium of the gas-solid reactions (Eg. (3.6) — (3.8)); thus,
the gaseous composition was constant. As the Ssr/CH4 molar ratio further increased,
Feo9470 was completely converted to FesOs and Hx purity decreased due to the
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increasing amount of CO, from the water-gas shift (Eq. (3.2)) and calcination (Eq.
(3.8)) reactions. When the SR temperature was 800 °C, Hz purity in the SR was constant
in the earliest stage due to the equilibrium of the gas-solid reaction, and then increased
via the water-gas shift reaction (Eq. (3.2)) due to the high amount of CO and CO-
generated in the complete calcination of CaCOs. In addition, it was found that
increasing the SR temperature decreased H2 purity in the SR due to the calcination
reaction (Eq. (3.8)) being favored by the high temperature. The H> purity and yield in
the SR 0f 99.92% and 0.71, respectively, can be obtained when the SR temperature was
500 °C and Ssr/CH4 molar ratio 2.87.

CO concentration is very important for H, used in an application such as LT-
PEMFC. Typically, CO concentration in the H> feed for LT-PEMFC must be lower
than 20 ppm (Bhatia and Wang, 2004). Thus, the effect of CO concentration in high-
purity Hz was studied in this work. The results showed that increasing the Ssr/CHa
molar ratio decreased the CO concentration for all temperature ranges, as shown in
Figure 5.16. That occurred because the water-gas shift reaction (Eq. (3.2)) could be
performed in the enriching steam environment. In addition, increasing the temperature
increased CO concentration due to the calcination of CaCOs. Although low CO
concentrations can be achieved at the lowest temperature (i.e., 400 °C) and highest
Ssr/CH4 molar ratio (above 15 at Tsr =500 °C), the low reaction rate, large equipment
size, and high cost of steam consumption are significant concerns for these operating
conditions. Another way to achieve low CO concentrations is to use a high operating
pressure. CO concentration is decreased by increasing the pressure, as shown in Figure
5.17. CO concentrations lower than 20 ppm at the SR temperature of 500 °C could be

obtained when the pressure was 2 atm and the Ssr/CH4 molar ratio 6.75.
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Figure 5.13 The H; yield in SR as a function of Ssr/CH4 and Tsr at Trr = 600 °C,
Skr/ICH4 = 2.2, Fe304/CH4 = 1, and CaO/CH4 = 1.66.
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Figure 5.14 The H20 conversion in SR as a function of Ssr/CH4 and Tsr at Ter = 600
°C, Srr/CH3s = 2.2, Fe304/CH4 = 1, and CaO/CH4 = 1.66.



—x— T =400°C

—o— Ty =500°C
—&— Ty~ 600°C

100 W
—e— T =700°C

—a— Ty, =800°C

80
S
2
k=
=]
B 60
&=
40 4
20
0

Figure 5.15 The H; purity in SR as a function of Ssr/CH4 and Tsr at Trr = 600 °C,
Srr/ICH4 = 2.2, Fes04/CH4 = 1, and CaO/CH4 = 1.66.
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Figure 5.17 The CO molar concentration in SR as a function of Ssr/CH4 and pressure
at Trr =600 °C, Tsgr =500 °C, Sgr/CH4 = 2.2, Fe304/CH4 = 1, and CaO/CH4 = 1.66.

5.1.5 Effect of the CO2 molar concentration in biogas feed

Figures 5.18 and 5.19 show the effect of the molar concentration of CO2 in the
0-90 % range in the biogas feed on H. yield and purity in the FR and SR, respectively
for the operating SR temperature of 500 °C, FR temperature of 600 °C, and Ssr/CHa,
Srr/CHa, Fe304/CH4, and CaO/CH4 molar ratios of 2.87, 2.2, 1 and 1.66, respectively.
The results showed that increasing the %CO. had a negative effect on the system. Both
H> yield and purity were constant when %CQO> was in the 0-40 % range due to the
equilibrium of the gas-solid reaction in the presence of an excess amount of CaO. For
the 0—40% range of %CO., the CaO/CH4 molar ratio was fixed at 1.66 while the CaO
to carbon (CaO/C) molar ratio was higher than 1; thus, a high amount of CO> in the FR
could be captured by CaO to promote the water-gas shift (Eqg. (3.2)) and SMR (Eq.
(3.1)) reactions. By contrast, for the 40-90 % range of %CO-, the CaO/C molar ratio
was less than 1, thus the small amount of CO: in the FR could be effectively captured
to decrease the H yield and purity in the FR. CH4 cannot react with Fe3O4 to form

Feo.0470 in the enriched CO, and steam environment due to the limited equilibrium of



73

the reactions (Eq. (3.6)) and (Eq. (3.7)). Therefore, H> yield in the SR was decreased
by increasing the %CO:2 in the 40-90% range.
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Figure 5.18 The H; yield in FR and SR, and the total H> yield as a function of %CO>

at Tsr = 500 °C, Trr =600 °C, SFr/CH4 = 2.2, Fe304/CH4 = 1, CaO/CH4 = 1.66, and
Ssr/CH4 = 2.87.
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Figure 5.19 The H2 purity in FR and SR as a function of %CO; at Tsg = 500 °C, Trr
=600 °C, Srr/CH4 = 2.2, Fe304/CH4 = 1, CaO/CH4 = 1.66, and Ssr/CHa = 2.87.
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5.1.6 Energy demand

To more understand the SECLR-WS process, the simplified heat calculation is

performed. The heat duty for each reactor is calculated by

Q(heatduty) => rih — > rih, where A, and h are molar flow rate and specific

out

molar enthalpy of component i. For the net heat duty or total heat demand of reactor is

calculated by Qi reactor = Qer +Qsr + Quarcinaor + 1 NE NEQative and positive sign of Q is

represented the nature of the process in terms of exothermic and endothermic processes,

respectively.

Figure 5.20 shows the effect of the Srr/CH4 and Fe3s04/CH4 molar ratios on the
energy demand of the FR for each temperature. It was found that the exothermic
conditions in the FR could be obtained at low FR temperatures. At low FR temperatures,
the water-gas shift (Eq. (3.2)) and carbonation (Eg. (3.3)) reactions, which are
exothermic, were favored; thus, the heat demand in the FR was decreased. The high
Srr/CH4 molar ratio had the tendency to increase heat duty in the FR while the high
Fe304/CH4 molar ratio had the tendency to decrease heat duty in the FR. Since the high
amount of steam can react with CH4 via the endothermic SMR reaction (Eg. (3.1)) and
some amount of heat was used to heat up the steam, the heat demand in the FR was
high when the process was operated at high Srr/CH4 molar ratios. By contrast, when
the process was operated at high Fes04/CH4 molar ratios, the large amount of the high-
temperature circulating solid could supply heat to the FR; thus, the heat demand in the
FR was decreased. Figure 5.21 shows the effect of the S,r/CH4 and FezO4/CH4 molar
ratios on the total energy demand for each FR temperature. The results showed that
increasing the Srr/CH4 molar ratio increased the total heat demand, while the effect of
the Fes04/CH4 molar ratio on the total heat demand was insignificant. This was due to
the total heat demand mainly depending on the heat duty of the calcinator, which

increased when the amount of CaCO3 increased by increasing the Srr/CH4 molar ratio.
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Figure 5.21 The total heat demand as a function of Srr/CH4 molar ratio (Fe304/CHs =
1), Fes04/CH4 molar ratio (Srr/CHa = 2.2), and Trr at Tsr = 500 °C, CaO/CH4 = 1.66,

and Ssr/CH4 = 2.87.



76

5.2 Optimization

After the sensitivity analysis carried out, the optimization of the SECLR-WS
process can be performed. The decision variable is chosen by considering the operating
parameter that influence on the process performance. The operating parameters, which
are manipulated to achieve the objective function, are Trr, Srr/CHs molar ratio,
Ssr/CH4 molar ratio, CaO/CH4 molar ratio, and FesO4/CH4 molar ratio. The total
hydrogen yield and energy demand strongly depends on the Trr, Srr/CH4 molar ratio,
CaO/CH4 molar ratio, and FesO4/CHs molar ratio, while the Ssr/CH4 molar ratio is
strongly impact on the CO concentration of high purity hydrogen product stream. The
SR temperature is fixed at 500 °C due to the appropriated of kinetic and thermodynamic
conversion (Cormos, 2010; Zeng et al., 2012). While the calcinator temperature is fixed
at 860 °C which is the condition that CaCO3 can completely converted to CaO. The 1
kmol/sec of biogas, which compose 60 mol% of CH4 and 40 mol% of CO; is a
considered feedstock. All inlet streams are heated from 25 °C to 400 °C before entering
the reactor. The system is operated at atmospheric pressure. The flowsheet for
formulated optimization problems is shown in Figure 5.22. The optimization problem
was formulated separately in three cases. In the first case (CASEI), the objective
function is set by aiming at maximization of the total hydrogen production (or total
hydrogen yield) represented in Eq. (4.7). In the second and third case (CASEII and
CASEIII, respectively), the objective functions aim to maximize thermal efficiency (

1y, ) Of the system following Eqg. (3.20). The lower heating value of H> and CH4 are 244

and 802.34 MJ/kmol, respectively (Perry and Green, 2008). The total heat demand
(Qtotar) in this case can be specified by Eq. (5.2):

Qtotal =Qp + QSR + QCAL +Quy + Q2 +Qy 3 (5.2)

where Qrr, Qsr, and Qcar are the heat duty of FR, SR, and CAL, respectively. QHz,
QH2, and Qw3 are the heat duty of HEATER1, HEATERZ2, and HEATERS,

respectively.

The constraints, which are applied in all case, are the hydrogen purity of Hz-rich
syngas and high purity hydrogen stream are greater than or equal to 97 % and 99.9 %,

respectively, which are the maximum value from the sensitivity analysis. Additionally,
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in the third case, the production rate in high purity hydrogen is greater than 0.4
kmol/sec, which it is applied as a constraint, based on about 50 MW stationary
electricity production by 50 % performance of PEMFC for parasitic energy in the
process (pump and compressor). The power of generated can be estimated by Eq. (5.2):

Pe = 77e| X (I—HVH2 X I\'IHz,high puritszstream) (52)

where Peis electric power. 7, is electric efficiency of fuel cell and l\'lszhigh purity H, stream

is the molar flow rate of high purity H> stream.

The summary of objective function and constraint in all optimization case are
shown in Table 5.1. The optimization problem of a system can be solved by using
provided default method in Aspen Plus, sequential quadratic programming (SQP). SQP
is an iterative method for the solution of constrained nonlinear optimization problems.
The advantage of the SQP is the ability to handle the of any degree of non-linearity also
non-linearity in constraints (Poku et al., 2004).

Figure 5.22 Simulation flowsheet of SECLR-WS process for optimization problem.
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Table 5.1 Objective function and constraint in optimization problem

Parameter CASEI CASEII CASEII
Obijective function Maximum Maximum Maximum
total Ho yield  thermal thermal

efficiency (7,,) efficiency (7;,)

Constraint 1. H purity in

v y v
syngas stream > 97 %

Constraint 2. Hz purity in

high purity Hz stream > \ V V
99.9 %

Constraint 3. H flow rate

in high purity Hz stream > V

0.4 kmol sect

The optimization results are shown in Table 5.2. The optimization in CASEI,
which uses the maximum total H yield as objective function, shows the highest total
yield value of 3.90, without needing to enter steam into FR, while it is necessary to feed
steam into the SR in large quantities, with the Ssr/CH4 molar ratio of 8.73 at optimum
operating conditions. The operation of this condition can produce hydrogen from both
FR and SR, according to the constraints that hydrogen purity of Hz-rich syngas and high
purity H> stream must be greater than 97 % and 99.9 %, respectively. However, the
large amount of steam supplied to the SR will cause the large amount of energy
consumed to generating steam. In addition, the high amount of iron oxide is required.
For CASEL, the high value of Fe304/CH4 molar ratio of 3.34 must be needed. A large
amount of iron oxide feed will affect the size of the reactor, which may be large as well.
Compared to CASEI and CASEII, the CASEII uses the maximum thermal efficiency
as objective function. The objective function in CASEII considers the heat required in
the process. In CASEII, at the optimal operating conditions, the total H. yield was less
than in CASEL, the total H> yield in CASEII is 3.73. The Srr/CH4 molar ratio at optimal
condition of CASEII is 3.19 which higher than the Ssr/CH4 molar ratio, which is 0.01.

It can be seen that, in CASEII, the system can be operated according to the objective
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function by feeding large quantities of steam to the FR and feeding steam into the SR
in small quantities, which is different from CASEI. Because the high amount of steam
entering the SR to achieve high production rate of H» affects the amount of energy
required in the system. The energy required in the system is high when the high amount
of steam feed to SR. Thus, to achieve the high thermal efficiency, the Hz should be
mainly produced from FR. Therefore, the CASEI has lower thermal efficiency than
CASEII. The thermal efficiency of CASEI is 59.89 % while CASEIl is 72.27 %. The
Fe304/CH4 molar ratio in CASEII is 0.07, which is lower than in CASEI because the
system requires to minimize the complete oxidation reaction (Eq. (3.5)), which decrease

the hydrogen product.

By comparing CASEI and CASEII, it was found that if the thermal efficiency
of the system is high, the production rate of Hz in high purity H> stream must be low.
If the high amount of high purity H> is required, the thermal efficiency must be low.
The appropriate objective function of the process is maximized thermal efficiency,
because of the hydrogen production between two grades (Hz-rich syngas and high
purity H stream) is flexibility. The amount of hydrogen product in two streams can be
adjusted by manipulating the three operating parameters, Srr/CHa4, Ssr/CHas, and
Fe304/CH4 molar ratios. When the large quantity of high purity H> are needed, the
maximum thermal efficiency can be achieved by decreasing the Srr/CH4 molar ratio,
and increasing the Ssr/CH4 and Fes04/CHs4 molar ratio, as shown in CASEIIIL. In
CASEIII, the objective function is to maximize the thermal efficiency by considering
additional constraint which the production rate of high purity H> must be greater than
0.4 kmol/sec (which is equivalent to Hz yield in SR of 0.66). The amount of high purity
hydrogen of 0.4 kmol/sec can be used in PEMFC for electric production of about 50
MW, when the PEMFC has 50 % electric efficiency. When comparing CASEII and
CASEIIl, it was found that the Ssr/CH4 and Fe3O4/CH4 molar ratios of CASEIII is
higher than CASEII, and the Srr/CH4 molar ratio of CASEIII is lower than CASEII.



Table 5.2 Simulation results of SECLR-WS process

Parameters CASEI CASEI CASEII
Total Hz yield 3.90 3.73 3.77
T (%) 59.89 72.27 68.42
Ho yield in FR 141 3.72 3.11
H2 yield in SR 2.49 0.01 0.66
Ter (°C) 611.8 605.7 606.8
Srr/CH4 molar ratio 0 3.19 2.35
Ssr/CHs molar ratio 8.73 0.04 2.33
Fe304/CH4 molar ratio 3.34 0.07 0.92
CaO/CH4 molar ratio 2.17 2.15 1.94
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CHAPTER VI
COMPARISON OF PERFORMANCE ON THE NOVEL
CHEMICAL LOOPING PROCESS FOR HYDROGEN
PRODUCTION

Comparison of sorption-enhanced chemical looping reforming and water
splitting process with sorption-enhanced chemical looping reforming process and
chemical looping water splitting process is presented in this chapter. The SECLR-WS
process is a integrated of SECLR and CLWS process. The SECLR and CLWS
processes offer different qualities and quantities of hydrogen. The SECLR can produce
the Ho-rich syngas with 98 % H> purity and hydrogen yield of 3.3 mol Hz/mol CHa,
while the CLWS can produce the high Hz purity with 99.9 % H, purity and hydrogen
yield of 2.68 mol Ho/mol CH4. However, both SECLR and CLWS processes can capture
99% CO>. The performance of the systems in terms of hydrogen production and
hydrogen purity is considered. In addition, the description of SECLR and CLWS

process is given in this chapter.

6.1 Detail of the sorption-enhanced chemical looping reforming (SECLR) process

Process simulation flowsheet of the SECLR process, which is simulated based
on Rydén and Ramos (2012) work, is shown in Figure 6.1. In this study, for the
comparison of SECLR-WS and SECLR process, the SECLR process was simulated by
Aspen Plus program using the Redlich-Kwong-Soave equation of state with Boston-
Mathias modification (ESRKS) for calculation of thermodynamic properties. The
SECLR process for hydrogen production from natural gas uses the NiO as an oxygen
carrier and CaO as a CO» adsorbent. This process composes of three reactors, which
are FR, calcinator (CAL), and AR. Firstly, the natural gas (C-CH4), which is assumed
to compose only CH4, and water (WATER-FR) are fed to the HEATER1 and
HEATERZ, respectively, for increase the temperature of natural gas and water from 25
°C to 321 °C before they are fed to FR. The NiO and CaO in S-FR stream was fed to
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FR. In the FR, CHj4 reacts with H20O and NiO by the steam-methane reforming reaction
and partial oxidation of CHa, respectively. The generated CO, from the reaction
between CH4 and NiO is captured by CaO, thus the water-gas shift reaction is promoted.
After reacting, the NiO and CaO are transformed to Ni and CaCOs. Then, the mixer of
gaseous product and solid from the FR (FR-CYC) are fed to the CYC1 for separating
gas and solid. The main product of the FR is Hz-rich syngas (SYNGAS) stream. The
solid from FR (S-CAL1) is fed to CAL in which the calcination is taken places to
regenerate CaO. Then, the mixture of CO- gas and solid from CAL (CAL-CYC) is fed
to the CYC2 for separating gas and solid. The main gaseous product from the CAL is
CO2 (CO2). The mixture of solids from CAL (Ni, NiO, and CaO) is split into two
streams. The first stream (S-FR) is recycled to the FR to produce the hydrogen. Another
solid stream (S-AR) is fed to the AR to regenerate the NiO by the oxidation reaction.
The air (AIR) is fed to the HEATERS3 to increase the temperature from 25 °C to 576 °C
before entering the AR. The Ni is re-oxidized by O in the air stream. The mixer of
gaseous and solids from the AR is fed to CYC3 for separating gaseous and solid. The
gas product from AR is the depleted air or N2 (N2). The solid from the AR (S-CAL2)
is fed back to CAL for a complete loop. This process can be operated under autothermal
condition at 1 atm due to the highly exothermic reaction in AR can supply heat in the
whole system. The purpose of the splitting SOLID stream from the CAL to FR and AR

is to solve the heat balance of the process.

HEATER3

@

,

HEATER2

o (irTEr - S ——(Ereme]

Figure 6.1 Process simulation flowsheet of SECLR process for comparison with
SECLR-WS process.
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6.2 Detail of the chemical looping water splitting (CLWS) process

Process simulation flowsheet of the SECLR process, which is simulated based
on Edrisi et al. (2014) work, is shown in Figure 6.2. In this study, for the comparison
of SECLR-WS and CLWS process, the CLWS process was simulated by Aspen Plus
program using the Redlich-Kwong-Soave equation of state with Boston-Mathias
modification (ESRKS) for calculation of thermodynamic properties. The CLWS
process for hydrogen production from natural gas uses the three form of iron oxide as
an oxygen carrier and MgAl.O4as an inert supporting material. This process composes
of three reactors, which are FR, SR, and AR. Firstly, the natural gas (C-CH4), which is
assumed to compose only CHgs is fed to the HEATERL for heating the temperature of
natural gas from 25 °C to 450 °C before entering to FR. The Fe;O3 in FE203 stream is
fed to FR. In the FR, CHa reacts with Fe.O3 by complete oxidation of CHa. The main
gaseous product from the FR is CO2 and H.O (CO2+H20). After reacting, the Fe>Os is
transformed to Feo.0470. Then, the mixer of gaseous product and solid from the FR (FR-
CYQC) are fed to the CYCL1 for separating gas and solid. The solid from FR (FEO) is fed
to the SR which the steam-iron reaction takes place to generate the pure H> product
stream (H2). The water for feed to the SR (WATER-SR) is heated by HEATER2 from
25 °C to 400 °C. After the Feo.0470 react with the stream, the Feo.0470 is transformed to
Fe30a. Then, the mixture of gaseous and solid from SR (SR-CYC) is fed to the CYC2
for separating gas and solid. The solid from SR (FE304) is fed to the AR for regenerate
by the oxidation reaction. The air (AIR) is fed to the HEATER3 for heating the
temperature from 25 °C to 470 °C before entering the AR. The Fesz0s is fully oxidized
to Fe2O3 by Oz in the air stream. The mixer of gaseous and solids from the AR is fed to
CYC3 for separating gaseous and solid. The gas product from AR is the depleted air or
N2 (N2). The solid from the AR (FE203) is fed back to FR for a complete loop. This
process can be operated under autothermal condition due to the highly exothermic

reaction in AR can supply heat for the whole system.
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Figure 6.2 Process simulation flowsheet of CLWS process for comparison with
SECLR-WS process.

6.3 Details of combined sorption-enhanced chemical looping reforming and
water splitting (SECLR-WS) process

For the process performance comparison, the simulation of the SECLR-WS
process for the production of hydrogen from natural gas was simulated by Aspen Plus
program, as shown in Figure 6.3. The Redlich-Kwong-Soave equation of state with
Boston-Mathias modification (ESRKS) is used for calculation of thermodynamic
properties. The SECLR-WS process for hydrogen production from natural gas uses the
two forms of the iron oxide as an oxygen carrier and CaO as a CO> adsorbent. This
process composes of three reactors, which are FR, SR, and calcinator (CAL). Firstly,
the natural gas (C-CH4), which is assumed to compose only CHa, and water (WATER-
FR) are fed to the HEATER1 and HEATER?Z, respectively, for heating the temperature
of natural gas and water from 25 °C to 400 °C before entering to FR. The FezO4 and
CaO in SOLID-RE stream was fed to FR. In the FR, CH4 reacts with H>O and FezO4
by the steam-methane reforming reaction and partial oxidation of CHa, respectively.
The generated CO> from the reaction between CHs and FezO4 was captured by CaO,
thus the equilibrium of water-gas shift reaction is shifted to the product side. After
reacting, the FesO4 and CaO are transformed to Feo.0470 and CaCOs. Then, the mixer
of gaseous product and solid from the FR (FR-CYC) are fed to the CYCL for separating

gas and solid. The main product in the process, which obtained from the FR, is Hz-rich
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syngas in SYNGAS stream. The solid from FR (FEOCACOQO3) is fed to the SR which
the steam-iron reaction is taken place to generate the high purity Hz stream (H2). The
water fed to the SR (WATER-SR) is heated by HEATERS from 25 °C to 400 °C. After
the Feoo470 react with the stream, the Feo9s70 is transformed to Fes3Os. Then, the
mixture of gaseous and solid from SR (SR-CYC) is fed to the CYC2 for separating gas
and solid. The solid from SR (CACO3FE3J) is fed to the CAL which the calcination is
taken places to regenerate CaO. Then, the mixture of CO2 gas and solid from CAL
(CAL-CYC) is fed to the CYC3 for separating gas and solid. The main gaseous product
from the CAL is CO2 (CO2). Then, the solid stream from CAL (SOLID-RE) is recycled
to the FR for complete process loop. This process is operated under isothermal and
isobaric condition. The pressure of all process streams and all reactor is maintained at
1 atm.

FEOCACO3

HEATER3
> WATER-SR @

[STEAMER}
= WATER-FR @ STEAM-FR

SOLID-RE

Figure 6.3 Process simulation flowsheet of SECLR-WS process for comparison with
SECLR and CLWS process.

6.4 Hydrogen purity and thermal efficiency comparison of SECLR-WS with
SECLR and CLWS process

Comparison of the hydrogen production efficiency of the SECLR-WS process
with the SECLR and CLWS processes is shown in this section. In this study, the
optimal operating condition of the SECLR and CLWS are based on the Rydén and
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Ramos (2012) and Edrisi et al. (2014) work, respectively. The SECLR and CLWS can
be operated in autothermal conditions while the SECLR-WS process operates under
isothermal conditions by using external heating and cooling. The pressure of SECLR,
SECLR-WS, and CLWS process are 1 atm. For the SECLR-WS process, the
appropriate operating conditions are simulated in three cases, case 1 (CASE I-com).
The objective is to produce the highest amount of hydrogen (maximum H; yield).

Case 2 (CASEII-com) uses the objective function that aim to produce Hz at maximum
thermal efficiency (7,,). The last case (CASE Ill-com) uses the same objective

equation as case 2 but the additional constraint, which is the flow rate of high purity
H> stream must be greater than 0.4 kmol/sec, is applied. The operating conditions of
all three processes are shown in Table 6.1, and the optimum operating conditions are

shown in Table 6.2.

Table 6.1 Operating condition of all three processes.

CLW SECLR-WS
Condition SECLR S CASE|-com CASEII- CASEIII-
com com

Nominal feed stream condition

CH4

CHa4 flow rate

(kmol sec™) 1 ! . ' '

;I;er?perature o5 o5 25 25 25
C

Pressure (atm) 1 1 1 1 1

WATER-FR

H-0 flow rate 29 ) 718 3.25 2.76

(kmol sec™) ' ' ' .

Temperature

(°C) 2 ' # > ®

Pressure (atm) 1 - 1 1 1

WATER-SR

H20 flow_gate ) 655  4.62 0.049 1.39

(kmol sec™)

Temperature

o) - 25 25 25 25

Pressure (atm) - 1 1 1 1



AIR (21 mol%
02 79 mol% Ny)

87

Air flow rate

(kmol sec™) 2.53 3.20 - - -

Temperature

(°C) 25 25 - - -

Pressure (atm) 1 1 - - -
Reactor temperature feed (°C)

H-CH4 321 450 400 400 400

STEAM-FR 321 - 400 400 400

STEAM-SR - 400 400 400 400

H-AIR 576 470 - - -

Reactor condition

FR

;%Tperat“re 580.8 7225 500 609.1 610.8

Pressure (atm) 1 1 1 1 1

SR

;g]perat“re i 7260 500 500 500

Pressure (atm) - 1 1 1 1

AR

Temperature

(°C) 1010.2 8759 - - -

Pressure (atm) 1 1 - - -

CAL

;ﬁ;‘perat“re 8846 - 860 860 860

Pressure (atm) 1 - 1 1 1

Table 6.2 Simulation results for comparison of SECLR-WS with SECLR and CLWS

process.

SECLR-WS
Parameters SECLR CLWS CASEI- CASEIlI- CASEIlII-
com com com
SYNGAS stream
Hz yield 28115 - 3.9848 3.7324 3.3768
Mz purity 98.46 - 99.85 97.01 97.00

(drybasis)
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H2 stream
H; yield ~ 2.6643 0 0.0133 0.4001
M purity - 99.99 0 99.92 99.93
(drybasis)
Total H yield 28115  2.6643 3.9848 3.7457 3.7769
Heat duty in reactor (kW)
FR 0 0 -147487.4  -11609.3 10435.4
SR - 0 176485  -45464.8 -63606.6
AR 0 0 - - -
CAL 0 - 3836448 2867345 286200.4
Heat duty in heater (kW)
HEATER1 128885  20094.4 17190.6 17190.6 17190.6
HEATER2 119318.2 37428655 4103837  185718.2 158125.4
HEATER3 42599.1  43007.9  264207.8 2826.3 79954.9
Total heat 1748059 434367.8 9455881 4353955 488300.2
demand
T, (%) 70.20 52.43 55.62 73.84 71.40

Figure 6.4 shows the total H> yield and thermal efficiency of different H»
production processes, the Hy yield results show that the SECLR-WS process operated
by CASEI-com offer the highest hydrogen yield of 3.9848. In addition, the SECLR-
WS process can produce higher amount of H, than SECLR and CLWS processes.
Because the SECLR-WS process can produce hydrogen from both FR and SR. H: in
FR can be produced by steam-methane reforming and partial oxidation of methane in a
CaO environment, so the water-gas shift reaction can be occurred and the reaction is
shifted forward. While H, in the SR is produced by the steam-iron reaction.
Theoretically, the total hydrogen yield of the SECLR-WS is 4, which more than those
of the SECLR and CLWS process. The highest hydrogen produced in CASEI-com is
from feeding large amount of steam into FR, and the steam feed into the SR is not
needed. Due to the large amount of steam entering FR at low temperatures, the water-
gas shift reaction is improved. However, FesO4 cannot be converted to Feo.9470 in FR
due to the enriched steam environment, resulting in the inability to produce high purity
hydrogen in SR. In terms of hydrogen purity, the SECLR and CLWS processes produce
pure hydrogen at 98.46 % and 99.99 %, respectively. The CLWS process produces
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highly purified hydrogen with no CO contaminated. H> produced from the CLWS
process can be used in all types of fuel cell systems. And for the SECLR-WS process,
CASEI-com can only produce H: in the Hz-rich syngas stream with 99.85 % purity of
H>, while CASEII-com and CASEIII-com can be produced the Hz-rich syngas with H»
purity approximately 97.0 %. The CASEII-com and CASEIII-com can also produce the
high purity Hz with H, purity of 99.9 %. Although in the CASEI-com, H2 produced
from Ha-rich syngas streams is high Hz purity. However, it also has high CO
concentration, which makes it unsuitable for some fuel cell systems. In addition,
comparing with SECLR and CLWS, large amounts of steam must be fed into the FR to
obtain high Hz purity. If the high purity H2 from the SECLR-WS process is needed, it
can be obtained by adjusting the operating condition to produces high purity Ho. Ho
produced from SR is purified close to the CLWS process and has a low CO

concentration while Hz produced from FR is purified close to the SECLR process.

In terms of thermal efficiency (7,,), the lowest thermal efficiency of 52.43 %

found at CLWS process. The highest thermal efficiency process is the SECLR-WS
process at CASEII-com with 73.84 % thermal efficiency. The SECLR process has a
thermal efficiency of 70.20 %. The low thermal efficiency of the CLWS process is due
to the extremely high heat of 374286.5 kW required to evaporate the steam to high
temperature before entering the SR. Since the CLWS process is needed high amount of
heat while the production of hydrogen is low, so the CLWS process is low thermal
efficiency. The SECLR and SECLR-WS processes need to be operated under low
pressure conditions to avoid the deactivation of the adsorbent. If the process operated
at high pressure, the regenerate step of adsorbent must be occurred at high temperature
(Antzara et al., 2015). For the SECLR-WS process in the CASEI-com case, despite
high hydrogen production about 1.5 times higher than the CLWS process but still has
low thermal efficiency. Due to the large amount of steam entering the FR reactor, the
heat required for steam is very high. As a result, thermal efficiency was only 55.62 %,
which is close to the CLWS process. Although the SECLR and CLWS processes can
be operated at autothermal condition, but the SECLR-WS, in the case of CASEII-com
and CASEIII-com, can achieve higher energy efficiency than the SECLR and CLWS
process. Since the SECLR-WS process in that CASEII-com and CASEIII-com produce
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more H than SECLR and CLWS, resulting in higher thermal efficiency. In addition,
the autothermal operation requires high solid circulation rate to carry heat from the
exothermic reactor to another endothermic reactor. In the SECLR and CLWS processes,
there are solids in the system of 2172.3 kg/sec and 1543.8 kg/sec, respectively, while
the SECLR-WS in the CASEIIl-com has solids only 319.2 kg/sec. Moreover,
increasing the production of high purity Hz stream in the SECLR-WS from CASEII-
com to CASEIlI-com resulted in only a slight reduction in thermal efficiency. By
increasing the production of high purity Hz stream of 0.39 kmol/sec, thermal efficiency

is reduced by only 2.43 %.

B Total Hy yield

5 [ Thermal efficciency (M, %) 80
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Figure 6.4 Total H yield and thermal efficiency of SECLR, CLWS and SECLR-WS

process.



CHAPTER VII
HEAT EXCHANGER NETWORK DESIGN

The sorption-enhanced chemical looping reforming and water splitting process,
SECLR-WS, was analyzed from the thermodynamical point of view in Chapter 5. In
addition, the optimal conditions based on different objective functions was discussed.
In this chapter, the heat exchanger network design was performed based on a pinch
analysis to improve the thermal efficiency of the SECLR-WS process. The aim is to
maximize a heat recovery in the process, resulting in a minimum requirement of cold

and hot utilities.

7.1 Data extraction

The first step for performed the pinch analysis is indicating the hot and cold
process streams in the interested. In this study, the operating condition for heat
exchanger network design is the optimal operating condition in CASE lll, as shown in
Table 7.1. The process simulation flowsheet of SECLR-WS shown in Figure 7.1. In
heat exchanger network design, the biogas and water are supplied at a temperature of
25 °C and atmospheric pressure. The biogas and water were heated by HEATERL,
HEATER2, and HEATER3 from 25 °C to 400 °C before entering the reactor. The
streams STEAM-FR and STEAM-SR are considered in a single stream due to the
reducing number of unnecessary streams. The gaseous products from FR, SR, and CAL
were cooled to 150 °C. The process streams data from mass and energy balance by

simulation using Aspen Plus simulator shown in Table 7.2.



Table 7.1 Optimal operating condition of SECLR-WS process for heat exchanger

network design.

HHHHHH

HHHHHH

Parameters Operating condition
Biogas feed (kmol sec™) 1.00
Ter (°C) 606.8
Tsr (°C) 500.0
TcaL (°C) 860.0
Srr/CH4 molar ratio 2.35
Ssr/CH4 molar ratio 2.33
Fe304/CH4 molar ratio 0.92
CaO/CH4 molar ratio 1.94

92

Figure 7.1 Simulation flowsheet of SECLR-WS process for heat exchanger network

design.
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Table 7.2 Process streams data of SECLR-WS process for heat exchanger network

design.
Suppl Target Heat capacit
Stream PP ’ Stream heat Pactty
Type temperature temperature flow rate (CP,
name load (kW)
(Ts, °C) (T, °C) kW/°C)
BIOGAS Cold 25 400 16912.5 45.1
WATER Cold 25 400 160910.8 152.3
SYNGAS Hot 606.8 150 -37987.3 31.8
H2 Hot 500 150 -16873.3 34.4
CO2 Hot 860 150 -33644.0 50.2

7.2 Energy target calculation

Once the data of the process streams have been obtained. The next step is to
calculate the minimum target energy or the maximum heat recovery. The minimum
target energy from pinch analysis can be calculated using a graphical method or
problem table algorithm. In this study, the minimum target energy was calculated by
problem table algorithm. The details of the graphical method and problem table
algorithms were discussed in section 3.5. In this study, the preselection of ATmin is 125

°C, and the shifted temperature of process streams data is shown in Table 7.3.

Table 7.3 The data of SECLR-WS process stream with shifted temperature.

Actual )
Shifted temperature
Stream name  Type CP (kW/°C) temperature

T:(°C) T (C) Ss(°C) S (°C)

1. BIOGAS Cold 45.1 25 400 87.5 462.5
2. WATER Cold 152.3 25 400 87.5 462.5
3.SYNGAS  Hot 31.8 606.8 150 544.3 87.5
4. H2 Hot 344 500 150 437.5 87.5

5.C0O2 Hot 50.2 860 150 797.5 87.5
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The results of minimum energy target by problem table algorithm is shown in
cascade heat calculation in Table 7.4. The results show that only hot utility of 89318.6
kW requires in the process and the pinch point is not found. This problem, only one
type of utility requires and no pinch point, is called threshold problem in the type of

non-utility end.

Figure 7.2 shows the hot and cold composite curve in the SECLR-WS process.
When fixing the hot composite curve and move the cold curve to the left, so that the
ATmin decreases. But the minimum target energy does not change. The only hot utility
requires of 89318.6 kW still constant, and the heat exchange for the hot stream to cold
stream still sufficient (not need cold utility). While moving the cold composite curve to
the right to increase the ATmin Over 125 °C, the minimum target energy is increased, as
shown in Figure 7.3. The point of ATmin that change in minimum target energy is called

ATnmin threshold and the problem in that case is called the threshold problem.
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Figure 7.2 Hot and cold composite curve of SECLR-WS process.
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Figure 7.3 Hot and cold utility as a function of ATmin 0f SECLR-WS process.
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A threshold problem occurs when increasing of the ATmin, in the first stage, only
the hot or cold utility are requiring, which is constant as shown in Figure 7.3. This
problem does not has the pinch point temperature when the ATmin below ATmin min
threshold, as shown in Figure 7.2. When the ATmin is increased greater than the ATmin
threshold, the process will require more hot utility and cold utility, and also the pinch
point temperature appears. For the design of the heat exchange network at ATmin less
than ATmin threshold is very flexible. The design usually takes into account the
placement of a heater unit or cooler unit to allow for better control. It is necessary to
use a hot utility and cold utility according to minimum energy target from target

calculation (Kemp, 2011).

The appropriate ATmin for heat exchanger network design is chosen by the
minimum of total cost for the process. In general, increasing the ATmin increases the
energy cost but decreases the capital cost of the heat exchanger. Because of the high
ATnmin is high driving force resulting to the low heat exchanger size. While decreasing
of the ATminis the opposite effect. The low value of ATmin reduces the energy cost, but
increases the capital cost instead, as shown in Figure 7.4. In case of threshold problem
in the type of non-utility end, the minimum total cost can be obtained in two cases,
which are obtained at ATmin threshold and at greater than ATmin threshold, as shown in
Figure 7.5. Since at ATmin lower than ATmin threshold, increasing ATmin does not change
the minimum target energy, while the capital cost continuously decreases. Therefore,
the minimum total cost cannot be obtained at ATmin lower ATmin threshold (Smith,
2016). However, at ATmin greater than ATmin threshold, both cold and hot utility are
required, and the number of heat exchanger unit is increased. Thus, the optimal ATmin
usually is at ATmin threshold (Dimian et al., 2014). In this study, the ATmin for heat
exchanger network design is setting at 125 °C, which is ATmin threshold for the SECLR-
WS process.
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Figure 7.4 Energy and capital cost as a function of ATmin (Dimian et al., 2014).
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7.3 Heat exchanger network design

When ATmin is determined and the minimum target energy for the process is
calculated. The next step is to be designing the heat exchanger network by matching
appropriated the heat exchanger of cold and hot streams in the process. In the first step,
the minimum number of heat exchangers that will be used in the process will be
calculated by Eq. (7.1):

Ny =(S0e +S —1D)+ (S +S 1 (7.2)

above u,above u,below

where Ny is the minimum heat exchanger unit. Sapbove and Spelow are the number of
streams above and below the pinch temperature. Sy above and Sy pelow are the number of

utility above and below the pinch temperature.

The heat exchanger network of SECLR-WS process is designed at above the
pinch temperature (or ATmin threshold), because the pinch analysis shows that the
process is threshold problem in the type of non-utility end with the only hot utility is
required. From the data in Table 7.2, the three hot streams and two cold streams are
exits and only the hot utility is required, thus the minimum number heat exchanger unit
for SECLR-WS process is 5.

For the design of heat exchanger network, normally, the design starts from the
pinch point temperature using the grid diagram. For the SECLR-WS process, which is
a threshold problem, the design at lower than or equal ATmin threshold is started from
the ATmin threshold and pinch design rules are also applied to this case. The criterion
for the above the pinch design is the matching hot and cold streams must be satisfied
the heat capacity flow rate criterion, which is the heat capacity flow rate of the hot
stream must be less than cold streams. If the heat capacity flow rate of all hot streams
greater than cold streams, or the number of the hot streams is greater than the cold
streams, the streams splitting is required. Due to the design of above the pinch point
temperature, according to the pinch design rules, the cold utility cannot be used at the
above pinch point temperature. Thus, if the number of the hot streams is greater than
the cold streams, some hot streams remain in this matching and the cold utility is
required, which it breaks the pinch design rule. The splitting stream is done by splitting

the streams flow rate, resulting in the heat capacity flow rate is decreased with the ratio
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of flow rate decreased. The method to design the heat exchanger network is shown in

Figure 7.6.

Stream data
at Pinch

Above ABGIOW
i y
No
& | Splitcold =

Yes

stream

T Split hot
stream

\ Place heat
"\ exchanger

N

Figure 7.6 Heat exchanger network design procedure at pinch point temperature
(Dimian et al., 2014).

The grid diagram for the heat exchanger network design for the SECLR-WS
process at ATmin Of 125 °C is shown in Figure 7.7. The hot SYNGAS stream and cold
WATER stream are split into two and three streams, respectively. The first SYNGAS
stream exchange with cold BIOGAS stream in the first heat exchanger with 16912.5
kW heat load. The second heat exchanger is used to exchange the heat load of 33644.0
kW between CO2 stream and first WATER stream. The third and fourth heat exchanger
are used to exchange the heat load of 21083.4 kW and 16873.3 kW between the second
SYNGAS stream and the second WATER stream, and the H2 stream and the last
WATER stream, respectively. The last heat exchanger is used to heat the last WATER
stream from the temperature of 84.6 °C to the target temperature of 400 °C by the
external hot utility of 89318.6 kW. From the matching of hot and cold streams in the
SECLR-WS process as describe above, the 5 heat exchanger units are required, which
corresponded to the minimum unit calculation, and the only hot utility of 89318.6 kW

is used in this process, which it is corresponded to the minimum target energy from
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problem table algorithm. The flowsheet diagram of SECLR-WS process with

completing of heat integration is shown in Figure 7.8. The heat exchanger network

design of SECLR-WS process increases the thermal efficiency (7,,) of the process from

68.42 to 76.83 %.
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CHAPTER VIII
ENERGY AND EXERGY ANALYSIS

Previously, the SECLR-WS process is improved by using the optimization
method to find the optimal operating condition by adjusting the key operating
parameters from the sensitivity analysis, and then the heat exchanger network design is
applied to improve the heat recovery in the optimal SECLR-WS process using the pinch
analysis. However, the optimization and heat integration of the SECLR-WS process is
based on the consideration of only the quantity of energy. Thus, to assess the quality of
energy, the energy and exergy analysis are presented in this chapter. Exergy is the
maximum useful work which obtained from the system. The exergy analysis is a useful
tool to determine the part of inefficiency energy usage in the process. The loss of the
potential of work has occurred from the irreversibility of the process which the exergy
analysis can be accounted. The energy and exergy analysis of the SECLR-WS process
at the optimal operating condition (CASE 111) is performed. Moreover, the effect of key
operating parameters on the energy (or thermal) and exergy efficiency are also

presented in this chapter.

8.1 Energy and exergy analysis of the optimal SECLR-WS process

The SECLR-WS process in case energy and exergy analysis is the optimal
operating condition in CASE I11, as shown in Table 6.1, and the process flowsheet with
heat exchanger network design, as shown in Figure 6.8. For the energy and exergy

analysis of the overall process, the energy (m,) and exergy (n, ) efficiencies are

determined by Eq. (3.20) and (3.29), respectively. The exergy efficiency of each unit (

Nexi ) Can calculate by Eq. (3.30). The considered units for exergy analysis of each unit

are reactor (FR, SR, and CAL), heat exchanger and heater (HX1, HX2, HX3, HX4, and
HX5), and mixing point or mixer (MIX1 and MI1X2), due to the heat transfer and the
change of state (change of temperature input and output streams, and also the change
of composition of input and output streams) to the units created the exergy destruction
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and entropy of the stream. But the perfect cyclone for gas and solid separation (CYC1,
CYC2, and CYC3) and the ideal splitter for divided streams (SPLIT1 and SPLIT2) are
not considered for the exergy analysis of each unit due to the zero entropy change of
the unit leading to the zero exergy destruction of the units.

Table 8.1 shows the energy (or thermal) and exergy efficiency, and the total
exergy destruction of the SECLR-WS process at the optimal operating condition. The
energy efficiency of 76.83 % and the exergy efficiency of 72.30 % with 75152.8 kW
exergy destruction can be obtained when one kmol/sec of biogas is used to produces
2.2675 kmol/sec of total H> product (or total H yield of 3.779). Figure 8.1 shows the
portion of exergy destruction. The results show that the main exergy destruction is
occurred in FR and SR which are 34.23 and 22.27% of the total exergy destruction,
respectively, because these units are the reactor which many reactions occur, resulting
in high irreversibility and loss of exergy. The high value of exergy destruction can be
explained by three reasons. The main reason, for the FR, is this unit uses the methane
as a reactant, which high chemical exergy, to produce H-rich syngas, which low
chemical exergy. The summation of heat from the reaction in FR is exothermic, thus
the byproduct of the reactor is heat which is useless and the exergy of this heat is zero
when this reactor is operated in the environment state. For the SR, although the
chemical exergy of water, which is the reactant, is low and the chemical exergy of H,
which is the product, is high, the main by-product from this reactor is heat which is
useless thus the exergy destruction in this unit is high. The second reason is the mixing
of gaseous in product stream decrease the exergy of the product stream. The last reason
can be explained by the difference of the temperature feed to the reactor and the
temperature of product stream. For the FR, the feed composes of 3 streams, which are
H-BIOGAS, STEAM-FR, and SOLID, with temperature of 400, 400, and 860 °C,
respectively, while the temperature of product stream (FR-CYC) is 606.9 °C, leading
to the less total physical exergy of the product stream compare with feed stream. For
the exergy destruction of other reactors, CAL, the exergy destruction of the CAL is
lower than FR and SR, although, the chemical reaction takes place in these units.
Although, the calcinator is the endothermic unit, however, the exergy destruction in this
unit is lower than FR and SR. Since the chemical exergy of feed stream to CAL, which
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is CaCOs, is low but the product gas and solid from CAL, which are CO; and CaO,
have high amount of chemical exergy, thus the exergy destruction in CAL is small when

compared with FR and SR.

The third order of the exergy destruction occurs in the heater (HX5) which is
18.04 % of the total exergy because this unit consumes the high amount of energy at
high temperature. The HX5 is consumed 89318.6 kW of heat to evaporate the saturated
water to high-temperature steam at 400 °C. The high amount of heat with high quality
is used as input exergy but the output is the physical exergy of steam at 400 °C, which
is much less than the exergy input. Therefore, the high exergy occurs in HX5. The
fourth of exergy destruction is the HX2. The high exergy destruction in HX2 is due to
the highest temperature difference in this heat exchanger (the log mean temperature
difference in this heat exchanger is 257.12 °C), thus, the exergy destruction in the heat
exchanger unit is high. The next order of the exergy destruction is HX3 and HX4. The
low exergy destruction in HX3 is due to the low-temperature difference when compare
with HX2, while the low exergy destruction in HX4 is due to the high amount of steam
can be created in this heat exchanger leading to the high amount of output physical
exergy. The lowest of the exergy destruction of the heat exchanger occurs in HX1
because the low temperature difference and phase change does not occur in this heat
exchanger.

The last exergy destruction part in the process is MIX1 and MIX2. The exergy
destruction of MIX1 is greater than MIX2 because of the temperature difference in
MIX1 is higher than MIX2. The only lesson for the destruction of exergy in the mixer
unit in SECLR-WS process is the temperature and phase change of inlet and outlet
streams (due to the composition of the mixing streams is same). Considering the MIX1,
the purpose of MIX1 is using to combine the three streams of water (HWATER1,
HWATER2, and HWATER3) in one stream (HWATER). The temperature of
HWATER1, HWATER2, and HWATER3 are 400, 400, and 100 °C, respectively, while
the temperature of HWATER is 100 °C. The temperature of inlet streams is high while
the temperature of outlet stream is low leading to high input physical exergy and low
output physical exergy, thus the exergy destruction in MIX1 is high. On the other hand,
MI1X2 is the combination of two cold syngas streams (CSYNGAS1 and CSYNGAS2)
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into single cold syngas stream (CSYNGAS). The temperature of CYNGASI,
CSYNGAS2, and CSYNGAS are the same all, thus the exergy destruction in this unit

is low.

The exergy efficiency of each process unit is shown in Figure 8.2. The group of
high exergy efficiency in this process is reactor unit, while the group of low exergy
efficiency in this process is heat exchanger unit. Because, in this process, the
temperature difference of the all heat exchanger is high, this lead to the low exergy
efficiency in the all heat exchanger unit. In contrast, the reactor units in this process are
high exergy efficiency. Although, the reactor units are highly exergy destruction
because the occurring of the reaction leading to high irreversibility. But, in these units,
the exergy in is very high when compared with the exergy destruction due to the high
amount of chemical exergy of feed streams (biogas for FR and Feo.9470 for SR) and
high amount of input heat exergy (for CAL). The exergy efficiency of the process can
be increased by decreasing the high exergy destruction in FR and SR. The one option
to decrease the exergy destruction in FR and SR is the heat of exothermic reactor must
be supplied to the heater. In this way, the exergy destruction of the exothermic reactor
(FR and SR) can be decreased by considering the heater and reactor in a single unit,
and the exergy efficiency can be improved. The exergy efficiency of the heat exchanger
can be improved by using the different level of utility to decreases the temperature

different in each heat exchanger unit.

Table 8.1 Energy and exergy efficiency of the optimal SECLR-WS process.

Parameters Value
Ny (%) 76.83
Mo (%) 7230

Exa (KW) 75152.8
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Figure 8.1 Portion of the exergy destruction of each process units.

100
90
80
70
60
50
40

Exergy efficiency (%)

30
20
10

0

108

Figure 8.2 Exergy efficiency of each process units.

8.2 Effect of key operating parameters on energy and exergy efficiency

97.86 100.00
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The effect of key operating parameters on the energy and exergy efficiency of

the SECLR-WS process is presented in this section. The considering key operating

parameters, which affect to the energy and exergy efficiency of the process, are Trr,
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and Fe304/CHas, CaO/CHg4, Srr/CHa, and Ssr/CH4 molar ratios. In addition, the exergy

efficiency of each process units is investigated.

8.2.1 Effect of FR temperature on energy and exergy efficiency

Figure 8.3 shows the effect of Trr on the energy and exergy efficiency of the
SECLR-WS process. The results show that the FR temperature affects the energy and
exergy efficiency of the process in the same way. When the FR temperature is lower
than 600 °C, increasing the FR temperature increase the energy and exergy efficiency
of the process due to the increase in the amount of total H. product. At low FR
temperature (500 °C), FesO4 cannot convert to Feo 9470 in FR, leading to the lack of
reactant to produce the H, from SR, thus the total H is low. Moreover, the lack of
reactant in SR resulting in the operation mode in SR is endothermic instead of
exothermic, thus the energy and exergy efficiency of the process is low. When the FR
temperature is higher than 600 °C, increasing the FR temperature can decrease the
energy and exergy efficiency of the process due to the decreasing of the amount of total
H> product and the changing operation mode of FR from exothermic to endothermic.
When the FR is operated at high temperature, the Hz from the FR is decreased due to
the unfavored of carbonation reaction (Eg. (3.3)). In addition, some amount of heat is
used to heat up the feed streams to high-temperature operation of the FR, leading to the
operation mode of FR change to the endothermic mode which decreases the energy and
exergy efficiency of the SECLR-WS process. The maximum energy and exergy
efficiency of 76.26 and 71.67 % can be obtained at Trr = 600 °C. The exergy efficiency
of the process is higher than the energy efficiency of the process at Trr = 800 °C because
of the heat transfer terms. As mention in section 3.6, in this study, the heat source to
supply the process is not consideration, thus, when the unit operates by consuming the
heat of Qs at Ts, the heat source assuming supply the heat at level of Ts and the input
exergy by heat transfer to the unit is (1-To/Ts)Qs, which is less than the heat transfer
Qs, resulting in the exergy efficiency is higher than the energy efficiency in some
condition. If the heat supply to the unit is from the combustion of fuel such as biogas,
the input exergy by heat transfer does not appear and this term appears in the input



110

chemical exergy to the system resulting in the low exergy efficiency when compared to

the case in this study.

Figure 8.4-8.6 show the effect of Trr on the exergy efficiency of reactor, heat
exchanger and heater, and mixer unit, respectively, in the SECLR-WS process. The
change in FR temperature affects the exergy efficiency of each reactor unit differently.
Increasing the FR temperature can increase the exergy efficiency in FR but decrease
the exergy efficiency in SR and is not significant changes the exergy efficiency in CAL.
Increasing the exergy efficiency in FR as a result of the high temperature of the gas
product stream. Thus, the total output exergy of the FR is increased, while the total
input exergy of the FR is a little changed, resulting in decreasing of the exergy
destruction, as shown in Figure 8.7, and increasing of the exergy efficiency. In contrast,
when the FR temperature is increased, the solid from FR is high physical exergy, and
then the total input exergy of the SR is increased and the exergy destruction in SR is

increased leading to the decreasing of exergy efficiency in SR.

The effect of Trr 0n the exergy efficiency of the heat exchanger and heater is
shown in Figure 8.5. Increasing the FR temperature can be improved the exergy
efficiency of HX1 and HX3 due to the increasing temperature of the product gaseous
from FR can be used to heat the biogas feed and water feed stream. The sharply
increasing of the exergy efficiency in HX5 when the FR temperature is increased from
700 to 800 °C is the result from the low-temperature steam produced from the HX5
leading to low energy quality is used and the exergy destruction in this unit is low. The
low temperature of the steam is the cause of the hot gas streams from CAL cannot
obtain due to the CO- cannot capture in high-temperature FR, thus the water cannot
receive heat from the CO2 stream. The decreasing of exergy efficiency in HX4 result
from the increasing of H. product in high purity H. stream leading to low physical
exergy of the gas product stream from the SR (because of the mass of H: is lower than
H20) and decreasing of the exergy in of the HX4. The 100 % efficiency of HX2 at FR
temperature of 800 °C is resulted from the zero-flow of CO, due to the carbonation
reaction (Eq. (3.3)) cannot occur in the FR, leading to the change of exergy in this unit.

The last part for the energy analysis of each unit is mixer unit. Increasing the FR
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temperature decrease the exergy efficiency in MIX1 due to the large of the different
temperature of inlet and outlet stream in this unit. A part of syngas from the FR is used
to heat up the water. Therefore, when the FR temperature is increased, the temperature
of the gas product from FR and the hot water from HX3 are increased, leading to the

increasing of a temperature difference in MIX1.
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Figure 8.3 The exergy and energy efficiency of the SECLR-WS process as a function
of Trr.
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Figure 8.6 The exergy efficiency of the mixer unit as a function of Ter.
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Figure 8.7 The exergy destruction of process unit as a function of Ter.
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8.2.2 Effect of FesO4/CH4 molar ratio on energy and exergy efficiency

Figure 8.8 shows the effect of FesO4/CH4 molar ratio on the energy and exergy
efficiency of the SECLR-WS process. The results show that the energy efficiency of
the process is increased when the FesO4/CH4 molar ratio is increased from 0.1 to 1, and
constant at the FesO4/CH4 molar ratio of 1 to 3. While the exergy efficiency of the
process is increased when the FesO4/CH4 molar ratio is increased from 0.1 to 1 and is
decreased at the Fe3s04/CH4 molar ratio of 1 to 3. The increasing of the energy efficiency
of the process in the range of the Fe304/CH4 molar ratio of 0.1 to 1 is the result from
the increase of the total H, product while the net energy demand of the reactor is
constant in this range. When the FesO4/CH4 molar ratio is increased in the range of 1 to
3, the total hydrogen product and the net energy demand of reactor are constant, thus
the energy efficiency is constant in this range of the Fes04/CH4 molar ratio. In term of
the exergy efficiency of the process, increasing of the exergy efficiency of the process
in the range of 0.1 to 1 of the Fes04/CH4 molar ratio is due to the increase of total H»
product. The decreasing of exergy efficiency at the high FesO4/CH4 molar ratio (higher
than 1) is due to the increase of energy demand in CAL while the total H> product is
constant. Since, when the FesO4/CH4 molar ratio is increased, the amount of solid to
the CAL is increased, leading to the high needed of the energy to heat the high amount

of solid from feed temperature (500 °C) to reactor temperature (860 °C).

Figure 8.9-8.11 show the effect of the FesO4/CHs molar ratio on the exergy
efficiency of reactor unit, heat exchanger and heater unit, and the mixer unit,
respectively, in the SECLR-WS process. For the FR reactor, in the range of the
Fe304/CH4 molar ratio of 1 to 3, increasing the FesO4/CH4 molar ratio decrease the
exergy efficiency of the FR, due to the increase of the high amount of solid circulation
with high temperature to FR leading to the increase of the waste heat generated from
the FR. Thus, the exergy destruction in the FR is increased, as shown in Figure 8.12,
and the exergy efficiency of the FR is decreased in the range of the FesO4/CH4 molar
ratio of 1 to 3. For the range of the Fe304/CH4 molar ratio of 0.1 to 1, some amount of
heat from the exothermic reaction is used to supply to the endothermic reaction in FR,
thus the waste heat generated from FR is small increased in this range of Fe3s04/CH4
molar ratio, leading to the insignificant change of the exergy efficiency. The sharply
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decreasing of exergy efficiency of the SR reactor at the Fe304/CH4 molar ratio of 0.1
to 1 is the result of the exothermic reaction in SR leading to the high amount of waste
heat generated. In the range of the FesO4/CH4 molar ratio of 0.1 to 1, the Fe3O4 is totally
converted to Feps470 in FR, thus increasing the Fe304/CH4 molar ratio in this range
increases amount of reactant feed to the SR and the high amount of waste heat generated
from the exothermic steam-iron (Eqg. (3.6)) reaction. But in the range of the FesO4/CH4
molar ratio of 1 to 3, the exergy efficiency of the SR is almost constant, due to the
constant amount of Feo470 feed to SR. Noting that, although, the amount of Fe3O4 is
increased in this range of Fe3O4/CHs molar ratio, but the amount of FesOs which

convert to Feo.9470 is limited due to the gas-solid equilibrium reaction in the FR.

The effect of the Fes04/CH4 molar ratio on the exergy efficiency of the heat
exchanger and heater is shown in Figure 8.10. The results show that increasing of the
Fe304/CH4 molar ratio is an insignificant change of the exergy efficiency in these units.
The small increase of the exergy efficiency in HX1, HX2, and HX3 is the result from
the increasing of mass flow rate of gas product streams from the FR and CAL, leading
to the increase of the amount of the input exergy of the HX1, HX2, and HX3. The
decreasing of the exergy efficiency of the HX4 when the Fe304/CH4 molar ratio is
increased in the range of 0.1 to 1 is due to the decreasing of the input physical exergy
of the HX4 from the increasing of Hz gas in product streams from the SR. The last part
which is affected by the Fes04/CH4 molar ratio is the MIX1. The exergy efficiency of
the MIX1 is decreased by increasing the FesO4/CH4 molar ratio in the range of 0.1 to
1, due to the increase of temperature of the HWATER1 and HWATER?2 streams, which
exchange heat with H-CO2 and HSYNGAS?2 stream, respectively.
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Figure 8.8 The exergy and energy efficiency of the SECLR-WS process as a function
of Fes04/CH4 molar ratio.
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Figure 8.9 The exergy efficiency of the reactor unit as a function of Fe304/CHs molar

ratio.
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Figure 8.11 The exergy efficiency of the mixer unit as a function of Fez04/CH4 molar

ratio.



118

100000

90000

80000

70000

60000

50000

40000

30000

Exergy destruction (kW)

20000

10000

0
0.1 1 2 3

FR ®SR ECAL "HX1 ®HX2 WHX3 WHX4 mHX5 mEMIX1 ®MIX2

Figure 8.12 The exergy destruction of process unit as a function of Fe304/CHs molar
ratio.

8.2.3 Effect of CaO/CHs molar ratio on energy and exergy efficiency

Figure 8.13 shows the effect of the CaO/CH4 molar ratio on the energy and
exergy efficiency of the SECLR-WS process. The results show that the energy and
exergy efficiency of the process is increased when the CaO/CHs molar ratio is
increased. When increasing the CaO/CHs molar ratio, the total H> product is increased
due to the high amount of CO> can be adsorbed and the equilibrium of water-gas shift
(Eg. (3.2)) and steam-methane reforming (Eqg. (3.1)) reactions is shifted toward. Thus,
the energy and exergy efficiency are increased, when the CaO/CH4 molar ratio is

increased.

In contrast with the exergy efficiency of the process, the exergy efficiency of
the reactors, which are FR and SR, is decreased when the CaO/CH4 molar ratio is
increased, as shown in Figure 8.14. For the FR, increasing the CaO/CH4 molar ratio can
increase the amount of CaO feed the FR, leading to the high input chemical exergy.

While the output chemical exergy of the product stream from the FR is almost constant



119

due to the increase of the conversion of CH4 and CO, which are high chemical exergy,
to Hz, which is low chemical exergy, in the FR, leading to increasing of exergy
destruction, as shown in Figure 8.17. When added the high amount of CaO to the FR,
the high amount of CO- captured can be achieved and the water-gas shift (Eq. (3.2))
and steam-methane reforming (Eq. (3.1)) reaction can be improved. For the SR, the
decreasing of exergy efficiency in range of CaO/CH4 molar ratio of 0.1 to 1 is the result
from the increasing of exergy of steam and solid streams feed to SR. When increasing
the CaO/CHas molar ratio in range of 0.1 to 1, Fe3O4 cannot convert to Feg.9470 due to
the high amount of COz in the FR reactor, thus, nothing reaction can be occurred in SR
due to the lack of reactant and high amount of solid with high temperature of 606.9 °C
is fed to SR, which operate at 500 °C. In addition, increasing amount of CaO increases
amount of CO2 gas product from the CAL and high amount of heat from CO, stream
can be exchanged with a water stream to generate high-temperature stream feed to the
SR. For all that reason, the input exergy of the SR is high but the output exergy of the
SR is low, thus the exergy destruction of SR is high when the CaO/CH4 molar ratio is
increased in the range of 0.1 to 1. When increasing the CaO/CH4 molar ratio in the
range of 1 to 2, the exergy efficiency of the SR is decreased due to the steam-iron
reaction (Eq. (3.6)) is occurred, leading to the high waste heat is generated and high
exergy destruction occurs in this range of CaO/CHs molar ratio. But in the range of
CaO/CH4 molar ratio of 2 to 3, increasing the CaO/CH4 molar ratio slightly increase
the exergy efficiency of SR due to the high amount of CaO feed to SR, leading to the
high input chemical exergy of the SR, while the exergy destruction is slightly increased
by the high amount of solid feed with high temperature increase the exergy destruction
due to the waste heat is generated. Thus, the exergy efficiency of the SR is increased

by increasing CaO/CH4 molar ratio in range of 2 to 3.

Figure 8.15 shows the effect of the CaO/CHs molar ratio on the exergy
efficiency of the heat exchanger and heater unit in the SECLR-WS process. The results
show that the exergy efficiency of all heat exchanger except HX2 is decreased when
the CaO/CHs molar ratio is increased. For the HX2, increasing the CaO/CH4 molar ratio
increase the exergy efficiency of the HX2 due to the high amount of CO> gas inlet
streams increase physical exergy of this stream. Although, increasing of CaO/CHs
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molar ratio increase the temperature difference in HX2 leading to high exergy
destruction, as shown in Figure 8.17, but the high value of exergy destruction is
compensated by the high value of the physical exergy of CO; stream. Thus, the exergy
efficiency of the HX2 is increased although the exergy destruction of HX2 is increased.
The highest exergy destruction in the group of heat exchanger occurs in the heater
(HX5). Increasing of CaO/CH4 molar ratio can decrease the exergy efficiency of the
HX5 due to the high quality of heat is used to heat up the steam. The results of the effect
of the CaO/CH4 molar ratio on the exergy efficiency of mixer unit are shown in Figure
8.16. Increasing the CaO/CH4 molar ratio slightly affect the exergy efficiency of the
MIX1. When the CaO/CH4 molar ratio is increased in the range of 0.1 to 1, the exergy
efficiency of MIXL1 is increased because of the temperature difference of streams is
decreased leading to the decreasing of exergy destruction of this unit.
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Figure 8.13 The exergy and energy efficiency of the SECLR-WS process as a

function of CaO/CH4 molar ratio.
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Figure 8.14 The exergy efficiency of the reactor unit as a function of CaO/CH4 molar

ratio.
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Figure 8.15 The exergy efficiency of the heat exchanger unit as a function of

CaO/CH4 molar ratio.
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Figure 8.16 The exergy efficiency of the mixer unit as a function of CaO/CH4 molar
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8.2.4 Effect of Srr/CH4 molar ratio on energy and exergy efficiency

Figure 8.18 shows the effect of the Srr/CH4 molar ratio on the energy and
exergy efficiency of the SECLR-WS process. The results show that the energy and
exergy efficiencies are increased when the Ser/CH4 molar ratio is increased. The reason
for this result is the increasing of Srr/CH4 molar ratio increase the total Hz product,
leading to the increasing of energy and exergy efficiency. The energy efficiency is
slightly decreased in the range of Srr/CH4 molar ratio of 2 to 3 as a result of the high
amount of steam in FR increases the amount of CaCO3 leading to the increase of heat

demand in CAL, while the total H, product is almost constant.

Figure 8.19-8.21 show the effect of Srr/CHs molar ratio on the exergy
efficiency of reactor unit, heat exchanger and heater unit, and the mixer unit,
respectively, in the SECLR-WS process. The results show that increasing the Srr/CHa
molar ratio slightly affect the exergy efficiency of the FR and CAL. For the FR, the
input exergy and output exergy of the FR slightly changes. Although, increasing the
Srr/CH4 molar ratio increase amount of steam feed to FR, but when amount the steam
is high, the temperature of the steam is low, and the input exergy of the FR is almost
constant. The output exergy of the FR is almost constant same as the input exergy of
the FR because of compensating between chemical exergy of gas and solid in the
product stream. Increasing the Srr/CH4 molar ratio can increase the chemical exergy in
gas phase due to the high amount of H2 can be produced, but it decreases the chemical
exergy in solid phase due to the decreasing of CaO. For the SR, the exergy efficiency
of the SR is increased by increasing the Srr/CH4 molar ratio. The main reason for this
result is the temperature of steam fed to the SR is high at low Skr/CH4 molar ratio. The
high- temperature feed streams resulting in the high waste heat of the SR is generated

and the exergy destruction is high, as shown in Figure 8.22.

The effect of S,rr/CH4 molar ratio on the exergy efficiency of the heat exchanger
and heater is shown in Figure 8.20. The results show that increasing the Srr/CH4 molar
ratio can increase the exergy efficiency of the HX1 and HX3 and decrease the exergy
efficiency of the HX2 and HX5. Increasing the exergy efficiency of the HX1 and HX3
is due to increasing the mass flow rate of SYNGAS stream when the Srr/CH4 molar

ratio is increased, leading to the increase of the input physical exergy of the HX1 and
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HX3. For the HX2, increasing the Srr/CH4 molar ratio increase the temperature
difference leading to the increase of the exergy destruction, as shown in Figure 8.22.
Although, the physical exergy of CO2 stream can be increased by increasing the
Srr/CH4 molar ratio, the value of the input exergy of HX2 is less increased when
compared with the increasing of the exergy destruction. The reason for decreasing the
exergy efficiency of HX5 in the Srr/CH4 molar ratio range of 0.1 to 2 is the decreasing
of the temperature of the steam generated from the heater by increasing of the amount
of water feed. When the Srr/CH4 molar ratio is increased from 0.1 to 2, the temperature
of steam in STEAM stream is decreased from 1293.8 to 504.4 °C leading to the
decreasing of physical exergy of STEAM stream and the exergy destruction is
increased. Although, decreasing the temperature of STEAM will result in the
decreasing of input exergy by heat transfer to the heater. But the decreasing of the
exergy of heat input of the heater is an exponential function in terms of (1-To/T), thus
decreasing of the temperature at high value decrease the exergy by heat transfer in the
small value. On the other hand, when the Srr/CH4 molar ratio increase from 2 to 3, the
temperature of STEAM stream decrease from 504.4 to 233.3 °C, leading to the
decreasing of the exergy by heat transfer into the heater in high value and the exergy
destruction of heater is decreased, as shown in Figure 8.22. Thus, the exergy efficiency
of the HX5 is increased by increasing the Ser/CH4 molar ratio in the range of 2 to 3. In
addition, increasing of Srr/CH4 molar ratio can improve the exergy efficiency of the
MIX1, as shown in Figure 8.21. This is the result of the decreasing of the temperature

difference when Sgr/CH4 molar ratio is increased.
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Figure 8.19 The exergy efficiency of the reactor unit as a function of Srr/CH4 molar

ratio.
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8.2.5 Effect of Ssr/CHs molar ratio on energy and exergy efficiency

Figure 8.23 shows the effect of Ssr/CHs molar ratio on the energy and exergy
efficiency of the SECLR-WS process. The results show that the energy and exergy
efficiency is increased when the Ssr/CH4 molar ratio is increased in the range of 0.1 to
1. But in the range of the Ssr/CH4 molar ratio of 1 to 3, increasing the Ssr/CH4 molar
ratio increases the exergy efficiency and decreases the energy efficiency. Because,
when the Ssr/CH4 molar ratio is increased in the range of 0.1 to 1, the H2 production is
increased leading to the increase of the energy and exergy efficiency of the process.
While, when the Ssr/CH4 molar ratio is increased in the range of 1 to 3, the H>
production is constant and the amount of water feed is increased, leading to the low
temperature of steam feed to the FR and SR. When low temperature of steam feed to
the FR and SR, the heat of exothermic from the FR and SR are decreased while the heat
of endothermic from CAL and heater is constant, thus the energy efficiency of the

process is decreased by increasing of the net energy input to the process. On the other
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hand, if the heat of exothermic from the FR and SR are decreased, it means that the
waste heat generated from the reactor is decreased. Therefore, the exergy efficiency of

the process is increased by increasing the Ssr/CH4 molar ratio in the range of 1 to 3.

Figure 8.24-8.27 show the effect of the Ssr/CH4 molar ratio on the exergy
efficiency of reactor unit, heat exchanger and heater unit, and the mixer unit,
respectively, in the SECLR-WS process. The results show that increasing the Ssr/CHa
molar ratio increases the exergy efficiency in FR. Increasing the Ssr/CHs molar ratio
not affect to the exergy output of the FR, but the exergy input of the FR is decreased
due to the temperature of steam feed to the FR is decreased. Thus, the exergy
destruction of FR is decreased, and the exergy efficiency of the FR is increased when
the Ssr/CH4 molar ratio is increased, as shown in Figure 8.27. For the SR, the exergy
efficiency of the SR is decreased when the Ssr/CH4 molar ratio is increased in the range
of 0.1 to 1. This is the result of the increase of the steam, leading to the increase of the
exothermic steam-iron reaction (Eqg. (3.6)). Thus, the high waste heat is generated in
the SR when the Ssr/CH4 molar ratio is increased in the range of 0.1 to 1, and the exergy
efficiency of the SR is decreased. The increasing of the exergy efficiency of the SR in
the range of the Ssr/CH4 molar ratio of 1 to 3 is the same reason for the increase of the
exergy efficiency in FR. The exergy efficiency of the SR is increased due to the low
temperature of steam feed to the SR while the heat from exothermic reaction is constant,

leading to the low input exergy of the SR and low generated waste heat.

The effect of the Ssr/CH4 molar ratio on the exergy efficiency of the heat
exchanger and heater is shown in Figure 8.25. The results show that increasing the
Ssr/CH4 molar ratio can increase the exergy efficiency of the HX4 and decrease the
exergy efficiency of the HX2 and HX3. Increasing the exergy efficiency of the HX4 is
the result of the increasing of Ssr/CH4 molar ratio, leading to the high amount of mass
flow rate of stream H2 with a high amount of physical exergy. Thus, increasing of the
Ssr/CH4 molar ratio can be increases the exergy efficiency of HX4 by increasing of the
input physical exergy of the HX4. In contrast, increasing the Ssr/CHs molar ratio
decrease the exergy efficiency of the HX2 and HX3 due to the increasing of the
temperature difference, leading to the increasing of the exergy destruction in HX2 and
HX3, as shown in Figure 8.27, and decreasing of the exergy efficiency of HX2 and
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HX3. Moreover, increasing the Ssr/CHs molar ratio can be improve the exergy
efficiency of the MIX1, as shown in Figure 8.26. The reason for this result is the same
as by increasing the Srr/CH4 molar ratio, when the Ssr/CH4 molar ratio is increased,
the temperature difference is decreased, leading to decreasing the exergy destruction of
the MIX1.
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Figure 8.23 The exergy and energy efficiency of the SECLR-WS process as a
function of Ssr/CH4 molar ratio.
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Figure 8.24 The exergy efficiency of the reactor unit as a function of Ssr/CH4 molar

ratio.
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Figure 8.25 The exergy efficiency of the heat exchanger unit as a function of Ssr/CHa4

molar ratio.
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Figure 8.26 The exergy efficiency of the mixer unit as a function of Ssr/CHs molar

ratio.
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Figure 8.27 The exergy destruction of process unit as a function of Ssr/CH4 molar

ratio.
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CHAPTER IX
CONCLUSION AND RECOMMENDATIONS

The novel integrated process of sorption-enhanced chemical looping reforming
and water splitting (SECLR-WS) process for H production was studied in this research.
Biogas as a renewable fuel was considered as feedstock. The effects of primary
operating parameters on the process performance in terms of the H yield and purity are
investigated using a thermodynamic approach under steady-state condition. The
optimal operating conditions with two different objective functions i.e., maximize H;
production and maximize thermal efficiency, were determined, and the optimal
SECLR-WS process was compared to the SECLR and the CLWS process in terms of
hydrogen yield and purity, and thermal efficiency of the process. Moreover, the pinch
analysis was used to design the heat exchanger network of the SECLR-WS process to
achieve the maximum heat recovery at the optimal operating conditions, and the exergy
analysis of SECLR-WS was performed to determine the inefficient part in the process.
The summary results of the study and the recommendation of future works are

presented in this chapter.

9.1 Conclusion

The combined SECLR-WS process was studied using a thermodynamic
approach. The simulation of the process was performed using an Aspen Plus simulator
and a minimization of Gibbs free energy method. From the parametric analysis, it was
found that H> purities in the Ha-rich syngas and high-purity H> stream of 97.01 and
99.93%, respectively, with a high total H» yield of 3.8 can be obtained when Trr = 610
°C, Tsr = 500 °C, and the Srr/CH4, CaO/CHg4, Fe304/CH4, and Ssr/CH4 molar ratios
were 2.2, 1.66, 1, and 2.87, respectively. At low FR temperatures (less than 800 °C),
increasing of Srr/CH4 and CaO/CH4 molar ratios could improve the Hy yield in the FR,
total H> yield, and H> purity in the FR due to the sorption-enhanced reforming. The
high value of the Fes04/CH4 molar ratio had an inverse effect on the H yield in the FR
due to the oxidation of CH4 and H>. Moreover, increasing of FesO4/CH4 molar ratio
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could improve the heat demand in the FR. The high CO2 concentration in the feed
stream had a negative effect on H. yield and purity due to the excess amount of CO,
which could not be completely captured by CaO. In addition, higher the SR operating
pressures were more suitable than low pressures because a low CO concentration in the
high-purity Hz stream could be achieved at high pressures when using small Ssr/CHa
molar ratios. The advantages of these operating conditions were the small equipment
size, and low amount of steam needed. A CO concentration of 20 ppm could be obtained
when Tsg was 500 °C and the Ssr/CH4 molar ratio was approximately 6.75.

After the sensitivity analysis was performed, the optimization of the SECLR-
WS process was conducted. Two objective functions, which maximize the total H yield
and maximize the thermal efficiency of the process, were used to optimize the SECLR-
WS process in three cases. From the optimization, the results showed that the maximum
total H. yield of 3.9081 was obtained without the steam feed to FR in CASEI. The
SECLR-WS process can operated in high thermal efficiency while produces the two
grades of the H> product. The flexibility of two grades H. production could be done by
adjusting the three operating parameters i.e., Srr/CHa, Ssr/CHa, and Fe3O4/CH4 molar
ratios. When the large quantities of high purity H> was needed, the maximum thermal
efficiency could be achieved by decreasing the Srr/CH4 molar ratio and increasing the
Ssr/CH4 and FesO4/CH4 molar ratios. The Hz yield in FR of 3.1126 and in SR of 0.6666
with the high thermal efficiency of 68.42 % were obtained at the optimal operating
condition in CASEIII, which were Trr of 606.8 °C, Srr/CH4, Ssr/CHa4, Fe304/CH4, and
CaO/CH4 molar ratio of 2.35, 2.33, 0.92, and 1.94, respectively.

The comparison of the combined SECLR-WS process with the two sub
processes, which were the SECLR and CLWS processes in terms of the H» yield and
purity, and the thermal efficiency of the process was presented. The feed used in the
comparison study was 1 kmol/sec of natural gas was assumed to be pure of CH4. The
results showed that the SECLR and CLWS processes could operated at the autothermal
condition. The highest total H> of 3.9848 could be obtained in the SECLR-WS process
at the optimal CASEI-com. The lowest thermal efficiency of 52.49 % occured in the
CLWS process, because the high purity H2 could be produced at high pressure system

and high amount of steam. While the highest thermal efficiency of 73.84 % occured in
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the SECLR-WS process at the optimal CASEIIl-com. Although the SECLR and CLWS
process can be operated at the autothermal condition, the total amount of produced H>
was low. Thus, when compared with the SECLR and CLWS processes, the SECLR-
WS process could be offered the high total H yield and thermal energy efficiency. In
addition, the SECLR-WS process could produce the two grades of Hz product. The Ha
yield in Ha-rich syngas stream and high purity Hz stream of 3.3768 and 0.4001,
respectively, could be obtained with high thermal efficiency of 71.40 % at the optimal
operating condition in CASEIII-com which was at Trr 0f 610.8 °C, Srr/CHa, Ssr/CHa,
Fe304/CHa, and CaO/CH4 molar ratio of 2.76, 1.39, 1.13, and 1, respectively.

The performance of the optimal SECLR-WS process was improved by
performing the heat integration scheme. The purpose of this study was to improve the
thermal efficiency of the SECLR-WS process, which was operated at the optimal
operating condition CASElIII, for Hz production from biogas. The results from pinch
analysis indicated that the process was the threshold problem in the type of non-utility
end. The only 89318.6 kW of hot utility was the minimum utility required in the process
at the ATmin Of 125 °C. The heat exchanger network design was performed by selecting
the optimal ATmin of 125 °C, which was the ATmin threshold. The heat exchanger
network in the optimal SECLR-WS process consisted of the five heat exchangers. From
the heat integration, the thermal efficiency of the optimal SECLR-WS process was
increased from 68.42 % to 76.83 %.

To access the reliable performance of the optimal SECLR-WS process with heat
integration, the energy and exergy analyses are performed, and the effect of key
operating parameters on the energy and exergy efficiency of the process was
investigated. The results showed that, in the optimal SECLR-WS process, the highest
exergy destruction was occurred the FR and SR due to the occurrence of several
reactions in these units leading to the high irreversibility. However, the high exergy
efficiency is occurred in the group of reactor units, while the group of heat exchanger
units showed that low exergy efficiency. Because of the difference temperature in the
heat exchanger units was very high, leading to the low exergy efficiency. While the
input exergy of the reactor units was very high compared with the exergy destruction

in these units, leading to the high exergy efficiency. The exergy efficiency of the
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process could be improved by utilizing heat released from the exothermic reactors, FR
and SR, to the heater for decreases the exergy destruction from the reactors. The exergy
efficiency of the heat exchanger could be improved by using the different level of utility
to decreases the temperature different in each heat exchanger unit. The energy and
exergy efficiency of the process can be increased by increasing the CaO/CH4 molar
ratio and the steam feed to FR and SR, due to the amount of H> product was increased
by increasing the CaO/CH4 molar ratio and the steam feed to FR and SR. While
increasing the FR temperature and FesO4/CH4 molar ratio was created the optimal point
of exergy efficiency due to the difference of the reaction occurred in system in the high

and low FR temperature and Fe3O4/CH4 molar ratio.

9.2 Recommendations

9.2.1 The inert solid should be added into the system to improve the stability
of the oxygen carrier and adsorbent, and to improve the heat transfer from the solid

circulation.

9.2.2. The network optimization and the heat integration considering the
quality of utility and the use of the heat from the exothermic reaction should be
performed to improve the energy and exergy efficiency of the process.

9.2.3. The non-ideal heat transfer and the size of solid should be considered in

the future work to study the behavior of transport phenomenon in the reactors.

9.2.4. In present, the experimental data is quite limited, so in the future, the
kinetic developed by using the experimental data should be used as a simulation tool

to improve the reliability of the simulation.

9.2.5 The economic analysis of the process should be performed in the future

work to determine the economic feasibility of the process.

9.2.6 The SECLR-WS process should be integrated with the PEMFC system
to produce the couple of electricity and Hz. The integrated system is interesting
because the H. product from the SECLR-WS process can be used directly in the
PEMFC system to produces the electricity without additional unit.
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