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CHAPTER |

INTRODUCTION

Fuels are very important for the public utilities especially in transportation
section. Among several types of fuel, hydrogen is considered as a promising fuel for
future applications. It can be used directly as an automotive fuel and as important
reactant for production of other useful fuel. it is well known that fuel cell is one of the
most attractive power generation Systerrl_s that*tse. hydrogen and oxygen as reactants
and produce the clean energy as products. In details, fuel cell is an electrochemical
device that converts therchemical energy of a fuel directly into electricity. Although,
there are many types_of fuel cell; protoL_n 'Qxchange membrane fuel cell (PEMFC) is
among the most interesting ones bec.a:use.:BIIEI\/IFC operates at low temperature with high

efficiency and power density. Theré"fore, PIE'TLMVFC is considered as a suitable type of fuel

dad

cell for automotive applications. However, t_hé' usage of pure hydrogen in vehicle system

; A
confronts the problems relatéd to ‘hydrogen storage and transportation. Therefore, the
e 75l
on-board fuel processor is preferred to liberate the hydrogen directly and methanol is

o

often considered aswa promising fuel’ source because st is stored as a liquid at

atmosphere and cah_ ‘E'Se reformed to hydrogen at reIativeh}'IhiId conditions (Lattner and

Harold, 2005). I\/Ioreovel;_, it has high hydrogen to carbon rétio.

Theareferming technology: for hydregensproduction is currently based
upon steam reforming, partial oxidation or autothermal reforming (Dudfield et al., 2001).
The steam =reformings has -an-advantage ~of ~preducing.the. highest hydrogen
concentration’ when" compared “with “partial oxidation "and ‘autothermal reforming,
nevertheless, since this reaction is highly endothermic, it requires heat supply from

external sources.

Typically, hydrogen produced from the steam reforming reaction always
contains carbon monoxide, which easily poisons the anode of PEMFC. Hence, the

hydrogen-rich gas produced from the steam reformer (SR) must be treated in order to



reduce carbon monoxide concentration to less than 50 ppm prior to feeding to PEMFC
(Ouzounidou et al., 2009). One method to reduce carbon monoxide is the application of
preferential oxidation (PROX). However, water-gas shift (WGS) reactor is a preferred
choice to be installed after the SR for reduction of CO concentration to 1% (Lattner and
Harold, 2004). Thus, the efficiency of PROX reactor for CO removal as limitation to
PEMFC is improved. Finally, the outlet stream from the WGS reactor is sent to the PROX

reactor subsequently as shown in Figure 1.1,

! Steam O, 4 ! E
I Lo I
: : ! ", !
1 ‘ ‘| = 1 1
:CHgon—» SR WES (1% PROX | =" PEM || Power .
I | I
' Steam L 4 ) |
I A F F O ¥ 0 N o 1
Fuel processor = _ Fuel cell

Figure 1.1. Schematic diagfam of.}geLprocessor and fuel cell system

id )

add 3 K

In this work, mathematical mo_d__efi;iof SR, WGS reactor and PROX reactor
are developed in MATLAB programi% for sir;rﬁ_!_ati_r}g and designing the performance of
- o

different methanol—fqél_{ed hydrogen systems for PEMFC wfiq,se CO concentration in the

feed is limited at 50 ppm Particular interest is focused on'the comparison between the
systems with and without WGS reactor. The sizes of the reactor, the hydrogen
production rate.and energy.consumption are’ .compared so that, a suitable system of

hydrogen productionfor-PENMFC can-be'selected.

The~ohjective of *this “study: is' to | compare ana! design a suitable
methanol:fuelled hydrogen production system for PEMFC between two systems

including i) SR and PROX reactor and ii) SR, WGS reactor and PROX reactor.



CHAPTER I

THEORY
2.1 Steam reforming process

Steam reforming is a technology for hydrogen production from
hydrocarbons or alcohols. It is a strongly endothermic process that external heat is
supplied to the reactor. The steam reforming.reaction is reversible and the product
stream is a mixture of hydregen, carben dioxides;-carbon monoxide, water and some
unreacted fuel. Figure 2.1 shews.a schematic diagram of the steam reforming process

for hydrogen production.

Exhaust gas

Combustil : .g '
/( 10, s
H
Heat =
ot

'%’[Qﬁﬂ=—k i j Preferential

=)

reforming reaction | oxidation

Figure 2y1 Schematic diagram of a steam reforming.process.

The product stream from reformer still remains a significant amount of
CO so that it is taken to the water gas shift reactor where CO reacts with steam and is
converted to hydrogen and CO,. However, the CO concentration in outlet stream still
contains about 1% of CO, which would be harm to PEMFC. The CO content is further
diminished in preferential oxidation process where CO is selectively oxidized with

oxygen to produce CO.,.



2.1.1 Methanol steam reforming

The steam reforming of methanol is a familiar reaction with high
efficiency. Generally, methanol and water are evaporated and react in a catalytic fixed
bed reactor to carbon dioxide and hydrogen, the preferred product. The steam

reforming reactions of methanol are as follows:

CH,OH+H,O (2.1)
!.d
CH,OH <> (2.2)
CO+H, , (2.3)
The thre Cti Cel er include steam reforming,
Eq. (2.1), methanol deco i Q< (2:2), a ! ‘ s shift, Eq. (2.3).
Steam reformi netha as a possible way to provide

il a main problem so, a methanol

tank and steam reforming unit ere used o s this trouble. This might reduce the

mwate“gaﬁ*ﬂ?j”’mﬂﬂ‘ﬂ”lﬂ']ﬂ‘ﬁ

T e water-gas shifty reaction (WGS) is considered as secondary

o) T B 370 LB TV AR s

existencg of steam is further converted to carbon dioxide and hydrogen. For the WGS
step that benefits to reduce the volume of the subsequent CO removal step. The WGS is

an exothermic reaction represented by the following equation below:

CO+H,0 <> CO,+H,, AH =-41 .1 kJ/mol (2.4)



The process does not only reduce the amount of CO, but also raises the
yield of H,. WGS may compose a first clean-up step when the CO content is high,
followed by secondary CO removal to reach part per million (ppm) levels. However, it is
rather unlikely that the CO content in the WGS reactor can meet the low CO

concentration specification for PEMFC feed.

2.1.3 Preferential oxidation

The prefe‘
reformate stream to p
poisoning of the PEMF
stream from steam reform
by eliminating CO. The
(2.5), H, oxidation, Eq. (2.

CO+0.50,—> CO, - /AH.=-283 kJ/mol (2.5)

. o ¥ i
T R S

I - @
CO+H2;(—) CO,+H, AH =-41 1KJ/mol

AU INENINYINS
=R ANN TN INYAE

2.2.1 Ba&c principles

A fuel cell is an electrochemical device of power generation system that
converts directly the chemical energy of fuel to electricity, usually hydrogen and oxidant,
usually oxygen as shown in Figure 2.2. The fuel cell consists of two porous electrodes
(anode and cathode), where the two electrochemical half reactions occur and separated

by an electrolyte. The electrolyte in this fuel cell is an ion conduction polymer typically.



The major difference between galvanic cells and fuel cells is that fuel
cells are considered as an energy conversion device while galvanic cells are
considered as an energy storage device. Typical fuel cells are continuously fed by
fuel/oxidant and operated until fuel/oxidant is no longer supplied to electrodes whereas
galvanic cells use solution contained in the cell until the electrode is completely

corroded.

()

Fuel

Anode Clatalyst gthade Catalyst

Figure 2.2 A generic fuel cell schemati

”2“"“"fﬁfﬁ“zmwﬂmwmm

es of fuel cell are‘typloally ClaSSIerd by electr%lte materials which

o A PP BLHAR DA B oot

cellis pr&sented in Table 2.2.



Table 2.1 Mobile ions and operating temperatures for various fuel cells.

Fuel Cell Type Mobile lon Operating Temperature
Alkaline (AFC) OH 323-473 K
Proton exchange H 323-373 K

membrane (PEM) . : '/y—/é‘

Phosphoric acid (PAFC) + 493 K
Molten carbonate (MCFC 923 K
Solid oxide (SOFC) 773-1273 K

applications can be cClassi ) L
»w —_———— 7\.‘
2.2.3.1 Portable applic m

This type‘oﬁuel cell is uséd as a battery for a notebook or some

secr e b icho b Wbdebdodcie il 1713
22”“?W’Tﬁﬁﬂ‘§m UAIINYAY

An important requirement for this application is quick start-up; therefore,
low operating temperature is required. The fuel cell which is suitable for this propose is
PEMFC. However, due to low operating temperature, the active electro-catalyst is

necessary and the fuel introduced into the fuel cell must be purified.



2.2.3.3 Stationary application

High temperature fuel cells (i.e. SOFC and MCFC) are required for this
application. Stationary application is generally for a power plant or auxiliary power for

industrial or residential purpose.

Proton e né ~(PEMFC) is a clean energy
conversion device be vater, electricity and heat. The
PEMFC has high effici o low operating temperature

around 353 K.

At the anode'side, h i d oxidized, creating electrons
Lo

4 . .
and protons at the cataly: ‘_ ' ons released in anode reaction

-F.f"f e

(2.8) are transferred through an "dﬁé‘ﬁﬁal cn’ Uit {0 the cathode side and H' ions migrated

form water as cathodeﬁé’

ﬂ ueﬁil C;g m ﬂbmj ﬂV&] fJeﬂ ii fuel cells is that fuel

cells are conS|dered as an energy conversion, device whileagalvanic cells are

consiabel e Grb Yoddsldeace okl &k dE¥atihousy e by

fueI/OX|dant and operated until fuel/oxidant is no longer supplied to electrodes whereas

a Efl\/l fuel cell can be written as

following:

galvanic cells use solution contained in the cell until the electrode is completely

corroded.
Anode: 2H, — 4e +4H’ (2.8)

Cathode: 4e +4H + O, — 2H,0 (2.9)



Overall: 2H, + O, — 2H,0 + electricity (2.10)

Water management in the membrane is a crucial factor for efficient
performance. If water is not sufficient, the membrane becomes dehydrated and led to
increasing the resistance of the proton conduction. In contrast, an excess of water can

cause cell flooding, causing a problem on the oxygen diffusion in porous electrode.

¥
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CHAPTER IlI

LITERATURE REVIEWS

Proton exchange membrane fuel cell (PEMFC) is a promising technology
for generating electricity. Its advantage is the low temperature operation that benefits for
vehicle application. Generally, the fuels;that supply to PEMFC are hydrogen and
oxygen. Especially, hydrogen to be fed to PEMFC.can be in pure hydrogen from a tank
or hydrogen derived from-an on—boardeueI processor. However, the usage of pure
hydrogen in vehicle systemseonfronts fhe problems.related to hydrogen storage and
transportation. So, the_on-board fuel processor is preferable to liberate the hydrogen
directly. Normally, hydregenscan be pré'dgced by several reforming processes, i.e.,
steam reforming, partialtoxidation énd aLtlothermaI reforming process. However, the

steam reforming processhas atifacted md_cﬁ':research attention as it offers the highest

i

hydrogen production. This €hapter provideé:-a review of the advance and development

" gy
in steam reformer and CO glean‘tp systemfor hydrogen production to be used in
i il

PEMFC. —

3.1 Hydrogen Productioﬁr_\ by Reforming Technology

Hydrogen; issthereactant for wse rin fueleeells: especially PEMFC to
produce electricity which can be generated'in fuel processor from the alternative fuels
by means of-the.reforming.reactions., Ahmed.and Krumpelt (2001)-studied the available
fuel as C H, O, with' the différent reforming reactions (steam’reforming;-partial oxidation
and autothermal reforming). However, the efficiency of each reforming reaction was
concerned with the fuel properties and the heat of formation of fuel that they virtually

depended on the values of “m” and “n”. The results showed that the maximum efficiency

in terms of a function of n, m and AH,, _ leads to increase with the H/C ratio (i.e., m=n).

f,fuel

For reforming reactions, the steam reforming process offered the highest hydrogen

production although it required the external heat sources.
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Brown (2001) also studied the alternative fuels for hydrogen production
including methanol, natural gas, gasoline, diesel fuel, aviation jet fuel, ethanol, and
hydrogen. They compared the advantage and disadvantage of the different fuels to
generate the hydrogen for PEMFC. The reactions used to create hydrogen consist of the
reforming reactions (the steam reforming and the partial oxidation), water-gas shift

reaction and preferential oxidation. The hydrogen produced by steam reforming

contains ~70-80% while ~35-45% by partial .oxidation. The lower fraction of hydrogen
was the additional weakness using the partial-oxidation. For comparison among different
fuels, hydrogen is considered as ihe best fuel to generate the hydrogen for PEMFC.
Nevertheless, it confronted with ihe severfa storage and distribution problems. However,
this work also studied-the combinatiqn bet_wgen steam reforming and partial oxidation of

methanol as the rival fuel fogon-boardfuel processor.
Avcl et al. (2001), Cpnside!(éd ,@he conversion of the different fuels to

hydrogen comprising of methane,.',.propa.ﬁ;eﬁ;_Qctane and methanol. In addition, the

processes for hydrogen production were alsb;s'tf:l‘died between a direct partial oxidation

o

and a combination of total-oxidation and steam-'réforming._The results showed that the
direct partial oxidatior-ef-propane-and-oxidation/steam-reforming of octane are the best
choices in terms of hydrogen production. However, they still faced with the CO formation

problem.

Ersoz et.al. (2006) studies' the various reforming-technologies i.e. steam
reforming, partial oxidation and autothermal. In adé@itional, they als6.compared the type
of fuel that use tolproduce hydrogen as natural (gas, dgasolineldand_diesel by using
Aspen-HYSYS 3.1 for evaluating the system efficiency. The operating condition was
investigated at temperature between 973-1123 K, steam-to-carbon ratio 2.0-3.5 and
pressure at 3 bar. The results showed that the highest fuel cell system efficiency was the
steam reforming especially, fueled by natural gas was achieved at about 98% with heat
integration at the S/C ratio of 3.5 and temperature around 1073 K. Anyway, the partial

oxidation showed the lowest system efficiency.
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Rabenstein and Hacker (2008) studied the thermodynamic analysis of
hydrogen production from ethanol via the steam reforming, partial oxidation and
combined autothermal reforming. The various processes were investigated in terms of
steam-to-ethanol ratio (0.00-10.00), oxygen-to-ethanol ratio (0.00-2.50) and
temperatures (473-1273 K) at atmospheric pressure. Thermodynamically favorable
operating condition occurred at low, temperature and the main product was methane
which converted to hydrogen..Coke-formationspreferred at low steam-to-ethanol ratios
but the coke-formation free steam reforming was-feasible over steam-to-ethanol ratio>3.
Finally, the results showed thai-the steam reforming achieved the highest system

efficiency in terms of hydrogen production at high steam-to-ethanol ratio.
i

Lattner angHafold (2005) éc;fnpared the different types of fuel processor
fuelled by methanol such as steam ré%jorming, autothermal reforming (ATR) and
autothermal reforming " (ATR) m_embrane’tj—}r_ea_ctor In terms of the overall system
efficiencies and reactor volumes as a funcﬁ.@j_qf fuel processor design. They found that
the efficiency of the ATR Pd méfibrane rea@?&vas vaguely lower than the SR or ATR
reactors. However, the main advantage of ﬂﬁ:e'»ATR Pd m(_ambrane was a decrease of
volume of fuel process@@r—,ai—the_expense@f-a more oompléx'steam system and a small

reduction

Kolavennu &t« al. (2006) designed the fuel cell power system for
automotive applications.. The systems composed [of steam réformer, water-gas shift
reactor, preferential oxidation and finally, fuel cell that can generate the electricity
supplied; to 'the automotive. The ebjective was to produce 'a combined model for the
steady-state operation of a PEM fuel cell for automotive operation that fuelled by
methane. The steam reformer was operated at 1000 K and 5.05 bar. The hydrogen
production was found as 0.452 mol/s at methane conversion of 90%. The water-gas shift
reactor was separated into two zones: a high temperature zone and a low temperature
zone. For the PROX reactor, the oxygen-to-CO ration was kept at 2:1 and they found that

the volume of 3.5x10“m’ was sufficient to reduce the CO concentration to 100 ppm.
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For reforming processes, the steam reforming is seemed as the best fuel
processor in term of high efficiency when compared with partial oxidation and auto-
thermal reforming. However, the steam reforming showed the highest hydrogen
production but it is an endothermic reaction so, heat supply is required. For using the
natural gas as fuel to produce hydrogen still had problem with hydrogen storage and
also, using ethanol that dealt with highioperating temperature and methane occurred as
main product at low temperature. Furthermoreythe S/E ratio should be higher than 3 to

avoid the coke formation so; the alternatige fuelwas'investigated.

3.2 Methanol Steam Reformer

_—

Methanol is often conside”@ed; as a primary fuel source because it is
stored as a liquid at atmosphere and can't_f“)g reformed to hydrogen at relatively milder
conditions than petroleum-based _h,ydrooé'gbgn. Moreover, it has high hydrogen to
carbon ratio. Therefore, it seems fo be i?é"ttractive fuel for on-board hydrogen

o

production (Lattner and Harold; 2005). -

The reactions involved in the production of-hydrogen from methanol in a

steam reformer can be.summarized as follows:

CH,OH+H,0 <>/CQO,+3H, (Steam reforming)
CH.OH €<>.CO+2H, (Methanol decomposition)
CO+H,0 <> CO,+H,, (Water-gas shift)

Amphlett et al. (1994) studied the catalytic steam reforming from
methanol to generate hydrogen for a PEMFC. Moreover, they developed a semi-
empirical model over CuO/ZnO/Al,O, catalyst. This analysis had quantified a number of
factors which were relevant to design of reformer-fuel cell as the effect of temperature,

pressure and steam-to-methanol ratio. They showed that the model can expect the
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performance of the reformer with respect to the various parameters important in

developing an integrated reformer-polymer fuel cell system.

Peppley et al. (1999) also studied a comprehensive model for the
kinetics of methanol steam reforming on Cu/ZnO/Al,O, catalyst. A set of Langmuir-
Hinshelwood rate expression was derived based on a steady-state analysis of the final
surface mechanisms. Finally, the results 'showed that the model was able to exactly
predict the rate of hydrogen production, camonsdioxide and carbon monoxide for a
wide range of operating conditions. Th’e"gf also.confirmed the validity of kinetic models
compared with the experimental.data.

)

Lwin et'al. (2000) invﬂestig_ateld the thermodynamic equilibrium of steam
reforming from methanel by varying mixtgrels_, of feed, temperatures (360-573 K) and
steam-to-methanol molag ratio (0—1-.5) via 'Jthe minimization of Gibbs free energy. The
results showed that the optimum" cbndition J"fo’r" hydrogen production occurs at 1 atm
pressure, 400 K and a steam- to methanol ratlo of 1.5 when the carbon and methane
formations were not con3|dered At this Condmon they found that the equilibrium

concentration of CO |s less than 1000 ppm and dlmethyl ether (DME) is less than 300

ppm, with a hydrogen yield of 2.97 moles per mole ef methanol and methanol

conversion of 99.7%. Dimethyl ether formation occurred.at low temperatures and low
steam-to-carbon molar_ratids whereas CO“occurred at high temperatures and low

steam-to-carban molar katio.

Maslalirfetial. 42005) studied theikinetic' model ofisteam reforming from
methanol; over Cu/ZrO,/CeO, catalyst. The experiments were carried out under
continuous operation in a fixed-bed reactor at atmospheric pressure, with steam-to-
methanol ratio of 1:1. The raise of Cu content from 5 to 15% was found to improve the
long-term stability and restrain the CO production considerably. Kinetic measurements
were made in the temperature range of 503-573 K. They showed that the highest
methanol conversions and the low CO levels were observed in the temperature range of

523-543 K.
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Telotte et al. (2008) designed the steam reformer from methanol to
produce sufficient hydrogen for generating a net power of 24 W and 72 W and they also
used the rate expression of methanol steam reforming by Peppley et al. (1999). The
reformer was modeled as a radial flow packed bed reactor and the Ergun equation was
used to model the pressure drop. Effect of reactor temperature, inlet pressure and
steam-to-methanol ratio were studied. They found that an inlet pressure of 202 kPa and
a steam-to-methanol ratio of 1.5 were used (0 generate the sufficient hydrogen. The
temperature 500 K was required-for the lower pewer application as 550 K for the higher

power application.

3.3 CO Clean-Up Section _,

The hydrogen-rich stream'_ffgm steam reformer contained amount of
carbon monoxide and if the mole fréction véf.r{garbon monoxide exceeds a certain level
that will be poisoned to the electrode of Fil\?/i’ﬁuel cell. Therefore, removing carbon
monoxide in a hydrogen-rich stream is a chiﬁbél-issue when hydrogen is used as the
source of energy in‘such-fuel-cell-types-One-common-method for reducing the carbon
monoxide content of a hydrogen-rich stream while minimiﬂng hydrogen conversion is
preferential oxidation of carbon monoxide (PROX) (Vahabi and Akbari, 2009). Hydrogen-
rich stream as fuel was mixed with oxygen, and fed to|PROX-reactor to purify H, by

eliminating CO. The reactions taken place in PROX reactor are as following:

CO0%0.50, — €O, (CO oxidation)
H,+0.50, — H,0, (H, oxidation)
CO+H,0 <> CO,+H,, (Water-gas shift)

Choi and Stenger (2004) studied the kinetics of CO preferential oxidation

(PROX) on Pt-Fe/Y-alumina catalyst to evaluate various rate expressions and to simulate



16

the performance the CO oxidation step of a methanol fuel processor for fuel cell
applications. Temperature was varied between 373 and 573 K at atmospheric pressure.
The effect of O,/CO ratio, the effect of water addition, and various non-isothermal modes
of operation were evaluated in these simulations. They showed that the trend of
decreasing CO conversion and selectivity at higher temperatures is accurately
predicted to be caused by the reverse water gas shift reaction rather than a difference
in the activation energies for CO oxidation and.H, exidation. Also, it is shown that adding

water should increase the performance of PROXreactor.

Dudfield etwal. (2001) had. designed, constructed and evaluated a
compact CO preferential.eoxidation (PRO)&) reactor for PEM fuel cell applications as well
as catalysts were studiedsto find/@a sUitabIé Eatalyst for the particular reactor application
i.e. acceptable CO oxidation activity and 'sJeIe;ctivity within a temperature range of 403-
473 K. The reactor design was based upb:h_,the catalyst coating of high surface area
heat transfer technology. They found thé}f.lhe PROX reactor can be successfully

integrated and commissioned with'a methani‘s?{’éam reformer with reductions in fuel CO

concentrations of 2.7% to < 20 ppm being sdb'sétquently demonstrated.

FranCeggoni et al. (2007) designed the wafér—gas shift (WGS) reactor to

reduce the CO content from the outlet stream from - ethanol fuel processor. They
investigated a model-based»reactor optimization to obtain both designs for reducing
volumes and qgptimall operating conditions. iThe volume lof WGS reactor is the largest
component because the WGS reaction is very slew when compared with the other
reactions that coneemed in theyreforming process and due| to lits inhibition of the
thermodynamic equilibrium at high temperature. The results showed that the
heterogeneous model used allows computing the optimal reactor length and diameter
and the optimal catalyst particle diameter. Several reactors configurations are analyzed
in order to state the limiting values of the main design variables. Specially, insulation

conditions are studied in detail to access minimum total volumes.
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Oliva et al. (2008) investigated the CO-PROX reactor design by model-
based optimization. They added the different reactor components to show how the
system dimensions and configuration changed after optimization. The rate expression of
PROX reaction was preferred to use from Choi and Stenger (2004) and they developed
this expression to avoid the numerical problems and to facilitate convergence. The
heterogeneous reactor model was used to compute the optimal reactor length and
diameter, optimal catalyst particle diameter, .optimal insulating material thickness, as
well as the optimal inlet temperature of the streamto operate the system in a pseudo-

adiabatic mode.

Vahabi and Akbari (2009)|L investigated the three-dimensional numerical

simulations of the reacting flow in“'rect'arfl"gular microchannel PROX reactors. They

_—

proposed that the kinetics chosen were 'fpr‘-ia Pt-Fe/ y- Al,O, catalyst and operating
temperatures of about 373 K and,also theg.je‘]‘_fegts of the inlet steam content, oxygen to
carbon monoxide ratio, reactor wall tempéfature, aspect ratio of the channel cross

section, and the channel hydraulic diameterj@éﬁé investigated. The results showed that

45 ]

the optimum design_conditions-are as follows: steam coptent of 0.96x 10° m’/s and
oxygen-to-carbon moéeﬁde—ra&e—ef—fi—a{—the iniet, wall temperature of 393 K, a micro-
channel with 300 mm hydraulic diameters and square ctrvoss—section. Such a PROX
micro-reactor could deb-lete 2.3% carbon monoxide at thé inlet to 7 ppm at the outlet in

a 2.64mm lendth.

However, using PROX reactor following the steam feformer directly has
strictly effect’on 'the sizing oftPROX reacton so, the water-gas shift (WGS) reactor is
proposed to deal with this trouble. The water gas shift reaction is a critically significant
reaction to shift carbon monoxide and water to hydrogen and carbon dioxide before

feeding to PROX reactor.
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3.4 Integrated Methanol Reformer System

An integrated methanol reformer system was combined commonly with
steam reformer and CO clean-up section (PROX reactor and/or WGS reactor) to provide

relatively pure hydrogen to a fuel cell.

Choi and Stenger (2005) evaluated reaction rates for making hydrogen
from methanol via three reactors as the steam reformer, WGS reactor and PROX reactor.

In this work, Cu-ZnO/ALLQ, eatalyst was used-forthe steam reformer and WGS reactor

and Pt-Fe/Y-alumina catalyst was proposed for PROX"reactor. The activity tests were
performed between 3983 andb98 K at atr.fwospheric pressure with a range of feed rates
and compositions. The product d_istribution, the effects of reactor volume and
temperature, and the options of water ar;d alr injection rates were studied. The result
showed that the performance of the mtegr’éted system was greatly affected by the size
of the reformer and not sensitive to the temperat'ure of the WGS reactor or PROX reactor.

For best performance, the WGS reactor should be operated in the range of 493 K

regardless of other process Condmons For‘PROX reactor, the operating temperature

ot e

and reactor size had less |mpact on the performance of fthe reactor, but O,/CO ratio

should be maintaified at a value higher than stoich‘iometry to avoid high CO

concentrations in the final product.

Kamarudin ‘et al.’ (2004) proposed. t6 conceptual design of a fuel
processor system for a 5 kW proton electrolyte membrane fuel cell (PEMFC) system for
mobile’and portableiapplications: The ffirst section” described thescutethermal reformer
(ATR) system while the second section demonstrated the significance of the water gas
shift (WGS) reaction in the system. The main target was to produce the concentration of
CO at less than 2000 ppm before entering the separation units. They found that if the
mole ratio of O,/C is 0.20-0.25, then the hydrogen selectivity is around 2.5-2.6 for
complete methanol. Steam was fed at excess condition in both units, ATR and WGS, to
avoid reverse WGS reaction. The conceptual design also proved the significance of

WGS reaction in the reduction of CO produced in the ATR and indicated the importance
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of pressure to reduce the bulk size of WGS reactor. The CO level was then further
reduced to less than 2000 ppm after the WGS reactor. In addition, this paper also
studied the performance of preferential oxidation (PROX) in removing the CO and it was
observed that the PROX could reduce the CO to less than 100 ppm and performed

better than WGS reaction in terms of water management.

Francesconi et al. (2007) ‘ipvestigated the energy integration and
determined the maximum efficiency of an elnanel processor for hydrogen production
and fuel cell operation. The fuel process"ér was comprised of steam reforming, followed
by high- and low-temperature shift reactors and preferential oxidation, which were
coupled to a PEM fuel cell. Thesheat egchanger network was implemented using the
HYSYS program, which aliowegd analyzing?*tﬁe system energy integration by the process
integration method. They found that'a :net (%jjectric efficiency around 35% was calculated
based on the ethanol HHV . /An efficient etﬁgnqﬂj processor depended on the operating
conditions of the reformer and their effid'ig:n_.t. energetic integration. This preliminary
analysis was used to design thé- HEN syste@%’éj perform a more accurate optimization

in order to synthesize the process fietwork. -

Ratnén%é_la et al. (2005) also studied the‘v{'ehergy integration in a fuel
processor, i.e., desulfurizer, steam reformer, high-temperature shift reactor, low-
temperature shift reactor,"pfeferential oxidation reactor, and various heat exchangers by
using liquefied petreleum gas (LPG).as thetfuel. The results obtained from the studies
showed that the steam reforming with LPG gives azhigher concentration of hydrogen in
the product 'of about 74%. The fuel cell efficiengy is around 34%, and the thermal
efficiency including lean gas is about 93%. Furthermore, this model developed can
serve as the basis for the development of an integrated PEMFC decentralized power

pack for household applications.



CHAPTER IV

MATHEMATICAL MODELLING

4.1 Mathematical models

The hydrogen supplying to PEMFC can be generated by a series of fuel

processors. In this study, the pro

and CO clean-up system fu:! /
each of reactor are proY'(

are provided as necessa

thanol steam reforming based on

Cu/ZnO/AlL O, catalysts are gl__\@ff@?} ey
expressions: Egs. ( .;)A_— (4.3)
r = kRKCHao“ .H'SQH‘_I pﬂzz)l(l
" (1+ K::HJO(" ( pCHgoH Ma/zz) +

al. (1999) as shown in the following

3 C;lcglasg (41)
o (Prip ] PHON(L+KLZ pi?)

(4.2)

The three reactions that take place in the steam reformer include steam
reforming, Eq. (4.1), methanol decomposition, Eqg. (4.2), and water-gas shift, Eq. (4.3).
The parameters of reaction rate constant applied for the calculations of the reaction rate

are summarized in Table 4.1.
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Table 4.1 the parameters for rate expression for steam reforming, decomposition and
water-gas shift reaction (units are consistent with pressures in bar and overall rate in

mol/kg,,,s) (Lattner and Harold, 2005 and Peppley et al., 1999).

Parameter Expression

C,=C, R ] 7.5x10°

k,, (m” s¥mol; NG 9x10"exp(-87600/RT)

\

Koo '."\‘ 10 exp(20000/RT)
K(*ZH30(2) 6.9exp(20000/RT)
Konor ) fRp(20000/RT)
Ko hv ’ Oe OOOO/RT)

5.43x10° exp(50000/RT)

FT?JEI’JVIEJ‘VI?WEI']T]?

3 86x10 exp 5000O/RT)

q W’lﬁﬁﬂim NI IR A

For the reaction equilibrium constant for reaction j can be calculated as

follows:

—AG.
K, = exp( T L) (4.4)
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4.2.2 Water-gas shift reaction

For the water gas shift reaction, the rate expressions for WGS reactor are

based on Cu/Zn/Al,O, catalyst (Choi and Stenger, 2003) as shown in Eq. (4.5).

47400
lyes = 8. 01x10* eXp(———)(Peo Pu = pco pH
/ Kuwes
(4.6)

—-_-

4577.
Where Kygs = €Xp( S77.8

ressions for PROX reactor are
2 04 and after that, Oliva et al.
(2008) modified the original e ons- \u d the numerical problems using

of CO oxidation and H, oxidation.

The kinetic expressions were s svg{w

! ),

oo = 97,4854 exp(o:

) A ifgns

=3 #orS S AN e Y

Where KWGS is given in Eq. (4.6).

4.3 Reactor modeling

All the reactors are modeled as plug flow reactors and based on the

following basic assumptions:
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(1) One-dimensional mathematical model.

(2) Isothermal condition for all reactors.

(3) Operating at isobaric condition.

(4) Ideal gas behavior.

\

(5) The pressur is negligible.

(6) There is

4.3.1 Material balance

With the & ‘ 1e molar balance equations for

component i can be integrate ) {: . -’o\o" atalyst as below.
4.1)

‘ethe subscript [ refers to the species and j refers to the reaction .

The stoichiometric coefficie ON /IS represented by V.

’ll TJ
432 Slmulatlowy g—ll ’J nn EI W§ w El"] ﬂ‘j
’Q T hsladh Biicg megﬂ mrﬂ@;',ql fd: ';]a@ag approximately

using the kinetic expressions integrated with one-dimensional components as shown as
Eq. (4.1). The target of hydrogen production is designed for 50 kW PEM fuel cell that
hydrogen required 0.5 mol/s (Kolavennu et al., 2006). The flow rate of methanol was set
at 0.18 mol/s. All of the simulations in this study were carried out with the MATLAB

software using the stiff ordinary differential equations routine ode15s.
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Table 4.2 Operating conditions for SYS |.

Reactors Temperature (K) S/M ratio | O/C ratio | Pressure (bar)
Steam reformer 433-533 2.0 - 1.01325
PROX reactor 423-523 - 2.0 1.01325

Table 4.3 Operating conditions for S

Reactors Temperature (K) \L/ /,. O/C ratio | Pressure (bar)

\‘\
Steam reformer 4 3 e 1.01325

WGS reactor 1.01325

%[N
PROX reactor M‘I\\\\\s 1.01325

For ope

q (S Il are summarized in Tables

4.2 and 4.3, respectivel

Q to provide instantly for the WGS
reactor in SYS II. For the ffompal ;...a betive ) 5 | and SYS |, the steam supply

should be equivalent mutual

)

2
ﬂUEl’J'V]EWI"JWEﬂﬂ‘E

’QW'l@ﬁﬂ‘iflJ UNIINYAY



CHAPTER V

RESULTS AND DISCUSSION

Two hydrogen production systems from methanol are considered in this
study. The first system (SYS |) is a.combined steam reformer and preferential oxidation
reactor and the other (SYS ll).is a combined steam.reformer, water-gas shift reactor and
preferential oxidation reaeter. The ‘methanolsteam reformer is packed with

Cu/ZnO/ALLO, catalysts (Pepply ci'al., 1999) and the same catalyst is also used in water-

gas shift reactor (Choi and Stenger, 20d3). For preferential oxidation reactor, Pt-Fe/Y-

alumina catalyst (Choi and Stenger,-"ZOOZ,)"'is used. The methanol and steam are fed

simultaneously to the steam reformer Wher‘? the steam reforming reactions take place to
convert the reactant streams into hydroger‘if_rich' gas. Furthermore, the product from the
steam reformer is sent directly to the pref_éﬁ_lntial oxidation reactor to reduce the CO

concentration which can poisonwith anode':’éﬁ_’é’EI\/l fuel cell. However, the use of the

water-gas shift reactor prior-to-the prefeﬁéhﬁa#oxidation reactor is considered for

performance compafison.of the systems

The inflrg-iences of operating parameters;v i.e., temperature, steam-to-
methanol (S/M) molar ratiosasteam-to-carbon/(S/C) molar ratio and oxygen-to-carbon
(O/C) molar ratio len [the gerformance’ of these two systems including methanol
conversion, carbon monoxide conversion, energy.consumption, velume of reactors (in
term ofiweight ofi.catalyst) and,H, production, under steady (state ‘and isothermal

conditions are investigated. .
5.1 Model validation

The validation of the reactor models (a steam reformer, a water-gas shift
reactor and a preferential oxidation reactor) was carried out first to ensure that the

developed mathematical models can well predict the performances of the reactors.
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5.1.1 Methanol steam reformer

The mathematical model of the steam reformer is investigated as packed
bed reactor, using the kinetic expressions taken from Pepply et al. (1999) whose kinetic
and adsorption parameters are summarized in Table 4.1. They developed a

comprehensive kinetic model for the reaction system over a wide range of temperature
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Figure 5.1 Comparison the methanol conversion between literature (Pepply et al., 1999)

12

and our prediction model at S/M molar ratio = 1, temperature = 513, 533 Kand P = 1.01

bar.

The validity of the steam reformer is assessed by comparing our
simulation results with reported experimental data from literature (Pepply et al., 1999).

Figure 5.1 shows the effect of temperature as a function of methanol conversion versus
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a contact time measured in term of W/F ..., (weight of catalyst/ molar flow rate of
methanol) in the range of 0-12 kg, s mol” at condition: pressure 1.01 bar and S/M
molar ratio equal to 1. The points are experimental data of Pepply et al. and the solid
lines are represented as our simulation results at 513 K and 533 K. It can be seen that

the simulation results agreed well with experimental measurements.

W,

The rate e . oc‘surr reactor is the water-gas shift

5.1.2 Water-gas shift reactor

reaction. Generally, this ed|to din rbon monoxide concentration

in hydrogen rich gas stea his work, the water-gas shift
reaction is taken by ion (4.5) on a commercial
Cu/ZnO/AlL O, catalyst err | for water-gas shift reactor

should be proved with th
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.ni" Sl ‘"-
3.5 R s
= B Choiand Stenger
EY .
3.0 - . mulation results

25 - _ m
“ﬁuﬂﬁﬂﬂﬂ -
W’m\mmum'svmé’ ¢)

10 I T I
300 350 400 450 500

ﬂtfater to CO molar ratio

Catalyst weight (gram)

Figure 5.2 Comparison of simulation results between literature (Choi and Stenger ,2003)
and our prediction model for 1 kW fuel cell to achieve 1 mol% of exiting CO

concentration.
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The simulation results from Choi and Stenger (2003) are considered at 1
KW fuel cell with molar flow rate of CO and H, as 11.1 and 22.2 mol/h, respectively.
Figure 5.2 shows the comparison of the results achieved in this work with literature
results that demonstrated the CO exiting the water-gas shift reactor as 1%mol in term of

catalyst weight (gram) and water to CO molar ratio at 473 K. This comparison shows

is h for supplying to PEM fuel cell

= concentration of this stream

good agreement with the simulation

5.1.3 Preferential oxidation rea

The hyd
to generate the electriei

should be reduced t e PEM fuel cell anode so,

preferential oxidation r: ions for preferential oxidation

reactor in this study we ger (2004) and after that, the

8) in order to avoid numerical

problem and to facilitate co Ace using additional parameter K equal to 1x10°

expressions were further

in equation of CO oxidation and H; oxidatior

he rate expressions that occurred in this
e ‘j,‘_:_,'.f

o

reactor combine with CC ) ation (4.8) and water-gas shift

reaction (4.9) on Pt-F :-"‘. ‘ ‘

ﬂﬂﬂ?ﬂﬂﬂiﬂﬂﬂﬂ‘ﬁ
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5.2 Thermodynamlc analysis for the different reactors

This section presents the thermodynamic analysis of hydrogen
production from methanol using steam reforming and water-gas shift reaction. The
thermodynamic analysis was carried out to study the influence of temperature, S/M
molar ratios and S/C molar ratios on methanol conversion for steam reformer, CO

conversion for water-gas shift reactor and hydrogen production. In this work, the
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suitable condition for steam reformer and water-gas shift reactor are determined to
identify the limitation and effect from thermodynamic equilibrium on their maximum

conversions.
5.2.1 Methanol steam reformer

The thermodynamic ilibrium of the steam reformer has been studied

for methanol conversion and» Jction. The reactions concerned in this

(5.1)
(5.2)
(5.3)

The gas ciés i 3/ 4 ethanol steam reformer are CH,OH,
ed in range of operating temperature
from 300 to 580 K and the S/ 1_5‘??,1:_. gtl :-;,.4.'. to 3.0 at atmospheric pressure.

i Q ANYNINYINT ——
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Figure 5.4 Effect of temperature and S/M ratio on the equilibrium conversion of methanol

in the steam reformer.
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Figure 5.4 shows the equilibrium conversion of methanol from the
methanol steam reformer with the various temperature and S/M ratio. The equilibrium
conversion of methanol rapidly increases with temperature and S/M ratio. As a result, the
complete conversion of methanol was accomplished as temperature and S/M ratio are

higher than 400 K and 1, respectively.
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Figure 5.5 Effect of te € hydrogen production in the

steam reformer.

¢ o Q/

ﬂeuf&ls’gf%r%‘raaw E’I’]{ﬂr‘}tio on the hydrogen
production arquhown in Figure 56&. It can be'ﬁs_een that hyd&gen production is
improvq W@r@ﬁ@ ﬁ@rw &I %E}@ﬁﬂTﬂd&i @T%S/M molar ratio
shows sﬂrong effect at low température but slight efféot at higher femperature on
hydrogen production. In term of the equilibrium concentration of hydrogen as shown in
Figure 5.6, it declined at a higher S/M molar ratio due to the revere water-gas shift
reaction that favorably occurs at high temperature. At the same time, the CO
concentration extremely rised with increasing temperature and the S/M molar ratio lower

than 1.5 as shown in Figure 5.7.
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Figure 5.7 Effect of temperature and S/M molar ratio on the equilibrium concentration of

carbon monoxide in the steam reformer.
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5.2.2 Water-gas shift reactor

The water-gas shift reactor is one type of the CO-cleanup process that
can convert the carbon monoxide to hydrogen by reacting with steam. To investigate the
thermodynamic equilibrium of the water-gas shift reactor, the feed composition of the
water gas shift reactor was based on the equilibrium gas composition from the steam

reformer. The main reaction taking place in theiwater gas shift reactor is as follow:
CO+H,0 € CO~+H, 4 AH=-41.1 kJ/mol (5.4)

The gas speeiesdnvolvediin the water-gas shift reactor are CO, H,O, CO,
and H, and conditions agg evaluated in rénge of operating temperature from 300 to 450

K and S/C molar ratio from1.0%0/8.0 at atrhé’épheric pressure.

i
\ -

The conditionfrom the stearﬁ reformer at S/M molar ratio = 1.5 and 450 K

which considered the compositioh (j)f prod-:@:lf'::t gtreams to feed steam for the water-gas
¥ K
shift reactor are provided in Table 5.1 below:

Table 5.1 The mole fraction of Gomponent in feed stream to the water-gas shift reactor.

y Y]
Species CH,OH H,O CO 1 CO, H,
Mole Trace 0.1144 0.0032 0.2190 0.6633
fraction amount

JThe equilibrium..conversions,of earbonsmonoxide in, the water-gas shift
reactor as functions ‘of §/C 'molar'ratio“and temperature was shown in“Figure 5.8. The
conversion of carbon monoxide slightly changed with rising S/C molar ratio. On the
contrary, the conversion extremely reduced with increasing temperature as shown in

Figure 5.9.
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the water-gas shift reactor at S/C molar ratio=2.0.
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Figure 5.11 Effect of temperature and S/C molar ratio on the equilibrium concentration

of carbon monoxide in the water-gas shift reactor.
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Figures 5.10 and 5.11 show the fraction of hydrogen and carbon
monoxide, respectively at various temperatures and S/C molar ratios. At the higher S/C
molar ratio, the hydrogen concentration vaguely decreased caused by the dilution with
the excessive steam. At increasing temperature resulted in a raise in CO concentration.

But S/C molar ratio do not effect.

or is P ferred to produce the hydrogen

The on-b , ! ¢
directly using methanol el ce.F ‘ \\. luel processor is combined with
steam reformer and prefe - : fo \ re modeled as the plug flow
reactors. The steam’ refofme \d preferential oxidation reactor are packed with

\

Cu/ZnO/AlQO, catalyst ( e‘ e a catalyst (Choi and Stenger,

2004), respectively. A schematic gure 5.12.

ARIAINIUNMINYIAY
Figure 5.12 Schematic diagram of SYS | consisting of the steam reformer and the

preferential oxidation reactor.
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5.3.1 Steam reformer in SYS |

The feeds composing of methanol and steam are fed in the steam
reformer for conversion into hydrogen-rich gas via methanol steam reforming reactions.
For SYS |, the steam-to-methanol molar ratio (S/M) of 2.0 and the various temperatures
ranging from 433 to 533 K are considered. The simulation results at this condition are
shown in Figures 5.13, 5.14 and 5.15 as methanol conversions, hydrogen productions
and, the outlet CO concenirations, respectively=in terms of catalyst loadings and
reformer temperatures. ItiisTobserved that the rising of reformer temperature leads to
increases of the methanol cenversion, hydrogen and also the outlet CO concentration.
The increasing of CO ouilet with higherli temperatures is undesired because the CO
content in H,-rich stream €an/pison anode of PEMFGC, leading to reduction of power
generation efficiency.” Catalyst Io_adi’ng '?e@reased with" increasing temperature to
achieve the target Me@H gonyersion for 'i(—_‘i»ﬁarpple, at 95.00% MeOH conversion, the
catalyst loading required" are 569Q 36.1'-0;{_.9r‘1d 23.30 kg for 503, 513 and 523 K,
respectively. This trend of CatalySt toading @!}bccurred for hydrogen production and

iJ

CO outlet concentration undoubtediy- ey 1.. -

However, to design the steam reforme_?_-‘-for SYS |, the methanol

conversion should be considered to produce the suitable process for SYS |. The MeOH
conversions are selectedmat 95.00%, 97.00%, 99.00% and 99.50%. At these
conversions, the carresponding values| of catalyst (loadings, hydrogen production and

CO outlet concentration are compared.
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conversions for SYS I.
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040 -
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reformer on catalyst weigh and CO concentration in SR outlet,

respectively for different et];w CONVErs igure 5.16 shows that the catalyst

i

loadings are declined sing reformer temperatufe /as same as the hydrogen

J

production that in thy d f-j e 5.17. However, the CO

concentration in SR “outlet stream is rapidly increased with the higher reformer
temperature a i ﬁ:‘ar A o , is a by-product from the
methanol decﬂﬂﬂeﬁtiﬁtgjﬁjﬂiﬂjﬁge. While the water-gas
shift reactio t .conye ‘C ' I ﬁf ure. In terms of
methaﬁtjﬁ/ﬁiﬁﬂwﬁoﬁm ﬁﬁjihmnﬂﬂ sull as hydrogen

production and CO concentration at higher methanol conversions.
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[ 9.50% to produce the sufficient
hydrogen for supplying to EI\/I‘F'.@'-and t ur trace amount of methanol present in

the product gas. The dlfferent—'féFrfélsrafqr > selected at 513, 523 and 533 K to find

out the suitable s »-:____‘__________:_:_:_:_::_:, ............. outlet stream from steam
reformer at 99.50% arfja erﬂtreformer temperatures and
these conditions are subsequently used as feeds for PROX reactor. It should be noted

that the reacﬂ\éuwﬁoeg ng\éﬁ ﬁnwm ﬁﬁxtremely endothermic.

Therefore, the heat supply for the steam reformer is essentially mvestlgated The heat

req”'”W”’lﬁﬂﬁ“’ifﬁyﬂ WYTRYTRY

Table 5. 2 Mole fraction of components in outlet streams from the steam reformer SYS I.

Tes (K) CH,OH H,0 CcO Co, H,
513 Trace amount | 02062 | 4.827E-03 | 0.1946 | 0.5934
523 Trace amount | 02075 | 6.141E-03 | 0.1933 | 0.5921

533 Trace amount 0.2094 7.996E-03 0.1914 0.5902
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Table 5.3 Heat requirement for operating steam reformer (SYS 1).

Power consumption for SR (kW)

Reformer temperature 513K 523 K 533 K
Preheat MeOH and H,0 (Q,) 26.23 26.42 26.61
Heat supply for reactions (Qgp) 10.78 10.90 11.03

5.3.2 CO clean-up process in'SYS |

For SYS |, the preferentia[oxidation reactor is provided for decrement of
CO concentration in H, righ'stream from t?_ﬁe steam reformer. The reverse water-gas shift,
CO and H, oxidation reaciions'age taken falé"ce in this reactor. In this study, the target of
CO concentration in outletdstream fro;n PF_QIOX reactor is set at 50 ppm (Ouzounidou et
al., 2009) to avoid toxicfor anode in _PEI\/IFCiI::J The oxygen-to-carbon molar ratio (O/C) is
fixed at 2.0 and the reactor temperatures ah(q,{xiaried from 423 to 523 K. The composition
of reformates from the different reformer Eﬁﬁferatures as shown in Table 5.2 are

tif =

delivered to PROX reactor. -t -

The siﬁulation results for PROX reactor a_r:é-‘shovvn in Figures 5.19 and

5.20 as catalyst loading and hydrogen production, respectively at different reactor
temperatures. To achieve the CO content at.60 ppm, the catalyst loading is reduced
with increasing reaptor temperature_as|shown in‘Figure 5:19. The reduction of volume
reactor in term of catalyst at higher temperaturesis decreased ghe prospect of the
remaining O, reacting with H, in [H, . Oxidation reaction. Figure 5.20 shows the effect of
reactor temperature on hydrogen production at CO content 50 ppm. Some hydrogen is
consumed in PROX reactor but the extent at high temperature is lower than that at low
temperature due to the limiting of catalyst loading where the H, oxidation occurred (after

CO depleted).
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A
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heat releases from reaction
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the different conditions from the steam reformer ([(CO]_, = 50 ppm).
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Finally, the t : ) S | are more strongly affected by

temperature of steam reformer ih re of PROX reactor so, reformer

temperature at 533 K-was considered. H lowever, the temy ératures of PROX reactor also

influence total Catal‘ of SYS | as shown in Figure

Tl
5.22 and 5.28. ."“4' at Tg, 533 K and T, 423 K presents the lowest energy

consumption b Nﬁrﬁfi\ﬁgﬁgmﬂfjﬂﬁt the same Tg. So, the
selection of a dition Sl should ¢ e ut'the area on the vehicles
ARSI Y
systems! .
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5.4 Simulation results 6f SYS || ——

In this Botion, performance o SY@II comprising of the steam
reformer, WGS reactor and PROX reactor is investigated. The designs of steam reformer

and PROX reﬂou le%w H)% ‘35% ﬁih’]\ﬂs eactor is packed with

Cu/ZnO/AlLQ, cg"lalyst Choi and Stenger, 2003). A schematic cuﬁram of SYS Il is

RN ITU UNINYAY
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Figure 5.24 Schematic diagram YS Il cons sting o the steam reformer, water-gas

shift reactor and the prefei
5.4.1 Steam reformer

For SYs 4l ihedsim (malarrat 5 is kept at and the various
temperatures from 433 o‘ ¢ ndition, the simulation results
are presented in Figure ethanol conversions, hydrogen
productions and, the outlet S, respectively at different values of
catalyst weights and reforme follow the same trend as those
of SYS | but the hy 7—‘"_‘“‘-‘ entration is higher due to
the decrease of S/M Iar a 7 1o 1mn this system. These results
agree well with the tren(} reported in the thermodynam|c analysis of methanol steam

reformer as shﬂ (NF&:’ ‘5} WﬂWﬁ Wﬂ ﬁ}ﬂ% has influenced on the

increasing hydrégen production rate and the decreasmg CO Concentra‘uon obviously.
e L LI SN 8101 B
with  thermodynamic equilibrium as the reaction may be influenced by the

decomposition reaction.

To compare between SYS | and SYS I, the MeOH conversions for SYS
Il are selected at 95.00%, 97.00%, 99.00% and 99.50% as same as SYS [. At these
conversions are evaluated in terms of catalyst loadings, hydrogen production and CO

outlet concentration.
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Figures 5.28, 5.29 and 5.30 present the effect of temperature of steam
reformer on catalyst weight, hydrogen production and CO concentration in SR outlet
(SYS 1), respectively for different levels of methanol conversions. These simulation

results show the similar trends of decreasing catalyst loading and hydrogen production
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but increasing CO concentration when increasing reformer temperature as reported

earlier for SYS I.

In terms of methanol conversions, the volume of reformer is highly
increased same as hydrogen production and CO concentration at higher methanol
conversions. However, at the same conversion between SYS | and SYS I, they show that
the catalyst loading for SYS Il are less than that for SYS | for example, at 95% MeOH
conversion and Tg; 533 K, catalyst loadings are 46:3 and 13.7 kg for SYS | and SYS I,

. v
respectively.

The methan}o_l copversion 'iis specified at 99.50% as SYS | to produce the
sufficient hydrogen for S"Jp_plying to _E’EI\/IFQ;and the different temperatures at 513, 523
and 533 K are Consideréaﬂ to selectﬂthé suil:‘fatf!e systems for SYS Il. The compositions of
outlet stream from steam reformér at 9#;5(5% are presented in Table 5.4 with the
different reformer temperatures and thes;é"'cﬂénditions are used as feeds for WGS
reactor. The steam reformer diJsip}‘dé_;s the hlé.hlx endothermic reaction so, some heat
need to supply the steam refE)--rr_n& sufﬁcigﬁ?ﬂ.’;{:jhe heat requirement for the steam

reformer (SYS 1) is shéw'in Table 5.5.

| S

L

Y ot
Table 5.4 Mole fraction of components in outlet streams from the steam reformer SYS 1.

Ter (K) HCHSOH H,0 co Co, H,
513 Trace amount I | 91207 | [18193E-03|| 40.2134 0.6566
523 Trace amount |& 0 1228 | 4:033E-02 | 0.2413 0.6544
583 Tragelamount IS @1268 | 10830E-02' | | 022083 0.6515

Table 5.5 Heat requirement for operating steam reformer (SYS II).

Power consumption for SR (kW)

Reformer temperature 513K 523 K 533 K

Preheat MeOH and H,0 (Q,) 21.64 21.80 21.96
Heat supply for reactions (Qgp) 10.86 10.99 11.18
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5.4.2 CO clean-up processes in SYS I

Besides the PROX reactor provided as a CO removal process, the WGS
reactor is presented in SYS Il to reduce the CO concentration before feeding to the
subsequent PROX. Additional steam is fed to WGS reactor in an amount of 0.09 mol/s so

that the overall S/M is the same for both SYS | and SYS II.

Wi
B e
g0 L

Py

CO conversion (%)

350

e of WWGS reactor (K

Figure 5.31 CO con - at various temperatures of

WGS reactor (Tg, = 513K).

ﬂ %E; 'ars%] E}%?;W@&ﬂ ﬁve feed is based on the

outlet composn@qlw from the steam reéormer at 513 K. It should be noted that the similar
trendsae Wﬂ aqahﬂ ﬁ mpquﬂhﬁﬁ %l;’] ﬂﬁ 8523 and 533 K.
At h|gheﬂtemperature of WGS, the equilibrium conversion of CO is low but the reaction
rate is very fast. On the contrary, reaction rate is slow at low temperature while the CO

conversion is elevated. These results agreed well with the thermodynamic analysis of

WGS reactor.
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temperatures of WGS reactor (T = 523K).
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Figures 5.32, he CO concentrations as a function of

catalyst weight of WGS rea om the steam reformer operated at

different temperatu .&;;mmz:mz;gm:ﬂi ontent at every reformer
b i 3

temperatures are abo ‘I 2 I' oadings 500 kg. Due to the

volume of reactor is very Iarge at the Iowest content so the CO contents need to be

considered. T\ﬁ ﬁsﬁ]@ﬂ %ﬂﬂ?w ﬂ?‘)!ﬂ.ﬁof 0.003 and 0.004 are

considered for comparison
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To obtain the CO concentration at 0.003 and 0.004, the values of the
catalyst loadings for WGS reactor are determined at different temperatures of WGS

reactor (T = 433, 453 and 473 K) as shown in Figures 5.35 and 5.36, respectively.

The comparison shows that the catalyst loadings at X, of 0.003 are

higher than that at X, of 0.004 because the former requires more effort to reduce CO
concentration to the desired value {/f of increasing CO concentration on
hydrogen production rate is [ 'he hydrogen production rates are

CO outlet concentration T as prc duc frm WGS reactor becomes the

feed of PROX reactor. T feed compositions of PROX

reactor from the differe Htires=of" WGES\réabio tor (433, 453 and 473 K) at

0.540
| 0.003Xco
©
5 0538 | 0.004Xco
E
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S 0536
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Figure 5.37 Hydrogen production rate for the WGS reactor at various temperatures of

the WGS reactor for CO concentrations of 0.003 and 0.004.
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The water-gas shift reaction is exothermic and carried out in WGS
reactor. However, the additional water for WGS reactor needs to be preheated before
feeding into the reactor. The exothermic heat from reaction can sufficiently supply for
preheating water. Figures 5.38 and 5.39 show the energy consumption for WGS reactor
(Q,+Q,+Q,s) at different CO outlet contents of 0.003 and 0.004, respectively. The

U/ reactor for cases of different temperatures

7

results show the energy consumption o

of WGS reactor and steam ref rature, the energy released is higher

than at elevated temperatur erature between steam reformer

and WGS reactor.

at X4, = 0.003.

Tex (K) H,
0.5958
513 0.5958
0.5958
0.5957
523 0.5957
0.5957

s o
H2us Bk NI a' noe
‘ ‘ | =
533 9453 0.0030, 0.2047 0.1966 0.5958
F =N
0 V' 66 - 5958
QW 1) 99 A W) I RIS ) 2P
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Table 5.7 Mole fraction of components in outlet streams from the WGS reactor for SYS |l

at Xo, = 0.004,
T (K) | Toes (K) Cco H,0 Co, H,
433 0.0040 0.2056 0.1956 0.5948
513 453 0.0040 0.2056 0.1956 0.5948
473 0.0 2056 0.1956 0.5948
433 0.1957 0.5947
523 453 0.1957 0.5947
473 1957 0.5947
433 ) 1L 02 1956 0.5947
533 453 400,20 \ 1956 0.5947
473 00040447/ { 140 205 0.1956 0.5947
i \
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Figure 5.38 Energy consumption for the WGS reactor at X,,= 0.003.
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7 are fed to the PROX reactor for
final reduction of CO concentra In PROX reactor, CO is converted to

7 some H, are consumed by

O, via H, oxidation ...f caL { s of PROX reactor. In this
study, the target of C ream fmn PROX reactor is set at 50

ppm (Ouzounidou et al.,2009) same as SYS I to avoid toxic for anode side in PEMFC

oo 06 b gmydm NRIARNS er vt rom 23 ¢

523 K.

AR DIMHRIANEIN e

catalyst Ioadmgs for PROX reactor at the different CO inlet concentrations. As you can
see that the catalyst loadings of PROX reactor are dependent on temperature of WGS
reactor obviously because the inlet streams from WGS reactor present the same
composition with the different temperatures of WGS reactor. However, the reformer

temperatures has slight effect on catalyst weight of PROX reactor.
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Figure 5.42 sAF ‘ect of PROX reactor temperature on hydrogen

production rate at CO outlet CO[)_ M he results show similar trend as that of

SYS | for both Ieve 7;_(.‘6- hydrogen loss for case

)

with X4 inlet of 0.0084s However, at the different

CO inlet concentrahonﬂan provide hydrogen for PEMFCmufﬂmently

it &@%ﬁ %ﬁwﬂwﬁ@m for removal GO so

air should be pmweated before feed‘pg to the reactor However, heat required for heat
up air &Wvﬁ?&@lﬁﬁ m ilemqq thwjaﬂIaﬁsﬂfrom the PROX
reactor. The power consumption for the PROX reactor (Q,+Q,+Q+Qpz0y) iS shown in
Figures 5.43 and 5.44 for the different CO inlet concentrations. More exothermic heat is

released for the case with X, inlet of 0.004 than with X, inlet of 0.003.
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The final hydrogen production rates as Figure 5.42 from SYS Il are

sufficient to generate the electricity on 50 kW PEMFC at all temperature levels of PROX
reactor. So, to select the suitable condition of SYS I, the total catalyst weights and
energy consumption of SYS Il are investigated. Regarding the results from SYS |, the

steam reformer temperature strongly affects total catalyst loading and energy
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consumption of systems then, reformer temperature at 533 K is considered for SYS II.
Figures 5.45 and 5.46 show the effect of temperature of PROX and WGS reactors on the
total catalyst loading for SYS II. At 533 K, temperature of WGS reactor presents the
highest total catalyst loading for both of CO inlet contents to PROX reactor and also
catalyst loadings at X.g e prox ©f 0.003 are higher than that of 0.004 due to contribution
influence on total catalyst weights is not only
'%&e CO outlet concentration of WGS

various PROX and WGS reactor

of WGS catalyst loading. Therefore, t

from the steam reformer temp
reactor. For the energy co
temperatures are shownwi o inet prox Of 0.003 and 0.004,

respectively.
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Figure 5145 Total catalyst weight for SYS Il vs. T, at the different conditions from the
WGS reactor [X.q et prox= 0-003].
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Figure 5.47 Energy consumption for SYS Il vs. T, at different conditions from the WGS

reactor [X.q et prox: 0-003].
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Finally, the s e is considered at 533 K and the
‘ J
WGS reactor temperature at 47 KW 'O outlet concentration of 0.004. However, the
“.’ ..:‘JJ,‘J' A .
total catalyst weights y consum pend on PROX reactor
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5.5 Comparison between SYS | and SYS I

In this study, the on-board fuel processor by methanol are simulated for
producing hydrogen enough for 50 kW PEMFC vehicle application. The suitable
methanol-fuelled hydrogen production systems are compared between two systems

including SYS | (SR and PROX reactor) and SYS Il (SR, WGS reactor and PROX reactor,).

From the simulation results insthe previous section, it was suggested that
the suitable steam reformertemperature js 533.<for both SYS | and SYS Il because at
higher reformer temperature; the.eaialyst loading significantly decreased as well as total
energy consumption. FerSYSHI, the CO autlet concentration and temperature from WGS
reactor influentially affeet thevalume of relaqtor. Therefore, as the results from SYS I, the

conditions are considered jat \WGS«reaetor temperature of 473 K and CO outlet

i
\ -

concentration of 0.004. At these COﬂditin’lSFfOI’ SYS | and SYS Il are compared as

Figures 5.49, 5.50 and 5.51 in‘terms of hydrogen production, total catalyst weight and
. <)

vl

energy consumption, respeciively; =
§ [ ind poslbd

SYS | requires-lower total cétfétyét-weights than SYS II about 10 kg at
each temperature of PROX_r-ea@tgr_as_shown in Figure-5.50. However the hydrogen
production for SYS I‘ isfower than SYS Il as shown in Figur?e 5.49 but it is still sufficient
for supplying to PEMF@ for vehicle application at 50 KW. The main reason of higher
hydrogen production in/'SYS 11 is' mainly due-to'the presence|of-WGS reactor where CO
is converted to #,. The use of WGS reactor in fuel processor promoted the increasing
hydrogen production from:thefurther conversionsof CO to hydregeniinstead of being
delivered, to PROX reactor. However, hydrogen production rate from SYS Il is slightly
higher than SYS | of about only 1.3% for this study. For energy consumption as shown in
Figure 5.51, both systems show endothermic heat consumption so, external heat is
required to supply the systems. However, SYS | demands heat more than SYS Il
because the exothermic heat from WGS reactor is very high so, the total energy for SYS

Il 'is decreased. The temperature of PROX reactor are offered at 523 K because this
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condition provides the highest hydrogen production as well as the lowest total catalyst

loading, nevertheless, energy consumption is slightly increased.

Finally, a suitable methanol fuel processor is offered to SYS | that
composed of steam reformer and preferential oxidation reactor. The reason is mainly

from the low total catalyst weight as previously discussed but still sufficiently generate

enough hydrogen for PEMFC. T f WGS reactor in SYS Il, which can

reduce the CO concentration -"-g‘;“ owest only 5x10" (mole fraction) but the

[gh SOt is d ffi ed in vehicles. While the PROX

volume of reactor is very
reactor in SYS | can remg ‘ ‘f. -.:- the target of this study, with
lower catalyst weight when eacte £in SYS 1. However, SYS | needs
heat supply higher than
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Figure 5%%1 The comparison of energy consumption between SYS | and SYS II.
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CHAPTER VI

CONCLUSIONS AND RECOMMENDATIONS
6.1 Conclusion

A suitable methanol fuel processor was selected by comparing between
SYS | (steam reformer and PROX reactor) and SYS Il (steam reformer, WGS reactor and
PROX reactor) in terms of hydrogen production, total catalyst weight and energy
consumption. The simulations were carried out.using MATLAB program. The steam-to
methanol (S/M) molar ratio of 2.0-and 1.% in the reformer are used in SYS | and SYS I,
respectively. The outlet streams™ from steam reformer are specified at 99.50% MeOH
conversion to ensure thessufficient hydro%gen and trace amount of unreacted methanol.
The oxygen-to-carbon (Q/C) molar. ratio oiZ'.".O is simulated for PROX reactor for both of
systems and the target of €O Conce'ntratioij is'set at 50 ppm. For SYS |, the reformate at
99.50% MeOH conversion: fram, the steé‘jn,j, r_sformer are fed to the WGS reactor.

Additional amount of water is fed.to the W@S reactor which make the over S/M ratio

equivalent for both SYS | and SYS'If. ges

o]
8 J oy
=k

The performancé of SYS | aﬁd SYS |l"are investigated in terms of total
catalyst weight, hydroignen production and energy. oonsurﬁpti‘on at various temperatures
of steam reformer, WGS reactor (only for SYS IlI) and“PROX reactor. The simulation
results indicate_that the in¢reasing_temperatures of SR and PROX result in significant
reduction of catalystiweightfforieach/of rea€tor. Hydrogen production is decreased by
the rising temperature of SR but the 'opposite trendsis observed in the PROX. The WGS
reactor is purposed to! reduce [CQ@ inw SR |outlets streams, moreover; the hydrogen
production rate is promoted but it is not quite significant as observed in this study. The
CO conversion for WGS reactor is controlled by the equilibrium conversion so, the
increasing temperature is not favorable in term of CO reduction. The key parameter of
WGS reactor is the CO outlet concentration if it offered very low that means the volume
of WGS reactor is very large. For energy consumption, the reactions occurred in steam

reformer are endothermic reaction but in contrast, WGS and PROX reactors involve
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exothermic reactions especially, the WGS reactor which is quite highly exothermic. For

this reason, SYS Il required external heat to supply the system lower than SYS |.

In conclusion, SYS | is considered as a suitable system to produce
hydrogen for PEMFC 50 kW with 29.20 and 0.80 kg for the volume of steam reformer

and PROX reactor, respectively.

models is recommended fe 1 mb|nat|on of this system with
PEMFC should be co e ‘ ' eas o o provide for steam reformer
by PEMFC. This recom and more on the real systems.
In addition, the type of ~ because the new type may
present higher activity or selegli . o thatawill o\ ed to increase the performance

of fuel processor.

ﬂUEl’J'VIEWI?WEI']ﬂ‘i
ammmm UNIINYAY
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APPENDIX A

THE MATRIX OF ODINARY EQUATIONS

From the mole bé es. Samureformer, water-gas shift reactor and
preferential oxidation rea uations in matrix below. For all
reactors the molar bal ulated from equations (A.1)-

(A.14).
1. Steam reformer
The mola the's s \. r, we can provide as below:

For the species; el '

dFCHgoH _

dw [_ I _rD]

v.

d;:W b E
re QUEMENINIINT
QEARINIUNMINGINY

dF,,

>
s

= [3rR + 2rD + rW] (A.5)

2. Water-gas shift reactor

The molar balance for the water-gas shift reactor, we can provide as

below:



For the species;

= [_ Mwes ] (A.6)

TPz = [_ Mwes ]

dW (A7)

dF |
— €0 = [y ] N\ (n.9)
(A.9)

dF — v v' '
dV|-|Vz=[rWGs] / '

as below:

For the species;

@-[—Oﬂwﬁwmwmm
ﬂarmwnimumfmmaﬂ

dF,
d\c/:\;)z = [rco + rWGS,P] (A.13)

dF
— [_ Ny, + rWGS,P] (A.14)

dw
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APPENDIX B

THE PROPERTIES OF COMPONENTS

The componer _ this work are methanol (CH,OH),
steam (H,0), oxygen (O,), éon dioxide (CO,), hydrogen (H,)
and nitrogen (N,). The Gi ce enel aav: these components in relation

G, =A+BT +CT?i
Cp=a+bT +cT?+d

he heat capacity in relation

\ relation H ;= A+BT +CT?

3T + CT° [kJ/mol]

V-, cx10°
[

CH,OH E

2.542 r 20.345
A1UE7 SnuRsuE T

q WH'I mﬂ‘mumq N él d




Table B.2 Heat capacities (Cp) of components (J/mol).

Components

Cp=a+bT+cT2+dTa+eTA [J/mol]

bx10°  ¢x10° ax10°  ex10"

Methanol (g)
Methanol (1)
Water (g)

Water (1)

Carbon monoxid
Carbon dioxide
Hydrogen
Oxygen

Nitrogen

40.046 -38.287 24.529 -21.679 599.09

102.91 145.98 0
@ -1.7825 36.934
53.469 0
-1.2227 22.617
0.3997 -2.9872

3.188 -87.585

-3.2629 88.607

-0.43116  2.5935

Wateqr]

ammﬂiﬁiﬁlmﬁfﬁmao&k
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