
CHAPTER V
R E S U L T S  A N D  D I S C U S S I O N

T his chapter can be d ivided into three m ain  sections; i.e. 1) perform ance o f  
f ix e d -b e d  re a c to r  and m em b ran e  reac to r, 2 ) co m p ariso n  b e tw een  d ifferen t 
m athem atica l m odels and 3) m em brane reactor study. T he m athem atica l m odels w ere 
developed  to sim ulate the dehydrogenation  o f  ethy lbenzene to  styrene in fixed-bed 
reacto rs and m em brane reactors. The kinetic data o f  the com m ercial catalyst 
consisting  o f  F e 2 0 3  and K 2 O oxides and perm eation  data o f  h ydrogen  th rough  a 
pa llad ium  m em brane w ere taken from  A bdalla  at al. (1994) and H erm ann et al. 
(1997), respectively . Tables 5.1 to 5.4 provided the standard  operating  conditions and 
sim u la tion  param eters o f  the fixed-bed reactor and the m em brane reactor. The 
sim plified  reaction  schem e o f the ethylbenzene dehydrogenation  is illustra ted  in 
F igure  5.1. T he m ajor side products are benzene, to luene, m ethane, e thylene and 
carbon  oxides.

Table 5.1 S im ulation  param eters[H erm ann et al., 1997 and  A bdalla  et al., 1994)
Param eters U nit V alue

Inner rad ius o f  inner tube [m] 5 X 1(T3

O uter rad ius o f  inner tube [m] 7 X 1 e r 3

Inner rad ius o f  outer tube [m] 00 X 0
UJ

O uter rad ius o f  outer tube [m] 1 0 . 6 1  x i o -3
T otal m em brane length ( l o ) [m] 150 X 10“ 3

C ross sec tion  area  o f  reaction  side [m] 7 . 8 6  x i o -5
C atalyst p roperties (Fe2 0 3  and K 2 C O 3 ) 

- D ensity [kg/m 3] 1500
- Porosity [-] 0.5
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Table 5.2 Standard  operating  condition  (form  optim um  condition  in the  fixed-bed 
reactor)

O perating  conditions U nit V alue

O perating  tem peratu re [K] 923
T otal p ressure  in reac tion  side [Pa] 1 . 2  X 1 0 5

T otal p ressure  in separation  side [Pa] 1 . 2  X 1 0 5

พ  cat/FEBO [kgcatS/mol] 1 0 2 7 . 2

s / o  (E thylbenzene/S team ) [-] 6

Feed flow  rate  o f  ethylbenzene [m ol/s] 1 . 7 2 x l 0 “5

Inert sw eep gas flow  rate [mol/s] 8 .6 x 1 0 “ 4

R eactive sw eep  gas flow  rate [m ol/s] 8 . 6  x lO " 4

Table 5.3 M em brane properties [H erm ann, et al. 1 9 9 7 ]

P aram eter U nit V alue

Separative Pd layer [m] 1 0 x l 0 ~ 6

O uter d iam eter o f  support tube [m] 14 X  10~ 3

Inner d iam eter o f  support tube [m] lO x lO ' 3

Perm eation  coeffic ien t o f  hydrogen 
th rough  the m em brane

[ m o l /m - s - P a 05] 2 .0 3 x l0 - 7 - e ™ °  RT> 
x 3 .0 3 x l0 5 . T " 1 0358
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Figure 5.1 S im plified  reaction  schem e o f  ethylbenzene dehydrogenation

Table 5.4 C ataly tic  reaction  m odel o f  catalytic dehydrogenation  o f  ethy lbenzene 
[A bdalla  et al. 1994]

R eaction A - E "
n um ber R eaction R ate equation

1 EB <-> s  + H 2

(  P p  ไ1. — น P r Sr H ฯ -  Kl r EB ^V -^EB )
0.851 90891

2 EB -A- B + C 2 H 4 r 2 ~  k 2 P|jB 14.00 207989
Jๆ E B  + H 2 ->  T + C H 4

T- -  k p  p 0.56 9151

4 H 2 ° + 2 C 2H 4 ->  CO + 2 H 2
1- -  k p  p 0 -5x4 — HO1 C2H4 0 . 1 2 103996

5 H 20  + C H 4 ->  CO + 3 H 2 r5 = k 5 PH0 PC H 4 -3.21 65723
6 h 2o  +  c o  - »  C 0 2 + h 2 r 6 = ^ P ho^CO 21.24 73628

* Ali Pre-exponential factor(dimensionless) [ k t = exp(Aj — Ej /  RT) ].
**Eji Activation energy of reaction is (kJ/mol).
*** K  EB = exp (xJF0 / R T  ), A F 0 = a  + b T  + c T 2 , a = 122725.157 kj/kmol, b = -12627 kJ/mol K , 

c = - 2 .1 9 4  X  10 ~3 kJ/kmol K2
kj = reaction i rate constant (mol/g sec Pa11), ท = 1 for k, and k2, ท = 2 for k3 and k5, ท = 1.5 

for k4 and ks mol K3/g sec Pa3
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5 .1  P e r f o r m a n c e  o f  f i x e d - b e d  a n d  m e m b r a n e  r e a c t o r

In th is part, the isotherm al and plug flow  conditions w ere assum ed  for both  the 
fixed-bed  and  the m em brane reactor. It is aim ed to understand  the cata ly tic  behavior 
o f  the reacto rs  at various operating  conditions.

5.1.1 Performance of fixed-bed reactor

E ffect o f  W na/FpBO

Figure 5.2 E ffect o f  Wcat/FEBO on perform ance o f  fixed-bed  reacto r (T = 900 K, s / o  = 
6, p=  1.2x i o 5 Pa)
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Figure 5.2 show s the perform ance o f  the  fixed-bed  reacto r as a function  o f  
ca ta ly st w eight to m olar feed rate  o f  ethy lbenzene (Wcat/FEB)- It w as found that 
increasing  Wcat/FEB increased the ethy lbenzene conversion  but decreased  the 
selectiv ity  to the desired product, styrene. The selectiv ities to benzene, to luene and 
carbon d ioxide increased w ith  increasing  Wcat/FEB because they w ere final products o f  
the system . The selectivity to e thylene show ed d ifferen t trend due to the subsequent 
conversion  to carbon  m onoxide. The optim um  Wcat/FEB w as found to be 1027.2 kgcaf 
s/m ol. It should  be noted that due to the p resence o f  side reactions the obtained 
conversion  w as h igher than the equ ilib rium  value.

E ffect o f  steam /ethylbenzene ratio  (S/O )

Figure 5.3 E ffect o f  steam /ethylbenzene ratio  on perfo rm ance o f  fixed-bed  reactor 

(T  =  900 K, p  = 1.2 X105  Pa, Wcat/FEBO = 1 1 6 0  kgcat s/m ol)

Steam  is usually  added to the feed in o rder to suppress the catalyst 
deactivation . A  com m ercial operation  uses steam /hydrocarbon  (S/O  ratio) ranging 
betw een  6-12 (H erm ann et al., 1997). F igure 5.3 show s the effect o f  S/O  ratio  on the 
p erfo rm ance o f  the fixed-bed reactor. Increasing  the am ount o f  steam  in the feed
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reduced  the partial pressure o f  ethylbenzene, as a result, the reaction  rate decreased. 
T his w as noticed  by the decrease o f  conversion w ith  increasing  the s /o  ratio. In 
addition , the sim ilar result that the selectiv ity  to styrene decreased  w ith  the increasing 
ex ten t o f  reaction  was also observed here. C onsequently , there  existed  an optim um  
S/O  w hich  w as around 6  in th is system .

E ffect o f  operating  pressure

Pressure (* 1 o5 Pa)

Figure 5.4 E ffect o f  pressure on perform ance o f  fixed-bed  reacto r (T  = 900 K , s /o  =
6 , พ cat/FEBO = 1 1 6 0  kgcat s/m ol)

It w as found that increasing  operating  pressure  increased  the conversion  o f  
e thy lbenzene; how ever, it reached the m axim um  value and then  g radually  decreased. 
T his resu lt can be explained by the p resence o f  tw o opposing  trends from  the change 
o f  operating  pressure. The h igher pressure increased  the partia l pressure  o f  the 
reactan t and, hence, the rate o f  reac tion  becam e higher. H ow ever, it shifted the 
equ ilib rium  conversion  backw ards. It is noted that becam e the m ain  reaction  involved 
the increased  num ber o f  m oles in  the reaction  system , the increased  pressure o f  the
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system  tended  to shift the reaction  backw ard accord ing  to  the  Le C h ate lie r’s princip le 
(A tk ins, 1994). It w as also found that the selectiv ity  to styrene decreased  w ith  the

increasing  pressure  and that the optim um  pressure o f  1.2 X 105  P a  w as observed. 

E ffect o f  tem perature

Temperature (K)

Figure 5.5 E ffec t o f  T em perature on perform ance o f  fixed-bed  reacto r (P = l .2 X 105

Pa, s /o  = 6 , Wcat/FEBO = 1027.2 kgcat s/m ol)

F igure 5.5 show s the perform ance o f  the fixed-bed  reacto r at various operating 
tem peratu res. T he conversion o f  ethylbenzene, se lectiv ity  o f  styrene, se lectiv ity  o f  
benzene and to luene and yield  o f  styrene w ere presented . S ince the equilibrium  
conversion  is function  o f  tem perature, the increase o f  the reaction  tem perature 
increased  the conversion  o f  ethylbenzene at the price  o f  low er selectiv ity  to  styrene 
due to  the presence  o f  side reactions. The optim um  yield  w as observed  at the 
operating  tem peratu re  o f  923 K.
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In the subsequent parts, the operating  cond ition  w as based on the  condition  o f  
T  = 923 K, p  = 1.2 X 1 o 5 Pa, s / o  =  6  and W cat/F EB0  = 1027.2 kgca, s/m ol .

5.1.2 Performance of membrane reactor

T his section  aim s to illustrate the perfo rm ance o f  a m em brane reactor 
com pared  w ith  that o f  the fixed-bed reactor. The m em brane reacto r is a double tubular 
configuration  w ith  a catalyst bed packed in the tube o f  pallad ium  m em brane. Inert 
sw eep gas o f  n itrogen w as fed to the annular (or shell side) to rem ove perm eating  
hydrogen  from  the reactor. The basic assum ptions o f  iso therm al, isobaric , and plug 
flow  cond ition  w ith in  both reactors w ere used in the sim ulations. F igures 5.6 and 5.7 
show  the perform ance o f  reactor w hile F igure 5.8 show s the partial pressure of 
com ponen ts in the reactor.

Figure 5.6 Perform ance o f  fixed-bed reactor and m em brane reacto r from  ideal m odel
(T  =  9 2 3  K, Preaction side = 1 .2  X 1 o 5 Pa, Pseparation side = 1 .2  X 1 o 5 Pa, s /o  = 6  

พ cat/FEBO =  1 0 2 7 .2  kgcat s /m o l )
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^  12

W cat/FEBO (kgcatS/mol)

Figure 5.7 Selectiv ity  o f  side reactions in fixed-bed  reacto r and m em brane reactor 
from  ideal m odel (T — 92J K., p  reaction side — 1 .2 x 1 0  Pa, Pseparation side ■— 
1.2 X 1 o 5 Pa, s /o  = 6 , Wca./FpBo = 1027.2 kgcat s/m ol)

0 2 0 0  4 0 0  6 0 0  8 0 0  1 0 0 0

พ cat/ I-EB0 ( k gcats /mo l )
-4—— MR:  Ethy Ibenzene ■ - o- - • FR : Ethylbenzene
■m—— M R : Styrene - - - - - -  FR : Styrene
-à. — MR : Hydrogen (reaction side ) - - A- - - FR : Hydrogen
■ A—— MR : Hydrogen(separation side)

Figure 5.8 Partial pressure profile o f  reaction m ix tu re  in  fixed-bed  reactor and 
m em brane reactor (T — 92J K., Preaction side — 1 .2 x 1 0  Pa, Pseparation side — 
1 .2 X 105 Pa, s /o  = 6  Wcat/FEBO = 1027.2 kgcatS/mol)
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From  F igure 5.6 it w as found that the m em brane reac to r (M R ) w as superior to 
the fixed -bed  reacto r (FR ) in both conversion and selectiv ity . T he y ie ld  o f  m em brane 
reacto r becom es h igher w ith  the increasing พ cat/FEB- F igure  5.7 show s that the 
fo rm ation  o f  to luene  (reaction  N o .3 from  Table 5.4) w as suppressed  w ith  the use o f  
the m em brane  reacto r because hydrogen w as rem oved from  the reac tio n  zone through 
the m em brane as found in Figure 5.8 that the partial p ressure  o f  hydrogen  in the 
reaction  zone in  the m em brane reactor was m uch low er than  tha t in the  fixed-bed 
reactor. T his also enhanced the forw ard reaction to the desired  product, styrene, and 
resu lted  in  h ig h er reaction  conversion. It can be concluded  tha t the m em brane reactor 
can help  im prove the perform ance o f  the conventional reac to r on both  shifting  the 
ex ten t o f  reac tion  and the selectivity  to the desired product.

5.2 Comparison between different mathematical models

In  the past, m ost o f  investigators em ployed sim ple m athem atica l m odel 
assum ing  iso therm al and plug-flow  condition to sim ulate  behav io rs o f  m any 
d eh y drogenation  reactions in m em brane reactors. In th is section , the com parisons 
betw een  the resu lts  o f  the three m odels; i.e. 1) isotherm al and p lug  flow  m odel (IP), 2) 
non iso therm al and plug flow  m odel (NIP) and 3) non  iso therm al w ith  radial 
d ispersion  m odel (N IR), w ere illustrated for both fixed-bed  reac to r and m em brane 
reactor. D ue to  the h igh endotherm icity  o f  this reaction , the iso therm al m odel m ay 
not describe the  behaviors o f  the reaction  system  accurately . In add ition , the  presence 
o f  the rad ial h ea t and m ass dispersion m ay cause assum ption  o f  the  p lug flow  
cond ia tion  unrealistic.
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- - -O '-  IP : Yield IP : Conversion - ■ -A- • - IP : Selectivity
— 0 —  N IP  : Yield — ธ—  N IP  : Conversion — A—  N IP  : Selectivity
— ♦ — N IR  : Yield — ■ — N IR  : Conversion — ไJr— N IR  : Selectivity

Figure 5.9 E ffect o f  heat and radial d ispersion  on the fixed-bed  reacto r ( F e b o  =  

1.72 X 1(T5 m ol/s, Reaction ร,de = 923 K, T ss = 923 K, P = 1.2 X 10 5 Pa, ร/(ว =
6)
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Wcat/FEB0 (kgcat ร/๓อ!)

- - O  - - IP : Yield -------  IP : Conversion - - -A- • • IP : Selectivity

— ©—  N IP : Yield — ธ—  N IP : Conversion — A—  N IP  : Selectivity

— ♦ —  N IR  : Yield — *—  N IR  : Conversion —-Jr—  N IR  : Selectivity

Figure 5.10 Effect of heat and radial dispersion on the membrane reactor ( F ebo  

= 1 . 7 2  X 10“5mol/s. Inert sweep flow = 8.60 X 10“5 mol/s, Treaction side = 
9 2 3  K  , Tsepanuionside = 9 0 0  K,  T ss =  9 2 3  K  , Preaction side =  1 .2  x i o 5 Pa, 
Psep = 1.2  X 1 o5 Pa, s/o = 6 Wcat/FEB0 = 10 2 7 . 2  kgcat s/mol)
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Figure 5.9 com pares the sim ulation  results o f  the tem pera tu re  profiles and the 
reactor p erfo rm ance from  three d ifferent m odels o f  the fixed bed reactor. It w as 
assum ed th a t the w all tem perature w as constant along the reac to r length. D ue to the 
h igh endo therm icity  o f  this reaction, the isotherm al m odel m ay  not describe the 
behaviors o f  the reaction  system  accurately . It w as clearly  found  that the assum ption 
o f  iso therm al condition  or even the om ission o f  certain  therm al phenom ena that took 
place inside the reactor, led to a significant overestim ation  o f  the tem pera tu re  profile 
along the bed length. The tem perature dropped at the beginning  o f  the bed due to high 
ex ten t o f  reaction , w hich resulted in the high heat consum ption. T he tem perature 
started  increasing  again because the rate o f  heat transfer to the ca ta ly st bed is h igher 
than  the rate  o f  heat o f  reaction. As a result, there is a cold spot tem pera tu re , w hich is 
a com m on p rob lem  for an endotherm ic reaction  system , in the reactor. In addition, the 
results revealed  that the p lug flow  condition  w as not an appropria te  assum ption 
because the  slow  rate o f  radial d ispersion retarded the heat tran sfe r from  the reactor 
w all to the  ca ta ly st bed. C onsidering the conversion  o f  the reactor, it w as c learly  seen 
that neg lec ting  the heat effect can cause sign ifican t error. T his resu lt w as also 
observed  for the radial d ispersion effect but the deviation  w as m uch  sm aller. The 
values o f  the  selectiv ity  from  the isotherm al and p lug  flow  m odel w ere  found low er 
than those from  the o ther m odels. This can be explained by resu lt found in the earlier 
section tha t the selectiv ity  decreased with the increasing operating  tem perature. The 
resu lting  yield  corresponded  to the respective conversion  and selectiv ity .

F igure  5 .10 com pares the results for the m em brane reactor. It w as found that 
the resu lts fo llow ed  the sam e trends as found in the fixed-bed reactor. A s a result, it 
can be concluded  that the assum ptions o f  isotherm al and p lug  flow  cond ition  are not 
su itable for th is system . C onsequently , the subsequent investiga tions on the 
perfo rm ance o f  the m em brane reactor w ill be carried  out based  on the  m odel taking 
into accoun t o f  bo th  non-isotherm al and radial d ispersion  effects.
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5.3 Membrane reactor study

5.3.1 Comparison between catalyst bed packed in the tube side and the shell side

T he m em brane reacto r is a double tube configuration  w ith  a conventional 
fixed-bed  o f  ca ta lyst surrounded by the m em brane. T he location o f  ca ta ly st m ay be 
either in the tube side or in the shell side.

— ♦ —  Y IE L D  : MR-shell —■ —  C O N  ะ MR-shell —A— Selec : MR-shell
— e—  Y IE L D  : MR-tube —ธ—  C O N  : MR-tube —A—  Selec : MR-tube
■ O  - Y I E L D  : FR ■ ■ ■ อ--- C O N : FR ---A---Selec: FR

Figure 5.11 C om parison  betw een  packing  catalyst bed  in tube side or shell side 
( F e b o  = 1.72 X  10“5 m ol/s, Inert sw eep flow  =  8 .60 x l 0 ~ 5 m ol/s, T  reaction 
side — 923 K, T separation side = 900 K, T ss — 923 K, p  reaction side = 1.2 X  10 
Pa, Pseparation side = 1.2 X  105 Pa, ร/(ว = 6  )



53
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Figure 5.12 T e m p e ra tu re  p ro file  a lo n g  the re a c to r  len g th  (F ebo =  1.72 x l 0 ~ 5 

m ol/s, Inert sw eep flow  = 8.60 x i o - 5  m ol/s, T reaction side = 923 K,
T  separation side — 900 KL, T ss — 923 K., p  reaction side — 1 .2 x 1 0  Pa. p  separation side
= 1.2 X 105 Pa, s /o  = 6 )

F igures 5.11 and 5.12 show  the reactor perform ance and the tem pera tu re  
profiles o f  the m em brane reactors com pared w ith  the conventional fixed-bed  reactor, 
respectively . T he m em brane reactors w ere divided into tw o cases; i.e. the one w ith  the 
cata lyst packed in the tube side and the o ther w ith  the catalyst packed  in the  shell side. 
The am ount o f  cata lyst for all case w ere the sam e. It w as found that the  m em brane 
reacto r w ith  the cata lyst bed in the shell side provided the best conversion  and yield. 
T his can  be explained  by considering the tem perature profile  along the reactors. 
B ecause the cata lyst w as packed in the shell side, heat can transfe r d irec tly  to  the 
cata lyst bed like in the conventional fixed-bed reactor. Flow ever, w ith  the  larger heat 
transfer area in the m em brane reactor, the tem perature  along the reac to r length  
fo llow ed the sequence: m em brane reactor w ith  packed catalyst in the shell side > 
fixed-bed  reacto r >  m em brane reactor w ith  cata lyst packed in the tube. The 
tem peratu re  o f  the  m em brane reactor w ith  catalyst packed in the tube w as low er than
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the fixed-bed  reactor because the additional heat transfer resistance o f  the sw eep gas. 
It should  be em phasized the advantage o f  the  m em brane reacto r that in spite o f  the 
low er tem peratu re  o f  the m em brane reacto r w ith  the cata lyst in the tube, the 
conversion  and yield  w ere superior to the fixed-bed  reactor.

It can  be concluded from  the resu lts that the m em brane reacto r w ith  the 
cata lyst packed  in the shell side w as superior to  the one w ith  the catalyst packed  in the 
tube side due to the low er heat transfer resistance.

5.3.2 Effect of operating modes in the separation side

The m em brane reactor concept applied  to dehydrogenation  reaction  is based 
on the rem oval o f  product hydrogen from  the reaction  zone so that the obtained 
conversion  can  exceed the equilib rium  value. T here are a num ber o f  m ethods 
em ployed  to prom ote the rate o f  hydrogen  rem oval. The m ain  concept is to increase 
the d riv ing  force, w hich is the d ifference in partial p ressure  o f  hydrogen  betw een  the 
reaction  side and the separation side. This can be carried  out under d ifferen t m odes 
such  as using vacuum  in the separation  side, in troducing  inert sw eep gas to reduce the 
partia l p ressure  o f  hydrogen in the sw eep side or perfo rm ing  coupling  reaction  so that 
the p roduct hydrogen  is sim ultaneously  consum ed by the o ther reac tion  in the 
opposite  side o f  the catalyst bed.

Table 5.5 com pares the perform ance o f  the m em brane reacto r under three 
d ifferen t m odes; nam ely  vacuum , inert sw eep gas at tw o flow  rates o f  1.72 X  10~ 4 and 
8 .60  X 10“ 4 m ol/s and reactive sw eep gas, w hich  is air in th is study. O xygen  reacts 
w ith  hydrogen , form ing w ater and heat. F igure  5.13 show s the ratio  o f  the partial 
p ressure  d ifference o f  hydrogen betw een the reaction  side and the separation  side over 
the partia l p ressure  o f  hydrogen in the reaction  side and the tem peratu re  pro files o f  the 
ca ta ly st bed under different m odes o f  operation . T he catalyst bed w as packed  in the 
shell side to ob tain  high heat transfer.
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Table 5.5 E f fe c t  o f  sw e e p  m o d e  (F EB0 =  1 -7 2  X 1CT5 m o l/s ,  T  =  9 0 0  K ,  T Sep= 9 0 0 K ,

T ss=  9 2 3  K ,  p r= l  .2  X 1 0 5P a  , in e r t  s w e e p  f l o w  ra te  =  1 .7 2  X 10~4 -  1 .7 2  X 1CT3 

m o l/s ,  re a c t iv e  sw eep  f lo w  ra te  =  8 . 6 0 x l 0 ” 4 m o l/s ,  s/o =  6, W cat/FEB0=  1 0 27 .2  

kgca ts /m o l and  m e m b ra n e  re a c to r  w i t h  th ic k n e s s  o f  1 0 p m )

M ode o f  separation  side E thylbenzene 
C onversion (%)

Styrene
Selectiv ity(% )

Styrene
Y ield(% )

Inert sw eep gas various flow  rate 
(m ol/s)
• 1.72 X 1(T4 81.3 86.7 70.5
• 8 .60 X 10 ’ 4 8 6 . 0 87.4 75.2

V acuum 89.2 8 8 . 0 78.5
R eactive sw eep  gas 93.7 78.3 73.4



56

930 X

920

870 1

0.05 0.1 0.15
Length (m)

Figure 5.13 P artia l pressure and tem perature profile along the reacto r leng th  at 
various operating  m odes in separation side, i.e.,
A ) vacuum  application
B) inert sw eep flow  as nitrogen at 8.60 X 10~ 4 m ol/s
C) inert sw eep flow  as n itrogen at 1.72 X  10 " 4 m ol/s
D ) reactive sw eep flow  as air at 8.60 X 10 “ 4 m ol/s
( F ebo  — 1.72 X 10 mol/s,Treaction side — 900 K , Tseparation side — 900K , Tss =
92ว K , Preaction side = 1 .2 x l 0  P a ,  Psepration side = 1 .2 x l 0  P a ,  s /o  =  6,
พ c a t / F EB0 = 1027.2 kgcats/m ol)
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It w as found by considering  the ratio o f  the partial pressure d ifference o f  
hydrogen  betw een  the reaction  side and the separation side over the partial p ressure  o f  
hydrogen in the  reaction  side that the reaction  betw een oxygen and h ydrogen  w as 
alm ost com plete  along the reactor length. The ratio w as close to 1, w hich w as the case 
o f  the vacuum  m ode in w hich  all perm eating  hydrogen w as entirely  rem oved  from  the 
separation  zone. H ydrogen  partial pressure w as gradually  accum ulated  along the 
reactor length  in the inert sw eep gas m ode as found that the ratio  decreased  w ith  the 
increasing reac to r length. The increasing inert sw eep flow  rate  also increased  the 
driv ing force o f  partial p ressure  d ifference o f  hydrogen. C onsidering the tem perature  
profile  show s tha t the exotherm ic heat from  the com bustion  o f  hydrogen  supplied 
additional heat to the catalyst bed, and, as a result, the tem perature o f  the bed for the 
reactive sw eep gas case w as the h ighest com pared to the o ther case. The tem perature 
o f  the reaction  zone decreased  w ith the increasing am ount o f  hydrogen  rem oval; i.e. 
inert sw eep gas o f  1.72 X 10 “ 4 m ol/s > inert sw eep gas o f  8.60 X 10 “ 4 m ol/s >  vacuum  
m ode. H ow ever, the d ifferences w ere not pronounced.

T able 5.5 show s tha t increasing the hydrogen rem oval by increasing  the inert 
sw eep flow  rate resu lted  in h igher reaction  conversion and selectiv ity  (by suppressing 
the side reaction  betw een  hydrogen  and the reactant) and, thus, increased in y ield . The 
value at h igh  sw eep  flow  rate becom e close to the vacuum  m ode case w hich 
represented  the m ax im um  driv ing force o f  the partial p ressure d ifference o f  hydrogen. 
It should  be n o ted  that for the reactive sw eep gas case, even though the conversion  
becam e m uch h ig h er but the selectivity , on the o ther hand, d ropped w ith  the  resu lting  
h igher tem peratu re. It w as found that the obtained yield  becam e even  sm aller than  the 
case w ith  the inert sw eep gas w ith  the flow  rate o f  inert sw eep gas o f  8 .60 X  10 - 4  m ol/s 
and the vacuum  in  the separation  side.
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5 .3 .3  I n f l u e n c e  o f  d i a m e t e r  o f  t h e  r e a c t i o n  s id e

D iam eter of the reaction (*10" 3 m)
Figure 5.14 Influence o f  D iam eter o f  the reaction  ( Febo = 1-72 X 10 ” 5 m ol/s, Inert 

sw eep flow  — 8.60 X 10 m ol/s, Treaction side ~~ 923 K , Tseparation side — 
923K , Tss = 923 K, Preaction side =  1 .2 x 1 0 5Pa , Pseparation side = 1 .2 x l 0 5Pa , 
s /o  = 6  and catalyst w as packed  in the  shell side)

Figure 5.15 T em perature profile along the reac to r leng th  w ith  various d iam eter o f  the 
reaction( F ebo = 1.7 2  X 10 “ 5 m ol/s, Inert sw eep  flow  =  8 .60 X 10"5 m ol/s, 
Treaction side — 9 2  J  K ,  T s e p a r a [ 1011 s i d e  —  9 2 3 K ,  T s s  —  9 2 3  K ,  Preaction side =  
1 .2 x 1 0  Pa 5 pseparation side ~  1 . 2  X 105Pa , S /O  =  6  and catalyst w as packed 
in the shell side)
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Figure 5.16 Profiles o f  d ifferences o f  tem perature and partia l p ressu re  o f  hydrogen 
b e tw een  the reactor w all and the m em brane surface (F ebo -  1 -72 X 1 0 " 5 

m ol/s, Inert sw eep flow  = 8 .60 x i o - 5  m ol/s, fraction side = 923 K,
T  separation side — 923K  , T ss — 923 K, p  reaction side — 1 .2 x 1 0  Pa , 
pseparaation side=  1.2 X 105P a , s /o  = 6 , ca talyst w as p ack ed  in shell side)

F igure  5.14 show s the effect o f  the reacto r d iam eter on  the  perfo rm ance o f  the 
m em brane reac to r operated under the inert sw eep flow  m ode. It shou ld  be noted that 
increasing  the reacto r diam eter did  not only increase the am ount o f  ca ta ly st volum e 
but also the  heat transfer area for the sam e m em brane su rface area. It w as found that 
at the sam e m olar feed rate o f  ethylbenzene, the larger the reac to r d iam eter, the h igher
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the conversion ; how ever, the im provem ent w as less sign ifican t at large d iam eter. The 
tem pera tu re  pro file  show n in Figure 5.15 revealed  tha t the tem pera tu re  in the bed 
d ropped  w ith  the  increasing diam eter. The larger d iam eter value, the h igher 
tem p era tu re  drop  at the beginning o f  the bed because o f  h igher ex ten t o f  reaction , 
w h ich  resu lted  in  the h igher heat consum ption. The tem pera tu re  started  increasing 
again  because  the  rate o f  heat transfer to the catalyst bed  is h igher th an  the rate o f  heat 
o f  reac tion . T he larger reacto r diam eter show ed h igher rate  o f  tem pera tu re  increase 
because o f  h igh  heat transfer area. From  the p rev ious stud ies it w as expected  that 
increasing  พ cat/FEBO (by increasing the reactor d iam eter) did  no t only  increased the 
conversion  bu t also decreased the selectivity. H ow ever, for th is study, the rather 
constan t se lectiv ity  at 87%  was observed. T hese resu lts can  be explained  by 
considering  the effects o f  พ cat/FeBO and tem perature on the  perfo rm ance o f  the 
reactor. Increasing  Wcat/FeBO trended to give h igher conversion  bu t low er selectivity. 
O n the o ther hand, decreasing tem perature trended to give low er conversion  but 
h igher se lectiv ity . T hese tw o com peting effects obviously  affected  the perfo rm ance o f  
the reactor. In addition , the effect o f  radial d ispersion should  be taken  into  account. 
F igure 5 .16 show s the profiles o f  the d ifferences o f  tem pera tu re  and partia l pressure 
o f  hy d ro g en  betw een  the reactor w all and the m em brane surface. It w as found that the 
effec t o f  radial d ispersion  becom e m ore pronounced w ith  the  increasing  reactor 
d iam eter. The p resence o f  the radial d ispersion retarded the rate  o f  hy drogen  rem oval 
from  the reac tio n  zone and, consequently , the shift o f  the fo rw ard  reaction . It can be 
concluded  from  this study that increasing the reactor d iam eter w hich  affected  the 
am oun t o f  cata lyst and the heat transfer area o f  the reacto r increased  the yield  o f  the 
reacto r; how ever, after approaching an optim um  value the increase o f  the reactor 
d iam eter d id  no t im prove the reactor perform ance. H ence, se lec tion  o f  an optim um  
reacto r d iam eter w as an im portant design param eter for the success o f  the  m em brane 
reacto r operation .
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